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FORWARD

This study is a continuation of previous investigations into the use of
liquid hydrogen as a jet aircraft fuel. It is directed toward methods for
recovery of cold hydrogen vapor which is vented during aircraft refueling
operations and from losses in the fuel storage and distribution system. A
preceding study of fueling operations at the San Francisco International
Airport revealed that these venting losses were quite sizeable and that
provision should be made for recovery of the vent gas.

The current study examines several techniques for vent gas recovery,
selects the optimum method, and determines the economics of the selected
recovery method.

The work presented in this report was carried out by members of the
Industrial Gas Process Division, Linde Division, Union Carbide Corporation,
Tonawonda, New York, 14150, under the direction of Charles R. Baker, Consultant.
Mr. Robert D. Witcofski, of the Aeronautical Systems Division of NASA Langley

Research Center was technical monitor for the contract.
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UNITS OF MEASURE
AND
DOLLAR_BASE

A1l computations performed under this contract were in U.S.
Customary engineering units.

In compliance with Form PROC./P-72 all results are presenfed
in the International System of Units (SI) followed in parentheses,
by the U.S. Customary equivalent from which they were cohverted.

Gas volumes are presented in cubic feet (or multiples thereof)
at NTP conditions for U.S. Customary units and in cubic meters at STP
conditions for SI units. The conversion factor is 38.044 cubic feet
per cubic meter.

To be consistent with the preceding study, “LH2 Airport Requirements
Study", NASA CR-2700, all economic values are given in terms of mid-1975

dollars and are based on liquefaction technology for the year 2000 AD.
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1.0 INTRODUCTION

This study is an outgrowth of previous work(]) in which the necessary
facilities at a representative major U. S. air terminal to service liquid
hydrogen-fueled long range commercial aircraft in the 1990 decade were defined.
The San Francisco International Airport (SFO) was the selected air terminal
and a projected schedule of flight traffic in the year 2000 AD for liquid
hydrogen-fueled aircraft was established. This consisted of up to 70 flights
per day to 9 different domestic and 4 different foreign destinations which
would have the servicing facilities for return flights. Based on this fore-
cast, a liquid hydrogen production facility having a capacity of 10.5 kg/s
(1000 TPD) was recommended for SFO. This would provide enough capacity to meet
the 6.681 kg/s (636.3 tons/day) average production rate throughout the year or
the 8.886 kg/s (846.2 tons/day) peak month rate, plus some overcapacity to
meet future expansion needs.

In the liquid hydrogen distribution and fueling system which was devised
for the San Francisco Airport, there would be a substantial quantity of liquid
hydrogen lost due to such factors as heat leak into the liquid hydrogen distri-
bution lines, boiloff during cooldown of on-board aircraft fueling lines, vapor
displacement while filling aircraft fuel tanks, pump work losses, and vapor
displacement in the liquid hydrogen storage tanks. These losses were shown to
amount to 15.7% of the block fuel requirements, which represents a substantial
increase in the amount of liquid hydrogen fuel which had to be produced. If the
hydrogen vapor which is evolved during fueling operations could be recovered and

recyclea, there would result a reduction in the amount of hydrogen feedstock



delivered to the hydrogen liquefaction complex. The hydrogen, moreover, is
evolved as a cold vapor, very near its saturation temperature, and possesses
a definite refrigeration value. Recovery of the refrigeration weuld result
in a reduction in the net energy required for hydrogen liquefaction.

In the SFO study, the hydrogen distribution system was provided with a
hydrogen vent return line. Preliminary estimates were also made of the value
of the recovered hydrogen vent gas. However, a detailed study of the optimum
method for recovering the vent gas and its refrigeration value was considered
to be outside the scope of that study and was not pnerformed. Because of the
significant impact of vent gas recovery on total fueling requirements and cost,
the present study was authorized to determine the n :* suitable method for
recovering cold hydrogen vent gas and recycling it to the liquefaction complex.

2.0 OBJECTIVES

The objectives of this study are to:

1. Investigate methods of capturing and reliquefying the cold hydrogen
vapor produced during the fueling of aircraft designed to utilize
1iquid hydrogen fuel.

2. Provide an assessment of the most practical, most economic and most
energy efficient of the hydrogen recovery methods which were investigated.

3.0 SUMMARY OF ACCOMPLISHMENTS

As a logical continuation of the study concerning LH2 airport requirements (1),
the quantity and variability of cold hydrogen vapor produced from the fueling of
1iquid hydrogen fueled aircraft were determined based on the projected flight
schedules at the San Francisco International Airport in the year 2000 AD. There

was found to be two types of hydrogen vent gas release, categorized by the nature



of the release rate. One type had a highly variable release rate caused by

the intermittent nature of the aircra‘; fueling schedule. Release rates varied
quite frequently in response to the 70-per-day fueling schedule, varying from

no flow to peak flow on the average of eight times daily. The other type of
release resulted from heat leak into the 1iquid hydrogen distribution and

fueling lines and from vapor displacement while filling the large liquid hydrogen
storage tanks; this occurred at a steady rate. The total hydrogen vent gas

which had to be recovered varied from a minimum rate of 4.085 m3/s (559,500 rFH)

to a maximum of 15.575 m3/s (2,133,500 CFH) and averaged 8.429 m3/s (1,154,500 CFH).

To achieve a steady flow of hydrogen vent gas return to the liquefier, an
accumulator capacity of 95,200 m3 (3,622,000 cu ft) was found to be required. A
3 1/2-fold reduction in accumulator sire could be achieved, however, by returning
the vent gas to the hydrogen liquefier at non-steady rates which were adjusted,
infrequently, to minimize gas in storage. Such changes were within the acceptance
capability of the hydrogen liquefier and, although not steady, the return rates
represented a high degree of smoothing of the original vent gas rates.

The hydrogen vent gas has economic value, not only the material value as
feedstock substitute, but also refrigeration value resulting from its low temperature.
Some of the processing operations which were investigated resulted in a loss of part
of the refrigeration value. Consequently, for purposes of economic comparisons in
subsequent studies, the refrigeration value of the hydrogen as a function of
temperature was determined, as well as the material value. Hydrogen has a material
value of $0.3627 per kg (16.45¢/1b) and a refrigeration value which varies from
$0.2130 per kg (9.66¢/1b) at 25°K to $0.0712 per kg (3.23¢/1b) at 100°K to



$0.0139per kg (0.63¢/1b) at 300 K.

Performance of the hydrogen vent gas pipeline collector was determined.

Over the range of vent gas flows, pressure drop through 3273 m (11,000 ft) of
10-inch pipe varies from 2.8 kPad (0.4 psid) at minimum flow to 35.0 kPad (5.1 psid)
at maximum flow and amounts to 9.65 kPad (1.4 psid) at average flow. Heat leak

into the pipeline will raise the temperature ovcr a range of 0.90 K to 3.45 K

with an increase of 1.75 K at average flow.

The following vent gas recovery schemes were investigated and compared

on an econimic as well as on an energy corservation basis.

1. Accumulation of hydrogen in a constant pressure cold accumulator
followed by refrigeration recovery and compression.

2. Accumulation of hydrogen by cold compression into a constant vnlume
cold accumulator followed by refrigeration recovery and further
compression,

3. Accumulation of hydrogen by the preceding scheme (No. 2) using the
hydrogen vent gas pipeline asy the constant volume accumulator.

4., Accumulation of hydrogen by refrigeration recovery and compression
into a constant volume warm accumulator.

5. Accumulation of hydrogen by refrigeration recovery and a constant
pressure warm accumulator followed by compression.

The use of cold accumulators was found to be unattractive, both economically
and in terms of energy conservation, because of the loss of a significant fraction

of the refrigeration content of the cold gas. This loss resulted from both heat

leak into the accumulator and from temperature rise during compression. The latter

factor was shown to make cold compression unattractive even with the greatly



reduced power requirements associated with compression at cryogenic suction
temperatures.,

0f the three cold accumulator processes, the constant pressure accumulator
scheme proved to be the most attractive. Both investment and operating costs
were less for this than for either of the other two processes; energy consumption
was also lower. Application of this process, however, would be based on the
presumption that the cryugenic gasholder, which is a necessary item of process
equipment, can be developed, engineered and fabricated to perform as assumed
at the cost which was estimated for it. To our knowledge, such equipment does
not exist nor has ever been built,

Such considerations, however, have no great importance in the selection of
an optimum rrcovery process because both of the process arranygements which use
warm accumulation of vent gas were found to be preferred over those using cold
accumulation. Of the two warm accumulator processes, the one which utilizes the
constant volume accumulator has a lower investment than the one using a2 constant
pressure accumulator, providing that the latter operates with a rate of hydrogen
withdrawai from the accumulator to the liquefier wnich remains constant. If the
withdrawal rate is permitted to vary, and this need be only infrequently, then
the gas holder becomes smaller and the investment becomes less. In such case,
both of the warm accumulator processes become equivalent with respect to cost and
energy consumption. For practicability of operation, the constant pressure gasholder
process is to be preferred because of a simpler compressor arrangement and operating

schedule. The compressors for the constant volume accumulator process must operate

to accommodate the highly variable vent gas release rate and consequently must

function on a complex, highly variable schedule. The competing process requires a



change 1 operation only three times daily. For these reasons, the process of
choice in this study is Process No. 5, featuring warm compression of accumulated
gas, withdrawn variably from a warm constant pressure gas holder.

Examination and study of the placement 0f heat exchangers for refrigeration
recovery indicated that such exchangers should be an integral portion of the
heat exchange system of the liquefier where the effect of variation in the vent
gas flow rates could be absorbed by the much greater thermal ballast provided by
the 1iquefier streams. Other non-integrated arrangements merely exchanged flow
variations in the feed stream for temperature variations in the smoothed stream.

Finally, the hydrogen vent gas recovery system of choice was integrated
into a hydrogen liquefier of the capacity required for SFO. The recovered vent
gas .ith is returned to the liquefier recycle stream emerges from the liquefier
as adiitional liquid hydrogen product, permitting a reductior in hydrogen feedstock
rate. The recovered refrigeration permits a reduction in the liquefier recycle
rate and reduces the liquefier power requirement. The variation in vent gas
flow rates produces only ninor perturhations in the operating characteristics of
the liquefier and these are easily accomnmodated.

Total plant investment for a liquefier with an integrated vent gas system
and having a capacity of 907 MTD (1000 TPD) is $235,300,000, a reduction of
$3,700,000 compared with a liquefier without recovery. Reduction in total capital
requirement is $4,710,000. This liquefier, operating at a 577.2 MTD (636.3 TPD)
average year-round daily capacity, with recovery, has a power requirement of
241,535 lvle compared with 248.70 MWe for operation without recovery. Annual
operating costs have been reduced by $7,893,000 to $125,6€8,600. Total unit cost



for 1iquid hydrcgen with recovery amounts to $0.9008 per kg ($0.4086/1b) compared
with $0.9429 per kg ($0.4277/1b), a reduction of $0.0421 per kg (1.91¢/1b).

At the total annual production rate of 210690 Mg (232,250 Tons), the total annual
savings amount to 33,872,000,

Economics for this analysis are based on a DCF analysis, with hydrogen
feedstock valued at $0.3627 per kg ($0.1645/1b), electricitly at $0.02 per kWh,
with capital investment adjusted to mid-1975 dollars and using 2000 AD technology.
These assumptions are consistent with those used in the SFO airport facilities
study(1).

4.0 HYDROGEN VENT GAS LOSSES

The initial task was to establish not only the quantity of hydrogen vented
but also the variation in hydrogen venting rates with time. If the hydrogen gas
were vented at a steady rate, its recovery would be greatly simplified. The
only requirement would be to re-introduce the cold hydruyen cas stream into the
hydrogen liquefier at the apprnximate temperature level zs pairt of the low pressure
hydrogen recycle stream. Howev~r, the hydrogen will not be evolved at a steady
rate, but rather in a sporadic manner as a result of fueling operations. High
venting rates would occur with simultaneous fueling of two or more aircraft and,
as will be shown, the projected flight schedule at San Francisco specifies as many
as four planes refueling at the same time. In addition, the hydrogen venting rate
will increase with the amount of fuel loaded aboard the aircraft. The flight
destination and its distance from the point of departure govern the hlock fuel
requirements and the amount of fuel which must be loaded. A great diversity of
destination cities would further increase the variability in the venting rate. At

other times of the day there will be no refueling activity at all and- the venting



rate will then drop to zero.

The necessity for establishing the variability of the venting rate with
time lies in the nature ¢f the processing equipment. Such equipment, compressors
in particular, tend to have steady state operating characteristics. Some
variations in capacity can be accommodated but large excursions from design
capacities cannot usually be handled without special consideration. Techniques
which can be used include muitiple compressors which can be turned on or off as
required, recycle of part of the compressor effluen* back to suction to maintain
steady throughput (an inefficient procedure), or the installation of a gas
accumulator to smooth the flow of gas to the compressor.

The variability of the venting rate will therefore have an effect upon
the nature and size of the process recovery equipment which is required as well as
influencing the complexity of the recovery scheme. A venting schedule must
therefore be established to form a basis of comparison for the various recovery
schemes which are to be evaluated.

4. Determination of Venting Losses

The schedule of venting losses which forms the basis of this study is
based on refueling operations during an average day in the peak month and was
derived from the projected flight schedule at SFO in the year 2000 AD as given
in Table VII of Ref. 1 and from the refueling losses as given in Tables 1 and 2,
Appendix A, of the same reference. Adoption of a venting schedule on this basis
provides a continuity of information and a consistency which relates back to the

original study(]).



Not all of the hydrogen fuel which is lost is recoverable. For example,
in-flight boiloff due to heat leak into the fuel tanks is not recoverable, nor is
ground-time boiloff due to heat leak recoverable unless the aircraft is connected
to the vent recovery system. For purposes of this study, it was assumed that only
those venting losses which occurred during refueling would be recovered. These
include:

. Vapor displacement while filling fuel tanks

' Heat leak boiloff during refueling operations

' Piping system losses

. Pump work

. Saving by warmup of 1iquid withdrawn from the storage tank
which, on the average, is not saturated but somewhat subcooled.

These losses were applied to each flight for all destination cities. The block
fuel requirement for each city as given in Table V of Ref. 1 formed the basis of
the variable losses. Displacement, pump work, and saving from liquid warmup
were taken to be proportional to the block fuel requirement as determined from
the sample mission in Table 1 of Appendix A(]). Heat Teak and piping system
Tosses are assumed to remain constant for all refuelings. Not all of the
potentially recoverable hydrogen vent gas has been included. For example, there
would be some boiloff from on-board tankage from fueled aircraft parked for
extended periods of time in maintenance facilities.

A tabulation of the vent losses from each of the preceding sources and for
all scheduled flights, both domestic and international is given in Table 1. These
data were then used to construct a table of daily fuel consumption and the
corresponding daily venting losses, Table 2. The total daily venting rate for

59 domestic flights is 24,642 kg (54,327 1b) and for the 11 international flights is
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9,113 kg (20,090 1b) for an overall total of 33,755 kg (74,417 1b). This
corresponds to an average volumetric venting rate of 4.344 m3/s (595,000 CFH).
The average vent rate amounts to 418 kg (921 1b) for the 59 daily
domestic flights with deviations of +22% for the 10 flights to Honolulu and
-37% for the 7 flights to Los Angeles. For the 11 daily international flights,
the average vent rate is 828 kg (1,826 1b) with deviations of +5% for the
flight to Rome and -6% for the 3 flights to London. For purposes of simplification
in constructing a schedule of venting rates throughout the day, the assumption
was made that the venting rates would remain at a constant average value of
418 kg (921 1b) for all domestic flights and 828 kg (1,826 1b) for all foreign
flights. This provides a venting schedule which does not exactly wepresent the
release rates from the fueling schedule adopted for SFO. However, it is probably
sufficiently realistic in view of the 1ikelihood of changes in flight schedules
from time to time.
To establish an hour by hour schedule for hydrogen vent gas release,
the airline destinations and departure times given in Table VII of Ref. 1 were
adopted along with the preceding values of constant average vent rate per flight.
This schedule is shown as Figure 1 and also in Tables 3A and 3B with tabulated
values of vent gas release rates. There is also a column of values (see also
Figure 2) showing the volume of vent gas in storage based on a constant withdrawal
rate equal to the daily average vent rate of 4,344 m3/s (595,000 CFH).  The
maximum volume of gas to be stored determines the size of the gas accumulator
required to store it. This occurs at period No. 31 where the gas storage volume

is 95.20 «x 103 m3 (3,622 MCF). An accumulator having this volume would be



completely full at 2215 hours and completely empty at 0600 hours.

An accumulator large enough to contain 95,20 x 103 m3 (3622 MCF) of
hydrogen vent gas would be extremely large. The size can be reduced if, instead
of withdrawing hydrogen for return to the hydrogen liquefaction system at a
constant rate, it is withdrawn at a number of different rates which are, never-
theless, constant over periods of time less than the length of one day. The
withdrawal rate would be high during periods of high venting rate and low during
periods of low venting rate. This procedure is applied in Tables 4A and 4B,
where three different withdrawal rates are used. From 2215 hours to 0420 hours,
a low withdrawal rate of 1.10 m3/s (150 MCFH) is used, from 0420 hours to
0720 hours, an intermediate withdrawal rate of 2.97 m3/s (407 MCFH) s used
and for the remaining 14.92 hours of the day, the withdrawal rate is increased
to a maximum of 5.95 m3/s (814 MCFH). By making use of such a procedure, the
volume of the vent gas accumulator can be reduced by approximately 73%. The
disadvantage of the procedure is that the reco .red hydrogen vent gas is now
returned to the hydrogen 1iyuefaction complex at a variable rate rather than at
a steady rate and the ability of the hydrogen liquefier to accommodate the
variation must be considered. There is also the need to use multiple compressors
to accommodate the variable flow with the result that some of the installed
compressor capacity must stand idle part of the time. These considerations
will be explored later in this report.

4.2 Steady Rate Vent Losses

In addition to the variable hydrogen gas venting rates resuiting from

individual plane refuelings, there will a’lso be recoverable hydrogen vent gas
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originating from the following sources.
Heat leak into the 1iquid hydrogen airport supply and distribution
piping system.

) Vapor displacement while filling tiquid hydrogen storage tanks
These steady venting rates are quantified in Table 5. Of the total of
0.3674 kg/s (34.99 TPD), about three-fourths is accounted for as storage tank
vapor displacement. Of the total piping system losses, about 617 had been
previously accounted for in the variable refueling losses for the individual
flights and only the difference is included here. The average steady venting
rate of 4.085 m3/s (559,500 CFH) is nearly as great as the 4.344 m3/s (595,000 CFH)
average of the variable venting rate. The total recoverable hydrogen vent gas
rate for return to liquefaction is the sum of the variable and steady flow
rates, making the total stream vent rate also variable with a minimum of
4,085 m3/s (559,500 CFH), @ masimum of 15,557 m3/s (2,133,500 CFH), and an average
of 8.429 m3/s (1,154,500 CFH). Capability must be provided for handling the
maximum hydrogen vent rate as well as this variability in vent rate.

The average vent gas recovered, on a weight basis, is 0.758 kg/s (72.21 TPD).
Total hydrogen losses have been shown(]) to amount to 15.7% of the block fuel
requirements. With block fuel requirements of 7.680 kg/s (731.4 TPD) on an
average peak-month day, the hydrogen losses, if unrecovered, would amount to
1.205 kg/s (114.8 TPD). Therefore, 63% of the total hydrogen loss is available
for recovery. The remaining 37% represeats unrecoverable boiloff loss which is
incurred during flight and while on the ground.
4.3 Value of Hydrogen Gas

Comparative studies which were made between competing processes for vent

gas recovery required a material value for the hydrogen gas (feedstock value) and
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an energy value for the refrigeration potential of the cold gas. These
values were developed based on the breakdown, shown in Table 6, for the cost of
1iquid hydrogen produced at the SFO facility as obtained from Section 5.1.2.3
of Ref. 1.

The refrigeration value of the cold vent gas was determined from the cost
of liquefaction by proportioning it to the ratio of available energy function
for the cold hydrogen gas to the available energy function of 1iquid hydrogen.
The availahility function(?) s defined as

Ay - A2 = (Hy - Ho) - To (S1 - S,) (1)

The symbols H and S represent thermodynamic properties of enthalpy and entropy,
respectively, while the subscripts 1 and 2 refer to the initial and final states.
The symbol To is the heat sink temperature at which heat is rejected to the
surroundings. The change in available energy between states 1 and 2 is the
minimum theoretical work required to produce the change. The assumed propor-
tionaiity implies a constant efficiency for the hydrogen liquefier while producing
either liquid hydrogen or cold hydrogen gas which is a satisfactory assumption for
the comparative studies of this project.

The value of the cold hydrogen gas, determined in the preceding manner as
a function of temperature, is presented in Figure 3. The energy value curve
represents the energy required to produce the refrigeration in the cold gas. The
energy required to produce cold low pressure hydrogen vent gas at 25°K amounts
to 4.89 kWh/kg (2.22 kWh/1b) and drops rapidly as the temperature increases.

The other two curves represent economic value. The total value curve is

the sum of the refrigeration value curve and the constant material value of the
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hydrogen feedstock. At 25°K, the refrigeration value amounts to 37% of

the total value of the vent gas while at 300°K it accounts for only 4%. The
slight positive refrigeration value of the gas at 300°K results from its pressure
energy at a slightly superatmospheric pressure of 20 psia.

5.0 HYDROGEN VENT GAS PIPELINE COLLECTOR

5.1 Description

The vent gas pipeline has been defined in the previous airport study(]).
It consists of a 25.4 cm (10 in.) vecuum jacketed pipe running the perimeter of
the airport, from one fueling gate to the next,plus a return line running from
the last fueling gate to the hydrogen liguefaction site. The perimeter loop
is estimated to be 1829 m (6000 ft) in length and the return line to the liquefier
is estimated to be 1524 m (5000 ft) in length.

5.2 Hydrogen Vent Gas Condition

It has been established in the airport study(]) that the operating pressure
of the LH2 supply line will be 241.3 kPa (35 psia). This will allow a 48.3 kPad
(7 psid) loss through the hydrant fueling valve and the fueler vehicle, to insure
a 193.1 kPa (28 psia) aircraft interface pressure when fueling at the design rate
of 11,354 1/m (3000 gpm) to the design aircraft tank pressure of 144.8 kPa (21 psia).
Thus, the vent gas will be available at the fuel tank at a pressure of 21 psia
and at its saturation temperature of 21.45°K. The composition will be the same
as that of the liquid hydrogen product from the liquefier, 97% para.

5.3 Vent Line Pressure Drop

The calculated pressure drop through 4023 m (13,200 ft) (equivalent length
for pressure drop) of 26.62 cm (10.482 in.) i.d. vent line is presented in Figure ¢4
as a function of vent gas fiow. The pressure drop at the maximum expected flow

rate of 15.557 m3/s (2,133,500 CFH) is 35.0 kPad (5.1 psid) so that the gas will
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always be delivered to the liquefier site at a pressure of at least 109.6 kPa
(15.9 psia). At the average flow rate, the pressure drop will be only 9.7 kPad
(1.4 psid),

5.4 Vent Line Heat Leak

The calculated heat leak into the 4724 m (15,500 ft) (equivalent length
for heat leak) of vent line is presented in Figure 5 as a function of vent flow.
The heat leak at the minimum flow rate of 4.085 m3/s (559,500 CFH) is sufficient
to raise the temperature of the vent gas to 24.9 K at the end of the pipeline.
On the average, the gas will be available at the liquefier site at 23.2 K.

6.0 COMPARATIVE STUDY OF VENT RECOVERY PROCESSES

6.1 General Process Considerations

This portion of the study was devoted to the determination of the optimum
process and/or procedure for recovery of the hydrogen vent gas together with its
refrigeration content. As cited previously, the single factor which greatly
complicates the procedure and causes most of the difficulty in the recovery of the
vent gas is the highly variable nature of the vent gas supply. A steady-state
supply would pose only minimal problems because it could be returned directly
to the liquefier for straightforward processing. A variable rate supply has to
be smoothed, however, in order to convert it to steady state and, in order
to do this, an accumulator of some sort must be used to store the gas in a peak-
leveling operation. This may have to be combined with compressors, used either
singly or in multiple.

An important process factor which was included in the study was the temperature

level for accumulating and storing the vent gas. The gas may be stored at the
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cryogenic level or it may first be warmed to ambient temperature, and then stored.
In the first instance, the accumulator will be much smaller to store the same
quantity of vent gas because of the greater gas density. However, because of
increased heat leak, much of the refrigeration content of the cold gas will be
lTost.

Another process factor which was considered was whether the vent gas
accumulation and storage should be at constant pressure or at constant volume.
Both types of accumulator for ambient temperature application are well-known and
are in widespread commercial usage. The major problem with either accumulator
would be the compression of a highly variable supply of warm hydrogen vent gas
to the constant volume accumulator.,

In the case of cryogenic storage, a constant volume accumulator would
present no particular technical problem; it would consist of a well-insulated
pressure vessel. However, it would require cold compression of the vent gas
which would destroy a portion of the refrigeration content., although the work
of compression would be reduced. Special consideration would also have fo be given
to materials of construction for the cryogenic compressor.

A constant pressure accumulator (cryogenic gasholder, is the other
alternative for storage of gas at cryogenic levels. Such a device would be
quite difficult to build and operate in a cryogenic environment. Therz would be
problems associated with moving parts, with effective gas sealing and with
efficient insulation. MWe have never encountered such a device and were unabl‘ to
discover any information concerning one. It is almost certain that such a piece

of equipment has never been designed and built. Nevertheless, for the purposes
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of this study, a hypothetical cryogenic gasholder was considered as one
means for accumulating hydrogen vent gas.

In summary, the hydrogen vent gas recovery process variations, which
were comparatively studied, are listed as follows:

1. Constant pressure accunulator at cryogenic temperature level.

2. Constant volume accumulator at cryogenic temperature level,

3. Constant volume accumulator at cryogenic temperature level using

the vent gas pipeline as the accumulator.
4. Constant volume accumulator at ambient temperature level.
5. Constant pressure accumulator at ambient temperature level.

6.2 Economic Basis

The econcmics for this study are based on the discounted cash fiow
(DCF) method of accounting. The DCF method accounts for the time value of money
and converts all expenditures and revenues occurring at different periods of time
to a common basis which is the "present value". It is through present value
comparisons that equitable economic judgements can be made on combined investment
and operating costs.

The following relationship for present value, which was derived in the

airport study(]), is as follows:

PV = 14,1887 (AOC) + 0.95956 (I) + 0.52 (S) + 0.9666 (W) (2)
where PV = Total present value
AOC = Annual operating cost
I = Investment

S = Startup costs

W Working capital
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This relationship is based on the following assumptions,

’ Discounted cash flow financing

' 30 year project life
16 year sum of the years' digits depreciation of investment
100%: equity capital
12 discounted rate of return
48° Federal income tax
Mid-1975 dollars, no escalation
Investment and working capital treated as capital costs in year 0
Startup costs are treated as an expense 1, year 0

' Return on investment during construction based on 1.875 years

The equation for present value was redrranged to the following expression
for the required annual income to cover costs of operation plus return on
investment.

Al = AOC + 0.22908 (I) + 0.12414 (S) + 0.23067 (M) (3)
This relationship tells us that the trade-off between operating costs and capital
investment is $1.00 of investment for 22.908 cents per year of operating cost.
Alternatively, it can be stated that an expenditure for capital investment
and expenditures for 4.365 years of operating cost are equivalent.

The economic analyses for competing vent gas reco.ary systems were based
on this relationship. Only operating costs and capital investment were considered;
startup costs and working capital were ignored. However, when the optimum recovery
process is finally selected and compared with the standard liquefaction process

which does not provide for vent gas recovery, all cost factors are considered.
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6.3 Cold Compression vs. Warm Compression

A process which uses constant volume accumulation of vent gas requires
that the gas first be compressed and the option exists to compress the gas
either cold or warm. With the aid of heat exchangers, this option can be
extended to either cold or warm accumulators. There are advantages to cold
compression. Because the work of compression is directly proportional to
the absolute temperature of the gas at the suction to the compressor.
compression at very low cryogenic temperature levels greatly reduces the work
of compression. Furthermore, the density of hydrogen vapor at temperatures
close to saturation is sufficiently high to permit the use of centrifugal
compressors. On the other hand, cold compression raises the temperature of
the gas and destroys a portion of its refrigeration content. This represents
an energy loss. In addition, a cold compressor is a higher investment piece
of equipment than is a warm compressor,

The comparison between warm and cold compression is based on the process
configurations sketched in Figure 13. For cold compression, vent gas is delivered
to the suction of a centrifugal compressor at a pressure of 131 kPa (19 psia) and
a temperature of 25°K. The flow rate is assumed to be the daiiy average value.
The gas is compressed to some discharge pressure and warmed to 300 K in a heat
exchanger which has a pressure drop of 28 kPad (4 psid) when the average pressure in
the exchanger is 117 kPa (17 psia). This pressure drop varies as a function of the
average gas density in the heat exchanger and is accounted for in this analysis.
The vent gas is delivered at a final pressure, P-2.

For warm compression, the vent gas is available at the same process

conditions as for the cold compression and is warmed to 300°K in a heat exchanger
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having a pressure drop of 28 kPad (4 psid). It is then compressed to final
pressure, P-2, in a reciprocating compressor,

In either case, it is assumed that the refrigeration content of the cold
gas is recovered in the heat exchanger and effectively used, as, for example, in
the hydrogen liquefier. However, as the discharge pressure of the cold compressor
ir-r+ ses, so does the discharge temperature and le s refrigeration remains for
recovery. The value of this lost refrigeration between the suction and dis:harge
temperatures was determined with the aid of the "refrigeration value" curve
presented on Figure 3.

The total power consumption for each of the two alternatives is shown
in Fiqure 14. The power consumption for cold compression exceeds that for warm
compression by 85-100! over most of the pressure range. A breakdown of individual
power consumption presented in Table 7 shows that over 90° of the total power for
cold compression is the equivalent power for the refrigeration content of the
cold gas. The power of compression of the -o1d gas is generally of the order of
10% of the power of compression of the warm gas.

Figure 15 presents the results of the economic comparison between the
two alternatives. Power is the major cost item and greatly outweighs
the much smaller investment required for the cold compressors. The comparison
makes clearly evident that warm compression is the preferred alternative on

both an energy utilization basis and a cost basis.
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6.4 Cold Accumulator Processes

6.4.1 Constant Pressure Cold Accumulator

The constant pressure cold accumulator process is shown
schematically in Figure 6. Cold vent gas is collected from the 19 fueling
gates at 25°K and 138 kPa (20 psia) and delivered to 2 cold accumulator, or
¢cryogenic gasholder, which is at constant atmospheric pressure. Cold gas is
withdrawn from the gasholder at a constant average daily rate, warmed to 300°K
in a heat exchanger and compressed i1n a warm reciprocating compressor to the
4137 kPa (600 psia) recycle pressure of the hydrogen liquefier and combined
with the liquefier recycle stream.

In this process, energy is consumed via two mechanisms:

1. Energy of compression of the warm vent gas

2. Energy equivalent, of the refrigeration loss due to heat

leak into the cold accumulator

The second item could be of considerable magnitude, especially if the accumulator
were very large and present a large amount of surface area for heat transfer.

One of the first problems encountered in this process was to
determine the nature of the cryogenic gasholder. Several types of warm gasholders

3) but we were unaware of any such equipment suitable for

have been described(
use in a cryogenic environment. A search of the literature also failed to
uisclose any information concerning cryogenic gasholders or even their existence.
We are almost certain that such a device has never been designed or built. Never-
theless, we were committed to an evaluation of the process which uses constant
pressure cryogenic accumulation of vent gas and so a hypothetical gas holder was

assumed and a set of characteristics was assigned to it. Had the process appeared
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to be favorable after evaluation, the development of the gasholder would have
been a recommended course of action.

It was decided to pattern the hypothetical gasholder after
those used in ambient temperature service. These are broadly categorized into
two types: a water-sealed type in which the gas is trapped beneath a cylincrical
bell within a shell, and a dry type which is of shell and piston configuration
with the gas trapped beneath the piston. In both types, the bell, or the piston,
rises and falls within the shell to accommodate the increasing or decreasing
volume of gas. The difficulty of adapting current designs for cryogenic service
lies in providing a suitable ¢as seal which retains its integrity at low tempera-
tures. Liquid seals, whicn are often used with warm holders, must be rejected
as unsuitable for use at temperatures in the region of 25°K. Even seals used
with dryholders are normally fabricated from rubberized tabric, usually lubricated,
and these would lose their flexibility, and therefore their sealing characteristics,
when used at low temperatures.
‘e The Wiggins type of gas holder uses a fabric impregnated and
coated with synthetic rubber to seal the annular space between the piston and shell.
The seal is distended upward in a loop when gas is confined beneath the piston.
This seemed to be the easiest to adapt to cryogenic service. A conceptual sketch
of the cryogenic gasholder is shown in Figure 7. The basic config.-ation is the
inverted bell within a loose fitting shell. The seal between the floating roof
and the shell is not intended to be gas tight but is primarily for the purpose of
preventing convective circulation of cold hydrogen into the region where it would

contact the flexible enclosure, or Wiggins-type seal, which must be kept warm to
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retain its flexibility. The flexible seal is attached to a warm spot on the
floating roof and to the top edge of the shell, and is guided, as appropriate,
with such devices as rollers and guide channels The entire gasholder would
require an insulation layer between the tank and the foundation and an
electrically heated foundation to prevent heaving. This is a type of construction
used with cryogenic liquid storage tanks.

The derivation of a generalized relationship to determine the
number and size of the gasholders will be developed first. Based on the
maximum volume of gas to be stored, shown in Table 3 to equal 95,200 m3 (3622 MCF),

the actual volume of gas in storage is

Volume = 3,622,000 X 38E. 79 - 357,000 cu ft = 10,109 m (4)

where 38.117 and 386.79 are the molal volumes of hydrogen at 1 atm, 30°K

and at NTP conditions, respectively. This is then equated to the gasholder volume.

357,000 = - D% H N (5)
where D = ogasholder diameter, ft.

H = gasholder height, ft.

N = number of gasholders
Standardizing on a height-to-diameter ratio,

H = 1.5D, (6)
substituting (6) into (5), and solving for the gasholder diameter, gives

D

= 98.377 (aN)~ 1/3 (7)
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The surface area of the gasholders may be expressed as follows:
A = N [wDyH + 2 - 0% (8)

In this expression, v is the fraction extension of the floating roof which also
represents the fraction of total capacity of the gasholder. For the design which
was adopted, the maximum value of y is 1.0 and the minimum value is 0.5. The
expression also recognizes that the surface of the bottom of the tank is
effective for heat transfer. Substituting Equations (6) and (7) into (8), and

simplifying, the following relation is obtained.
A = 9678 (xN)'/3 (1.50 + 0.5) (9)

The performance of the gasholder depends on the quality of
insulation provided. The performance of an uninsulated gasholder was first
investigated to determine whether any insulation would be required. For an
uninsulated gasholder, the heat leak into the holder is governed by the following

basic relation for heat flux as a function of temperature difference.

9 = -

A U (Tw Tc) (10)
where g = Heat transfer rate into hclder

A = Surface area of holder

Tw = Ambient temperature

Tc = Temperature of gas inside hoider

= Heat transfer coefficient
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The overall heat transfer coefficient, U, is determined by the natural
convection of hydrogen inside the holder and air outside the holder. The

relationship for the individual film heat transfer coefficient under natural

convection forces is given by McAdams (4) with symbols as defined in the
reference.
[;fZ 98¢ 0, 1/3
h = 0.13 k P ()
f L 2
Ug f

Substituting the appropriate values for the physical properties of hydrogen
and air at their corresponding film temperature yields the following values

for the heat transfer coefficients.

S U.S. Customary
J/sec,m2,°K Btu/hr,ft2,°F
h s hydrogen 29.5 5.2
h, air 11.3 2.0
U, overall 8.5 1.5

Assuming that 4 gasholders, each 12.9 m (42.3 ft) diam. by 19.3 m (63.5 ft) high,
will be required, the total surface area for heat transfer is 2613 m? (28125 ftz)
with the tank half full. The total heat transfer into the gasholder from the
surroundings under a temperature difference of 270°K will amount to 6004 kJ/sec
(20,500 ,000 Btu/hr). A heat balance based on steady flow conditions of 4.344 m3/s
(595,000 CFH) vent gas through the holder shows that this heat leak is sufficient
to warm the effluent gas to a temperature of 245°K. These calculations consider
only convective heat transfer and ignore radiation. Superimposing the additional

heat transfer resulting from radiation would only make an uninsulated gasholder look

even more unattractive.
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Having established that insulation of the cold gasholder
is necessary, it becomes necessary to establish the performance of an insulated
gasholder. The heat transfer rate through the insulated wall is given by the

conduction equation

. dr
q k A aL (12)
where q = heat transfer rate

k = thermal conductivity
A = heat transfer surface

%E = temperature gradient across insulated wall.

Substituting Equation (9) into (12) and allowing a 30.48 cm (1 ft) thickness of
insulation with a thermal conductivity of 0.0346 watt/m, K (0.02 Btu/hr,ft,F)

gives the following:
= 1/3
q = B (300 - T,)(nN) (1.5 + 0.5) (13)

This relationship is based on a 300 K ambient temperature. The symbol B is

a constant with the following values.

SI U.S. Customary
Units of q /s Btu/hr
Value of B 0.10203 348.4

The thermal performance of the gasholder is based on a model
in which cold vent hydrogen gas is fiowing into the gasholder at a variable rate,

Mf, and at a constant temperature assumed to be 30 K. Over a short interval
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of time, heat leak into the gasholder raises the temperature of the gas from
T1 to Tf. Hydrogen is withdrawn from the gasholder at a constant rate, Mw'

and at the average temperature, Tav’ of the gas in the gasholder during the
short time interval, ac.

Heat leak into the holder is given by Equation (14).
1/3
q = B (300 - Tav) (nN) (1.5 v + 0.5) (a0) (14)

Some of this heat is imparted to the entering feed gas and warms it to Tf.

q = M. C, (T¢ - 30) (a0) (15)

P

Another portion of the heat warms the withdrawn gas from T1 to Tav'

9 = MG (Ty, - Ty) (s0) (16)

The remainder of the heat warms the residual tank content from Ti to Tf.

q = MT Cp (Tf - Ti) (a0) (17)

The residual tank content, MT’ is defined as the difference between the contents

of the tank at the beginning of the interval and the gas withdrawn from the tank
M = (Mi - Mw) (a0) (18)

Equations (14) through (18) were solved over a 24-hour period
for the temperature history of the gas within the tank. The results are presented
in Figure 8. The temperature remains within the 1imits of 36-50°K during most

of the active portion of the day while refueling oparations are being carried
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out. However, during the interval between midnight and 4:00 AM when no planes
are refueling and there is no vent gas flow into the tank, the temperature
rises to as high as 74 K. At 9:00 AM during peak refueling, the temperature
drops to its minimum level of 36 K.

The economics for recovery of vent gas using the constant
pressure cold accumulator process is given in Table 8. The analysis is based
on the use of 4 gasholders, one for each of the 4 1iquefier modules, and each
having a capacity of 23,800 m3 (905.5 MCF) of vent gas. The holder dimensions
are 12.89 m (42.3 ft) diameter by 19.35 m (63.5 ft) high when full. The cost
of the cryogenic accumulator was estimated from the cost of a warm gasholder and
known relationships between the cost of cryogenic vs. warm tankage, The total
annual cost of $1,827,000 for recovering the vent gas by this process is
equivalent to a unit cost of $0.1483/kg (6.73¢/1b). This cost, when deducted
from the value of the cold vent gas of $0.5756/kg (26.11¢/1b), leaves a net
value of $0.4274/kg (19.38¢/1b).

Table 8 also tabulates the power cost for the process so that

the several competing processes may be compared for energy consumption.

6.4.2 Constant Volume Cold Accumulator

The process for recovery of hydrogen vent gas using a constant
volume cold accumulator is shown in Figure 9. Vent gas is collected at each
fueling gate into the pipeline and transported to the hydrogen liquefier site.
Here it is compressed, by means of a centrifugal compressor, into a constant
volume accumulator, or tank, at some intermediate pressure. It is then withdrawn
from the tank at a constant average rate, warmed to ambient temperature in a heat

exchanger and compressed the rest of the way to the hydrogen liquefier recycle
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pressure by means of a reciprocating compressor.

There is nothing unique about the constant volume cold
accumulator. It is simply a well-insulated cryogenic pressure vessel. However,
the operating pressure for the accumulator is an additional variable which
must be determined by an optimization procedure. Increasing the pressure
reduces the volume of tankage required as well as the size and energy consumption
of the warm compressor. However, the size and energy consumption of the cold
compressor increases and, simultaneously, increasing amounts of the refrigeration
value of the cold gas are lost.

Figure 10 plots the results of the optimization as total
annual cost as a function of compressor discharge pressure. Minimum cost occurs
at a storage pressure of 1655 kPa (240 psia) although the curve is relatively
flat over the range 689-2065 kPa (100-300 psia). The discontinuities in the
curve result from the use of a discrete number of accumulators of fixed size of
3.66 m (12 ft) diameter by 30.48 m (100 ft) long. These are judged to be maximum
practical dimensions for such tankage.

The economic analysis for the process at the optimum storage
pressure is presented in Table 9. The total annual cost is about 37% more than
for the cold constant pressure accumulator. Although increased investment accounts
for a small portion of the total increase, the increased power requirement accounts
for most of it. Loss of refrigeration value of the gas from the cold compression
is the major power item, representing over 90% of the total. Total energy consumption
is more than 50% greater than the energy consumption for the cold constant pressure
accumulator process which is consistent with previous findings in the comparison
between warm and cold compression. In the present case, only 27% of the compression

is at Tow temperature.



Heat jeak into the cold accumulator was investigated and
found to be negligible, causing a temperature rise of only 0.4 K,

6.4.3 Vent Gas Pipeline as Cold Accumulator

This is a variation of the preceding process in which the
vent gas collecting pipeline is sized for use as a constant volume accumulator.
Figure 11 shows the process. With this configuration, each fueling gate requires
its own compressor, discharging into an enlarged pipeline which terminates at
the hydrogen liquefier. The remainder of the process is similar to the preceding
process shown in Figure 9.

As with the preceding process, an optimization of the storage
pressure in the pipeline is necessary. The specified diameter of 25.4 cm (10 in)
of the pipe does not provide sufficient volume to accumulate the excess gas flow
at high venting rates, even with its length of slightly in excess of 3.22 km
(2 miles). For example, a storage pressure of 172 kPag (25 psig) would require
a »ipe diameter of approximately 1.32 m (52 in.) to provide the necessary storage
volume,

With increasing pressure, the pipe diameter and cost will decrease,
but the proportion of the compression which occurs at the low temperature level
increases and causes an increase in operating cost. The results of the optimization
are presented in Figure 12 and show a decrease in total annual cost with increasing
storage pressure. The optimum occurs in the 1793-2068 kPa (260-300 psia) range
and over this range differences are too small to be significant. An economic
analysis based on a 1793 kPa (260 psia) pressure is shown in Table 10. This process

is found to be inferior to both of the other two cold accumulator processes, both
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in cost and in energy consumption. The greatest difference iies in the incremental
investment of over %6,000,000 for the 80.0 cm (31.5 in.) diameter vacuum jacketed
pipeline. Other cost items are comparable to costs encountered for the cold
constant volume accumulator of the tankage variety.

In this case, heat leak into the pipeline was considered and
found to be a small but, nevertheless, significant amount., It is much greater
for the pipeline accumulator than for the tank-type accumulator primarily because
the surface area to volume ratio is much greater for the pipeline.

6.5 Warm Accumulator Processes

Previous comparisons between warm and cold compression lead to the
expectation that warm accumulator processes would be more economical than cold
accumulator processes. The high value possessed by the refrigeration content of
the cold gas at the very low temperatures involved override all other cost factors
when the bulk of this refrigeration content is lost by compressing the cold gas.
The advantage gained by not compressing the cold gas was shown by the constant
pressure cold accumulator process, which, so far, has proven to be,not only the
most economical process, but also the lowest in energy consumption. It might be
expected that further gains would accrue if the refrigeration loss caused by heat
leak into the accumulator could also be eliminated. Detailed process studies of
both constant pressure and constant volume warm accumulator processes were conducted

to either verify or reject these expectations.
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6.5.1 Constant Volume Warm Accumulator

The constant volume warm accumulator process is given on
Figure 16. Hydrogen vent gas is collected into the vent gas pipeline collector,
transmitted to the hydrogen liquefier site, and warmed to ambient temperature. It
is then compressed to the hydrogen liquefier recycle pressure, stored in a warm
accumulator, which is nothing more than a pressurized tank, and then fed to the
hydrogen liquefier, In this process, there is no optimization of the storage
pressure. A1l compression is in the warm state and in order to minimize tankage
volume, maximum storage pressure is tsed,

Specjal attention was directed to the warm compressor configur-
ation. The main requirement was to provide capability for handling the highly
variable vent gas flow rate using a minimum number of compressors. It was
assumed that each compressor was capable of being turned back 10% by either
speed control or the use of automatically adjusted clearance pockets. The result

was A bank of four compressors each of a different size.

FLOW
Compressor ST U.S. Customary
No. me/s (MCEH)
1 0.767 (105)
2 1.533 (210)
3 3.067 (420)
4 6.133 (840)

The schedule for operating these compressors is shown in Table 11. For example,

for the first 20 minutes of the day, No. 3 compressor would operate at 94% of
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capacity. All compressors would then be down until 4:00 AM at which time
compressors No. 1 and No. 3 would be turned on and operate for 20 minutes at
full capacity. For the next 20 minutes, No's 2 and 4 would be turned on at
full capacity and No's 1 and 3 turned off. This would be followed by another
20 minute period when only compressors No. 1 and No. 3 would operate and then
from 5:00 AM to 6:00 AM, all compressors would be down again. Operation in
this variable manner continues throughout the remainder of the day.

Bringing compressors in and out of service in accordance
with such a schedule would have to be accomplished automatically. A technique
for doing this was not devised but a control scheme to bring compressors on
1ire using sensors to detect pressure build up at the suction nozzle shouid be
workable. Compressors to be taken off line could simply be unloaded automatically
in a suitable manner and kept turning over during the period that they are off
line, to be maintained in readiness for return to operation when needed.

The results of the economic analysis for the constant volume
warm accumulator process are presented in Table 12. This process is economically
superior to any of the cold accumulator processes examined, both in capital invest-
ment and in operating cost. Energy consumption is also much less. The major
disadvantage with this process, as revealed by the high capital investment
requirement for compressors, is that the compressors are required to assume part of
the function of smoothing the vent gas flow. As a result, much of the compression
capacity is standing idle for a large percentage of the time. This represents an

inefficient utilization of equipment.
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6.5.2 Constant Pressure Warm Accumulator

This process, depicted on Figure 17, uses a conventional
gasholder for the accumulator. Cold hydrogen vent gas is delivered, via pipeline,
to the liquefier site, warmed to ambient temperature and fed to the gasholder.

The gasholder expands or contracts, as required to smooth the flow variations in

the vent stream, A steady flow of hydrogen is withdrawn from the holder, compressed
to liquefier recycle pressure in warm reciprocating compressors, and delivered to
the liquefier.

Results of the economic analysis for this process are presented
in Table 13. This process is also more attractive economically than any of the
cold accumulator processes but less attractive than the warm constant volume
accumulator process. Although the operating costs are identical in each case,
the high cost of the gasholder causes the investment for the constant pressure
accumulator process to be nearly double the investment for the constant volume
accumulator process.

The economics for this process can be improved, however, if the
compressors are allowed to share part of the function of smoothing the hydrogen vent
gas flow. As described in Section 4.1 and shown in Table 4, a variable withdrawal
rate from the gasholder permit: a decrease in gasholder size. The withdrawal
schedule shown in Table 4 permits a 73% reduction in gasholder volume, from
95.20 x 10% m® (3622 MCF) to 26.13 x 10° m® (994 MCF). As with the constant volume
accumulator process, the compressors are required to operate on a varying flow
schedule. However, in contrast, only three compressors rather than four are used,
and with only three daily compressor changes, the compressors are turned on and off

much less frequently. It is possible to accommodate the operating schedule on a time
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basis which is simpler to effect than one based on detecting an accumulation of
gas a. the compressor suction.

The economics for this process, as shown in Table 14, are
a'so favorable and comparable, in both investment and operating cost, to the best
previous case, the constant voiume warm accumulator process. It is, moreover, a
process which uses conventional equipment and one which presents no particular
technical nor operating difficulties or problems. Therefore, it has been selected
1s the best of the competing processes for recovery of the hydrogen vent gas.

7.0 HEAT EXCHANGER PLACEMENT AND PERFORMANCE

All vent gas recovery processes assumed that the vent gas was, at some
point in the process, warmed to ambient temperature in a heat exchanger, with
recovery of refrigeration from the vent gas, before delivering the vent gas to
the hydrogen liquefier. The proper placement for this heat exchanger will now
be examined in more detail. Only the selected vent gas recovery process was
considered in the study. Figure 18 shows the inclusion of th2 heat exchanger in
the process. The cold vent gas, delivered from the pipeline, is warmed to ambient
teinperature in countercurrent heat exchange with the compressed gas. The cold
compressed gas is throttled to 112 kPa (16.2 psia), the pressure of the flash
gas in the hydrogen liquefier process. A phase separator makes the appropriate
separation of the stream into liquid and vapor streams which are, in turn, delivered
to the hydrogen liquefier at the appropriate process location.

Performance of the liquefier under varying flow conditions was examined. The
low-pressure hydrogen vent gas flow is highly varieble while the flow rate for the

compressed return hydrogen is more nearly constant. For purposes of this study, it
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was assumed to be constant at the average daily flow rate of 8.43 m3/s
(1154.5 MCFH). (At this flow rate, the steady rate vent losses (Section 4.2) as
well as the variable rate vent losses (Section 4.1) are included.)

Heat exchanger performance is highly sensitive to the flow ratio between
the two streams in heat exchange. A flow for the warming stream which greatly
exceeds that for the cooling stream will provide an excess of refrigeration and
will cool ond liquefy a large fraction of the compressed stream. A warming
stream flow which is deficient, however, may not cool the compressed gas Stream
sufficiently to liquefy it.

Performance of the heat exchanger, under three different conditions of
flow unbalance and over a range of pressures for the compressed gas stream, is
shown in Tzbles 15A through C. These tables show that the cold compressed gas
would be returned to the liquefier under conditions equally as variable as the
flow of the cold vent gas. One extreme would exist during periods of maximum
vent flow, when 81% of the compressed gas would be liquefied while the other
extreme would occur during periods of minimum vent flow, when the compressed gas
would be cooled to only 168 K. Obviously, such a heat exchanger arrangement
serves no useful purpose inasmuch as it merely exchanges flow variability for
thermal variability, and it was concluded that the preferred technique would
be the introduction of the cold vent gas directly into the hydrogen liquefier

at the appropriate point in the process.
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8.0 INTEGRATION INTO HYDROGEN LIQUEFIER

8.1 Process Arrangement

Flow variations in the vent gas recovery scheme are smoothed by addition
of an accumulator. This, in itself, is inadequate because the recovery of the
refrigeration content of the vent gas imposes a varying thermal load on the
refrigeration recovery portion of the process. The inadequacy of a simple heat
exchanger arrangement such as the one depicted in Figure 18 was shown in Section 7.
This study led to the conclusion that the varying thermal load could best be
absorbed directly by the recycle stream of the liquefier process. As an indication
of this capability, the flow of the vent gas stream can be compared with the
recycle flow. Such a comparison shows that the 15,75 m3/s (787 MCFH) variation
in vent gas flow is only about 5% of the 119.15 m3/s (16,319 MCFH) recycle flow
and indicates that the resulting variation in refrigeration supply to the liquefier
might be readily assimilated by the combination of the recycle flow stream and
the thermal ballast of the liquefier equipment.

To pursue the investigation further, the process model of the hydrogen
Tiquefier which was prepared in a previous study(z) for automatic computation was
revised to include the addition of the hydrogen vent gas stream. The revised
process model is presented as Figure 20 which may be compared with the original
process model, Figure 19. Cold hydrogen vent gas is introduced as process stream
No. 133 and is warmed to ambient temperature in a separate pass in each of three
exchangers in series, X-4, X-3 and X-1. The refrigeration content of this stream
is imparted to the high pressure recycle gas or portions of it. For example, in

heat exchanger X-4, it provides part of the cooling for the subcooling 1liquid,
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stream 30-31, while a portion of the turbine exhaust stream 33-34, provides the
remainder.

The warmed vent gas stream after leaving heat exchanger X-1, is delivered
to a warm gasholder from which a steady stream of hydrogen, No. 147, is withdrawn,
comprassed in vent gas compressor, P-VNT, and delivered to the suction of the
main recycle compressor, P-RC as stream No. 148,

8.2 Process Performance

Tables 18 and 19 contain process stream data for the Figure 20 arrangement,
which features recovery of the vent gas. In comparison, Tables 16 and 17 contain
the process stream data for the Figure 19 arrangement, which does not feature
vent gas recovery. In each case, the plant is sized to produce 192.1 metric tons
per day (211.7 TPD) of hydrogen product (as saturated liquid at 1 atm) from each
of the four plant modules, yielding a total production rate of 768.2 MTD
(846.8 TPD) of liquid hydrogen. This represents operation of the plant to supply
the fuel requirements of SFO for an average day during peak month activity. The
vent gas recovery case, for which stream data are presented in Tables 18 and 19,
is for the daily average vent gas flow rate of 4.344 m3/s (595.0 MCFH) plus the
steady vent gas rate of 4.085 m3/s (559.5 MCFH), for a total of 8.429 m3/s
(1154.5 MCFH). Thus all available hydrogen vent gas is recovered. Moreover it is
recovered as product, and comparison of stream No. 1 flows for the two cases shows
that the feed gas flow rate is diminished by the exact amount of the flow rate of
the vent gas stream. Comparison of flow rates through the two turbines and of
the 1iquid and cold nitrogen gas flow rates reveals that the refrigeration content

of the vent gas stream is being effectively recovered.
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The refrigeration value of the para hydrogen is assumed to be ron-
recoverable. This is a conservative assumption and probably realistic in that
the conversion rate from para to ortho is sufficiently slow that, at most, only
a small amount of conversion will occur. It is further assumed that complete
conversion tonormal hydrogen occurs in the recycle compressor and that only
normal hydrogen enters the liquefier as the feed/recycle stream.

Stream data for the nitrogen refrigerator, which supplies liquid nitrogen
and cold nitrogen gas to the purifier and liquefier, are presented in Tables
¢0 and 21 for operation without vent gas recovery and in Tables 22 and 23 for
operation with vent gas recovery, based on the process model, Figure 21.

In addition to conducting process evaluations for the condition of
average vent gas flow rate, the effect of variations in the flow rate was also
explored by completing process balances for the conditions of maximum and minimum
vent gas flow rate. The effect of these variations on the power requirements for
the major items of liquefier process machinery is presented in Table 24. Also
shown is the no recovery "standard" process.

Comparisons of power requirement for the three vent gas flow conditions
show only modest variations. The recycie compressor, which is the largest item of
machinery, varies + 1.5% and - 2.4%, respectively with minimum and maximum vent
gas flow. The greatest variation lies with the nitrogen refrigerator, wherein the
capacity drops 5.5% with maximum vent flow, and the nitrogen refrigerator can
readily handle capacity variations of this magnitude. The hydrogen turbines also

undergo only slight changes in power output.
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Comparison of power requirements shows, on the average, a 4.0% reduction
in power for the power-consuming items of equipment 1isted when recovering vent
gas.

Comparisons were also made among the various cases based on flow rates
through the various pieces of equipment. Since, in these process studies, flow
and power are proportional, the results, Table 25, are similar to the results
of the power comparison.

8.3 Utility Requirements

Utility requirements for hydrogen purification and liquefaction, with
and without vent gas recovery, are summarized in Table 26, for a capacity of
577.2 MTD (636.3 TPD), representative of the daily average capacity over a
period of one year. The utilities are also based on 2000 AD technology, which

has been previously described(z)
Total electrical power for hydrogen liquefaction with vent gas recovery,

including production and plant auxiliaries and contingency, is 7165 kW (2.88%)
less than for liquefaction without recovery. The unit power of liquefaction
amounts to '0.04 kWh/kg (4.555 kith/1b) with vent gas recovery compared with
10.340 kWh/kg (4.690 kWh/1b) without recovery.

8.4 Economics

Investment and other capital requirements for the hydrogen 1iquefaction
complex with vent gas recovery are compared, in Table 27, to the liquefaction
complex without recovery. Investment, in mid-1975 dollars, and based on 2000 AD
technology, is $3,700,000 (1.5%) less for the system which recovers vent gas.

Annual operating costs for a 577.2 MTD (636.3 TPD) capacity are shown,
Table 28, to favor the vent gas recovery system by $7,893,000 (5.91%) annually.



The bulk of the sa’ing (80%) originates from the reduction in feedstock requirements
followed by savings resulting from power reduction at 16%.

Table 29 contains a breakdown of unit costs for comparative cases with
and without vent gas recovery at a capacity of 577.2 MTD (636.3 TPD). The total
unit cost for hydrogen liquefaction with vent gas recovery is $0.9008/kg
($0.4086/1b) compared with $0.9429/kg ($0.4277/1b) without recovery, a reduction
of 4.47%. The saving, amounts to $0.0421/kg (1.91¢/1b), which on an annual
basis amounts to $8,872,000,

Unit costs, in this analysis, were derived from the discounted cash flow
relationship for annual income which was presented in Section 6.2 as Equation 3.

Annual income divided by total annual production produces the value for unit cost.
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TABLE 1_
H, VENT LOSSES FOR SCHEDULED FLIGHTS

kg (LB

arport  DISPLACE-  yeameak(1) prem puwp SAVED TOTL ek
DOMESTIC

ORD 204(450) 143) 187(412)  49(109)  98(216)  407(898)
HNL 305(673) " " 74(163)  120(265) 511(1126)
JFK 265(585) " " 64(142)  111(245)  470(1037)
DFW 174(383) " " 42(93)  91(201)  376(830)
ATL 228(503) " " 55(122)  103(227)  432(953)
IAD 252(556) " " 61(135)  108(239)  457(1007)
MIA 276(608) " " 67(147)  113(250)  481(1060)
MCI 171(377) " " 41(91)  91(200)  373(823)
LAX 62(137) " " 15(33)  67(147)  262(578)
INTERNATIONAL

TY0 650(1433)  65(143) 187(412)  157(347) 196(432) 863(1903)
LHR 564(1243) ‘ " 137(301) 177(390)  775(1709)
CDG 587(1295) " " 142(314) 182(402)  799(1762)
FCO 659(1453) " " 160(352) 198(436)  873(1924)
(1) Heat leak boileff during refuel - 30 min. refueling



TABLE 2
SUMMARY OF DAILY VENT LOSSES DURING FUELING

AVERAGE DAY DYRING PEAK MONTH

BLOCK FUEL FLIGHTS BLOCK FUEL VENT PER DAILY VENT
AIRPORT PER FLIGHT PER PER DAY FUELING

kg (1b) DAY Mg (k1b) kg {1b) Mg/day (1b/day)
DOMESTIC:
ORD 6985 (15400) 14 97.79 (215.6) 407 (898) 5.703 (12572)
HNL 10433 (23000) 10 104.33 (230.0) 511 (1126) 5.107 (11260)
JFK 9072 (20000) 9 81.65 (180.0) 470 (1037) 4.233 (9333)
DFUW 5942 (13100) 9 53.48 (117.9) 376 (830) 3.388 (7470)
ATL 7802 (17200) 3 23.41 (51.6) 432 (953) 1.297 (2859)
IAD 8618 (19000) 3 25.85 (57.0) 457 (1007) 1.370 (3021)
MIA 9435  (20800) 2 18.87  (41.6) 481  (1060)  0.962  (2120)
MCI 5851 (12900) 2 11.70 (25.8) 373 (823) 0.747 (1646)
LAX 2132 (4700) 7 14.92 (32.9) 262 (578) 1.835 (4046)
TOTAL 59 432.00 (952.4) 24.642 (54327)
INTERNATIONAL :
TYO 22225 (49000) 5 111.13 (245.0) 863 (1903) 4.316 (9515)
LHR 19280 (42500) 3 57.83 (127.5) 775 (1709) 2.326 (5127)
CDG 20095 (44300) 2 40.19 (88.6) 799 (1762) 1.598 (3524)
FCO 22545 (49700) 1 22.54 (49.7) 873 (1924) 0.873 (1924)
TOTAL 1 231.69 (510.8] 9.113 (20090)
AVERAGE LOSS: For 59 Daily domestic flights = 24.642/59 = 418 kg (921 1b)

For 11 Daily international flights =9.113/11 = 828 kg (1826 1b)

AVERAGE OVERALL VENT RATE = (24.642 + 9.113)/24

Wou

1.406 Mg/hr (3100.7 1b/hr)
(595,000 cfh)

4.344 m3/s
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SAN FRANCISCO_INTERNATINNAL ATRPORT
- T ‘ TUTTUUTREFR . NASA THe2700 T T
SI UNITS
o VENT TGAS” "VFNT GAS ~VFENT 6AS
HOUR TIVME  NO PLANES TYPE OF RELFASHFN OFFRATE qrnpeu

NO START_ FINISH _

M,

NEFUELING

FLIGHT

KGe
e e e

M3ys

x/d*"

10000 0020 20 | nom 31040 2,87 77,26
2 0020 0400 220 ) 1AM 0.0 0.0 19,92
3 0400 0620 20 1 INT 4le,2 3,84 19,31
B 0620 04w 20 2 INT  E28.4  7.68 23,31
& 046 T 0Snn” T 20 1 T 414,2 3,84 P2.70
& 0s00 0R00 40 ] N0 0.0 0.0 7.0k
7 0400 0720 RO 1 NOM 1240,1 2.87 0.0
w0720 pTa0” TTT207 TTTTTTE TTTTTTTNOM TR, T R8T T TS 13
9 0740 0Q20 40 4 NOM 24R0,2 11,69 22.2%
10 0NR20 0920 "0 3 DM 2790.,? R,62 37.606
11~ 0920 1620 50 1 nOM ““930iT““"”"27&7““ T32.30°°
12 1020 100 20 0 LI 0.0 0.0 27.19
13 1040 1100 20 1 NOM 31040 2.87 25.30
TTTTATTYT00 Y13 T3 T2 T DOM ™ "7TTTG30, 1T 8 14T 27,90 7
15 1130 1201 310 3 NOw 1305,1 R,62 35,59
16 1200 1400 120 2 hOTH 40R3 LA CY) | 49,72,
TTTTTTYYTTAN T T En T T 3 ROTH TTTTTLTISHGS T T 104868 61440
1n 1430 1529 Xy ? RN TH 1913,5 7.09 69,69
19 1520 15130 10 0 NOM 0.0 0.0 87,08
TR0 IS0 TIB4STT T NS TR ITTTTIOOM T TR, 0 T, TS A T TRR .G
21 1945 1421 3D 2 HOTH 144845 T.67 1S.33
22 le2¢0 1A4S 25 0 DOM 0.0 0.0 6R A1
TTTTTTTRRTTIAGST TGy T T T T T R T T T a0, L 2.87 61,51
24 1748 1F1s N 2 RNTH 1153,.h het9 7S5.11
25 1915 12130 1g 0 NOM 0,0 0.0 71,20
TR TTTIQRBN TR0 0MTTTITIRYTTTITITIY T UOTTTTROTH T T T IT68,.,57T 104867 ‘R? .94
27 2009 An15 15 0 NOM 040 0.0 79,04
28 201§ 2048 i 1 ROTH HPH, G 5,12 80,42
ST 2Q TT2048 TTp12n 3§ T TS GATH 19691 .0 10454 77 93,43
30 2tee 2209 40 1 HOTH 9a3,4 4,56 93,94
31 2200 2214 15 ? NO™ 4690 574 95,20
AP TTRRIG TN T QO T gty T ) T T 0T TR 26T
17 PRy 2 1es 28 2 O 7750 S.74 RO, 30
4 2348 Pa0n 13 ] noM 232.5 2.87 79,04
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TaaLF 313
FUELING SC=FDULE a4D VENT GAS RF| FAGE
SAN FRaNCI3ron INTEUNATIONAL_ATRPART ——
wEF o NASA CR=2707
UeSs CUSTOMARY UNITS

VENT GAS VEMT GAS VENT GAS

HOUR TIME A PLANES  TYRE OF  RELEASFD  OFFRATE STORED _
NO START FINISH MIN, HEFURLING FLIGAT LH, MCFH MCF
10000 nn29 20 ] DO AR, Jag, 29460, _.
2 N0Po 0600 220 4] COM Ne 0, 758,
7 N4eno 0421 20 1 INT 913, 526, 718,
4_ 0420 D240 20 2 - SJINT e 1826, .. 1081 . KkBY._____
S5 0440 N800 20 1 INT 91 3. 520, BA4L,
& NS8AN 0600 AN 0 now n, 0. 269,
1 04800 0720 0 1 D 2734, 3913, Ve. .
A N7°0 N740 20 3 oM 2nsn, V140, 195,
9 0740 0R20 40 N (NI Qann, 1974, sale
10 QR0 n920 [w1J] 3 oM ALSLe, Lt V1B 1633,
11 0920 1n20 ~0 i DDA 2080, 393, 1231.
1?2 1020 1048 24 n (2] N c. 1033,
13 1049 1100 20 1_ 00 JnA3, 391, k21X
14 1100 1130 n 2 nOm POSM, 787, 10A1.
1 113n 1200 khy) d nomM Wnrna, 1180, 1354,
Ja__1200 1s0n W20 A 20T~ SN, BRae . 189)._
17 1400 1430 30 k! QOT K77, Y4BR8, 2333,
1R 1430 1620 S0 2 ~“(OTr a1, 971, 2651,
19 1520 1570 10 9 £ Om 0, 0, . 2582,
20 1820 1548 13 2 iy 1125, 787, 2h00.
21 1848 1620 15 2 HOTwH 3191, 1050, 28A6
22 k20 deas 25 0 nom . 00, 2618,
23 1A4S 174 AN 1 DOM APON0, 393, culs,
24 1748 1618 G 2 (T4 A8, ARG, CREA,
25___ 1915 12130 15 . .9, L Do oo e O AT09.
26 1930 2000 30 3 H0TH w77, 14Qm, 3183,
27 20040 018 14 f D)4 Yo 0. 3009,
.33._-?.0_1.'7:_._ .2 Cus 30 Lo AT AHYA T, 3088,
29 2048 21en 35 4 =0OTH Wl V4ba, e84,
30 2120 2209 40 1 Q0T H 21+19, R4, 8574,
Al 2700 2215 S 2 Nhowm a2, 787, 3hP2.
32 2?2?18 232n AS )] o N, 0. 2977,
33 2370 2248 v 2 204 1703, 787, 3087,
346 2745 26400 | S SR A “1 3. 393, 3007,

AVERQAGE FLON wAll TN Ap LTSUEFIER. M(Fhe =  &Qyt,

NAM = DOMEST (A wEa  [NT = INTEwNATTOMAL
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REF, NASA CR-2700
ST UNITS
VENT GAS VENT GAS
HOUR TIME NO PLANES TYPE OF RELEASEN OFFRATE _
START FINISH MIN, RFFUFLING FLIGHT KGe MI/S
0000 0020 20 1 00 310.0 2.87
0020 0400 220 0 ooM 0.0 0.0
0400 0420 20 1 INT 14,2 3.86
0620 0440 20 2 INT 826,64 7.68
0440 0500 20 1 INT “14,2 3.86
0500 0500 60 0 ooM 0.0 0.0
0600 0720 A0 1 nom 1240.1 2.87
0720 0740 20 3 ComM 910.1 8,62
0740 0820 40 “ DOM 2480.2 11249
0820 0920 60 3 DOM 2190,2 8,62
0920 1026 60 1 nowm 930.1 2.87
1620 1040 20 0 nom 0.0 0.0 _
1050 1100 20 1 DOM 310.0 2.87
1100 1130 30 2 DoM 930.1 S.T74
1130 1200 30 3 nom 1395.1 8.62
1200 1400 120 2 BOTH 4083.6 6.31
1400 1430 30 3 BOTH 1758.5 10.66
1430 1520 so 2 HOTH 1913.5 7,09
1520 1530 10 0 DOM 0.0 0.0
1530 1545 15 2 oM ©65.0 S.74
1545 1620 35 2 BOTH 1448.9 7.67_
1620 1645 25 0 DOM 0.0 6.0
1645  174S 60 1 ooM 930.1 2.87
174S 161S 99 - 2 BOTH 3153.6 6,69
1615 193¢0 15 0 DOM 0.0 0.0
1530 2000 30 3 BOTH 1758.5 10.86
2000  201S 15 0 T DOm 0.0 0.0
2615 2045 30 1 BOTH 828.4 S.12
2065 2129 s 3 R/O0TH 1991.0 10,56
2120 2200 40 1 BOTH 983.4 4,56
2200 2?1s 15 2 ooM 465.0 S.7
2215 2320 65 [ DOM 0.0 0.0
2320 2345 25 2 Dow 775.0 5.76
2365 2400 15 1 pomM 232.5% 2.87
DOM = DOMESTIC  ses  INY

FUELING SCHEDULE

TABLE «A

AND VENT GAS WMELEASE

SAN FRANCISCO INTERNATIONAL ATRPORT .
VARIABLE GAS WITHDRAWAL RATE FROM ACCUMULATOR

= INTERNATIONA?

10 H2
LINEFIER
MI/S

1.14
1.10
1.10
2.97
2.97
2.97
2497
S99
5.95
$.95
S.9%
5.9
5.95
5.95
S.95
5.95
5.95
5.9>
S5.95
S5.95
5.95
S5.95
5.9
5.95
S.95
S-qb
5,95
S.95
5.95
5.95
5.95
1.19
1.10
1.10

VENT GAS

STORED
"3
% j0~3

15.62
l.16
4,65

" 10.10

.14

0.46 _

0.0
3.2t
16.51
26.13
15.06
T.93
LYY
3.87
8.68
11.27
2c 12
.23.56
19.99
19.81

23.63 .

14.51
J. bt
6,40
1.0
9.‘9
4.5%
3.05

12.78
9.36
9.18
4.91

7“.89

13.49

o
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FUELTNG SCHEDULE AND VENT GAS RELEASF
SAN FRANCISCO INTEWNATIONAL AIRPORT !

VARTAHLE GAS WITHDRAWAL RATE FROM ACCUMUI ATOR

REF. NASA CR-:700
_ U.S. CUSTOMARY UNITS _ e .
VENT GAS VENT GAS - TO M2 VENT GAS
HOUR _TIME NO PLANES TYPE OF RELEASED OFFRATE _LIQUEFIER _ STOR:D e
NO START FINISH MIN. REFUFLING  FLIGHT LB. MCFH nCFN MCFH .
1 0600 0020 20 1 noM 683, 393. T 1560, T S94. - - T T
2 0020 0400 220 0 noM 0. 0. 150. 4%,
3 0600 0620 __ 20 1 _____INT 913, _ 526, _  150. __ 16%9. el
4 0420 0440 20 2 INT 16826, 1051. 407. 384,
5 0440 0500 20 | INT 913. 526. 407. 426,
6 0500 0600 w3 0 Nom @, B 0. %017, RLOE o o
7 0600 0720 80 1 NOM 2734, 393. 7 &07. T e T T T - T e
B 0720 07«0 20 3 nom 2050. 1180, ala, 122.
9 0740 0320 %0 4 . DoM_ S468, 1574, 8le. 628, o .
10 0820 0920 60 3 now 61S1. 1160. Rlo. 994, - -
11 0920 1020 60 1 DO 2050. 393. 8l4. s73.
12 1620 1040 __ 20 6 o 0. i 0.  8ls. 302. _ L e
13 1040 1100 29 1 1D L] 93, - 393. T 8le. 16te T
14 1100 1136 30 2 00oM 2050, 787, 8l1s. 147,
15 1130 1200 30 3 HH ) 307s. 1180. 8le. 330,
1« 1200 1400 ~ 120 ° T2 777 HOTH 9603, 864 Ble. 429, 7 T Tt s oo - T m s
17 1400 14130 30 3 AOTH In77. 16488, Ble. 766,
18 1430 1520 56 2 ROTH 4219, 971. 8l 896,
19 1520 15130 10 B noM 0. 0.7 77 8la. e T T T T T T T T =
2n 1530 1545 15 2 noM 1025. 787. B8l4. 1S4, .
21 1545 1620 35 2 ANTH 3193. 1050. als. a9l.,
2?2 1620 T 1euaSs T 25 T 9 77T now - 0. “0. Tosley T RgR,T T T T - ot T T
23 1645 1745 &0 1 NoM 2050, 393, 8lé, 131.
Pe 1745 1915 95 2 HOTH 6952. 889, 8l%. 243,
25  1vis 1530 15 5 ' noM 0. - 0.  8le. 7T 8,7 T T Tmer s T T Tt T
2¢ 1930 2000 30 3 HOTH 3871i. 1488, Ble. 370,
27 2600 2015 15 06 DOM 6. . 0. __  Ble. 173, o
26 2015 2045 10 1 HoTH 1826. 701. 8lé. 116. - creTYFTTTTTTOOT T T
29  20sS 212n 3s 3 BOTH 43R4, lobb, 8le. 4R3.
3 2120 2200 “0 1 Bomm 2168,  62&. _ 81, 356. i
31 2208 2715 15 2 nomM 1025. 787, L e 7
32 2218 2320 65 0 DOM %. 0. 150. 187,
313 2320 21365 25 2 _pom_ 1709,  787. _ 150. 4S2. e R
J& 2345 2400 15 1 DOM 513, 393. 150« Sil. N - - - -
DOM = DOMESTIC  ese¢  INT = INTERNATIONAL S
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TABLE 5
STEADY VENTING LOSSES
NOT ASSOCIATED WITH
REFUELING OPERATIONS

SI Customary
Block Fuel 7.680 (731.4)
Refueling Operations Loss @ 12.2% 0.937 ( 89.2)
SUBTOTAL 8.616 (820.6)
Supply Tank Displacement @ 3.156% 0.2719 ( 25.90)
Piping System Losses
Total, 304.7 kg (671.7 1b) @ 70 refuelings/day 0.2469 (23.51)
Less piping system losses during refueling
previously accounted for
186.9 kg (412 1b) @ 70 refuelings/day 0.1514 ( 14.42)
Net Piping System Loss 0.0954 ( 9.09)
Total Steady Venting Losses 0.3674 ( 34.99)

A1l tabulated values in following units
ST - kg/s
Customary - TPD

4.085 m>/s  (0°C, 1 atm)
559,500 cfh  (70°F, 1 atm)

Venting Rate: 0.3674 kg/s
34.99 TPD



TABLE 6

VALUE OF H, VENT GAS

OPERATING COSTS
Feedstock
Electric Power @ $0.02/kwh
.abor, Administration, Overhead
Chemicals, Supplies, Water,
Taxes and Insurance
SUBTOTAL

CAPITAL INVESTMENT
Liquefaction and Storage
Facility Investment
Startup Costs
Working Capital
SUBTOTAL

TOTAL
Less Feedstock Cost
Cost of Liquefaction
Available Energy Ratio, Cold Gas/Liquid

Value of Refrigeration

Total Value, Hz Vent Gas

0.2600
0.0040C
0.0101
0.2741
0.9082
0.3627
0.5455

0.2130

0.5757

0.3906

Customary
¢/1b

(16.45)
(9.37)
( 0.49)

(2.45)
(28.76)

(11.79)
( 0.18)

(0.46)
(12.43)
(41.19)
(16.45)
(24.74)

( 9.66)

(26.11)



TABLE 7
COMPARISON OF COLD
AND WARM COMPRESSION
OF VENT H, GAS

Warm
Cold Compressor Power Compressor Power
P2 Td Compression Refrigeration Total Power Compression
kPa  psfa  °K kW Loss, kW kW kW
138 ( 20) 25.6 5 75 80 280
276 ( 40) 37.4 50 1460 1510 850
414 ( 60) 46.1 90 2160 2250 1100
552 ( 80) 52.1 110 2560 2670 1350
689 (100) 657.4 130 2870 3000 1590
827 (120) 62.3 150 3190 3340 1710
965 (140) 67.8 170 3430 3600 1820
1103 (160) 71.6 190 3520 3710 1930
1241 (180) 74.8 200 3660 3860 2050
1379 (200) 78.2 210 3800 4010 2160
1517 (220) 81.5 230 3920 4750 2230
1655 (240) 84.8 240 4040 4280 2290
1793 (260) 88.3 250 4170 4420 2360
1930 (280) 92.0 270 4300 4570 2430
2068 (300) 95.2 280 4410 4690 2490



TABLE 8
EVALUATION OF CONSTANT
PRESSURE COLD ACCUMULATOR

INVESTMENT

Gas holders (4) $2,500,000
Compressor 600,000
TOTAL INVESTMENT $3,100,000
Annual Cost of Investment $ 710,000

OPERATING COST* kW $/YEAR
Compressor Power 2708 $ 474,000
Refrigeration Loss 3670 § 643,000
TOTAL OPERATING E;;g $1,117,000
TOTAL ANNUAL COST §1,827,000

* Based on 24 hr/day, 365 day/year
Electricity at $0.02/kWh

Annual Investment at 22.9% of total inve: :ment



_TABLE 9
EVALUATION OF CONSTANT VOLUME
COLD ACCUMULATOR AT
OPTIMUM STORAGE PRESSURE

CONDITIONS:
Storage Pressure 1655 kPa (240 PSIA)
No. Accumulators 6
Accumulator Diameter 3.66 m (12 ft)
Accumulator Length 30.48 m(100 ft)
Cold Compressor Power 246 kW (330 BHKP)
Warm Compressor Power 652 kW (874 BHP)
Accumulator Storage Temperature 84.9°K
INVESTMENT;
Accumulators $3,180,000
Cold Compressor 87,000
Warm Compressor 200,000
TOTAL INVESTMENT $3,467,000
TOTAL ANNUAL INVESTMENT CQST § 794,000
QPERATING COST:
Power-kW $/Year
Cold Compressor Power 246 43,100
Warm Compressor Power 652 114,200
Refrigeration Loss 8830 1,547,000
TOTAL OPERATING 9728 1,704,000

TOTAL ANNUAL COST $2,498,000



_TABLE 10

EVALUATION OF H, VENT GAS PIPELINE
USED AS COLD ACCUMULATOR
AT
OPTIMUM PIPELINE PRESSURE

CONDITIONS:
Storage Pressure 1795 kPa (260 PSIA)
Pipeline Diameter 80.0 cm (31.5 in.)
Pipeline Volume 1682 m3 (59500 cu ft)
Cold Compressor Power 245 kW (328 BHP)
Warm Compressor Power 595 ki (798 BHF)
Compressor Discharge Temperature 84.7°K
Pipeline Discharge Temperature 87.2°K
INVESTMENT
Incremental Pipeline Diameter $6,150,000
Cold Compressors 87,000
Warm Compressor 187,000
TOTAL INVESTMENT $6,424,000
TOTAL ANNUAL INVESTMENT COST $1,472,000
QPERATING COST
Power-KW. $/Year
Cold Compressor 245 42,900
Warm Compressor 595 104,300
Refrigeration Loss
Due to compression 8815 1,544,000
Due to heat leak 192 33,700
TOTAL OPERATING 9847 $1,725,000

TOTAL ANNUAL COST $3,197,000



Period

0000-0020

00020-0400

0400-0420
0420-0440
0440-0500
0500-0600
0600-0720
0720-0740
0740-0820
0820-0920
0920-1020
1020-1040
1040-1100
1100-1130
1130-1200
1200-1400
1400-1430
1430-1520
1520-1530
1530-1545
1545-1620
1620-1645
1645-1745
1745-1915
1915-1930
1930-2000
2000-2015
2015-2045
2045-2120
2120-2200
2200-2215
2215-2320
2320-2345
2345-2400

TABLE 11
COMPRESSOR OPERATING SCHEDULE

FOR

COMPRESSING VENT GAS TO WARM CONSTANT VCLUME TANK

Vent Gas Flow
m3/s

2.87
0
3.84
7.68
3.84
0
2.87
8.62
11.49
8.62
2.87
0
2.87
5.74
8.62
6.31
10.86
7.09
0
5.74
7.67
0
2.87
6.49
0
10.86
0
5.12
10.54
4.56
5.74
0
5.74
2.87

Compressors in % of
Operation - No's Capacity
3 94
None --
1&3 100
2 &4 100
1&3 100
None -
3 94
3 &4 G4
1,2,3 &4 100
344 94
3 94
None -
3 94
4 94
344 94
1&4 91
1,2,3 & 4 94
2 &4 92
None --
4 94
2 &4 100
None -~
z 94
184 94
None --
1,2,3 & 4 94
None .-
1,2 & 3 95
2,384 98
2 &3 160
4 24
None --
4 94
3 94



TABLE 12

EVALUATION OF CONSTANT VOLUME

WARM ACCUMULATOR

CONDITIONS
Storage Pressure
No. Accumulators
Accumulator Diameter
Accumulator Length
Compressor Power
No. 1 Compressor
No. 2 Compressor
No. 3 Compressor
No. 4 Compressor
Accumulator Storage Temperature

4137 k

3.06m

Pa (600 PSIA)

(10 ft)

15.25 m (50 ft)

455 kW
911 kW
1822 kW
3643 kW

INVESTMENT
Accumulator
Compressors
TOTAL INVESTMENT
TOTAL ANNUAL INVESTMENT COST
OPERATING
Compressor Power ‘ 2626 kW

TOTAL ANNUAL COST

(610 BHP)
(1221 BHP)
(2442 BHP)
(4884 BHP)
300°K

$ 92,000
$2,140,000

$2,232,000
$ 511,300

$ 460,500

$ 972,000



TABLE 13
EVALUATION OF CONSTANT PRESSURE
WARM ACCUMULATOR
CONSTANT WITHDRAWAL RATE

CONDITIONS
Storage Pressure 101 kPa (14.7 PSIA)
No. Accumulators 4
Accumulator Capacity (ea) 26,300 m3 (1000 MCF)
Accumulator Storage Temperature 300°K
Compressor Discharge Pressure 4137 kPa (6000 PSIA)
Compressor Power 2628 kW (3523 BHP)
INVESTMENT
Accumulators $3,670,000
Compressors $ 580,000
TOTAL INVESTMENT $4,250,000
TOTAL ANNUAL INVESTMENT COST $ 973,600
OPERATING
Compressor Power 2628 kW $ 460,500

TOTAL ANNUAL COST $1,434,100



TABLE 14
EVALUATION OF CONSTANT PRESSURE
WARM ACCUMULATOR
VARIABLE WITHDRAWAL RATE

CONDITIONS
Storage Pressure 101 kPa (14.7 PSIA)
No. Accumulators 1
Accumulator Capacity 26,300 m3 (1000 MCF)
Accumulator Storage Temperature 300°K
Compressor Power
No. 1 Compressor 664 kW (890 BHP)
No. 2 Compressor 1798 k¥ (2410 BHP)
No. 3 Compressor 3596 kW (4820 BHP)
Average 2628 kW (3523 BHP)
INVESTMENT
Accumulator $ 917,000
Compressors 1,370,000
TOTAL INVESTMENT $2,287,000
TOTAL ANNUAL INVESTMENT COST $ 523,900
OPERATING
Compressor Power 2628 kW 460,500

TOTAL ANNUAL COST $ 984,400



TABLE 15A
USE OF VENT GAS
HEAT EXCHANGERS

Condition A - AVERAGE VENT GAS FLOW RATE
Stream 1 Flow = 8.43 m3/s  (1154.5 MCFH)
Stream 3 Flow = 8.43 m3/s (1154.5 MCFH)

Pressure -Stream 1 Temp. - Stream 2 LHy Flow-Stream 7 Vapor Temp. Stream 6
kPa (PSIA) °K m3/s (MCFH) °K
689 (100) 3.4 0 0 24.7
1379 (200) 36.1 0 0 23.1
2068 (300) 39.6 0 21.9
2758 (400) 42.1 0 0 20.8
3447 (500) 43.7 0.1245 (17.05) 20.5
4137 (600) 44.9 0.2812 (38.51) 20.5



TABLE 158
USE OF VENT GAS
HEAT EXCHANGERS

Condition B - MINIMUM VENT GAS FLOW RATE
Stream 1 Flow = 8.43m3/s (1154,5 MCFH)
Stream 3 Flow = 4,09 m/s ( 559.5 MCFH)

Pressure-Stream 1 Temp., Stream 2 Vapor Temp. Stream §
kPa (PSIA) °K °K

689 (100) 166.1 166.0

1379 (200) 166.5 166.3

2068 (300) 166.8 166.7

2758 (400) 167.2 167.0

3447 (500) 167.6 167.3

4137 (600) 168.0 167.6

NOTE : There was no liquefaction of the compressed

Hydrogen Stream; i.e. Flow, Stream 7 = 0.0



TABLE 15C
USE OF VENT GAS

HEAT EXCHANGERS

Condition C - MAXIMUM VENT GAS FLOW RATE
Flow = 8.43 m3/s (1154.5 MCFH)
Flow = 15.58 mS/s (2133.5 MCFH)

Pressure-Stream 1

Stream 1

Stream 3

kPa

689
1379
2068
2758
3447
4137

(PSIA)

(100)
(200)
(300)
(400)
(500)
(600)

Stream 2 LH, Flow - Stream 7
°K md/s _ (MCFH)
28.9 1.539 (210.72)
33.2 3.562 (487.90)
32.6 4,933 (675.65)
29.8 5.930 (812.11)
26.5 6.671 (913.60)
25.1 6.853 (938.59)



— . TABLE Y6 .. . %
H2 LIOQUFFIER - NO VENT GAS RECOVERY
192.1 #TD (211.7 TPC) LINUID HYDROGEN PRODUCT
NASA FONTRACT NAS1-146%8+ “0D.1

s".

I anr - e =
"Ly v _
R - — e
[
@) - STREAM DATA FOR NITROGEN STREAMS
[0 S . SLUNITS _ _ _
O3
STREAM NUMHER cC B R0 es8l 082 (L) ]
e -4 e - . e i e - - - e
FLOW. CMH(STP) ™ 81942.8 8,942, R 819¢2.8 19352.8
FLOWe GH MOLE /<€ -l 1015.54 1015,.54 1015.54 236,127
PRFSSURF « K [LOPASCAL . ~20.526 620,528 S9%,328 _______ 4136.86 _
TEMPERATURE o DEG ¥ 97.05000 303.000 299,949 99.9000
ENTHALPYo JOULFS/764 2LF 691,07 12908.8 12908.8 2191.67
FNTROPYs JON FS/ZGA G F-DEG C 73,4695 108,626 10r. 985 _ . 25.5954
LIGUIN FRACTION (MOLE  L/F) S.H, Vap S.H. Vap S.H., VAP S.C. LI1Q
COMOOSTITIUNS MOLF FrACTION:

NITROGFN . . 1.00000 _ie00000. _ __ _ 1.00000_ __ __. _1.00000
STREAM MIIMILERQ _ o LILY _ oR7  _ . __.&e8sy _ [ L1 B
FLOde CMHISTP) 7032.78 7032.78 7978 .64 T978.64
FLOWes GM MOLE/SFEC 0 _ . 87,1888 _RT.,139S S8.ARI8 . __ _ 9A.8ARI18
PEFGQUNF ¢ K ILOPASCAL 151.064 153,064 153,064 153.064
TFMPFRATURE s NFG X AY.1034 81.1034 81.1034 Ala.103
EMTHALPYe JOULFSZ7GM MO F 1037 .40 6479,17 _ 107,40 . KeT9,.17
FNTROPY e JOULES/GM MOLF-DEG C 14 . 44RA A1.5364% l4.64R6 A1.5164
LIQUIR FRACTION (#0LF L/F) Sat, t1n SAl, vap SAT, LIg SAT, VAP
COMPOASTITIONe MOLE FRACTTION: . - _ _ e . e

NITROGFN . 1.00000 1.60000 1.00000 1.00800
STREAM NiIMBER ng2 093 094 89S
FLOW, MMH(STPR) R L - - 5057.23 ___S057.21) . 26Y10.0 = 26ll0.0
Fl DWe LM MOLE/ZSEC S2HpT59 62.6759 29R.802 298 .802
PRFSSUREs xILOPASTAL 153.064 153.06& 153,004 153.0866
TFMPEQATURE s TEGH X . . ___s0.~000 _90.600n_ 83,0827 ____ 306,080
ENTHALPY,y IDULFSZGA AN F AT1T2.16 6T772.16 6540.6) 12935.7
EMNTROPYs JOHLFES/OM MILE-DEG C Ha ,9531 84.953) 82.2849 126,339
LIOUIn FRACTION (MOLE 1t /F) L __ Sa.M, vap __SeHe VAP S H. VAP _ __SeH. VAP
COMEOSTITION. MOLF FRACTINYS

NI TROGFNM 1.00000 1.00000 1.00000 1.00000

[ 103

19052.8

236.127

153,066 _

el.1036
219%1.67
2R.6TRY
e.78789

1.00000 _

60461.33
S0.0854 _
153.064
81.1034
6e79.17
81.5344
VAP

261100

298.882
103,62}
299.902
1293S.7
123.596

S.He VAP _

1.00000

.as

15811.4
186,841
153,066
Al.1834
1837.40
16,4687
Sat, L10

- 1.00800

N .
19652.8
236.127 __
153,066
81.1034
6679,17 ___
81.5364

SaY, vap

e e ettt et

YN fteee on N Swe_ gLt In Y BoOw

?



H2 L
192.1 MTD

STRFAM Nymate 001
FLOWs CMH(STP) 91166.9
FLOWe GM _MOLE /SFC 1129.R4
PRESSHRF« ¥ [LOPRSCAL L - 4136,86
TEMPFRATIIRE . MbG X 30R.000
FNTHALPY. JOULFS/ZGM MOLF 8779.20
FNTROPYs JOU ES/GM MOLE-DEG € T ) % )
LIQUID FRACTION (MOLF  L/ZF) SeH, VAP
COMPOSTTIONS MOLF FRACTION:

ORTHO=HYNROGEN Tl . ] __ __0.75000

PARA =HYDROGEN 0.25000
STREAM NUMRER 007
FLOWs CMH(STP) S5 . T L T . 498152,
FLOWe GM MOLE/STC 6148,96
PAFSSURE, =« [LOr ASCAL 4]136,.86
TFMPFRATURE, Db~ K o  BS,5000
ENTHALPY, JOULFS, "M MOLF 2697.04
FENTRNOPYs JOULES/GM MOLE-DEG C 17.627,
LIQUID FRACTION (MOLE L/F) _ SeH. VAP
COMPOSITIONs MOLF FRACTTION:

ORTHN=HYNROGF N 0.75000

PARA =HYDROGFN e 0.25000
STRFAM NUMEER T - __ 013
FLOWs TMHISTP) S11A6.9
FLOWes GM MOLE/<EC . 1129.86 _
PRESSURE . X TLOPASCAL 4051,.36
TFMPFRATURE . DEG K 40.9798
ENTHALPYs JOULFS/ZGM.MOLF 457,964
FNTROPY s JOULES/GM MOLE-DEG C 41.9483
LINUID FRACTION (MOLE L/F) S.C. LI1O
COMPOSTITION. MOLF FRACTIONT i =

ORTHO=HYI ~DGEN 0.20371

PARA -H GFN 0.79429

MASA CONTRACT NAS]=-]14698s MOD,.)

TABLE 16

IQUFFIER = NO VENT GAS RECOVERY
(211.7 TPD) LIQUID HYDROGEN PROT =7

DS ——

STREAM DATA FOP HYDROGEN STREAMS

DR s D e
002 803 004
T 63090.1 28076.8 457028,
781.895 347.964 5664.09
416,86 4)3I6,R8 136,86
308.000 30R.000 308.000
8779.20 8779.20 8779.20
cocd. ot L NRRCaeE 112,301 _112.301
SeH. VAP S.H. VAP S.H. VAP
S 0.75000 0.75000 0,75000
0.25000 0.25000 0.25000
. “ o008 009 S 7]
91166.9 496152, 91166.9
1129.86 614R.96 1129.86
4136.86 412R.58 128,58
I0R.000 _ BS.4899  RS5,4RS%9
0.0 2697.04 2697.04
0.0 77.6428 77.6428
_ SAT,. VAP S.,H, VAP S.H, VAP
0.75000 0.75000 0.75000
=y 0.25000 _ 0.25000 ___ 0.25000
I 1 U 015 016
91166.9 91166.9 91166.5
1129.86 1129.86 B} 1129.86
4005.16 4005.16 1958.97
40.9193 2R.0000 28.0252
457,962 -220.085 __ =220.086
42,0137 23.38%8 23,4366
S.C. LIQ S.C. LI0 S.C. LIO
= 0.20371  0.04132 T0.06132
0.79629 0.95868 0.95R68

“_i,"“4l;u$ﬂ4ﬁmM') )

oo

A

4
X =
T S T
S
SRS N e e
o
co
--._,“___-__:¥;4n. — e
s W
20
00S 006
T aS7028. T i9126.6
S664.09 484.RB4
 4136.86 _ 4136.86
AS5.5000 A5.5000
2697 .04 2697.04
R 77 <, W | (. . . S
S.H. VAP S.H. VAP
o _0,75000 _______0,75000
0.25000 0.250 350
R S T ARk
91166.9 91166.9
1129.86 1129.86
4]128.58 &0S1.36
_ Ble303& _ R1.2016
2308.36 2308.35
73.8113 73.9502
o SeH. VAS SeH. VAP
0.54554 0.54554
0.,45646 0 4S&ss
o117 — s -
91166.9 91166.9
1129.86 1129.86 .
3306.792 930.792
28.6783 29.0946
_=220,0R9  =220,089
26.9020 26.9038
S.C. LIQ Sol. L0
TTT0.04132  0.03032
0.95868 0.96968



A . TABLE 16 _ : -
H?2 | [QUFFTIER = NO VENT GAS RECOVERY
192.1 MIND (211.7 TPD) LIOUID HYDROGEN PRODUCT
NASA CONTHACT NAS)-]14A9H« MOD.1

STREAM DATA FOP HYDROGEN STREAMS

ST UNITS _ .

STREAM NUMAER nls 020 021 022 023 024
FIl OWwe CMH(STP) G1166.9 4049RS, 404985, 404975, 149500. 1495006.
FLOWS GM_MOLF/SEC 1129.86 S019.11 50l°-ll S019.11 l852-81 1852.%)
PRESSURE y x [LOPASCAL . S30,752 _4128.,58 «l2R. 58 4114.79 . blle, 79 335,775
TFMPFRATURE s DFG K 20,550+ B> ,4599 81.3034 81,2849 81.2R49 13,9802
ENTHALPY . IGULFS/ZGM M)LE ~451.a02 2657.04 25R .83 2589.81 25A9.83 1820.78
FNTROPYy JOULES/GM,MOLE-NEG C 17.4640 T7.642R - 7653775 76.4021 76.4025 R2.0630
LIQUIN FRACTION (MOLF | 7F) S.Ce. L 1I0Q SeHe Y2P SeHe VAP S.H. VAP SeHe VAP SeHe VaP
COMPOASTITION s MO T TRACTIONM:

ORTHO=HYRRNATY 0,03032 1.75000 0,75000 0,75000 0,75090 0,75000

PARA =HYNINLEN N, 9”96K 0,25000 0.25000 n,2snon 0.25000 0,25000
STREAM NUPMHER n’s 026 027 0?8 029 0
FLOW. (MHISTD) 256485, 255485, 2409833, 240933, 260933, 14552.3
FlLOWwe GM MOLE /SEC 3166.31 I1h64.3) 2985,.95 29RS5.95 2985.95 180.352
PRESSUIPE o ¥ LNPASCAL 114,79 4114.79 414,79 4114.79 348,185 4114.79
TFMPFRATURF e NFG ® Rl 2R4Y SR.76K9 S8,7669 SR,766R 26.0000 SR.7669
FNTHAL PY e 10U FS/GM MOLF 2949 .83 1957.73 1957.73 1957.73 1462.12 1957.73
FNTROPY s JOULES/GM MOLF-NFG C Th.an2] 6£7.2211 67.7211 AT.27210 71.9989 67.2211
LIQUIN FRACTION (MOLF | /F) SeH, VAP SeH. VAP Se.H. VAP _ S.H. VAP _SeH. VAP SeH. VAP
COMPNSTTIONS MOLF FRACTION:

DR THl=1YNOROGE Y 0.75000 0.75000 0.75000 6.75000 0.75000 0.75000

PARA —HYDROGFN 0.25000 0.25000 . 0.25000 0.25000 0.25000 0.25000
STRF AN NUMHE R 03} 032 033 034 : 035 LRI
FLlOWe (Mu(STE) 1455%2.3 14552.3 S0756.7 50756,7 190772, 190772,
FLOWe M MOLF/SFT o 130.1352 . 180,352 _ 629,043 629.0643  2366,29 ~ 2364.29
BRFSSUNT o KILOPASCAL 4)114,79 111.006 348,185 34R.18S 335.774 335.775
TEMPFRATURE . THG 26,5000 20.5009 26.0000 39.0478 IB.979R 77.7849
FNTHAL 'Y e 10ULFSZGM MOLF ) B22.009 €22.009 149212 1R20.77 1820.77 | 2670 .89
FMIENPY. 0 ES/GM MO F=DEG C ) 40,7975 47,9247 71,9989 Bl.9024 R2.0678 97.8766
LI FRACTION (MOLE  L/F) S.C. LIO 0.69667 S.H. VAR S.H. VAP SeH. VAP SeM. V2P
COMEOSTTIONS MO F FRACTION: - - -

DR THO=HYNROGE N 0.75000 0.75000 0.75000 0.75000 0.7500¢ 0,75000

BARA ~HYOROGEN 0.25000 0.75000 0.250C0 0.25000 0.25000 0.25000
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TABLF 16 i p{;’“}\ 2
n? LIQUFFTER = NO VENT GAS RECOYERY
192.1 MID (2V1.7 TPD) LIQUID HYUROGEN PRODUCT <b
NASA CONTRACT N2S]-14698+ MOD, ) . " : - —
STREAM DATA FOP HYDROGEN STREAMS
. ST UNITS —
STRFAM NiUMEFR 037 038 039 040 04l 042
FLOWs CMM(STR) 190772, 190176, 190176, 190176, -94R5,.39 1939661.
FLOW, GM_MOLF/SEC 2366.29 2356.9) 2356.9) 2356.91 =117.555 26T .47
PRFSSIINE « % [1 OPRASCAL 317,159 4R 1RS ___ _34R,185 335.775 335.7715 335,775 _
TEMPFERATURE « DEG = 17.7429 26,0000 39.0&78 3RA.9798 38.57948 38.9758
ENTHALPY . JOULFS/CHM MOLF 2670.89 1492.12 1820.77 1820.77 1820.77 1320.77
ENTROFY. JOULES/GM MOLF-NEG C 94,3128 71.9989 81.9024 82.0677 B82.0677 82.0677 __
LIQUID FRACTION (MOLE L/F) SeH, VaP SeH. VAP ’ SeH. Vap S.H. VAP SeH. VAP SeHe VAP
COMPOSTITIONS MOLF FRACTION:
GRTHO=HYDHOGE N 0.75000 0,75000 ) 0.75009 __0,75000 - 0.75000 0,.7/5000
PARA —HYDROGF N 0,25000 0.25000 0.725000 C.25000 0.25C00 0.25000
STRFAM LMKF R nal Q4s 945 0es 0s&7 N&R
FLOWs CHHISTE) 196641, 196Gh61. 390433, 2393433, 63090,1 39124.6
FLOWs GM MOLF/SFD 2474 .47 26T74%.47 4B13R.75 488,76 781.R0< PLEWL 1Y
PRESSURE o KILOPASCAL 335.775 317.159 3i7.159 A17.159 L)1 .86 4)136.86
TFMPFRATIRE . DFG ¥ T7.7016 17.6596 i 77.7001 3r0.000 AS5.5000 85.5000
FHTHAL P Y. JOULFS/nM MOLF 2n69.10 2669,10 2669,99 8505.89 2657.04 2697.04
ENTROPYs JOULFS/GM MOLE-DEG C 97.8514 S8.2R74 98,2998 132.618 T7.6278 77.6279
LTIQUTIN FRACTION (MOLF 1 /F) SeH, Vap SeH. VAP SeH. VAP S.H. VAP SeHe VAP SeH. VAP
COMPOSTTION MOLF FRACTINY:
ORTHO=HYDROGEY, 0.75000 0.75000 0.75000 0.75000 0.75000 0.75000
PARA =HYNROGFN 9.25000 0.25000 0,.75000 0.25000 __0.,25000 , 0.25000
STHEAM NIMKER 049 __ 050 ) . . 052 . 053 0S¢
Fide (MHISTR) 23565.4 23965 .4 23965.4 23965.4 38S17.48 38S17.8
FLOWe GM MOLF /SE( 297.011 297.011 297.01) ~_297.0%% 477.363 &77.363
PRESSURE . K1LOPASCAY ' 4135,.86 “127.20 4127.20 111.006 111.006 111,006
TEMPFRATURF . NFG B5.5000 RS.4RK2 33.2811 20.5009 20.5009 20.5009
FNTHALPY. 10ULFS/GM MOLF 26ST7.04 _2697.06 _92R.872 92R.A71 _BBB.&97 1643.96
FHTROPY s IDULFS/ZGM MOLE=DFG C T17.6?7R 77.6453 44,1913 53,1489 S1.175¢ TR.3294
LINUID FRACTION (MOLE | /F) SeHae VAP SeHe VAP S.C. LIa £.57697 0.62219 SAT. VAP
COMPOSTTITON MOt FRACTTINN: = = - = 1
ORTHO=HYDIROGE N D.75000 C.75000 0.75000 n.75000 0.75000 0.75080

PARA =HYOROGED G.25000 0.25000 0.25000 0.25000 0.25%00 0.25002

J



PAGE S

TATYE 16 - -
H? LIMEFTER = NG VENT GAS KRECOVERY
192,101 MID (21147 T20) LIGUID HYUROGEN PRODUCT
NASA CONTRACT NASI-14A9R8« MOD.1

STREAM DATA FOR HYNROGEN STRFAMS

ST UNITS -

STRFAM NUMHER nss 056 0s? 658 059 060
Fi OWe TMHISTP) 3”51 7.8 36517.8 3AS17.A 3I8517.8 38517.8 42R89S1.
Fl OWe GM MOLF /SEC 477.367 477.363 L&77,.383 «77.363 &77.363 5316.12
PRFSSHINE « K JLOPASCAL 111.006 107.558 167,558 103,421 289.5R0 ) 289,5R0
TEMPFRATIIRE « DFGL = 7i.3R82 7T1.3790 3o0,.00¢ 300.002 308.000 300,730
FNTHALPY. JOULFS/GM MOLF 2544.l0 2544,.10 8503.40 A563.239 A732.93 8526.27
FNTROPY.s 00U FS/ZGM MOLE-DFG C 105.385 105.580 161.67¢ 142.02¢0 133.767 133,184
LTAUID FRACTION (MOLE & 7F) Seite VAP S.H, Vap S.H. Vap S.H. VAP S.H. VAP SeHe VAP
COMPOSTITION. MO F FRACTTION:

ORTHO=HYROGE 1 0.75000 0.75000 0.75%40 0.75¢00 0.75000 0.75%00

PARA =HYDROGEN 0.25000 0.25000 0.25000 0.25000 0.25%00 0.725000
STREAM MMr 0&1 062 043 0k 06s 066
FL iwe (MHISTE) 428951, 23965.4 ~ 23965.4 ) 14552.13 91166.9 2194 .86
FLOWe OGM MOLF /SEF 5314212 297.011 297.011 180,352 1125.8% 27.2015
PRESSURE « < [LOPASTAL 4135,86 111,006 111.006 111.006 i01.35) 101,353
TFHRFERATURE . DF G X jas.000 20.5009 20.5009 20.5009 20.2337 20,2337
FHTHALPY . HOULFSZ7GM MO0t F R773.20 S51.206 14413,.96 1443.96 =451.402 422,916
ENTROPYs JOINES/ZGM MOLE=DELG C 112.301 1% ,.6861 TR.329 TR ,.32%4 18.8048 £2.0292
LIGUHTIN FRACTINN (MOLF | /F) . SeH, vapP SaY. LIO SAT, vaP SAT, vap 0,975%2 SAT, vap
COMPOSTTIONS MOLF FRACTTION:

ORTHO==YNROGE N 0.75000 0.75000 0.75000 0.75000 0.03032 0.03032

PARA =HYDRNOGF N 0.25000 0.25000 0.25000 0.25000 0.9696R 0.96968
STRF AM NUIMEE 0s7 a
Fl OWe FTMHISTP) HRGT72.0
FLOWe GM MOLF /SEC 11072.66 ) g i 3 i ) B
PRFSSIPE S KILOPASCAL 101.353
TEUPFRATURE « DFG X 20,2337
FMTHAL PYe 10N FSZGM MOLF -472.97¢ N -
FHTROPY, 10N FS/ZAM MOLF=DFG C 17,738
LIOUIN FRACTION (MOLF 1 #F) SAT, (10
COMBOSTTION. MOLF FRACTION: 5 B

ORTHO=HYLROGE N 0.03032

PARA -HYLROGEN 0.9696H



ey

™

STRFAM MiMHFR

FINWe CFe(nTPR)

FLOW, | B MOLF Z7HR

BRESSURF . PSTA

TFMPFERATURE . DFG v

FHTHALPY. ATU/ZLE.MOLF

ENTROPY, HIUW/LR MILF=DFG X

LIMIIN FRACTION (MOLF L Z/F)

COMPOSTITIOMs MOLF FRACTION:
NITROGEY

STREAM NiMmKER

FilOwse TFHINTE)

FIlOWe LE MO F /HK

PAFSSIRE . PSTA

TFMPERATIIRE . Nrn <

FMTHAIL PYs BTUZL B M T

ENTRORY s RTU/ZLR MmO F-DF6 *

LIOUIN FRACTION (MOLE L/F)

COMPOSTITIONS MOLF FRACTION:
NITROGEN

STRE AM NUMKER

Fl NWe CEEINTR)

FLOWe | B MOLE /H©

PRFSSUNE . BPSTA

TFMODFRATIIF o DFCG *

FMTHAL PYye HTUZLH . MOLF

FHTRAPY s TR MOLF=IFL X

LIOUIN FRACTION (»OLF 1 7F)

COMPOSTITION MOLE FRACTTION:
NTTROGEN

TABLE 17

H2 LIQUEFIER = NO VFNT GAS KECOVERY
192.1 MIN (211.7 TPD) LIQUID HYUROGEN PRODUCT
NASA CONTRACT NAS)=-14698« MOD,1

080

3117474,
HDS9.86
9J.,0000
S7.0000
2R379,.48
31.6080

SeH, VapP

1.00000

NRe

267559,
691,742
22.2000
H1,1034
446,110
6.21606
SAT, LIQ

1.00000

062

192400,
497408
22,2000
90.5000
29113.51
36 .54k
Sette VAP

1.00000

STREAM DATA FOR NITROGEN STRFAMS
US CUSTOMARY UNITS

041

17474,
B059.86
S0.0000
300.000
5553.63
46.733)

SeH. VAP

1,00000

087

267559,
£91.742
22.2000
Bl.1034
2T87 .46
35,0785
SAT. vApP

1.00000

093

132400,
49T .428
22.2000
50.6000
2913.51
365484
SeH. VAP

1.00000

082

3117474,
B0S9.86
86.2000
299,949
5553.63
46.RRT73

SeH. VAP

1.00000

088

303543,
784,776
22.2000
Bl1.1034
446,310
6.21606
SAT. LIQ

1.00000

09«

_ §17253,
2371.45
22.2000
83.08™7
2813.90
35.4005

SeH. VAP

1.00000

0R3

724853,
1874.02
600.000
99,9000
942.A97

- 11.0117
S.C. LIO

0R9

303543,
TR&,.T76
22.2000
Al.103%
_P2TRT .45
35.0785
SAT, vaAP

1.00000

095

917253,
2371.45
22,2000
___ 300.000
5565.20
Sl.7720
S.H, vaP

084

7248513,
1874.02
22.2000
81.103&
942.R96
. 1243382
0.78789

050

153750,
397.504
22.2000
81.1534
PTIRT .46
35.0785
SAT. vaP

1.00000

096

917253,
2371.45
15.0000
299.502
€565.20
S3.1731
SeH. VAP

1.00000

0RS

S7T1102.
1676.52
22.2000
81.103«
L46,308
6.21608
SaT, LI1Q

09

724853,

1874.02

22.2000
Al.i034
2787.46
35.078S
SAT. vaP



STwEAM MIpManE R

FliiWwe CFr(tiTP)
FLOWe [ B MOLF 71K
PRFSSHIFE . PSTA
TEMPERATHRE . DFH X
FNTHALPY . ATUZL B MOLF
FHTROPY s HTU/ZLR MOLF=DEG K
LIGUID FRACTION (MOLF  L/F)
COMPOSITIGHe ANLF FrACTION:
NRTHO=HYDROGEN
PARA =HYDROGEM

STwFAM NiMRER

FLOW, CFHINTR)
FILOWe | K MOLE /ol
PRESSHIRE « PSTA
TFUPRERATIINE o NF G ®
FHTHAL Pre HTUZL S MOLE
FHTIROPY s HTU/ZL B MOLF-DFEG K
LIOUID FRACTION (MOLE L /F)
COMPOSTITIONSs MOLF FRACTTION:
ORTHO=HYLIROGE Y
CARA —uYNROGEN

STREAM MNIPHE R

FILOWe (FHINTR)
FLOWe LHMOLE 7+
PRFSSURE . PSIA
TEMPFRATURE « NFG
FHTHALPY e HTUZ K MOLF
ENTRNOY, HTUZL B MOLE-DEG K
LIAUIN FRACTION (MOLE | /F)
COMPOSTITION. “MOLE FRACTIONS
PR THO=HYNOROGE N
PARA =HYDROGEY

TABLE 17

H2 LIOQUFFIER = NO VENT GAS RECOVERY
19241 MTD (21147 TPD) LTOUID HYDROGEN. PRODUCT
NASA CONTRACT NAS]-14698s MOD, 1

nol

jabH400.
BG6H 7. 14
500,000
39A.000
3776 .98
4R, 3138
SeH. VAP

0.75000
0.25000

007

1KHT5R%6,
wrRanl .3
500,000
HS5.5000
1160.32
33,3969
S H, VAP

9.75000
0,25000

013

j«5H4L00,
RI6T. 14
S87.600
40,9798
167,025
18, 06hG
SeCe L 1Q

5.20371
0.79629

STREAM DATA FOR HYDROGEN STREAMS
US CUSTOMARY UNITS

002 003 004
2400232, 106R)168, 17387392,
6205,52 ¢151.62 44951,1
600,900 600,000 600.000
308.000 308,000 308.000
37176.58 3776.98 3776.58
48.31738 48.3138 48,3138
SeH. Vap SeHe VAP | S.H. VaP
0.75000 0.75000 0.75000
6.25000 0.75000 0,25000
008 009 olo
34684600, I1BATSRSE, 34AR400.
R96T,.14 4RAR01 .13 A9RT .14
600.900 S98.R00 S98,R00
30%.000 B5.4899 HS.4R99
.0.0 110,32 1160.32

n.0 33,4034 33,4034

SAT. vap - SeHe VAP S.H, VAP
0.75000 0.75000 0.75000
0,25000 0.25000 0.25000
2la 01s 016
J4684060, 3468400, 346R400,
B96T. 16 B9AT.14 - A%6T.14
SB80.899 580.899 574.19%
40.9193 28,0000 2R, 0252
197.024 =94 . 6R4K =084 ,6R52
18,0751 10.061% 10,0829
S.C. LID S.C. LIO S.Ce LIN
0.,20371 0.04137 5404132
0.79629 C.S5R868 0.95R64

005

17387392,
44953,
600,000
85.5000
1160.32

33.3969

SeHe VAP

0.75000
0.25000

346R400.
8967.14
559.800
Bl.303%
993.099
31.7550
SeH. VAP

0.54554
0.454L46

017

JL6R&00,
8967.14
135.000
28.678)

-96,6862
11.5737

S.C. LIN

0.04132
0.95R68

PAGE 7

006

1488478,
3348.29
600,000
AS.S5000
1160.32
33.3969

SeH. VapP

0.75000
0,25200

012

Je5RLN0.
RA96T.14
587.600
Al.2016
993,097
31.8147

S.H, VAP

0,54554
0,65446

3468400,
A967,14
13S.000
29.0946

54,6882
11.5745

S.C. LIO

0.03032
0.96968



Ny ===t

STREAM NUMEER

FILOWe CFHINTP)
FLo LHJMOLF /hk
PRFS. Whe »STA
TEFMPERATUIRE o NFG =
FMTHALPY s HTU/ZL 8 MOLF
ENTROPY s RTUZLA MOLF=OFG K
LIQUID FRACTION (MOLF | /F)
COMPOSTTIONS MO F FRACTTON:
ORTHO=HYNROGEN
PARA -umYDROGEN

STRE AM NUMEER

FIl DWe TFHINTP)
FLOW, LW MOLF 1k
PRFESSIIRE « PSTA
TFAPFRATIINE « DF G X
EMNTHAL PYs HTUZL W MOLFE
FNTRORY. HBTU/L R MOLF=-DFG K
LIGUEN FRACTION (MOLF  L/F)
COMPOSTITIONs MO F FRACTION:
ORTHO=-HYOROGE
PARA =HYDKROGEN

STREAM NI R

FLOWe CEMHINTG)
FlOWwe LEMOLF /MK
PRFSSURF . PSTA
TFMPERATUKE « DF
FHMTHALPY. HTUA & MOLF
ENTROPYe QTUZL R N F-NEQ K
LTOQUIN FRACTION (~OLF L7F)
COMBOSTTION MOLE FRACTION:
ORTHO=HYDHROGEN
PARA -HYDVWOLEND

TABLE 17

H2 LIOUFFIER = NO VENT GAS RECOVERY

192.1 MTD (21147 TPD) LIGUID HYDROGEN PROLUCT

NESE CONTRACT NAS]=-146GR. MOD, 1

STRFEAM DATA FOR HYNDROGEN STRFAMS

01y 020
JahHL00, 15407471 .
HonT.14 I9834,2
135.000 594,800
20,5506 55,4899
-194.,202 1160.32
7.59975 33,4034
S.Ce. LIO SetHe VAP
0.0%032 0.75000
0,9A9¢68 0.25000
n?s 02s
9719400. 9719600,
25129.4 25129.4
596,400 596,800
R1,7R4G SA, 7669
1114,19 842,253
I2HR9A 2H.919R
SeH, VAP SeH. VAP
0.75000 0.75000
0.25000 0.25000
031 03z
5536137, 553637,
1431.3¢ 1431.356
546,500 165.1000
29,5000 20.500%
ISV hh4 IS, 644
17.5519 20.6181
S.C. 1V 10 0.69667
0.75000 0.75000
0,25000 0,25000

uUS CUSTOMARY UNITS

021

15407471,

39”34.2
S9R,.R00
B1.303%
1114.19
32.R590
SeH. VAP

0.75000
0.25000

027

91aK164,
23698 ,.0

S96.200
58,7669
842,253
28.9198
S.H. vap

0.75000
0.250C0

033

1931013,
49G92.41
S0.5000
26,0000
641.938
30.9753

SeH. VAP

0.75000
0.725000

0?22

15407471,
3943&,2
566.A00
A1 .2849
1114.18
32.8696

S.H. VaP

0.75000
0.25000

028

9166164,
2369R.0
596.R00
SR.7668
942,251
28.9197

SeH. VAP

0.75000
0.25000

03

1931013,
4992.61
56,5000
39,0478
783327
35,2359

S.H, vaP

0.75000
0,25000

0?3

SoB7671.
14704 .8
S94.R00
81.2849
1114.19
32.869%

SeH. VAF

0.75000
0,25000

029

9166164,
23698.0
50.5000
26.0000
641.938
30.9753

SeH. varP

0.75000
0.25000

013s

7257817,
18764.2
4Ba.7000
38,9794
783.329
35.307)

S.H. vap

0.75000
0.25000

PAGE A

02«

SKRT671.
14704.8
“R.7000
38,9802
783,333
3S5.3n72

SeH. VAP

0.75000
0.25000

030

5536137,
1431.36
596,800
SR.7669
42,253
PR.9198
SeHe VAP

0.75000
0,.25000

036

1257817,
18764,.2
43,7000
TT.7843
1149,07
L42.1086

SeH, VarP

0.75000
0.25000



STREAM NiMKFR

FILOW, (FHINTP)
FLOSY LR.MOLE 794
PRFSSURE y PSTA
TEMUFRATURE . DFG X
FHTHAI Pye HTU/ZL E MOLFE
ENTROPY e wTUZLE MOLF=-DFG
LIGUIN FRACTION (MOLF I /7F)
COMBOSTTIONS MLk FRACTTION:
ORY MO =rmvy N6 1y
PaRa =HYDRIGENY

CTwb am piapb

FILOWe CEminT0)
FLDW,s P M0 F /uw
PRFES: 1o o w511

TFaPe 28T kb o § -
EMNTH2 Pre HTOZ = MOLE

FMNTIR(O Yo HTUZLB O F=IFG X
LIGU] ) FRACTION (“OLF |/F)
COMPOAITIONe MOLF FRACTFON:
NRT 40=HYDROGEN
Pk =HYDROGE N

STRE R« NUMAEFR

FILOW. (FHINTP)

FLOW. LHMOLF /Hw

PRESC RF . ©S]A

TEMPE CATURE « NDFG «

FMTH Py, “TUZLH MU F
FNTROPY e RTUZLH MOLE=-NFG x

LIOUIN FRACTION (MOLE | /F)
COMPOSTTIONe MOLF FRACTION:
NRT AO-HYNROGF N

LAy A ~HYDROGEN

42 LIGUFFIER - NO VENT GAS RECOVERY

_ TasLE 17

19241 MTD (211.7 TPD) LIQUID HYUKOGEN PRODUCT
N2SA (ONTRACT NAS]-1449R. MOD, )

937

71257317,
1876046,2
46,0000
17.7429
119,07
42,7960

SeHoe VAP

0.75000
0.25000

n43

71596018,
196346
4R/,7000
17.701&
1148,.30
42,0975
S.H, VAP

0.75000
0.25000

049

911753,
2357.23
00,000
B5.,5000
1152.32
33, 1969
SeHe VAP

0.75000
0.25000

STREAM DATA FOR HYDROGEN STREAMS

038

7235151.
18705.56
S0.5000
26.0000
661.93A8
30.9753

SeH. VAP

0.75000
0.25000

O&a

7595018,
19638 .6
46,0000
77.6596
1148.30
42.285]

Se.He VAP

0.75000
0.25000

050

911753,
2357.23
596.600
85,4882
1160.32
33,4045
SeH. VAP

0.75000
0.25000

US CUSTOMARY UNITS

039 040
7235151, 7235151.
18705.6 1R705.6
S0.5000 48,7000
39.0678 38.9798
783,327 783.329
35.2359 35.3071
SeH. VAP S.H., VAP
0.75000 ) 0.75000
0.25000 0.25000
045 046
14853835, 14853835,
38402.9 3IR402.9
46.0000 45,0000
77.7003 , 300.000
114R,67 3659,.39
42,2904 57.0546
SeH. VAP _ SeH. VAP
0.75000 0.75000
0.25000 0.25000
st ' 052
911753, 911753,
2357.23 2357.23
S9R,600 16.1000
33,2811 20.5009

) 399,618 199.4]R
19.0119 22,8656
S.C. LIQ 0.57697
0.75000  0.75000
0.75000 0.25000

0sl

-360867,
=932.971%
48.7000
38.9798
T783.329
3s5.30mMm
SeH. VAP

0.75000
0.25000

047

2400232,
6205,.52
600.000
B5.5000
1160.32
33.35969

SeH. VAP

0.75000
0.25000

%3
1465390,
3788.60
16.1000
20.5009
382,248
22.0164
0.62219

© 0.75000

0.25000

PAGE 9

0s2

7596014,
196134.6
1.7000
«9798
783.329
35.307
SeH. VAP

0.750n0
0.25000

D4R

16488478,
384A,29
f00.000
RS.5000
1160.32
33,3570

SeH. VAP

0.75000
0.25000

054

14651390,
3788.60
16.1000
20.5009
621,220
33,6988

SAT, VaP

0.75000
0.25000

.

. J. twes r{ I

)



Yy —)

STRFEAM NimMKER

FLOW. TFHINTP)
FLOWs LR MOLE 78R
PRFSSIIRE ., ©STA
TFMEERATIRE « NFG K
ENTHAL Py, HTII/LB.MOLE
ENTROPYe HTU/ZLRAMOLE-DEG K
LIQUIN FRACTION (MOLF  L/ZF)
COMPOSTITIONS MOLE FRACTION:
OLTHO=HYNDROGEN
PANA —HYNROGEY

STREAM NUMRER

FIlDW,e CFHINTS)
FLOWe LB.MOLE 700
PRESSURE . vSTA
TFMPFRATURF . NFG ¥
FNTHALPY, ATU/ZI M MOLE
FHIROPY s RTU/LB MOLF=-DFG K
LIGUIN FRACTION (MOLE L /7F)
COMPOSTTIONS MOLF FRACTION:
ORTHO=HYDROGEN
PARQA =HYDROGFN

STWRFEAM MNiMEFR

FILNWe CFHINTE
FLOWe R MOLE /1R
PRESSIIRE o PSTA
TEMPEFRATURE« NFG ¥
ENTHALPYe RTU/ZL K. MOLF
ENTROPY, HTUZLH MOLF=-DFG K
LIOUIND FRACTION (MOLE LZF)
COMPOSTITIONs MOLF FRACTION:
ORTHO=HYDROGEN
PARA —mYOROGEN

TARLE 17

H? L IQUFFTIER = NO VFNT GAS RECOVERY
192.1 MIN (211.7 TPD) LIQUID HYDKROGEN PRODUCY
NASA (ONTRACT NAS)=14AGH, MOD, )

STREAM DATA FOR HYDROGEN STREAMS

nss 056
1455390, 1465390,
ITHH.60 I788.60
16,1000 15.6000
71.3862 71.3790
1094.52 1094.52
45,3386 45,6226
S.H. Vap SeH. VAP
0.75000 0,75000
0.25000 0.¢5000
0osl 062
16316225, 311754,
42191.5 2357.23
£90.0600 16.1000
10%.000 20.5009
1776.98 237.139
4B, 138 14.9227
S.H. VAP SAT. L10
0.75000 0.75000
0.25000 0.25000
0a7
JIRGAGT,
8751.25 )
14.7000
20.2337
-203.48) i
1.63142
saT. LI0
0.03032
0.59A968

057

1465390,

37RA.66
15.6000
300.000
365R.32
60,9507
SeH. vap

0.75000
0.25000

063

911753,
2357.23
16.1000
20.5009

© 621.220

33.6988
SAT, vap

0.75000
0.25000

uUS CUSTOMARY UNITS

058

1465350,
37AB.60
15.0000
300.002
3658.32
61,0995
SeH. VAP

0,75000
0.25000

0k

553636,
1431.36
i6.1000
20.5009
621.220
33.69RA8
SaT, vaP

0.75000

e 0.25000

0s9

1465390,
J788.60
42.0000
308,000
3157.07
57.5489

SeH. VAP

0,75000
0.25000

065

3468400,
B96T7.14
14,7000
20.2207

-194.201
A.0S017
0.97592

0..3032
0.56964

16319225,

A‘J1"nC) NOOd 40

42191.5
«2.0000
J0c.730
3668.16
57.2980
SeH. VAP

0,75000
0.25000

066

AIS02.3

215.R885
l4.7000
20.2337
18] .96
26.6861
SAT,. vapP

0.03032
0.9696A

sl 3ovd WHIDIHO
1



)

TABLE 18
H? LIGUERTER = WITH VENT GAS RECOVERY
19201 »T0 (2V1.7 TPD) LlQUID HYDROGEN PRODUCT
NASA CONTRACT NAS]1-14693s MOD. 1)

STREAM DATA FOR NITROGEN STREAMS

ST UNITS

STREAM NUMFR 080 o8l 082 0”3

FLOW, CMHISTR) 73505,1 73505.1 73505.1 18728.3
FLOWe GM MOLF/SEC S10.972 910.972 S10.972 232.111
PRESSHURE . = lLOPASHA 670,528 620,528 594,328 4136,86
TEMPERATONE « NEG w S91.0000 i00.000 299,949 99,9000
ENTHALPY. JOULFS/GM MOLF ~693.07 12908.8 125068.8 2191.67
ENTROPY . JOULES/GM MOLE=DEG € 71,4655 1068.626 10R .98 25.5956
LIOQUID FRACTION (MGLE | 7F) SeH. VAP SeH. VAP SeHe VAP S.C. LIO
COMPOSITIONS MOLF FeaCTION:

NITROGFN 1.00000 1.00000 1.00000 1.00000
STREAM NUMEER LETS 087 288 0R9
FLOWS CMHISTP) 1032.76 7o32.76 7723.50 7723.50
FILNWs GM MOLE/SEC B7.1592 B7.1562 95.7197 95.7197
PRFSSURE e =1L OPAST AL 153,064 153.064 153,064 153.064
TFMPFRATURE S NFG ¥ 51.1034 8l1.103¢ 81.103 A1.1034
FHNTHALPYs JOULFS/ZGM MOLF 1037.40 6479.17 1037.40 647517
FRNTROPY s IDINLFS/ZGM MOLE=-0F6G C 19,4484 Hl.536a 14,4485 B1.5364
LIOUID FRACTION (MOLFE L /F) SAT, LIO SaT,. vae SAT, LIg SAT, vae
COMPOSTITION: MOLE FRACTION: '

NITROGFN 1.00000 1.00000 1.00000 1.00000
STREAM NUMHER naz 093 (TN 09s
FLOWs TMHISTR) 5057.23 5057.23 23786.1 23785.1
FLOWe GM MOLE /SEC 62,6759 62.6759 294,739 294,788
PRESSIRE s xILOPASCAL 153.064 153.064 153,064 153.064
TEMPEUATURE s NFG ¥ 90.5000 90.56000 83,7097 300.000
ENTHRI PYs JOULFS/GM MOLF _ 6772.16 6772.16 6541.45 12935.7
FENTROPYs JOULES/GM MOLF=-DFG C H&,953] 84.9531 A2.2951 120.339
LIOUIN FRACTION (MOLF  LZF) Set, Vap S.H, VAP SeH, VAP S.H., vap
COMPOSTTIONS MOLF FRACTION:

NITROGFN i.0n000 1.00000 1.00000 1.00000

e

084

18728.9
232.113
153,064
8l.1034
2191.67
28.6788
0.78789

0so

3972.63
“9.234)
153.064
8l1.103«
6675,.17
81.5364
SAT. vap

1.00000

0Se

23786.1
294,789
103,421
299.%02
12935.7
123.596
SeH. VAP

PAGE _ 11

0A8S

14756.3
182.879
153,004
Al.1034
1037.40
14.44R7
SaTt. LIG

18728.9
232.113
153,064
81,104
6aT79.17
Al.534
SAT. vap

J J
O I O0w

J

NN LT ITR13N



TABLE 18

B2 LIUUEF JFR - wWITH VENT GAS RECOVERY

192.1 MIND (211.7 TPD) LIOUID HYDROGEN PRODUCT

NASA (ONTRACT NAS)-14A9F« MOD, |

STRFAM NUMRFR nol
FLOWs CMHISTP) 841540,
FLOW. GM_MOLF/SEC 1015 . Rg
PRESSIRE » KILOPASCAL ) 4136.86
TFMPFRATURE « NDFG x 305.000
FNTHALPY. JOULFS/GM MOLF A779.20
ENTROPY, JOULES/GM MOLF-DEG C 112.301
LIQUID FRACTION (MOLF L/F) S.H, vap
COMPOSITIONs MOLF FRACTION:

ORTHO=HYNROGEN 0.75000

PARA -uYDROGFN 0.25000
STRF AM NUMRER on7
FLOW. CMH(STP) 4u3200,
FlLoWwe GM.MOLZ/SEC S5988,45
PRFSSURE s K[LOPASCAL 4135,86
TEMPERATURES DEG X 85,5000
ENTHALPY s JOULFS/GM MOLF 2697.04
ENTROPY, JOULES/GM MOLF-NEG C T7.6274R
LIAUIN FRACTION (MOLE L/F) S.H, vap
COMPNSITIONs MOLF FRACTION:

ORTHN=HYNROGEN 0.75000

PARA -HYDROGEN 0.25000
STRFAM NUMRFR 013
FLOW. CMHISTP) 91166,.5
FLOW. GM_MOLF /SEC 112986
PRFSSURE s XILOPASCAL 40S1,.236
TEMPFRATURE. NFG X 40,9798
ENTHALPY.s JOULFES/GM MOLF 457,964
ENTROPYs JOULES/GM MOLE-NEG € 4] .,7%82
LIQUIN FRACTION (MOLE L/F) S.C. LIO
COMPNOSTITIONe MOLFE FRACTION:

ORTHO=HYDROGEN 0.20171

PARA =MYDRDOGFN 0.79429

STRFAM nNATA

o002

62746,
7775232
“126.86
308.000
8779.20
112.30]
SeH, Vap

0.75000
0.25000

008

R3580,.3
1035.R4
4135,86
308,000

0.0

o.o
SAT, vap

0.75000
0.25000

LB

91166.5
1129.86
4005.16
40.919
457.962
42.01137
S.C. LIN

0.2037
0.79629

FOP HYNHROGEN STRFAMS

ST UNITS
063

20R1%.1
?GQ.?OI,
4136,.86
Jor,000
R779.20
112.301
SeH. vae

0.75000
0.725000

009

4R200,
S9RA .45
4]128,5R
85 ,4R9¢
26%7.0e
T7.6428
SeH, VAP

0.7<0Co0
0.725000

01s

91166.5

1129.86
L00S.1%
28.0000
-220,085
23.3869
S.C. LIO

0.04132
0.9586A

006

L4aa)9,
SS507.82
4]136,86
308.000
ar719.20
112.301
SeH, Var

0.75000
0.,25000

91164,.5
1129.85
412R,58
RS ,4R99
2697.04
T7.6620
SeH,. var

0.75000
0.25000

ols

91164.5
1129,.84
J9SR,.97
28,0252
-220.084
26366
S.C. LIO

0.06132
0.95AKR

00S

DUTYN BN
S507.82
4136 ,.86
AsS,.5000
2697.04
17.6278
SeH, VarP

0.75000
0.,25000

91166,.5
1129.86
4]128,58
81.303
2308.36
73.8113
SeH. VAP

0.54554
0,.45648

o

91166.5
1129.86
930,792
28.678)
-220.089
26.9020
S.C. LIO

0.04132
0,95848

PacF 12

nos

WTAN,.T
DL LN
L136,.86
as.sno0
2697.04
TT.627%
S, Var

0,.75000
0,25000

012

1166,
1129.846
4051,
L) L
23I08.135
73.9502
S var

0.545%4
N.4Seses

91164.5
1129.84
Q9,792
79,095
-220.089
76.9030
S.Ce LIO

0.03032

0.96% 8



PAGF 1)
TABLE 1A
M2 LIGUES JER - wlTH yENT GAS RECOVERY
192,1 MID (2V1.7 TPD) LIQUID HYDROGEN PRODUCT
NASAE rONTRACT NAS]=)4A0R- mMOD,)
STREAM NDATA FOR MYDRCGEN STRF AMS
ST uNITS
STREAM NUMRER Nl 020 021 022 023 02«
FIOwWwe TMH(STD) 91166.5 392033, 392033, 192013, 14379, 14379,
FLOW. GM MOLE /SEC 1129.84 4BSH.S59 4ASR,59 4AS8,.59 1782.09 1782.09
PRFSSIRF, X [LOPASCAL SI0,.792 «128.58 4128.58 “lla.79 114,79 13S5. 775
TEMPERATURE s NFG ~ 20,5509 RS 4859 Al.Y034 a).2849 81.2849 28,9802
FMTHALPY . JOWUN FS/GM MOLTF -~451.402 2697.04 25R9,81 ?589,.81 2589.8) 1A20.78
ENTROPYs JOULFES/GM MOLF-NEG C 17.5649 T7.642R 16.317s 76,4021 T65.4025 LEM LLL
LIOUID FRACTION (MOLF 1 /F) S.C. LIN S.H, vap SeH, VAP S.H, varP S.H, vap S, Vap
COMPOSITION. MOLF FQACTION:
ORTHO=-HYNPOGEN 0.03032 0.75000 0.75000 0.75000 0.75000 0.75000
PARA =HYDROGEN . 0.96%6R 0.25000 0.725000 n.2s000 0.25000 0.259%00
STRFAM NIMRFR n>s 02s 027 028 02% LR L)
FINW. CMHISTE) P4R219, 243239, 231387, 2136R7, 23¥R7, 14552.1Y
FLOW. GM MOLF/SFC 1076.51 3076.51 2896.15 2896,.15 26856.15 180,351
PRFSSIIPF o x[LOPASCAL 411,79 “llise,.79 Lll1a,.78 Ll16,79 IR 185 &114,79
TFMPERATURE . NDFG » R].2Ra9 SAa.766% 58,7669 SR, 766R8 Z6.0000 Sa,T7489
FMTHALPY . COULFS/GM MOLF PSEG R 1957.73 1957.73 1957.72 1652.12 1957.7)
FNTROPY . JOMES/GM MOLF-DEG C 16,6021 67.2211 67.2211 £7.2210 T1.998% &r.221)
LIQUIN FRACTION (MOLF L /F) S.k. VAP S.H. VAP S.H, vap S.H, vaP S.H. VAP S.H, VaP
COMPOSITIONe MOLF FRACTION:
ORTHO=HYNROGEN 0.75000 0.75000 0.75000 0.75000 0.75000 0.75000
PARA -HYNROGEN 0.25000 0.25000 0.25000 0.25000 0.25000 0.25000
STRFAM NUMAFR N 032 ' 0133 0 013s 01
FILOW. TMH(STP) 14552.3 14552.1 43511.46 &3511.5 177820, 177820,
FLOW, GM MOLE/SEC 180,351 180.351 $39.252 539.25? 2203.78 2203.78
PRFSSIIPF s X ILOPASCAL 4114,79 111.006 _ 34R,185 3R, 185 33577 335,775
TEFWPFRATURE« DFG % ?29.5000 20.5009 26,0000 19,0678 38,9798 T7.7849
ENTHALPY. JOULFS/GM MOLF R22.009 R22.009 192,12 1820.77 1820.77 2670.8%
FHNTROPYs JOULES/GM MOLF=NEG C 40,737 47.5267 71.9989 Rl.S9024 R2.0674 QT.AT68
LIQUIN FRACTION (MOLF L/F) S.C. LIO 0.69667 SeM, vap SeH, VAP SeH. VAP Sem. var
COMPOSITIONs MOLF FRACTION:
DRTHO=HYDROGFN 0.75000 0.75000 0.75000 0.75000 0.75000 0.75000

PARR =HYDROGFN 0.75000 0.25000 0.25000 0.25000 0.25000 9,25000



%E « PAGE )&
-
TABLE 1A 2%
B2 LIRS [FR - wITH VENT GAS RECOVERY L4
192.1 MID (Z211.7 TPD) LIQUID HYDROGEN PRODUCTY -
NASA FONTRACT NAS]-14A%R, MOD, ) %'J-
STREAM DATA FOP HYNROGEN STRF Amg
ST UNITS
STOF AM MUMRER n7 038 LEE 0en O] ne?
FLNW. CMHISTR) 177820, 19017s, 190175, 190175, L LT 199441,
FLOW. GM MOLF/SEC 2201, 78 2356.90 2356 ,.90 ?2356.90 -117.5%5 PaTaLen
PRFSSURE . »lpnP2SCAL 317.159 JeB, 185 JLR 185 335,778 33¥S. 7175 IS5
TEWPFRATIIRE , DFG x 17,742% 26,0000 13,0674 AR ,8794 A8,.8795 IR, 3798
ENTHALPY. JDULFS/GM MOLF 267089 1452.12 1820.77 1820.77 1820.77 1820.77
ENTROPYs JNULES/GM MOLF-DEG C ELPR) P T1.999 a1.902¢ R2.06TY R2.0677 R2.0477
LIOUIN FRACTION (MOLE 1 /7F) Set, VP SeHe VAP SeH, VAP S.H. VAP SeM. VAP S.H. var
COMPOSTITION. MOLF FRACTINN:
ORTHN-HYNROGEN 0.75000 0.75000 0.75000 0.7S000 0.75600 0.7S5000
PARA ~HYDROGFN 0.7S000 0.25000 0.7s000 0.25000 0.25000 0.25000
STUF AM NIMBFR L% Nad nas nes 0e7 )
FLOW. CMHISTP) 1939441, 199641, ITTaR) ., I7748) ., 627e6.1 3aTAn.Y
FILOWe GM_MOLF/SEC PaTa 68 PhTh 45 L578,24 “ETR. 76 TI7.632 LL L 24
PRESSURF ., X [LOPASCAL 335,775 317.159 317,153 317.15% 136,85 S15 .R8
TEMPFRATIRE . NEG = 17.7916 T7.659% T7.498% 3oo0.000 RS.S000 AS5.S0080
ENTHAL Py, IDULFS/GM MO F 2669.10 2669.10 269,95 A505.R9 269706 2637,.04
ENTROPYs JOULES/GM MOLF=DEG C 97.8514 SR.2874 38,29% 132,618 TT.6272 T7.6270
LIOUID FRACTION (MOLE  L/F) SeH. VAP SeH. VAP S.H, VAP S.H, vap S.H. VAP S.H, vap
COMPOSITION. MOLF FRACTION:
DR THD=HYNROGE N 0.75000 0.73000 e.75000 0.7S000 0.75000 " .7S000
PARA -HYDROGFN 0.25000 0.25000 0.25000 0,25000 0.25000 ’Soen
STRFAM NUMRER " nas 0so 0s1 0s2 0s3 LERY
FLOW. CMHISTP) 21965, 4 23955.4 231965,4 233654 IRS1T.6 NS 7.6
FLOW, GM MOLF/SEC 2971.010 297.910 2397.010 297.010 &«77.38) “TT.%)
PRFSSURPE s W ILOPASCAL . 416,86 4127.20 ~127.20 111.006 111.006
TFMPFRATIIRE . DEG X A5.,5000 AS.6RK2 33,2811 20,5009 20.5009 29,5009
ENTHALPY s JOULES/GM MOLF 2637,.04 2637.04 920.872 28,47 RER &7 J4a1. 0%
FENTROPY, JOULES/GM MOLE-DFG C 17.62178 77.6451 46,191 S3.14R2 S1.175) TR.Y?9%
LIOUID FRACTION (MOLE L/F) Sek, VAP SeH, Var 5.C. LIO 0.57697 0.6221% SAT, var
COMPOSTITIONS MOLF FRACTTION:
NRTHN-HYNROGE N 0.75000 0.75000 0.75020 0.75000 0.75000 0.7S5000

PARA -HYDROGFN 0.75000 0.25000 0.25000 0.25000 0.25000 0.25000



Pack 1S
TARLF 1=
M2 OLIOUES JFR - wlTH VENT GAS RECOVERY
1921 MID (211,.7 1PDY LI0UID HYDROGEN PRODUCY
NESA CONTRACT NAS)-14K9R. =On, )
STRFAM DATA FOP wmynROGEN STRF AmS
ST uNITS
STRFEAM NIMHFD 0SS oS os? ose nss LLL]
FLOW, CTMHISTR) LR IS WS T.- LA Y 1851 7.6 IR 1T .- «2I¥5RS,
FLOW. GM MOLF/SEC “T77.3%) «77.351 &TT.3) «77.31 “77.%) S2&5.8
PRESSURF« ¥ ILOPASCAL 111.004 107,558 107,558 103,421 2R3 ,S58n 2R3 .Sk
TFUPERATURE « DFG » T1.3R82 71.3790 Jgn.000 W00.002 JoR.000 300.00)
ENTHALPY, I0ULFS/GM MOLF 2544, 10 ?S44.10 ASN1.e0 AS03. 39 A732.% AS30.60
ENTROPY, IOULES/GM MOLF=-DEG C 10S.W%Ss 105.580 141,57 j&2.020 133.7%7 13%.156
LIQUID FRACTION (MOLE 1 /7F) SeM, VaP SeH. Vap S.H, VAP S.H, VAo SeM. VAP S, var
COMPOSTITION. MOLF FRACTION:
DRTHN=HYNENGEN 0.750C0 0.75000 0.75000 0.7S000 0.7S000 8,75000
PARA —uYNENGEN 0.75000 0.25000 0.75000 0.25000 0.25000 8,25000
STRF aAM NUMEF 2 nel 0%2 0613 ke &S LT
FLOW. CMH(STP) @2358% 239%5.3 231965 .4 16552, 91164.5 219,35
FLOW. GM _MOLFE/SEC S5249.61 297.010 297.010 1980.75]) 1179.8¢ 27.2014
PRESSIIRE , » [LOPASCAL 4] 36,86 111.006 111.006 111.006 101.35) 191.)
TEMPFRATURE . NDFG % 308,000 20.5009 20.5209 20.5009 20,2337 20.2Yn
ENTHALPY. JOULES/GM MOLF R773,.20 551.256 1ea1,94 1443,9% ~&5] 402 “22,.91%
ENTRIPY . JOUL ES/GM wOLF -NFG 112.301 RS TS | TR, 12% TAL32% 18.B0eR A2.0292
LIQUEIN FRACTION (MOLF | /F) S.H, vap SAT. L1 SAT, vae SAT, vaP 0.97592 SAT. VAP
COMPOSTITION, MOLF FRACTTINN:
OB THN=-HYNROGE N 0.75000 0.75000 0.75000 6.75000 0.030)32 0.03032
PAQA -HYNRNGF'. 8.25000 0.25000 0.75000 0.25000 0.96948 0 ,.98%2
STRF AM N MRFR 0R? 133 134 135 13 164
FLOW, FMH(STR) BR971.7 T586,50 15846,.50 TSRE .50 TSR& .50 75484 ,.50
FLOW, GM MOLE/SEC 1102.65 S4.0220 9«.0220 9%.0220 Qe.0220 Fe.0220
PRESSURE 4 ®ILOPASCAL 181.753 124,104 126,106 120.654 120,658 120.658
TEMPERATURF . NFG ¥ 20,2337 25.0000 3. 0678 15,0635 T7.7845% 30N .00
FEMNTHALPY . I0ULFS/GM MOLF -472.970 522.19% B34, 064 R36,066 163,60 8650 ,246
ENTROPY s JOULES/GM MOLF-NEG C 17.73¥8% 65,3264 7S.1800 75.3710 [0.602% 130,342
LIQUID FRACTION (MOLF L /7F) sat, LIo S.H. VAP S.H, vap S M, VAP Set. VAP * Sem. vaP
COMPOSITION. MOLF FRACTINN:
DR THD=HYPENGEN 0.03V03? 0.03029 0,.03029 0.0302% 0.03029 0.03029

PARA -HYNRAGFY 0,9%9¢8 0.,9697) 0.%497) 0.96571 0.9697) n.9%37)



A PAGE 14
TaBLE 18 9
. H2 LIQUEF [FR - wITH VENT GAS RECOVERYy A
102,01 MTD (211.7 TPD) LIQUID HYDROGEN PRODUCT \
MASA rONTRACT NASi=14698s MOD,1 1
M
STRFAM NATA FOR HYDRDGEN STREAMS
ST UNITS
STREAM NIUMAFR 147 148 &
FLNWs CMH(STP) 15RA,50 7586.50
FLOWe GM MOLF/SEC 94,0720 S4,0220
PRFSSHPE « »[LOPASCAL 101.393 cB9.5R0
TEMPFRATIIRE « NFG ¥ INR, 006 308,000
FNTHALPYs JOULFS/ZGM M0 F A730.67 B732.93 -
ENTROPY s JOULES/GM MOLF=NEG C 142.R3¢ 133.767
LIQUID FRACTION (MOLF L/F) SeH, VAP S.H. VAP
COMPOSITIONs MOLF FRACTION:
ORTHG=-HYNROGFN 0.75000 0.75000
PARA =HYNROGFN 0,25000 0,25009 ~
00O
"M
- 9
D >
o>
o
O 7T
c>»
>0
rm
- P
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TAHBLE 19 -
H? LTOWP s JFR - WITH VENT GAS RECCITRY
192.1 MTp 7'1.7 TPD) LIQUID HYDROGEN PRODUCT
NAS4 COMTRACT NAS]-146G8s MOD.] i
" -
STREAM DATA FOP NITROGEN STRFAMS -~
US CuSTOM™ARY UNITS
STRFAM NUMRFR nRo 0r1 08”2 (LR ] 084 0Rs -~
FLOWs CFMINTPY 2T19h4KE, 27196468, 27945468, 712512, T12532. 56139S.
FLOWs LR _MOLFE /KR 1229,.94 7229.94 7229.% 1862.17 1842.17 1451 442 -
PRESSURF. PSiA 90.0000 90.0090 86,7000 A06.,000 22.2000 22.2000
TFMPFRATURF « DFG K S7.0000 100.000 299,949 93,9000 81,1034 Al.103%
FNTHALPYs HTUZI B.MOLF PRTI.4R 5653.63 55523.453 942,.,Rq7 S42.R9% 4Lab I0R
FNTROPY. PTU/LR MOLF=-NFEG ¥ s 31.£GR0 66,7332 46,8871 11.0117 12.3382 6.21608 ™
LIQUID FRACTION (MOLF L/F) Set. VAP SeH, Var SeH, var S.Ce LIO 0.787R9 Sat. LI2
COMPOSTITION MOLF FRACTION: -
NITROGFN 1.80000 1.00000 i.00000 1.00000 1,000 1.00000 -
-~
STRFAM NUMRER nes 087 nAa 0’9 nso 091 e
FLOWs TFH(NTR) 267558, 2RTSSR 293817, 293R17, 1s1137, Ti2s3y2.
FLOWs | RoMOLE/HR ' 691,740 6£951.740 759-68¢0 7S5.680 390,747 1862.17 A
PRFSSIIRE . PSTA 2c.2000 22.2¢00 22.72000 22.2000 22.2000 22.2060
TFMPERATIIRE . NFG X Bl.lic Bl.1034 f1.10% Rl.103 Bl.l034 Al.103¢
ENTHAL PYe RTU/ZLR MOLF 44k 310 278450 sk, 310 2TRY 4% 2787.45 FTIATY a4k ~
ENTROPYs RTU/LR MOLF=-DFE K 6£.21606 15.0785 6£.21604 35.0788 15.07%5 35.078%
LIOQUIN FRACTION (MOLF | /F) SAT, L1In SAT, VAP SaT, LI SAT, vapP SAT. VAP SAT, vAP
COMPOSTITION, MOLF FRACTTON: oy
NITROGFN 1.00000 1.00000 1.00069 1.00000 1.0e000 1.00000
=
STRFAM NUMKER naz 093 NS4 09s 0Ss
FILOW. CFH(NTP) 192400, 192400, 904332, 904932, 204932, o
FLOWe LB.MDOLE/HR 497,.427R Q7,478 23119.60 2335.60 2339.60
PRFSSURE . PST2 22.7¢00 22.2900 22.2000 22.2000 iS.0000
TFMPERATURE « NDFG X 90.6000 S0.6000 83.1097 jegn.000 259.902 N
FNTHALPY, RTU/ZLK MOLF - 2513.51 2913.51 2R14.26 5565.20 5565.20
ENTROPYs RTU/LR MOLF~DFG K IR . 54R4 165484 35,4043 S1.7720 S3.1731
LIAUID FRACTION (MOLF L/F) Se.He VAP S.H. VAP S.H. VAP S.H. ¥AP S.H. VAP B
COMPNSITIONs MOLF FRACTION: ) i . e S -
HITROGFN 1.00000 1.00000 1.00000 1.00600 1.00000 -
-



STREAM NIIMRFR

FLOWs CFHINTP)
FLOWe LB, MOLE /KR
PRFSSURE « PSTA
TEMPERATURF s DFG ¥
FUTHALPY. ATU/ZLB.MOLE
ENTROPY, RTU/LR.MOLE=NFGR K
LIQUID FRACTION (MOLE L/F)
COMPOSITIONs MOLFE FRACTION:
ORTHO=-HYNROGFN
PARA -HYDRNGFN

STREAM NUMRER

FLOW, CFHI(NTP)
FLOWe LB.MOLE /KR
PRFSSURE« PSTA
TEMPERATIRE . DFG K
FNTHALPY. RTUI/ZLB.MOLE
FNTROPYe RTU/LR MOLF=-DFG K
LTQUID FRACTION (MOLE L/F)
COMPOSTITIONe MOLF FRACTION:
ORTHO=HYNROGFN
PARA ~-HYDROGFN

STREAM NiIMRER

FLOWs CFHINTP)

FLOW: LR.MOLFE/HR

PRFSSUINF . PSTA

TFMPERATIIREs DFG X

ENTHALPY. RTU/LR . MOLF

ENTROPYe RTU/LR MN_F=-DFCG K

LIAUIN FRACTION (MOLE L/F)

COMPOSTITIONs MOLF FRACTION:
ORTHO=-HYDROGEN .
PARA -HYDROGFN

TABLE 19

H? LICUFFJFR - WITH VENT GAS RECOVERY

192.1 “ID

(2117 TPD) LIQUID HYDROGEN PRADUCT

NASA (ONTRACT NAS]-14AGRs MON, )

0nl

3179775,
R220.%6
600.000
308.000
3776.98
48,3138

S.H. VAP

0.75000
0.25000

007

18383104,
47527.4
600.000
RS5,5000
1160.32
33,3969

S.H, VAP

0.75000
0.25000

N3

B LLRLEY N
967,11
SA7,600
49,9798
197.025
18,0469

S«.Cs LIN

«2017]
0.79629

STREAM DATA FOR HYNROGEN STREAMS
US CUSTOM2RY UNITS

002 003 ' 004
2387145, 792630, 16907712,
6171.68 2049,25 43712.9
6£00.600 600.000 £00.000
I0R.000 308,000 30R,000
1776.98 3776.98 3776.98
48,3138 48,3138 4",3138
S.H. VAP S.H. VAP S.H. vaP
0.75000 0.75%00 0.75000
0.75000 ¢.725000 0,25000
008 009 010
3179775, 18381104, 366RING,
R220.94 47527.4 R9&7.11
600,000 S9R,800 SQR,ANN
308,000 B85 ,4R99 RS ,4R99
0.0 1150.32 1160.32

0.0 33,403 33,4034

SAT, vap S.H4, VAP S, H, VAP
0.75000 d.75600 0.75000
¢.25000 0.7500n 0.25000
014 015 016
366RIRT,  KRIBT, I46RIA7,
967,11 B3AT.13 8967.11
S80.899 ~ SA0.R99 574,197
40.9191 2R.0000 ?R.0252
197.024 -94 KR4k -9%4 ,KRS?
18,0751 J 10,0615 10,0R29
S«.Cs LIN S.C. LI0 Se.C. LIN
0.20371 0.04132 0.04132
0.79629 (.95R68 0.95868

00s

16907712,
43712.9
€006,000
85.5000
1160.32
33.3969

Se.H. vaP

0.7S000
0.25000

o1l

346R3A7,
B967.11
S9R,.800
81,303
993.099
31.7550
SeH, VAP

0.54554
0,.45646

el

Jeph3n7,
BS67.11
135.000
28.6783

-%94,6862

~ 11.5737

S.C. LIO

0.0e132
0.95R86R

[

PAGE R

006

14753%,
L} P
600,000
RS.5000
1160.37
33.3%70

SeHs VAP

c.75000
0,25000

012

ELLLE LY N
A967.11
S87.600
81,2016
993.097
31.8147

S.H, vap

0.54554
0.65445

MeEIAT,
8367.11
135.000
29.6946

-Q4,6842
11.574S

S«Ce LI

0.,03632
0.96968



STREAM NUMBER

FLOWe CFHNTP)
“LOWe LB MOLF/HR
PRFSSURE. PSIA
TEMPERATURE s DFG x
ENTHAI PYe BTU/ZLHE.MOLF
FNTROPYs RTU/LAMOLF=DFG X
LIQUIND FRACTION MOLF L/F)
COMPOSITION, MGLF FRACTTION:
ORTHO=HYDROGEN
PARA =4YNRNGEN

STREAM NUMAER

FLOW,s TFHINTP)
FLOWs | P MOLF/HR
PRFSSIIRE, PSTA
TEMPFRATURF« DFG ¥
EMTHAL PYs BRTU/ZL B MOLT
ENTROPYe HTU/LR MOLE-DEG X
LIQUIN FRACTION (MOLF L/F)
COuONSTITIONe MOLF FRACTION:
NRTHO=-HYNROGFN
PARA -HYDROGFN

STRFAM NUMRFR

FLOW. CFH(NTP)
FLOW: L3.MOLE/HR
PRFSSHREs PSTA
TEMPERATIIRE s DFG X
ENTHAL PYs HTU/LB.MOLFE
ENTROPYs BTUZLR MOLF-DFG K
LIQUID FRACTION (~OLE I ¢F:
COMP. SITIONe MOLF FRACTION:
ORTHO=-HYNROGFN
PARA -HYNROGEN

TABLE 13
H2 LIOUFE IFR -~ WITH VENT (AS RECOVERY
192.1 MTD (2V]1.7 TPD! LIQUID HYDROGEN PRODUCT
NASA CONTRACT NAS]-14K593. MOD,§

STREAM DATA FOP MYDROGEN STREAMS
US CuSTNIMARY UNITS

n:e 270 021 022
J4KRIAT, 1491aT1K, 14914718, 16451471R,
R9£7,.11 18560, JRSEN 38560,.3
135,000 SeR.B00 S9R_800 S94,F00
70.5509 AS.4R99 Rl1.39% Al.2R45
-194.,202 1160.32 1114.19 1114.19
7.';5075 33.4034 3?o“<°° 32.8696
S.C, L1IO SeH. VaP S.H, VAP S.H, VAP
0.03032 0.75000 0.75000 0.7500n0
0,.94968 0.25000 0.75000 n.2soeno
nrs 0726 027 02R
TN I T 46l b, RR3INS50], ARGDSO1.
LS L 2a616.7 229RS .4 279RS .4
596.R00 S59%:.800 S%A.R00 526,800
R, PR40 S8,.7669 58,7669 SR,7668
1114,.19 B42.253 B4a?,251 T*2.251
3?2.,R%96 28,9198 28.9198 28,9197
Sete VAP SeHe VAP S.H, VAP S.H, VAP
0.75000 0.75000 0,75000 0.75000
0.25000 0.25000 L .7S000 n.25000
a3 032 033 . 03
5513515, S53n35, 16551377, 1655377,
1431.36 16431.36 4279.78 4279.78
594,00 ) 16.1000 50.50060 S0.5000
29,5000 20.5009 26,0000 33,0678
3513,A44 353.644 641,938 783,327
17.5519 20.6181 30.9753 35,2359
S.C. LIQ 0.69667 S.H. vap S«H. VAP
0.75000 0,75000 0.75000 0.75000
0.25000 0.25000 0.25000 0.25000

023

S470582,
lalald,.s
S96.R00
8].284%
1114019
32.8698

SeMHs VAP

t.75000
0.25000

g2e

PAJ0S0].
22985,.4
S0.5000
26.0000
661,938

39,9753
SeH. VAP

0.75¢000
0.25000

035

67565093,
17490,.4
48.7000
38,9798
783,329
35.307)

S.H. VAP

0,75000
0.25010

PAGE 19

024

S4T05R2,
14143.6
48,7000
38,9402
7TRY. 313
I3.3072

s.". v"

0,.75000
0.25000

030

SS3s1S,
1431.236
596.800
SA.TAES
B842.253
28,9198
SeH. VAP

0.75000
0.25000

ns

6765093,
17490 .4
4R, 7000
T7.7849
1149.07
2,108

S.H, var

0.75000
0,25000



STREAM NIIMBER

FLOwW. CFHINTM)
FLOWe LR MOLF/7HR
PRFSSURE s PS4
TEMPERATIFE s DFG x
ENTHALPY. BTUZLB.MOLF
ENMTROPY, BTU/ILR.MOLF-DFG K
LIQUIN FRACTION (MOLF L /F)
COMPOSITIONe MOLF FRACTION:
OPTHO=-HYDROGFN
PARA ~MHYDROGEN

STREAM NUWMaFQ

FLOWe CFHINT?)
FLOWs LB.MOLE.“HR
PRFSSURE. PSTA
TEMPERATURE. DFG K
ENTHAL PYs RTU/LRB.MOLE
ENTRCPY, ATU/LA.MOLE-DFG K
LIOUID FRACTION (MOLE L/F)
COMPOSITIONs MOLF FRACTION:
ORTHO-HYDROGEN
DAHA -HYDRDGEN

STREAM NUMRER

FLOW. CFHINTP)
FLOWe LB.MOLE/HR
PRFSSURE . PSTA
TEMPERATURFE« DFG X
ENTHALPYs BRTU/ZLH MOLF
ENTRNPYs RTU/LA.MOLF-DFG X
LIQUID FRACTION (MOLE L /F)
COMPOSITIONs MOLF FRACTTION:
ORTHO-HYNDROGEN
PAQA =-HYDROGFN

TARLE 19

H? LIQUFFIFR - WITH VENT GAS RECOVERY

192.1 MIN (21]1.7 TPD) LIGUID HYDRDGEM °R00UCT

NASA CONTRACT NASI-144KGRs MOD,)

STREAM DATA FOR HYNHROGEN STRFAMS

037 038
KT650Q12, 7225124,
17490 .4 18705,.46
46,6090 S50.5000
77,7429 76,0000
1142.07 £41.93R
42 9360 30.9753
SeHe VAP S.H. VAP
0.75000 0.75000
0.2sn00 0.250¢0
na?l * (XA
7595920, 7595990,
19638, 19636.5
4R,7000 46,0000
17,7016 77.6594
i1148.30 1148.3n
42,0975 42.2851
SeHe VAP SeHe Vap
0.75000 c.75000
0.-5000 0,25000
049 oso
911751, 311751.
2357.23 2357.23
00,000 598,600
R5,.5000 AS ,4RRD
1160,.32 1150.32
31,1969 33, 404s
‘SeH, VAP S<H. VAP
0.75000 .75000
0.25000 0.25000

1S CUSTOMARY UNITS

039

7235124,
13705.4
50,5000
39,0478
782,327
35,2359

SOH. VAR

0.75000
0.25000

045

14351083,
3/12R.9
45,0000
77,6229
116R,.64
42.2902

SeH, var
0.75C20
0.75000

as1

911751,
2357.23
S9R.600
33.2811
399,614
19.0119
S.C. LIN

9.75000
0.25000

0an

7235124,
18705.6
48,7000
38,9798
783.329
35.3071

S.H. vaP

0.75000
0.25000

fas

14361083,
37)12R.9
46,0000
3oo.000
1659.3%
57.0546

So“o V.D

t.75000
0.25000

052

911751,
2357.23
16,1000
20.5009
I99.61R
22.85656
0.57697

0.75000
0.25000

0sl

=360866,
-922.977
48,7000
38,9798
783,329
35.3071
S.H. VAP

0.,75000
0.25000

047

2387145,
6171.68
600,600
85,5000
1150.32
33.3969

SeH. VAP

0.75000
0.25000

053

1465385,
3788.58
16.1000
20.5009
382.24R
22.0165
0.62219

0.75000
0.25000

-
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0&2

7595990,
19638.5
48,7000
IR_9798
783.329
35.307

SeH. VAP

6.75000
0.25000

N&R

14753%.,
RL S ETTN
600,000
RS5,.5000
1160,.32
33.39469

SeH, VaP

0.75000

0.25000

0S5«

1465385,

378A.58
16.1000
20.5009
621.220

31.6988

SAT, var

0.75000
0.25000

-



STRFAM NIMARFR

FLOWs CFHINTP)
FLOWs LRMOLE/HR
PRFSSURF+ PSTA
TEMPERATURE . DFG K
ENTHALPY, BTU/LB.MOLF
ENTROPY, RTU/LR . MOLF=-DFG x
LIQUIN FRACTION (MOLE L/F)
COMPOSTITION« MOLF FRACTION:
NRTHO=-HYDROGFN
PARA =HYNRNGFN

STRFAM NUMAFR

FLOWs CFH(NTP)
FLOWe LB MOLE/HR
PRFSSURE, PSTA
TEMPERATURF « DEG X
ENTHALPY. RTU/LR ,MOLE
ENTROPYs RTU/LP.MOLE-DFG K
LIQUID FRACTION (MOLE | /F)
COMPOSITIONe MOLF FRA&CTTION:
OPTHO=HYNROGEN
PARA ~HYDROGFN

STREAM NIMRER

FLOWe CFHINTP)
FLOWs LB, MOLE/HR
PRESSURE« PSR
TEMFERATURE . DFG ¥
ENTHALPYs BTUZLRB MOLF
ENTROPYs ATU/ZLR MOLF-DFG K
LINUID FRACTILN (MOLE | /F)
COMPNSITION. MOLF FRACTTION:
ORTHN-HYNROGFN
PARA =HYDROGEN

TABLE 19

H2 LIOUWEFIER - WITH VENT A5 RFCNVERY

192.1 MID

(2117 TPD) LIOUID HYUROGEN PRODUCT

NASA CONTRACT NAS)-1469R+ MOD,]

0SS

14651385,
3787 ,5R
16,1000
71.3%82
1094,52
45,1184

SeH, VAP

0.75000
0.25000

nal

16115093,
41561,7
600.000
30A2,009
3776.9R
4R.313R

SeH. VAP

2.75000
0.75000

na7

3IR4RAS,
R751,22
14,7000
20,2137
-203,4R)
7T.63142
SAT, LI

0.03032
0.9696R

STREAM DATA FOR MYNHROGEN STRFAMS
US CuUSTOMaARY UNITS

056 0s7 0S8
14653RS, 1465385, 1465385,
I7HR.SA 37RA.5R 378R.58
15.6000 15,6000 15.0000
T1.37%90 309.000 300.002
1094.52 IK%A, 32 I65R, 12
45,6226 60.9507 61.0995
S.H. Vap SeH. vap S.H, VAP
0.75000 0.75000 0.75000
n.2s00n 9.7500n n.2s00n

062 063 064
S11750, 91:751. 5536135.
2357.2? 2357.213 1631,3%5
16.1000 16.1000 15.1000
20.5009 70.5009 20.500%
?37.139 621.220 6£21.220
16,9227 33.4984a 13,6988
SaT. LIN SAT, vaAp SAT, vapP
0.75060 0.7=000 0.75000
0.725000 0.25000 0.25000
133 136 135
798625, ZRRK2S, 28A62S,
746,206 Tk ,206 766,206
18,0000 18.0000 17.5000
?S.0000 39.0678 19,0435
224,658 359,583 159,46R1
28,1046 32,3638 32,4260
SeH. VAP SeH, VAP SeH, VAP
0.03029 0,.03029 0.0302%
0.96971 0.9637) 0.96971

059

1465385,
3788.58
42.0000
30R.000
37157.07
57.5489

SeH. VAP

0.75000
0,.25006

06S

346RIAT,
8967,11
14.7000
20.2337
~196.201
8.09017
0.97592

0.03032
0.96568

136

2RRK2S,
Teb, 206
17.5000
77.7849
726,316
38,8929
SeHe VAP

0.03029
0.9697]

PaGE 21

L1

16115093,
“1663.7
42.0000
300n.R83
3670.02
57.3073

SeHe VAP

0.75000
0,25000

066

AIS01.9
21S5.RrS
14,7000
2n.2337
131.9¢°
26.68¢c
SAT, veP

0.03032
0.96968

145

2R8A82S,
Tab, 206
17.5009
300.9¢0
RLE DL
56.0631
SeH. VAP

0.03029
0.96971
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TARLF 19
H2 LIQUEFIER = WITH VENT GAS RFCOVERY
192.1 MTD (211.7 TPD) LINUID HYUROGEN PRODUCT
NASA CONTRACT NASI=14K9Rs MOD,)

STRFAM NATA FOR HYIWOGEMN STREAMS
S CUSTOMARY UMITS

STREAM NUMRER 147 148
FLOWe CFHINTD) PRAKDS PRRK2S,
FLOWs LR MOLE/HR Tabk, 206 746.206
PRFESSURF « PSTA 14.700 42.0000
TEMPERATURF « NDFG 08.000 J0R.000
ENTHALPYe ATU/ZLB.MOLF 37156.10 37157.07
ENTROPY, RTU/LR . MOLF=-DFG K 61,4497 57.54K9
LIQUIN FRACTION (MOLE (./F) S.H, VAP S.K. VAP
COMPOSTITIONs MOLF FRACTTON:

ORYHO=HYDROGFN 0.7S000 0.75000

PARA -HYDRNOGEN 0,25000 0.25000



STREAM NUMBER

FLOWy CMH(STP)

FLOWs GM.MULE/SEC

PRESSUREs RILOPASCAL
TEMPERATURE DEG X

ENTHALPY, JUULES/GM.MOLE
ENTROPYs JOULES/GM.MOLE-DEG C
LIQUID FRACTION (MOLE
COMPOSITIONs MOLE FRACTION:

NITROGEN

STREAM NUMBER

FLOWs CHMH(STP)

FLOWy GM.MOULE/SEC

FRESSURE s KILOPASCAL
TEMPERATUKEs DEG K

ENTHALPYs JOULES/GM.MOLE
ENTROPYs JOULES/GM.MOLE-DEG C
LIQUID FRACTION (MOLE
COMPOSITIONs MOLE FRACTION:

NITROGEN

STREAM NUMBER

FLOWs CMHISTP)

FLOWs GM.MULE/SEC

PRESSUREs KILOPASCAL
TEMPERATURE» DEG K

ENTHALPYs JOULES/GM.MOLE
ENTROPYs JOULES/GM.MOLE-DEG C
LIQUID FRACTION (MOLE L/F)
COMPOSITIONs MOLE FRACTION:

NITROGEN

TABLE 20

N2 REFRIGERATOR = NO VENT GAS RECOVERY
NASA (ONTRACT NAS]1-14698+M0D,1)

1

275549,
34]146.96
2718s5.77
308,000
13029.5
96.5690
S«He VAP

1.00000

7

146269,
1812.75
43136.86
162.431
8001.06
70,8914
S«H, VAP

1.00000

13

19052.8
236.127
4136.86
99.0000
2137.69
25.0528
S«.C. LIO

1.0002%0

STREAM DATA FOR N2 REFRIGERATOR STREAMS

2

275549,
Jal4e.96
3308,39
308.000
13002.8
95.0568
SeH. VAP

1.00000

174553,
2163.29
615.012
148,615
8395.78
87.7001
SeH. VAP

14

64325.7
7197.209
620.528
97.0000
6693.07
73.4695
SeHe VAP

SI UNITS

e = “
256496, 110228.
3178.86 T 1366.09
«136,.88 4136,.86
308,000 235.000
12961.1 10650.9
93.0685 B4 ,4956
SeH. vap _SeH. VAP
1.00000 1.00000
5 10
174553, T 19052.8
2163.29 236.127
615.012 4]136.86
232.000 T 23S.000
10905,.4 10650.5
101.126 B4, 4956
SeH. VAP S.H, VAP
1.00000 __ 1.00060
15 - 16
64325.7 66325.7
797.209 797.209
620.5¢28 T 615.012
138,009 149,687
B8063.26 B8428.96
BS.3076 B87.9227
SeH. VAP SeH. VAP
1.00000 — — 1.00000

o e S

110228,
" 1366.09
615.012
147,990
8376.42
87.5696

Solle VAP

il

19052.8

236,127
«136.86
162.43]
8001.05
70.8914
SeHe VAP

1.00000

17

19052.8
236.127
4136.86
100,650
2236.92

T 26.066R

S.C. LIQ
~1.00000

e PAGE 23

i 6

146269,

T 7 18l12.75

4136.R6
235.000
10650.9
84,4956
SeHe VAP

12

19052.8
236,127
“136.86
140.000
£763.73
62.6387
- T SeH, VAP

19952.8
236,127
“136.86
100.650
2236.92

o 26.046R8
Sat. LIQ



STREAM NUMUER

FLOWy CMHI(STP)

FLOW, GM.MOLE/SEC

PRESSUREs xILOPASCAL

TEMPERATURE+ DEG K

ENTHALPY s JUULES/GM MOLE

ENTROPYs JOULES/GM MOLE-DEG T

LIWUID FRACTION (MOLE L/F)

COMPOSITiONs MOLE FRACTION:
NITROGEN

STREAM NUMHER

FLOWs CMHI(STP)

FLOWy GM.MULE/SEC

PRESSUREs mILOPASCAL

TEMPERATURE s DEG K

ENTHALPYs JOULES/GM.MOLE

ENTROPYs JUULES/GM.MOLE-DEG C

LIQUID FRACTION (MOLE L/F)

COMPOSITIONs MOLE FRACTION:
NITROGEN

STREAM NUMBER

FLOW. CMHI(STP)

FLCWs GM.MOLE/SEC

PHRESSUREs KILOPASCAL

TEMPERATUREs DEG K

ENTHALPYs JOULES/GM.MOLE

ENTROPYs JOULES/GM.MOLE-DEG C

LIUUID FRACTION (MOLE L/F)

COMPOSITIONs MOLE FRACTION:
NITROGEN

TABLE 20

N2 REFRIGERATOR = NO VENT GAS RECOVERY
NASA (ONTRACT NAS|-14698+M0D.1

19

0.0

0.0
4136,86
100.650
V.0

0.0

SAT, vap

1.00000

26

256496,
3178.84
4136.806
265.565
11636,2
88,4387
S.H. VAP

32

81942.8

1015.54

B 594,328
300.000

12910.3

- ' 108.989
SeHs VAP

STREAM DATA FOR N2 REFRIGERATOR STREAMS
SI UNETS

20

B81942.8
1015.54
620.528
97.0200
€693.07
13,4695
S, VAP

1.00000

27

19052.8
236.127
4136.86
308.000
12961.1
93,0685
Se.H. VAP

33

193606,
2399.42
607.428
303.492
13012.1
109.145
SeH. VAP

1.00000

21

81942.8
1015.54
620,528
97.0000
6693.07
73,4695
SeH. VAP

28

19052.8

236.127
4136,.86
265,565
11636.2
88.4387

SeH. VAP

1.00000

Ja

19052.8
236,127
- /07,428
308.000
131466.4
109.579
SeH. VAP

22

166259,
1812.75
620,528
97.0000
6593.07
73,4685
S.H. VAP

29

174553,
2163.29
607.428
393.000
12997.7
109,098
S.H. VAP

35

19052.3
236.127

T 101.353

300.000
12938,7
123,773
SeHe VAP

23

0.0

0.0
620,528
63.1363
-0.02724
=-0.25022
Se«Ce LIC

30

275549,
Jele.98
4]136.86
J08.000
12961.1
93.0685

SeHe VAP

PAGE 24

25

256496,
3178.84
4136.86
235.000
10650.9
B4 .4957
SeH. VAP

1.00000

3

275545,
3el6,.98
594,328
302.435
12981.8
109.227
SeHe VAP



STREWM NUMBER

FLOWs CFHINTP)

FLOWs LB MOLE/HR

PRESSURE . PSIA

TEMPERATUREs DEG K

ENTHALPYs BTU/LB.MOLE

ENTROPYs BTU/LB.MOLE-DEG K

LIQUID FRACTION (MOLE L/F)

COMPOSITIONs MOLE FRACTION:
NITROGEN

STREAM NUMBER

FLOWs CEHINTP)

FLOWs LB.MOLE/HR

PRESSURE . PSIA

TEMPERATURE. DEL K

ENTHALPYs BTU/LB.MOLE

ENTROPYs BTU/LB.MOLE-LEG K

LIGUID FRACTION (MOLE L/F)

COMPOSITIONs MOLE FRACTION:
NITROGEN

STREAM NUMBER

FLUNy CFHINTP)

FLOW. LB-MOLE/HR
PRESSURE. PSIA
TEMPERATUREs DEG X
ENTHALPYs BTU/ZLB MOLE

ENTROPYs BTU/LB.MOLE-UES K

LIGUID FRACTION (MOLE L/F)
COMPOSITIONs MOLE FRACTION:
NITROGEN

PAGE 2S5
TA3LE 21
N2 REFRILERATOR - NO VENT GAS RECOVERY
NASA (CONTRACT NAS]1=166S8+M0D.1
STREAM DATA FOR M2 RERRIGERATOR STREAMS
US CUSTOmMARY UNITS
1 2 3 o “ s -~
10483126, 10483126, 97Se271., 4193556, «193556, S5S64T1S.
27102.9 27102.9 25228.9 T 10841.9 10841.9 14386.9
404.064] 479.84] 600.000 600.000 89,2000 600.000
308.000 308,000 30R.000 235.000 17,990 235.000
5605.55 5594.04 5576.10 - 4582.21 3603.69 45R2.21
4].5458 «0,.8952 «0.01395 36,3516 37.6741) N 3518
SeH. VAP SeHe VAP SeH. VAP SeH, VAP SeMe VAP SeMH. VAP
1.00000 1.00000 1.00000 1.00000 1.00000 1.00000
7 8 9 10 11 12
5564715, 6640797, 6660797, T 724853, 724853, 724853,
14386.9 17169.0 17169.0 1874.02 1875,02 1874.02
600.000 = 89.2000 89.2000 = 600.000 600.000 ©00.000
162,431 1648.615 232.000 235.000 162.43] ’ 140.000
Jes2,20 Jsle.02 46%1.72 4582.21 Jes2.20 2909.68
39.4988 37.7302 43,5063 36,3516 30.4988 26h.9483
S.He VAP S.H. VAP SeH. VAP T SeH. VAP SeH. VAP SeH, VaP
1.00000 _1.00000 ) 1.00000 ___1.00000 ~ 1.00000 i 1.00000
13 e . . o 16 : 7 18
724853, c4aT2e]. 2647261, 26472461, 7264853, 724853,
1874,02 6327.05 6327.05 6327.05 187,02 1874.02
600.000  ~  90.0000 © 90.0000 T BR9.,2000 600.000 6€00.000
99,0000 97.0000 138,000 149,687 100,650 100.650
919.675  2879.48 668,97 3626430 962.365 362.365
10,7782 31.6080 35,7009 37.8260 11.2058 11.20548
S.C. LIQ SeH. VAP SeH. VAP SeH. VAP S«Ce LIQ SAT, LIQ
1.00000 ) ~ 1.00000 1.00000 ~ 1.00000 1.00000 1.00000



STREAM NUMBER

FLOWs CFHINTY)

FLOWs LB.MOLE/HKR

PRESSURE, PS]A

TEMPERATURE :» DEOG X
ENTHALPYs BTU/ZLB.MOLE
ENTROPYs BTU/LB.MOLE-DEG K
LIQUID FRACTION (MOLE L/F)
COMPOSITIONs MOLE FRACTION:

NITROGEN

STHREAM NUMBEFR

TLOWs CFHINTP)

FLOWs LB MOLE/HR

PRESSURE s PSIA

TEMPERATUREs DEL K
ENTHALPYy 8TU/ZLBMOLE
ENTROPYs HTU/LE MOLE-UEG K
LIGUID FRACTION (MOLE L/F)
COMPOSITIUNs MOLE FRACTION:

NITROGEN

STREAM NUMBER

FLOWs CFHINTP)

FLOWs LB.MOLE/MH

PRESSUREs PSI1A

TEMPERATURLs DEG K
ENTHALPY, BTU/LB.MOLE
ENTROPYs BTU/LB.MOLE-DEG K
LIWUID FRACTION (MOLE L/F)
COMPOSITIONs MOLE FRACTION:

NITROGEN

TABLE 21

N2 REFRIGERATOR = NO VENT GAS RECOVERY
NASA (ONTRACT NAS]1-14698+M0D,)

19

0.0

2.0
600.000
100.650
0.0

0.0

SAT, VAP

1.00000

c6

9758271,
25228.5
600.000
265,565
5006.10
38,0480

SeH. VAP

32

3117676,
B80S9,.66

86.2000

300.000
5554.27
46.8893
SeHe VAP

STREAM DATA FOR N2 REFRIGERATOR STREAMS
US CUSTOMARY UNTTS

20

117674,
8059.86
S0.0000
37.0000
2879.48
31.6080

SeH. VAP

27

724853,
187«.02
600.000
308.000
S5576.10
«0.0398
SeHe VAP

33

7365650,
19043.0
88.1000
393.492
5598.04

- “6. 95“

SeH. VAP

1.00000

21

3117474,
RO0S9,.84
90.0000
97.0000
2879.48
31.6080

SeH. VAP

23

T24R53,
187,02
600,000
265,565
S006.10
J8.0480
S.H. VAP

36

724853,
1874.02
82,1000
308,000
S654.97
L7.1627
SeH. VAP

1.00000

22

5564715,
14386.5
S0.0000
37.0000

T 2B79.48
31.6080
SeHe VAP

25

T 6640757,
17169.0
88.1000

N 303.000
5591.83
56,9350

s.". V.P

1.00000

T24853.
187«.02

T 16,7006

300.9000
S566.47

o 53,2455
SeH. VAP

s

21

0.0

0.0
90.0000
63.136)
=0.01172
=0.10765
S.C. LIO

30

10483]124.
27102.9
600.000

308,000
5576.10
&0.0398

SeHe VAP

PAGE 26

2s

9758271,
2522%.9
600.000
235.000
4532.20
36. 3516

SeHe VAP

n

104831 24,
27102.9
86,2000
302.436
S5€85.02
©6.9915

SeH. VAP

1.00000

O ¥ood
NIDIYO

nvn
g 39vd v



STHEAM NilMee &

FLOMs (MHISTR)

FLOA: OGM.MOLEZSEC

PRESSURE ¢ » JLOVASCAL

O TEMPERATURE s DEG ¥

ENTHALPYe O FS/7GM i F

ENIHOPY s JOULES/GM 40l E=UFEG

LIWUID FRACTION tMOLE LZ7F)

COMPOSITIONS MOLE FraCcTlon:
NITROGEN

STREAM NUMHER

FlUwe (MHISTE)

FLOW. GMemuLE/sSEC

PRESSURE s =iLOPASCAL

TEMPERATURE DEG *

ENTHALPYs JUULF S/GM,MULF

ENTROPY e JOULES/GM MuLE-0EDL C

LIGUID FRACTION (MOLE L/sF)

COMPOSITION: MuLE FRICLTIONS
NITROCEN

STHEAM NUMEE W

FLOW, (MHISTR)

FLOWe GM MOLE/ZSE T

PRESSUME o # [LOP2SCAL

TEMPERATURE s DEG X

ENTHALPYe JOULES/GM MOLE

ENTROPYs JOUMLES/GM.MULE-DEG C

LIGUED FRACTION iMOLE LZF)

COMPOSITIONS MOLF FwaCllun:
NITROGEN =

TasLe 22

e REFNTorRaATOR - @lTh VENT OLAS RECOVERY

NASA LouwisactT

2H%% 3,
3j78.12
2Ivi. 19
3un.00C
130e9.¢
YheHabH
Serte VAP

l.v000y

7

1367137,
1696 .0
“l30.8%
1624431
s0%1.086
U B
SeH, VAP

l.utp0p

13

147289
232.113
4136.86
99.0000
2137.69

o 25.0528

S.C. Llu

“1.00000 -

STREAM DATA Fuw N2 ReFRIGEATOR STREAMS

é

2964135,
JiTn.l3
131963
Jok.000
13002.2
S5.0087
Sette VAP

L

164205,
2035.05
ols.012
laE.643
8396,05
a7.70&2
Set. VAF

1a

6323¢.13
T83.657
620.528
S7.0000
6893.07

o 73.4€95

Set, VAP

NAS | =lenyds MO0, )

ST uslts
3 T -
23tno. 100573,
2965.02 T 125139
“lidn.ms «l 3,46
30k, 000 235.000
12961.1 10650.9
Y3.0085 Re . 4956
SeH. VAP SeH., VaP
i.00000 l1.00000
- 10
164295, 18728,.5
2035.905 23z2.112
615.012 “136.58%
232.000 7 23S.0r0
10905.4 10652.9
101.12s He L4958
S.H. VAP TS.H. VAP
1.00000 1.00000
15 - 16
6£3232.3 63232.)
783.657 783.657
620.528 — T 6&15.012
138,000 149.687
B8063.2% Ae2H.96
‘BS.3076 T RBRI1.S227
Sete VAP Set, VAP
T T.00000 0 1.00000

PAGE 27

S LY
100973, 136737,
1251.3% 169%6.8]
615.012 “136.86
1«7.5%0 235.000
B8376.,42 10650.9
87.5696 Ba.a95%
l.00000 1.00000
11 12
18728,9 ~18728.9
23z.113 232.113
L136.88 «]136.86
162.33] 140.000
8001.0% 6763.73
To.891« 62,5387
SeH. VAP SeH,. VAP
[?..... 1.00000
_ 17 18
18728,.9 18728,.9%
232.113 232.113
4136.86 L4136,.85
100.67% 100.673
2238.664 2238.64
T26.0640 0 28,0640
S.C. LIC SAT, LIG
1.00000 " 1.00000



STeEAM NuMut#

FLOWs CMHLSTR)

FLOWe GM . MULE /SEC

PRESSURE « klLOPASCAL

TEMPERATUNE « Tty X

ENTHALP Y. JOULES/GA, ALt

ENTROPYs JWULES/GM MOLE-1F L C

LIQUID FRACTION (MOLE  LZF)

COMPOSTITIO0Ns MOLE FraCTion:
NITROGEN

STWE AM NUMEE R

FlLOWe CMMISTE)

FLUAe GM MOLE/SEC

PRESSURE « = LOPASCAL

TEMPERATURE s DEL K

ENTHALPYs JUULES/GM MOLE

ENTROPYs JOULES/GM MOLE-0FEG C

LINUID PRACTION tmoLe  LZF)

COMPOSTITION. MOLFE FraCTlon:
NITROGEN

STREAM NUMHER

FLOW,s CMHISTE)

FLOAs GM.MOLE/ZSEC
PRESSURE s mlLOPASCAL
TEMPERATURE « DEG X
ENTHALPY. JOULES/GM . MULE

ENTROPY s JOULES/GM M & =DFG ©

LIGUID FRACTION (MOLE L/ZF)
COMPOSTITIUNS MOLF FRACTIUN:
NITROGEN

TasLe 22

e REFHTOrRATON = wlTe VENT 0AS RECOVERY

NAGA (ONTHALT NASI-14694.

STREAM DAT« FOR N7 REFEIGERATCOR STREAMS

iy 20
0.0 ~ T350%.1
0.0 © S10.v12
“l sn.on 620.528%
1lgu.57v 97.v000
Qe 6693.07
Ued Ti.ab55
Sal, waw Seh. VAP
l.u00v0 l.00000
26 er
Z2iitle. I8778.9
ian.l? 232.113
4136,.86 «l36,86
2655.113 308.000
1i521.9 12961.1
B3, Ines _ 93.0685
Sette VAP Serfte Vab
~l.vdu0Q 1.00000
J2 _ R
7135051 1872936,
Jlo. 972 2evl.ls
See. 0K o 507.428
Joo.000 Joi.5101
12910.3 13012.7
108,999 N 10v.len
Sette VAP SeM. vaP
1.00000 1.90000

MO0, 1

SI uslTs

21 ' ee
713505.1 136737,
YI0.972 1694.53
60 .528 620.52%
97.0000 97,0000
o6%3.07 £653.07
Til.envs T3.4595
Sette VAR SeH. vap
1.00000 l.00000
28 29
I18728.9 N 184205,
232.113 2035 ,05
&L136,.85 B0 7 2™
295.1113 303.000
11821.9 129517
LR 109.098
SeH,. VAP Set, VAP
1.00000 1.00000
- . S IS
18728.9 18728.9
232.113 <¥.113
607 .42% 1¢7.35)
Jos,000 300.000
13les.e 129.8,.7
109.57% 123,773
SaH. vap S.H. VAP
1.00000 1.00000

23

620,528
63.1366
-0.00508
-0.25012
S.C. LIG

255435,
3i78.13
S136,.88
JoE.000
129%1.1
93.0655
S-u. vap

PAGE 28

s

237710,
29%%.02
«l LT LY
235.000
10850.9
Ba.e957
Set. VAP

1

z “‘”.
3178.13
SS9, A28
302.487
12983.3
109.232
SeH, vap

1.00000

ig



STHE A NUmER

FlLUWe CFrainTy

FLUW, LboMOLE /rim

PRESSURE . #51a

TEMPERATU~E « D &

ENTHALPY, sTU/L MG F

ENTROPYy sIUZLBMOLE-DEG =

LIGUID FR2ZTION (MUl e LZF)

COMPOSETIune MOLE FraCilon:
NI TROGEN

STef AM NUNeER

FLUOwy TEHINTS)

FLUW, LBMUOLE 74w

PRESSURE . PSTA

TEMPFEATUSE s DEG =

ENTHALPY. HTU/LB .M E

FNTROPY s HTUZLH MOLE =DEG =

LIGUID ERaCTION (ML E  L/ZF)

CUMPOSTITION. MOLE FRACTION:
NITROGEY

ST aM NuMot R

FLUWe ChminTe)

FLOWe LiseMULE M~

PRESSURE. PSIA

TEMPERATUKE s DEG K

ENIHALPY, STUZLEMOLF

ENTROPYs HBTUZLH. MOLF -DFEG «

LIGUID FRACTION fMOLE  L/F)

COMPOSTITIONs MOLE FRACTJuN:
NITROGEN

Tasie 23
MNe BRirloswalor = wlTi VENT 0aS RECuve~Y
NASA (UNTRACT NaSi-leny8s =00.1

STufam DATA FOR N RLFRIGFRATOR STRFANS
Us CUSTUMARY (NS

1 2 3 -
viuslle. ERAELY | LU e3S5TH, Jselann,
29223 ) fS5e23.13 2)3“‘.' ) ) 99,'06'
“«05.117 “plewre 600.000 500.000
0n.000 Jon.000 308,000 235,000
SH05 39 S5593.80 S5576.10 T &Se2.21
“len35B “g.H8c 3 “U.039m 36,3518
Setty VAWM Sete VAP SeHe VAP S.H, VapP
1.00%00 1.00v00 1.00000 1.00000

7 L] s 10
S52¢c110. 62«Tllv. 62647110, T12532.
[EDT RIS 15151.2 181S1.2 18acal?
SG0. 000 Hy.2000 89.2000 0
Io2,.«31 198,643 232,600 235,000
Jesdacl nide.s9 “h9). 72 582,21
L ) A7.73¢R “3.508) 36,3518
Serty VAP SeHe VAP S, vaAp S, VAP
L.00000 1.00000 1.00000 i ~ 1.00000
13 - ls i 15 o 16
Tigssc. 24056467, SelShar, 2605042,
182,17 5219.50 8219.5%0 5219.50
600.000 7 Sp.0000 $0.0000  BS.2000
99.0000 97.0000 138,000 149,687
Yiv.67S FLRA N Jehn. 47 3626.30
10.7 782 o 31.6080 T3RLT003 T 31,8260
SeCe LIG SeHe VAP SeH. Vap Sar. vap
i.oc000 © 1.00000 1.00900 ~ —  1.00000

5

IBslena,
9931.57
55,2000
1e7.9%0
Jehl.69
3'06'6‘

s.". '”

712532,
Inslal?
600.000
162,43
Jes2.21
30,4988
Sette VAP

17

Ti12532.
I8s2.17

~ 600,000

100.8679
S63.104

112132

S.C. LIG
1.00000

PAGE 29

s202110.
13sav.s
500,000
235.000
“582.21
35. 3516
SeHe VAP

12

r12s532.
182.17
©00.00
1<0,000
20T R
P LR
Sete VAP

1.00000

T1253%2.
182,17
600.000
100.5879
F83.10«
11.2132
SaT. S e

o 1.00002



STwe aM NUMHEW

FlUuwWe CFHINTR)

FLOwWwe LY MO © /MR

PrESSURE . PRTA

TEMPr RATUKE s DE X

ENTHALPYs sTu/Zis MOLE

ENTROPY s HTUZLBE.MOLF-ULG K

LIQUID FRACTION (MOLE  L/F)

COMPOSITION, MOLE FRAOCTION:
NITROOGEN

STHREAM NUMBE K

FLOWs CERINTR)

FLOWs LH«MOLE 71

PRESSURE . PSTA

TEMPERATUKRE - DEL X

ENTHALPYe HTU/ZLH . MOLE

ENTROPYs nTU/ZLH MOLE-UEG

LIGUID FRACTIUN (MOLE L/F)

COMPOSTITION MOLE FRACTION:
NITROGEN

STREAM NUMHER

FLOwWs CEHINTP)

FLOWs LH.MOLE/HR

PRESSURL . PS51A

TEMPERATURE DECG K

ENTHALPYs HTU/ZLH.MOLE

ENTROFYs BTU/ZLH.MOLE=-DEG K

LIGUID FRACTION (MULE L/ZF)

COMPOSITICKRe MOLE FHRACTION:
NITROGEN

NASA (UNTHaCT NASL-lab9He

iv

u‘o

0.9
500.u04
100.675
v.0

o.o

SAT. vap

l1.00c00

26

043578,
2338le.1
Hu0.000
265.113
w99, Ya
JR. 0247

SeH. VAW

1.90000

s

2190468,
1229.96

86,2000

350,000
5554.27
“f ,RA9]
S.H, VAP

1.00000

Taslt 23
e REFRIOrRATOR = wllH VENT GAS RFCOVERY

STREAM DATL FOR N2 REFRIGERATOR STREAMS

20

2Tsnsbn,
120994
90.0000
97.9000
2H19.48
31.6080
Sette Vap

1.00000

7

,lC')3¢-
Inazel?
600.000
305.000
5576.10
“0.0398
Serte VAWM

 1.00000

i 33
895 Ib64al,
17993.3

T BE.1000

303.511
5598.29

ST 46,957«

SeH. VAP

“71.00000

M0D. 1

US CUSTOMaRy UNITS

21 22
2T96h4nn, 5202110.
1229.94 13649,6
90.0000 9%.0000
97.0000 97.0000
CHT .48 e 2BT19.48
3l.60%0 31.6080
SeH, VAP SeHe VAP
1.90000 1.00009
28 2%
T12532, 7 s2eTll0.
18642.17 16151.2
600.0C0 88,1000
es85.113 303.000
“99Y, Y S5591.83
IB.0267 abh.93IN0
SeH. VAP S.H. VAP
l.00000  1.00000

. o, S . S
712532, T12532.
1862.17 1842.17
T BB.1000 T 1s&.7000
306,000 300.000
S5654.97 Ll S55686.48
T @T.1427 T 53,2696
SeH. VAP S.H. vap

T T T T1.00000 T 1.00000

23

0.0
0.0
90.0000
63,1366
-0.00391
-0.10760
SeCe LIO

3

9756110,
252213.3
~_600.000
308.000
S576.10
«0.0398
SeHe VAP

|
|
|
|
|

|
|
|
| !
|

|
|
|
|
|

PaGE 30

2s

9043578,
23381.1
600.000
235.000
4582.20
36,3516

SeH. VAP

3

G “97s6110.
25223.3
86,2000
T 302.487
S58S.67
“5.9917

T SeH. VAP

_ 1.00000

¥ood 40
WHIDING

|
ALIVND
sl abvd |



TABLE 24
POWER REQUIREMENTS FOR MAJOR

ITEMS OF MACHINERY

For 192.1 MTD (211.7 TPD) Peak Month Output

From one - 226.8 MTD (250 TPD) Liquefaction Module

PLANT

FLOWS: m°/s (MCFH)
LH2 Product

Vent Gas
LN- Added

Cold N2 Gas

POWER: kW

Compressors
H2 Recycle
H2 Flash
Vent Gas
H2 Feed/Booster
N2 Heat Pump
N2 Refrigeration

SUBTOTAL

Turbine Return
£-1
E-2

NET POWER

With Vent Gas Recovery
Vent Gas Flow

No Vent
Gas Recovery
"Standard" Avg.
24.715 4.715
(3384.9) (3384.9)
0 2. 11
0 (288.63)
5.29 5.20
(724.85) (712.53)
22.76 20.42
(3,117.47) (2,796.47)
50,731 50,097
1,878 1,878
0 377
18,725 12127
11,005 10,089
22,537 21,047
104,876 100,665
-1,425 -1,371
-1,390 -1,348
102,061 97,946

Max. Min
24.715 24.715
(3374.9) (3384.9)
3.89 1.02
(533.40) (139.88)
5.13 5.25
(702.87) (718.41)
18.61 21.52
(2,548.45) (2,947.17)
48,898 50,826
1,878 1,878
377 377
17,117 17: 177
10,089 10,089
19,888 21,752
98,307 102,099
-1,328 -1,397
-1,316 -1,368
95,663 99,334



_TABLE 25
FLOW VARIATION FOR H,
LIQUEFIER MACHINERY
WITH VARIATION IN VENT GAS FLOW

For 192.1 MTD (211.7 TPD) Peak Month Qutput
No Vent With Vent Gas Recovery

PLANT Gas Recovery Vent Gas Flow
"Standard" Avg. Max., Min.
H2 LIQUEFIER:
Stream Flows, m3/s (MCFH)
LH2 Product 24,715 24.715 24.715 24.715
(3384.9) (3384.9) (3384.9) (3384.9)
H2 Recycle Compressor 119.15 117.68 114.86 119.39
(16,319.2) (16,116.9) (15,731.1) (16,351.4)
H2 Flash Compressor 10.70 10.69 10.69 10.60
(1,465.4) (1,463.8) (1,463.8) (1,463.8)
H2 Turbine, E-1 41.53 40.05 38.80 40.80
(5,687.7) (5,484.6) (5,314.6) (5,587.9)
H2 Turbine, E-2 70.54 65.00 63.42 65.96
(9,661.6) (8,902.1) (8,686.3) (9,033.3)
N2 L.IQUEFIER:
Stream Flows, m>/s (MCFH)
Liquid N2 5.29 5.20 5.13 5.25
(724.85) (712.53) (702.87) (718.41)
Cold N, Gas 22.76 20.42 18.61 21.52

(3,117.47)

(2,796.47)

(2,548.45)

(2,947.17)



TABLE 26
UTILITY SUMMARY: HYDROGEN LIQUEFACTION/STORAGE
COMPLEX

For 577.2 MTD (636.3 TPD) Average Output

ELECTIRCAL POWER - kW VENT GAS RECOVERY
WITHOUT WITH
Production
Hydrogen Compressors 132,350 131,790
Nitrogen Recycle Compressors 54,660 50,980
Forecooler 6,900 6,300
Air Compressor, Nitrogen Plant 3,320 3,320
Purifier Heat Pump Compressor 6,970 6,380
Hydrogen Feed/Booster Compressor 11,740 10,740
Nitrogen Feed Compressor 5,570 5,470
Hydrogen Drier 15730 1,730
Pumps 430 430
217,050
Subtotal 223,670 217,050
Hydrogen Turbine Return - 6,640 - 6,410
Net Subtotal 217,030 210,640
Production Auxiliaries
Cooling Tower and Water Supply 10,325 9,950
Plant Air Compressor and Drier 655 655
Purge Blower and Thaw Heater 3,190 3,190
Miscellaneous 4,250 4,250
Subtotal 18,429 18,045
Process Contingency (5%) 11,800 11,400
Subtotal 247,250 240,085
Plant Auxiliaries
Road and Exterior Lighting 300 300
Building Lighting, Heating, Air Conditioning 750 750
Cranes 250 250
Fueling Pumps 150 150
Subtotal 1,450 1,450

TOTAL, ELECTRICAL POWEP 248,700 241,535



TABLE 26 (Continued)

UTILITY SUMMARY: HYDROGEN LIQUEFACTION/STORAGE COMPLEX

WATER
Cooling water makeup - m3/s
(gpm)
Potable Water - m3/s
(gal/day)
CHEMICALS
Sulfuric acid for water treatment kg/s
(1b/hr)
Dessicants and Adsorbents kg/yr
(1b/yr)
ANNUAL THAW
N2 for Plant Purge and Thaw km3
(MMCF)
Heating Fuel Gd
(MMBtu)

VENT GAS RECOVERY

WITHOUT
0.196
(3100)
0.001095
(25,000)

0.105
(835)
47,000
(105,000)

710
(27.0)
696
(660)

WITH
0.186
(2950)
0.001095
(25,000)

0.105
(835)
47,000
(105,000)

710
(27.0)
696
(660)



TABLE 27

CAPITAL INVESTMENT
LIQUEFACTION COMPLEX

PLANT CAPACITY: 3907 MTD (1000 TPD)
MID-1975 DOLLARS
YEAR 2000 TECHNOLOGY
§ THOUSANDS

VENT GAS RECOVERY

WITHOUT  MITH

TOTAL PLANT INVESTMENT 239,000 235,300
INTEREST DURING CONSTRUCTION'!) 53,800 52,900
STARTUP COSTS 6,570 6,500
WORKING CAPITAL (%) 9,250 9,210
TOTAL. CAPITAL REQUIREMENT  $308,620 $303,910

(1) At 2% interest rate on total plant investment for 1.875 years.

(2) Sum of (1) materials and supplies at 0.97 of total plant investment
plus (2) net receivables on product hydrogen at 1/24 of annual
production at 80.82¢/kg (36.66 ¢/1b)/



TABLE 28
ANNUAL OPERATING COST

FOR 577.2 MTD (636.3 TPD) Average Output

$ THOUSANDS
VENT GAS RECOVERY

WITHOUT ~ WITH

RAW MATERIALS

Freedstock (GH2 @ $0.1645/1b) 76,415 69,899
CHEMICALS

Sulfuric Acid 243 243

Dessicants and Adsorbents 93 93
UTILITIES

Electricity (at $0.02/kWh) 43,572 42,317

Cooling Water Makeup 662 639

Potable lWater 4.5 4.5
LABOR

Operating Labor 1,092 1,092

Supervision 250.6 250.6
ADMINISTRATION AND OVERHEAD 919.9 919.9
SUPPLIES

Operating 327.6 327.6

Maintenance 3,585 3,530
TAXES AND INSURANCE 6,453 6,353

TOTAL ANNUAL OPERATING COST 133,561.6 125,688.6



TABLE 29

UNIT COST OF LIQUID HYDROGEN
WITH AND WITHOUT VENT GAS RECOVERY

AVERAGE PRODUCTION =

577.2 MTD

(636.3 TPD)

OPERATING COST

Feedstock
Electric Power

Labor, Administration

and Overhead
Chemicals, Supplies,

Water, Taxes and

Insurance

SUBTOTAL

CAPITAL INVESTMENT:
Liquefaction and
Storage Facility
Investment
Distribution System
Investment
Startup Costs
Working Capital

SUBTOTAL
TOTAL

REDUCTION IN COST

VENT GAS RECOVERY

0.3627
0.2068
0.0108

0.0540

0.6343

0.2599

0.0346

0.0040
0.0101

0.3086
0.9429

WITHOUT WITH

($/1b) §/kg ($/1b)

(0.1645) 0.3318 (0.1505)
(0.0938) 0.2008 (0.0911)
(0.0049) 0.0108 (0.0049)
(0.0245) 0.0531 (0.0241)
(0.2877) 0.5966 (0.2706)
(0.1179) 0.2527 (0.1160)
(0.0157) 0.0346 (0.0157)
(0.0018) 0.0037 (0.0017)
(0.0046) 0.0101 (0.0046)
(0.1400) 0.3042 (0.1380)
(0.4277) 0.9008 (0.4086)

0.0421 (0.0191)
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