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SUMMARY

A study hus been performed to assess both the future uses of hydrogen and the hydro-
gen production processes that can meet the demand for hydrogen in the coming decades. To
do this, a projection was made of the market for hydrogen, as a fuel and as a feedstock, through
the year 2000. Four hydrogen production processes were selected, from among water electrol ~
ysis, fossil based and thermochemical water decomposition systems, and evaluated, using o
consistent set of groundrules, in terms of relative performunce, economics, resource require-
ments, and technology status.

Market Projection

The market projection shows that a substantial demand for hydrogen currently exists
and-that the requirement grows dramchcallawith time. The United States currently uses about
8 x 1010 standard cubic meters (3 x 10! SCF) of hydrogen per year, with a growth rate
that is approximately six percent per year. As one look to the future, and the growing markets
for merchant hydrogen that do not now exist, e.g., coal gasification and liquefaction, org re=
duction, fuel, etc., the pr0|echon for the year 2000 hydrogen market becomes 1.3 x 10'2
standard cubic meters (4.8 x 1013 SCF) per year. This is equwalenr to an average annual
growth rate in excess of 11 percent compared to the historical six percent rate,

Hydrogen Production Processes

The hydrogen production processes selected for evaluation were water nlectrolysis,
using the Teledyne HP electrolyzer moduies; coal gasification, using the Bi-Gas two stage
pressurized gasifier to represent developing coal gasification technology; coal gasification,
using the Koppers-Totzek atmospheric gasifier to represent commercially available coal
gasification technology; and water decomposition, using the Westinghouse Sulfur Cycle
thermochemical hydrogen production process in combination with a very high temperature
nuclear reactor (VHTR) heat source.

The technology of water electrolysis is well known and electrolyzers are available
commercially from many manufacturers. The thermal efficiency of the water electrolysis plant
is 81 percent, not including the efficiency of producing the electric power required for the
process. When the electric generation efficiency is included at 34 percent, typical of the
light water nuclear reactor powerplants capable of producing the lowest cost electric power
currently available, the combined overall process efficiency drops to about 28 percent. The
cost of producmg hydrogen from this plant, based on uhlny ownership and costs in effect in
mid-1974, is estimated to be approximately 8.47¢/std m® ($2.27/MSCF) when operating at an
80 percent capacity factor and supplled with power from an adjacent nuclear power station
with a fuel cost of 19.9¢/GJ (21¢/10° Btu).

The Bi-Gas gasifier is a two stage pressurized system which represents developing
technology in coal gasificction. The overall thermal efficiency of the plant, relating the
higher heating value of the product gos to the total energy input to the plant, wos calculated
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to be 46 percent. The cost of the production facility included, as in all the processes, equip-
ment and facilities, such as cooling towers and flue gas cleanup systems, to assure that the
plants would meet the appropriate environmental standards end regulations. The cost of pro-

ducing hydrogen from this plant, under base case economic conditions, is 4,46¢/std m
($1.20 MSCF). The base case considered coal at.2.2¢/kg ($20/ton).

Koppers-Totzek gasification is a commercially availdble process, Gasification
plants using these gasifiers are in existence around the world, The gasifier, which operates
at approximately atmospheric pressure, can handle any kind of coal and, with appropriate
downstream processing, produce a hydrogen product stream. Compression stages were in-
cluded in the plant to result in the product gas being available at a pressure of 6893 kPa
(1000 psi), as for the other hydrogen production.systems, for off-site distribution. The overall
thermal efficiency of the process, including the energy consumed in gas compression and
other plont services, is evaluated to be 49 percent. The base economic evaluation resulted
in a hydrogen production cost of 5¢/std m3 ($1.34/MSCF),

The water decomposition system used for evaluation is the Westinghouse Sulfur
Cycle two=step thermochemical process. In this process, hydrogen and sulfuric acid are pro-
duced electrolytically by the reaction of sulfur dioxide and water. The process is completed
by vaporizing the sulfuric acid and thermally reducing, at higher temperatures, the resultant
sulfur trioxide into sulfur dioxide and oxygen. Following separation, sulfur dioxide is re~
cycled to the electrolyzer and oxygen is either vented or sold,

As in cenventional water electrolysis, hydrogen is produced at the electrolyzer
cathode. Unlike water electrolysis, sulfuric acid, rather than oxygen, is produced at the
anode. Operation in this fashion reduces the theoretical power required per unit of hydro-
gen production by more than 85 percent over that required in water electrolysis. This is
particlly offset, however, by the need to add thermal energy to the process to reduce the
sulfur trioxide. Even so, this hydrogen generation process provides overall thermal effi-
ciencies approximately double those attainable by conventional electrelytic hydrogen and
oxygen production technology. The development effort on the water decomposition system
has, to date, been privately funded and has verified, by laboratory testing, that the electro-
lytic and chemical reactions proceed a: written and at rates sufficient to insure an efficient
and economic hydrogen production plant.

The energy source for the water decomposition system is a very high temperoture
nuclear reactor (VHTR) producing both electric power and a high temperature helium stream
to the process. The VHTR is a graphite moderated helium cooled nuclear unit that is pre-
dicated on the integration of the technologies from the NERVA nuclear rocket engine pro-
gram and land based gos cooled reactor programs into an advanced very high temperature
nuclear heat and power source. The conceptual design of the VHTR was sponsored by ERDA

and is described in Reference 1.
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The integrated plant requires a VHTR rated at 3220 MW(1) to result in the prodic-
tion of 10,1 x 10° std m3/day (379 x 10° SCFD) of 99.9 percent pure hydragen, The
VHTR provides all of the energy - heat and electricity = required for the operation of the
water decomposition plant and for the auxiliary power requirements ot the nuclear systzm, The
overal| thermal efficiency of the integrated process is calculated to be 47 percent. for tha
base economic case, nuclear fuel costs of 24.75¢/GJ (26.1¢/10% Btu), and no credit -or the
oxygen produced in the process, the hydrogen production cost is 5.4¢/std m3 ($1.45/MSCF),

Conclusions

There is @ market for hydrogen that exists today thar is being met primarily by
fossil based hydrogen production processes, This market is expected to grow substantially
over the next several decades, Simultaneously, the growing unavailability und/or escalating
costs of the fossil feedstocks used in today's hydrogen production makes imperative the devel -
opment of alternative hydrogen generation systems. These systems must moke use of our most
plentiful resources, i.e., they must be nuclear or coal based systems.

The evaluation of the nuclear Sulfur Cyzle water decomposition system indicates
that it is superior to water electrolysis in both thermal efficiency and cost of hydiogen pro-
duced, regardless of whether the water electrolysis plant is powered by nuclear-electric or
fossil ~electric plants. Nuclear water decomposition is on a par with coal gasification systems
in respect to thermal efficiency and holds great promise of lower hydrogen production costs as
reasonable escalation of future nuclear and coal costs are considered. The nuclear water de-
composi tion system has a lower potential environmental impact than other systems. It also
provides the opportunity for more effective resource managemeni, such as making possible
the utilization of all the carbon in coal for its chemical value, as opposed to converting it
to carbon dioxide while extracting only its thermal value.

It is concluded that the nuclear water decomposition system shows sufficient tech-

nological and economic promise to warrant aggressive development of the process and further
definition of the conceptual design.
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1.0 INTRODUCTION

The objectives of the "Studies of the Use of Heat from High Temperature Nuclear
Sources for Hydrogen Production Processes" are:

To survey exlisting and advanced processes for the production of hydrogen
by use of fossil, nuclear, and other erargy sources or appropriate combina-
tions thereof.

To analyze and evaluate these various processes in terms of cost, energy
supply, environmental impact, critical materials, and other factors; to assess
the status of technology for the promising processes; and to specify the R&D
needed to_make the promising processes practical.

To prepare a conceptual design of a hydrogen=production plant based on one
of the most promising processes; and for this process, to prepare program plans
for the needed R&D and demonstration at the pilot-plant scale,

To achieve these objectives, a scope of effort has been undertaken which is divided
into three major technical tasks. These tasks cre summarized below:

TASK | - Identification of Candidate Processes for Production and Market
Surveys for Uses of Hydrogen

The results of this task will be a comparative evaluation of various hydrogen
generation processes supporting the selection of the electrolysis, coal gosifi-
cation, and water decomposition processes to be studied in more detail; pre-
liminary technical, environmental, and sociological information pertinent to
the selected hydrogen generation processes; and projections, to the year 2000,
of the market demand for hydrogen as a fuel, feedstock, or reagent,

TASK |l - Technical Analyses and Economic Evaluation of Hydrogen
Production Systems

This task will result in a more detailed evaluation of the four hydrogen pro-
duction processes selected in Task I, i.e., electrolysis using the Teledyne HP
modules, coal gasification using the Koppers-Totzek atmospheric gasifier, cool
gasification using the Bi-Gas pressurized gasifier, and thermochemical using
the Westinghouse Sulfur Cycle. The evaluation will consider the economics,
technical status, R&D requirements, resource requirements, environmental
impacts, and other factors that bear on a recommendation of a hydrogen pro-=
duction process that can best meet the requirements of the market identified
in Task L,

1-1




. TASK Il =~ Conceptual Design of a Plant for Hydrogen Production

The results of this task will be a conceptual design of an integrated nuclear-
/ hydrogen production plant, using the Westinghouse Sulfur Cycle hydrogen

production process, including an evaluation of the economics, environmental

effects, benefits, and the program, in respect to technical areas, costs, and

schedules, needed to develop the hydrogen production system to the demon-
stration stage.

o This report documents the results of Tasks | and 1l. The results of Task 11l are reported
in a separate document, :

In performing this work, it was recognized that ERDA- Nuclear Energy is conducting
studies to assess the potential for development of nuclear systems to provide process heat at
temperatures in the range of 922 to 1366K (1200 to 2000°F). These ERDA studies are also con-
cerned with identifying and evaluating present and projected industrial processes that can
utilize high temperature nuclear heat. NASA is participating in the ERDA evaluation through

the assessment of processes for hydrogen production using nuclear, as well as fossil, heat sources
as reported herein.

In order to make the results of this work most useful to ERDA, the hydrogen production
capacity of the systems investigated was established consistent with the size of nuclear heat
sources being considetgd in the ERDA evaluation. This results in a nomina{ gnydrogen genera-
tion rate of 9.6 x 10° standard cubic meters per day (360 x 106 SCFD) ] . Moreover, the
methcdology and format for estimating capital, operating, and production costs are consistent 1

with those used by ERDA-Nuclear Energy in their studies of the very high temperature nuclear
heat sources.

(1) Throughout this report, the standard cubic meter is gefined as a gas volume at normal
atmospheric pressure and a temperature of 273K (32°F). The standard cubic foot is o
defined as a gas volume at normal atmospheric pressure and a temperature of 289K (607F),




2,0 HYDROGEN MARKET PROJECTION
2.1 GENERAL

In this study, both the total market for hydrogen as a fuel or feedstock and the
sector of the market that could be filled by nuclear driven hydrogen production.systems were
examined. The nuclear sector is of primary concern because it introduces new options, e.g.,
the shift to a nuclear energy base with its accompanying economic and environmental advan~
tages. The basic projection is related to the growth of the hydrogen market through the year
2000, although indications of the expected growth beyond that point are also shown.

In many respects, the current production of hydrogen is not really a true market for
hydrogen per se, since most of the processes involved, e.g., ammonia production, do not pur-
chase hydrogen externally but are designed around a hydrocarbon reforming process. Although
hydrogen-consuming processes could be supplied from an external hydrogen process, in today's
climate this approach would appear to be less economical and less thermally efficient than
existing processes which integrate both functions.

2,2 PREDICTED TOTAL HYDROGEN MARKET

The United States currently uses about 80 x 107 std m3 (3 TCF*) of hydrogen per
year. Production is growing today at 6 percent a yeay and is expected to grow even more
rapidly. This study predicts about 1298 x 107 std m”/year (48 TCF/year} s a base case for
the year 2000. Equally plausible predictions by others range to 1660 x 107 std m3/year
(62 TCF/year). Continued expansion at the present rate of 6 percent/year would result in
402 x 109 std ms/yeqr (15 TCF/year) by the year 2000. Table 2,21 summarizes some of
these estimates, based on interpretations of published work. Noteworthy are the differences
between forecasts as fo the size and composition of the A.D. 2000 market.

The largest notential market in view is the synthetic hydrocarbon fuel market, con-
sisting of the produciion of substitute natural gas (SNG) and oil from coal. Similarly, large
markets in oil refining and ammonia production can be anticipated, but the magnitude of these
markets in uncertain, Direct-reduction steelmaking is not seen to be a relatively large market,
primarily because of the slow growth projected for the United States steel industry,

Hydrogen for fuel uses will be o relatively small market, at least through 2000 A.D,,
but one that will grow rapidly thereafter. However, hydrogen will not be a "universal fuel”
even in the nuclear era commencing in the next century, although it is destined to be increas-
ingly important, The basis for this judgment is predicated on the assumption that hydrogen will
not be made from coal for use as a fuel because the advantages of SNG, in production cost and

* TCF, or Trillion Cubic Feet, is defined as 1 x 10'2 standard cubic feet
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pipeline transport cost, outweigh any identified advantage of hydrogen in end use, either in
economic terms or in the conservation of coal resources,

Table 2.2.2 shows the nuclear hydrogen production capacity predicted to exist by
the year 2000 A,D, The central value of 104.3 x 107 std m3/yeqr (3.6 TCF/year) represents
a fairly tikely combination of the first commercial use, in 1995, of the very high temperature
nuclear heat source (VHTR) and a water decomposition system, coupled with a moderate rate
of capture of the new plant market. The rapidly growing fuel synthesis market is expected to
be the dominant application of nuclear hydrogen, followed by hydrogen production for aircraft
fuel and possibly dilution of methane in natural gas distribution systems. The base estimate of
nuclear driven hydrogen production processes would require 15-30 3000 MW(t) VHTR's by
2000 A.D.

2,3 MARKET FOR HYDROGEN IN FUEL SYNTHESIS

Almost all fuel hydrocarbon processing involves the transformation of low hydrogen
content materials, e.g., crude oil at 11 - 14 percent hydrogen or coal at 5 percent hydrogen, by
weicht, to more volatile, more usecble and more valuable materials such as gasoline (CSHIB)'
at 16 percent hydrogen, and methane (CHy), at 25 percent hydrogen, Closely related processes
generate methancl (CHqOH) and ammonia (NH3), also usecble as fuels because of their hydro-
gen content and consequent high heat of combustion.

The amount of hydrogen used in the production of fuels is highest for methane (SNG)
and lowest for shale oil production and oil refining. In this section, three markets are consid-
ered: coal gasification, coal liquefication, and shale oil production. All three are substitute
fuels, but the extent to which hydrocarbons are transformed and the amount of hydrogen re-
quired are greater for the two coal conversion processes, Table 2,3.1 summarizes the projected
United States-hydrogen demand for fuel synthasis in the year 2000.

2,3.1  Hydrogen Market in Gaseous Fuel Synthesis

The solume of future synthetic goseous fuel production in the United States is uncer-
tain in the long term. Estimates from the literature have indjcated that year 2000 production
of substitute natural gas (SNG) ranges from 80 to 160 x 107 std m3/year (3 to 6 TCF/year),
(Reference 7).

It was assumed for both base and high estimates that the year 2000 annual production
of SNG from both coal and oil is 169 x 107 std m3 (6.3 TCF) increasing to 482 x 107 std
m3 (18 TCF) of SNG in the year 2020, This estimate is consistent with the Project Independence
"Accelerated" scenario projection (Reference 7). Assuming 1,56 standard volumes of hydrogen
required per standard volume of SNG, the cgsociared hydrogen demand is 265 x 107 std m3 /
year (9,9 TCF/year) in 2000 and 752 x 107 std m3/year (28 TCF/year) in 2020, For a low
estimate, 161 x 109 std m3 (6 TCF) of hydrogen was used.

2-3
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NUCLEAR HYDROGEN INSTALLED CAPACITY, 2000 A.D.

TABLE 2,2,2

UNDER VARIOUS ASSUMPTIONS

MNuclear Process Commercial Availability

Late Intermediate Early
2000 1995 1990
]09 Std mS/Yr 109 Std ma/Yr |09 Sid m3/Yr
Slow Capture Rates
Cil Refining 5%t 0 4,6 19.9
Fuel Synthesis 27.3 118
Chemical 3.0 12.3
Steelmaking 0.7 3.
Direct Fuel 1%/Y'r ! 17.2 743
Total 0 52,8 227.6
Moderate Capture Rates
Qil Refining 10%/Yr 0 9.2 39.8
Fuel Synthesis 54.4 235.8
Chemicol 5.7 24.7
Steelmaking 1.4 6,2
Direct Fuel 2%/Yr ! 336 148
Total ¢ 104,3 454.5
(Base Estimate}
Fast Capture Rates
Qil Refining 20%/Y'r 0 18,5 611
Fuel Synthesis 108.8 371.9
Chemical 11.6 37.7
Steelmaking 2.9 2.6
Direct Fuel 5%/Yr 1 844 367
Total 0 226,2 847.3

{High Estimate)
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TABLE 2,3.1

UNITED STATES HYDROGEN DEMAND FOR FUEL SYNTHESIS, 2000 A.D,

Product Demand| Hydrogen Energy Hydrogen Demand
o Product 10]8 1/Year Product Energy l018 1/Year ]09 Sid m3/Year
h Low Estimate
— SNG 4,2 0.49] 2,06 161
Syncrude 9.5 0.392 3.72 291
Shale Oil 10.5 0.073 0.77 60 ;
' Total 24,2 6,55 512 |
1
Best Estimate .
—_————— g
SNG 6.9 0.491 3.39 265 ]
Snycrude 19.0 0.392 7.45 582 ]
Shale Qil 10.5 0.073 0.77 60
Total 36.4 11.61 907 *-
High Estimate
SNG 6.9 0.491 3.39 265
Syncrude 29,5 0.392 11.6 907
: Shale Oil(” - - - - ]
| —_—
" Total 36.4 14,99 172

i)

For the high estimate, shale oil is assumed no-viable and its energy contribution s
replaced by additional Syncrude,



— ]

2.3.2  Hydrogen Market in Liquid Fuel Synthesis

The base year 2000 market for synthetic liquid fuels from coal was assumed to be
about 3.1 billion barrels of oil, and that production of oil from shale amounts to an addi-
tional 1.7 billion barrels oil. These numbers approximate the upper limit estimates publish-
ed by the Bureau of Mines in 1970 (Reference 2). The associated total annual hydrogen
demands are 188 std m3/barrel (7000 SCF/barrel) and 35 std mS/barrel (1300 SCF/barrel),
yielding 582 x 107 std m3 (21.7 TCF) and 60 x 107 std m° (2.2 TCF), respectively, The
unit hydrogen.demand in oil shale production is much less than in fuel synthesis from coal;
thus the total hydrogen market would be less if shale oil is very successful. On the other
hand, if shale oil fails to become viable in this century (e.g., due fo its waste product
volume) and the United Stcges elects to limit oil imports, the hydrogen demand would in-
crease to 907. x 109 sid m*° (34 TCF), given the same total energy demand of 4.8 billion
barrels of synthetic oil. The value was used as a high estimate. The hydrogen requirement
of the syncrude industry is the largest part of the fuels market and in fact constitutes over
60 percent of the base case projection. The total A.D, 2000 base fuel synthesis industry
assumed here amounts to 36,4 x 1018 J/year. Project Independence investigators utilized
a base demand of 33.7 x 1018 J(32 quads*) (Reference 7).

2.3.3  Hydrogen Market in the Projection of Other Synthetic Fuels

While it seems unlikely that ammonia will replace methane, methanol produced from
coal is not unlikely as a liquid synthetic fuel candidate. The efficiency of conversion of coal
to methanol is poorer than for SNG production, since methanol production from coal involves
fiest producing hydrogen and then combining it with carbon monoxide.

If methanol replaced gasoline as the basis of transportation energy, the hydrogen
requirement would be tripled. This study did not consider the scenario in which a high con-
sumption level of liquid fuels is met with methanol from coal. The hydrogen estimates made
previously are intended to include ali synthetic hydrocarbon fuels.

23,4  Nuclear Hydrogen Matket in Fuel Synthesis

The rate ot which nuclear-modified processes can enter this market depends upon
the new hydrogen capacity added each year, It was assumed that plants will not be retro=~
fitted and existing plants would not be retired. Since the nuclear system is assumed to be
available in 1990 or later, only the new plant additions after 1990 are accessible to a
nuclear~driven process, Table 2.3.2 develops an estimate of this nuclear hydrogen pene-
tration of the SNG market. The table shows the growth in installed SNG production
capacity and new capacity additions in successive five-year intervals through the year 2030,
Also shown are the cumulative nuclear process additions computed for a nuclear process
entering the market in 1990 or 1995 and thereafter capturing 5, 10, and 20 percent per year

A ——————————

! quad = quadrillion Bty - 1015 Btu
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TABLE 2,3,2

ESTIMATED TOTAL SNG CAPACITY AND SNG CAPACITY
BASED ON NUCLEAR-HYDROGEN

. Projected SNG Market Cumulative Installed Nuclear SNG Capacity
: (IOIB J of SNG/Year) (|0|8 J of SNG “Year)
Year Instal led Capacity Market Penetration Rate Market Penetration Rate
SNG Capacity Additions In for 1990 Entry for 1995 Cntry
at Start 5 Years 5%/Yr  10%/Yr  20%/Ye| 5% 7Yr 10%/Yr 20% Y
1985 1.48 0 0 0 0 0 0
1.58
! 1990 3,06 0 0 0 0 0 0
1,68
1995 4.74 017 034 067 | o 0 0 1
| 2,11
2000 6,85 0.9 1.81 2.78 0.21 0.42 0.84 ¥
2,22 ‘
2005 9.07 2,24 4,03 5.00 0.9% 1.98 3.06 ;
2,73 :
2010 1.8 4,56 6.76 7.73 2.63 4,71 5.7¢ ]
3.50 :
2015 15,3 8.06 10.3 11,2 5.60 8,21 9.29
4,20 !
2020 19.5 12.8 14.5 15.4 %.80 2.4 13,5
4,30
2025 238 171 18,8 19.7 14,1 16,7 17.8 l
4,40
2030 28,2 21,5 23.2 24,1 18.5 211 22.2 1
1
4
2-7 I




of new plant additions. For the 5 percent/yaar trend, tho nuclear hydrogen process is assumed

to capture none of the market in the first year, 5 percent of the new plant additions the second,
and so on.

If the calculation were done on a yearly basis, one would simply 1. Jltiply the new
plant additions in the years 1990, 1991, 1992, , . . by the fractions 0, 0,05, 0.10,
to obtain the annual additions and then sum these to find the installed nuclear capacity.
Since this would require a lengthy table, five~year intervals were used instead. The serjes

of annual market captures for the 5 percent /year trend was converted to average captures o

over successive five-year intervals, giving 0.10, 0,35, 0.60. 0,85, 1.0, 1.0, . . . . . ...

The five year average captures for the 10 percent/year trend are 0,20, 0.70, 1.0, 1.0, . . .,

and for the 20 percent/year trend are 0.4, 1.0, 1.0, . . . . . . -
Taking 1990 VHTR availability and the slowest rate of market penetration as an

example, the nuclear process captures 10 percent of the 1,68 x 1018 J of new SNG capa-

C“?( built between 1990 and 1995. In the next five year interval, 35 percent of the 2,11 x

1078 J of new plant capacity, or 0.74 x 1018 addiﬁnri%l nuclear capacity are built,

bringing the total nuclear capacity in 2000 to 0.91 x 10'® J. This amounts to 13 percent

of the year 2000 SNG production capacity of 6.85 x 1018 J.

In Table 2.3.3 a projected coal liquefication industry reaching 19.0 x 1018 J per
year of synthetic liquid fuel by 2000 A.D. is used as a basis. The same curve of market
growth has been assumed as for the gasification industry. As a result, the installed process
capacity for a given nuclear process entry date and capture rate is the same as before.

For example, the 1990/5 percent per year combination achieves 2.51 x 1018 J/year capa-
city by 2000, or 13 percent of the total liquefication industry.

Table 2.3.4 summarizes the coal gasification and liquefication market volumes
in terms of annual hydrogen preduction capacity in the year 2000. The portion of that mar~
ket that can be satisfied by nuclear driven hydrogen production processes, as a function of
time of entry into the market and rate of market penetration, is also shown.

2.4 HYDROGEN MARKET IN STEELMAKING

in contrast to other markets, the use of hydrogen in steelmaking depends upon the
reducing property of hydrogen rather than its propensity to bond with carbon, Very little
hydrogen is used in rhis way today ~-~ the United States produces about one million tons
of steel annually by the direct reduction process, using hydrogen obtained by cracking meth-
ane. At about 820 std m3/kg (20,000 SCF hydrogen per ton) (Reference 2), the hydrogen
produced for this application is currently only about 54 x 106 std m® (0.02 TCF) annual ly.
Worldwide direct reduction capacity as of December, 1974, was 4,7 x 109 kg/year
(5.2 million tons/year) with 1.3 x 107 kg/year (14 milliun tons/year) on order. *

-

World total steel production is 7.1 x 10” kg/year (785 million tons/year).

2-8
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TABLE 2.3.3

[P P o, i i ¢ A

" ESTIMATED TOTAL SYNCRUDE MARKET AND SYNCRUDE CAPACITY
BASED ON NUCLEAR-HYDROGEN PROCESSES

.‘ﬁlﬁr‘ M\ T

f‘ e Instal led Liquefication Capacity Cumulative Installed Nuclear Ligyeficaotion Capacity
- . ('l(lIB J/Year) Syncrude (IOI8 J/Year) Syncrude
L e Installed Capacity Added 190 Entey 1995 Entry
- Capacity Next 3 Years | 5%,Yr 10%/Yr 20%/Yr| 5%/Yr  10%/Ys 20%/¥r |
T 1985 41 0 0 0 0 0
e 4.32
1990 8,43 0 0 0 0 0 ]
4.77
. 1995 13.2 0.48 0.95 1.9 0 0 0
5.80
2000 19.0 2,51 5.0 7.7 0.58 1.16 2,32
; 6]
2005 25.1 617 1.1 13.8 2,72 5.43 8.42
7.6
2010 32.7 12,6 18,7 21.4 7,28 13.0 lo.0
2.5
2015 42,2 22,1 28.2 30,9 15.4 22,5 25,5
11,6
2020 53.8 317 39.8 42,5 27.0 34,1 3z.1
‘ 1.6
' 2025 65.4 453 514 541 | 386 457 487
12,6
2030 78.0 57.9 64,0 66.7 51,2 58.3 61.3
"
, 2-9 '
l 1

.




R ik

B A .

——

[1O 8|pus sapn[u] ([

0 0 0 0 0 1A/ 260
0 0 0 0 0 LA/ L
0 0 0 0 0 IN/%S 000Z
8801 0°LL Zt 8L Z1 IN/%02
24 G'8e 9 6°SL 9 N/ %01
e £°61 £ 0’8 £ IAN/2%S G661
6°14€ 2°€92 4 £'301 Ly IN/%0T
8°GET 6991 9z 6°89 9z IA/901L
0'8il G'e8 £l S've £l IN/%G 0661
shjow pis Q1| 4A/g PIS 401 % 1R /g s (01 %
P K§1sodory \m 1o0dosy
41o0doD) 5 1oa|any Ag 3{qoIn
uabospd uo oD uaboupAH UO142014
usbaipAy 103 [on 103N D32 Ipa|on LoHDAISLDd ssa30/d
103[oNN 12PN BN 120N 12NN oW ;0310
{40l (1) $oHOW [2nd pib 13D ONS 1O 340y DI

IINLILSENS 4O SISTHLNAS ¥O4 0002 ¥vIA NI ALIDVAVYO NIDOIAAH IVITININ

INQH IS O X 259 =

juawainbay uaboipdy s|ang pinb1y 000Z "QA'VY

N/ PIS 0L X 692 = juswaiinbay usBoipAy ONS 000Z “0°Y

(3JANIDNAS) $TINd QINDIT DILIHINAS ANV (DNS) SYO TWiIN1vN

e’z A18vi

e

2-10



Roughly one~third of the enargy requirement of a present technelogy stealmaking
plant is in the coking coal used for reducing the iron ore, while the remaining enargy is
supplied as heat or electricity (Reference 8), for a total of 1.9 x 107 J/kg (16,3 x 10% Btu/
ton). The yleld of finished steel per ton of raw steel ingot is only 6% percent; thus about
2.7 % 1010 (26 x 100 Btu) of energy are required per 909 kg (ton) of inished steel, con-
sidering only the energy inputs to steelmaking. Most of the fossil energy is supplied today as
coal.

2.4.1  Market for Hydrogen in Direct-Reduction Steelmaking

The United States steel industry in 1967 consumed 3.55 x 1018 J (3.37 quads) or
about 6 percent of the total United States energy consumption. At the projected annval
growth of about 2.5 percent/year, the A.D, 2000 annual energy demand of the industry
would reach 8 x 1018 J (7.6 quads), equivalent to the heat production of over one hun-
dred 3000 MW(t) nuclear plants. For comparison, the year 2000 nuclear electric genera-
tion is expected to require about 1000 nuclear plants of similar size (Reference 9). The
size of the market is encouraging and the energy requirements of a large steelworks fit the
thermal and electric yield of a 3000 MW(t) high-temperature nuclear plant. These factors,
plus growing pressure to control the pollution caused by urban-sited steel plants, favor the
use of nuclear heat in steelmaking, The cost of energy for steelmaking constitutes a substan-
tial part of the praduct price (manufacturing value added) (Reference 10), If the average

energy coat is $.95/GJ (§1 .10/10° Btu), about 20 percent of the value added comes from
fuel cost.

Direct reduction (DR) using natural gas is exciting worldwide interest, In the under-
developed countries, new capacity may increasingly utilize DR, but the changeover may be
slower elsewhere. As a basis of the market projection, it was assumed that the United States
will have 2.7 x 10 0 kg (29 million tons) of direct reduction steelmaking capacity installed
by the year 2000, This value was used by the Bureau of Mines {Reference 2) to obtain an
upper limit bydrogen projection. Table 2.4.1 develops the trend of new DR plant installations
in a slightly different way, but still normalized to the Bureau of Mines estimate for the year
2000. Tota! United States capacity is estimated to grow at 2.5 percent per year per the usual
inductry projection, yielding the first two columns of Table 2.4.1. Retirements of evisting
plant; are added in column 3 since the new capacity replacing these piants is a market also
available to the DR process. A constant fraction of new plant installations is taken to be
the DR type, giving new DR installations in each five~year period. These are accumulated in
the fourth column. In the final column it was assumed that DR additions were twice the rate
projected by the Bureau of Mines,

2.4,2 Market for Nuclear Hydrogen in Direct Reduction Steelmaking

In Table 2.4.2, an estimate of how much of the DR capacity could be captured by
steelmaking processes using nuclear process heat is made. If the required technology be-
comes commercially viable by 1990, from 2.6 to 8.0 x 107 kg (2.9 to 8.3 million tons) per
year of nuclear DR steelmaking capacity might be operating in 2000, A 1995 entry date is

2-11
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TABLE 2.4.1

PROJECTED STEEL PLANT CONSTRUCTION IN THE UNITED STATES

UNITS: 109 kg Steel/Year

Stoel Plant Installations Installed Direct Reduction Copecity
Year Projected Trand Fit Double =~
Installed Capacity New Plants To BOM 70(3) 8OM 700)
Capagity(l) Growth Instatled Prediction Capacity
(IO9 kg) In 5 Years In 5 Yearns For 2000 For 2000
1985 184 11 21
23 26
1990 207 15 30
27 30
1995 234 20 40
3 3a
2000 265 26 52
36 39
2005 kii]l 32 64
3% 42
2010 340 38 75
45 48
2015 385 45 90
50 53
2020 435 54 10t
58 &1
2025 493 6 12
64 &7
2030 557 73 144

m
{2)
(3)

Based an 136 hiliion kg (150 million tons) in 1973, 2.5% annual growth in capacity.

Includes allowance for replacement of retired units,

Refarence 2.

2-2
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TABLE 2,4.2

ESTIMATED DIRECT REDUCTION IRONMAKING CAPACITY
BASIS: Bureau of Mines Estimate of 26 Billion kgs/Year In A,D. 2000

L 2]
: (Nuclear and Non~Nuclear)
) l‘ (Units: 10% kg Raw Steel/Year)
_"___- ‘., R::::t:?r:e;:um Nuclenr Steeimaking Copacity .
Capacity Market Penctration for 1990 Entry Market Penetration for 1995 Entry
o installations - Slow Mad Fast Slow Mod Fast
' eom 70)() 5%,/ Year | 10%/Yeor | 20%/Year | 5%/Yeor | 10%/Year 20°.Yeor
. 1985 0 0 0 ] 0 0
4
1990 0 0 0 0 0 0
s
1995 0.5 1.0 20 0 o 0
6 ;
! 2000 2,6 5.2 8.0 6 1.2 2.4 |
&
2005 6.2 11,2 14.0 2.7 5.4 8.4
6
2010 1.3 17.2 20,0 6.3 11,4 14.4
7 !
2015 18.3 24,2 27.0 12,3 18.4 21.4 i
9
2020 27.3 332 36.0 213 27.4 30.4
2
2025 36.3 42.2 45,0 30.3 36.4 39.4
10
2030 44,3 . 52,2 55.0 40,3 Ab4 49.4 ]
4
(1} Referancs 2 :

PR




more likely to occur, however, rosulting in only 0.6 to 2.4 x 109 kg (0.7 to 2.6 million
tons)/yoar, These results are Included in Table 2.4.3, which also shows the results of more
rapid market penetrations, up to 100 percent of all new plant construction. The uble
indicates that in spite of optimistic assumptions, the calculated a{;nounr of nuclear hydrogen
production in steelmaking processes could not exceed 13.2 x 107 std mS even if direct
reduction processes replace competitive methods at twice the total rate implied in the Bureau
of Mines estimate. For both base and high estimates, a total hydrogen demand corresponding
to twice the Bureau of Mines projected DR capacity was adopted, For example, for the base
number, this studg takes a 1995 VHTR process and 10 percent/year penetration rate, yielding
1.4 x 107 std m”/year, The high estimate assumes again a 1995 process entry but a 20 per-
cent/year penetration rate, yielding 2.9 x 10? std m3/year,

2.5 MARKET FOR HYDROGEN IN THE PRODUCTION OF AMMONIA

Since ammonia production is the principal chemical use of hydrogen, it is used here
as a proxy for all chemical markets.

2,5.1 Present Trends in the United States Ammonia Market

Currently about 32.2 x 107 std m3 (1.2 trillion SCF) of hydrogen are consumed ]
annually in the United States in the production of ammonia by the Haber process. About !
four times this may be projected for A.D, 2000. This hydrogen has not been purchased exter~ »

natly in the past, but was obtained by reforming natural gas (chiefly CH4) or naphtha,

United States ammonia production in 1973 was about 14,5 x ]09 kg (16 x 108 tons) ;
(Reference 11). Production capacity is not currently increasing rapidly in the United States;
the rate of increase to 1980 is projected to be only 0.7 percent (Reference 12). United States ]
consumption, 14.3 million tons in 1973, (Reference 13), is rising at 12 percent /year. When :
natural gas is reformed to obtain the hydrogen for ammonia production, merhage is decomposed
to yield two moles of hydrogen per mole of methane, so that about 2065 std m® (77,000 SCF) of
hydrogen is required ger 909 kg (ton) of ammonia. Thus, 1972 United States production amounted
to 32.2 x 107 std mS (1.2 x_1012 SCF) of hydrogen use. At 15 percent per year this could
increase 1o 125 x 107 std m® (4,66 x 1012 SCF) in A.D. 2000,

2.5.2 The World Ammonia Market

The world market for nitrogen fertilizers is increasing much more rapidly than the
North American market. It is doubtful whether the United States will be able to export great
quantities of ammonia, however, since the consuming countries are rapidly increasing their
production capacity, Moreover, since the economics strongly favor the use of natural gos as @
feedstock, 1)1e OPEC nations are in an excellent position to export fertilizer synthesized from
their abundant natura! gas and oil reserves. Saudi Arabia has already announced a five-year
plan ipvolving the construction of a $5 million gas-gathering system to feed two fertilizer
plants, desalination plants, and a steel mill (Reference 14).
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TABLE 2.4.3

YEAR 2000 HYDROGEN PRODUCTION FOR DIRECT REDUCTION STEELMAKING
PROCESSES USING NUCLEAR ~DRIVEN HYDROGEN PROCESSES

Year Total Nuclear Steslmaking Capucity Nuclear Hydregen Demand(!)
Nuclear MNuclaar BOM Twice Limiting BOM Twice Limiting
Process Panetration Estimate(3) BOM Est, Case(?) Estimate (3) BOM E:-e, Casel2)
Vidble %/ Yoar 107 kg/Year of Iron 109 Std m3/Year of Hydrogen
1990 5% 2,6 5.2 15.1 1.6 3.1 .1
10% 5.2 10.4 30.3 a 6,2 18,2
20% 8,0 16.0 46,5 4.8 2.6 27.9
33% 8.8 17.6 51,2 5.3 10.6 30.7
100% 1.0 22 64,0 6.6 13.2 Js.4
1995 5% 0.6 1.2 3.4 0.36 0.72 2.0
10% 1.2 2.4 6.8 0,72 1.4 4.1
20% 2.4 4,8 13,6 1.4 2.9 8.2
33% 3.6 7.2 20.4 2.2 4.3 12.2
100% 6.0 12 34 3.6 /.2 20.4
2000 0 - 100% 0 0 0 0 0 0

(1Y A1 0.6 sid m3 kg of primary iron (raw steel).

(Y Assuming 100% of annuel steel plant additions (Table 2.4.1) are direct reduction plonts,
(3)  Referance ?




2.5.3  Total Hydrogen Market in Ammonia Prod .ction

Table 2.5.1 shows the total hydrogen market in fertilizer production {equated to
ammonia). As a basa casg, it is assumed that the United States production rises at the recent
trend of increase in consumption, 5.3 percent/year. This projection leads to an installed
capacity in 2000 A.D, of about 56 x 107 kg (62 million tons) per year of ammonia. At
2,27 std m3/kg (77,000 SCF per ton) (Reference 2), the associated hydrogen demand is about
129 x 107 std m /year (4.8 TCF/year). In the high estimate, the higher trend of world in-
crease is used; as noted previously, it appears rather unlikely that the United States can
capture much of this growing market with conventional fossil-based processes.

2,54  Market for Nuclear Hydrogen in Ammonia Production

As the basis for the assumed utilization. of nuclear processes in ammonia plants,
Table 2.5.2 shows the new capacity additions and various market penetration rates.

For a base nuclear projection, the 1995/10 percent per year combination is used.
This amounts to a yearly nuclear hydrogen production of 5,68 x 107 std m /year. The
high estimate uses a 20 percent per yeur penetration rate, leading to a nuclear hydregen
use about twice as high.

The small magnitude of this hydrogen demand, computed under very optimistic
assumptions, suggests that the nuclear market in ammonia and fertilizer production is
relatively unimportant in 2000 A.D., but increasing rapidly thereafter.

2.6 MARKET FOR HYDROGEN AS A FUEL

In all of the markets discu:sed previously, hydrogen has already found application;
indeed its use is intrinsic to synthesizing liquid or gaseous hydrocarbon fuels from coal. The
position of hydrogen as a fuel itself is much more speculative. However, it is this market
which has the argest ultimate potential. If all United States natural gas :?nd SNG were
replaced by hydrogen, the year 2000 demand would be 2,8 x 1012 std m*®/year (105 TCF/
year)*. Even 10 percent of this market would be an enormou. market for hydrogen compared
to today's use,

* Based on 34 quads of natural gas consumption (Reference 15),




TABLE 2.5.1

T AR TR R TR R T e

PROJECTED A.D. 2000 HYDROGEN CAPACITY
REQUIRED FOR AMMONIA PRODUCTION

1 09 Std mS/Yecr

TCF/Year
Low 67.1 2.5
Base 129 4.8
High 188 7.0
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TABLE 2,5.2

T AT MR e

POTENTIAL MARKET FOR HYDRQGEN PRODUCED BY NUCLEAR

DRIVEN PROCESS FOR AMMONIA SYNTHESIS

Nuclear Driven Hydrogen Production Capacity

Projected NH3 Market 109 Std ms/Yeor
109 kg NHB/Yaor 1990 Nuclear Entry 1995 Nucleor Entry
Year Instatled Capacity Market Penetration Rate Markel Penetration Rate
NH, Additions In 5% _10% 20% % 0% 2075
Copacity 5 Years Year Year Year Year Year ear
1973 13.9
1985 25,8 0 0 0 0 0 0
7.6
1990 33.4 0 0 0 0 0 0
2.8
1995 43,2 2.27 4.54 B.85 0 o 0
12.7
2000 55.9 12,3 24,7 37.7 2.95 5.68 11.6
16.4
2005 72.3 34,7 62,0 74,9 15,9 3.2 48.8
21.1
2010 93.4 75.4 110 123 44,7 79.7 96,7
27.6
2015 121 138 173 185 97.8 142 159
36
2020 157 220 254 267 180 224 241
45
2025 202 322 356 ls9 282 326 343
60
2030 262 458 493 506 418 462 479
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Potentially the largest market for hydrogen is tha* of a "universal fuel supplanting
conventional fossil fuels. A list of advantages often quoted for hydrogen as a fuel includes:

1. A non-polluting fuel,

2, An energy carrier with superior economics and aesthetics (using buried
pipelines),

3.  Aneffectively non-depletable energy resource if derived from nuclear or
solar sourcess

4.  Favorable overall efficiency from resource to end use,

5. Favorable economics,

6. A storable energy form,

== improving load~factor and hence economics of nuclear plants

-= improving reliability of energy supply to user.

Some hydrogen enthusiasts leap directly from a contemplation of these attractive
qualitative characteristics to the conclusion that hydrogen is the inevitable energy carrier
of the future. This kind of thinking aveids the knotty problems of how and when the United
planning. Furthermore, statement number 3, above, has no real validity since hydrogen, like
electricity is not a primary energy source.

The key to objectively determining the value of hydrogen as a fuel is to quantify
its characteristics in comparison with the alternatives in each application. Although this
is beyond the scope of this study, the following questions should be adressed to assess the
future potential for hydrogen as a fuel in a particular application:

1. What alternatives will be avaitable: This includes two
subquestions, namely:

Will an alternative fuel technology be available to
accomplish the same result?

Is the end result itself essential, or can it be
replaced (e.q., if fuels for air travel become very ‘!
costly, ultra high speed ground travel may replace
short=haul air transpot).
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2. Will a hydrogen system be superior to the alternative fuel
system considering the total sequence of production, delivery,
and use in a specific application? "Superiority" here may
denote an enviresmental resource conversation or economic
advantage.,

Note the use here of "will be" rather than "is." This study is not concerned
primarily with present-day economics (which would preclude hydrogen use as a fuel), nor
with competitive technologies as they exist today, but as they will exist 25, 50, and 100
years hence. Also the study cannot focus on some distant "asymptotic" future in which all
fossil fuels may be imagined to be depleted, so that the question of what fuels to use reduces
by default to nuclear energy as the primary source and hydrogen as an energy carrier, at
least in many applications, These realities have the effect of multiplying the number of
possibilities that should be considered and therefore increases uncertainties.

2.6,1 Market for Nuclear Hydrogen as a Fuel

As the basis for estimating the fuel market, the total year 2000 consumption of energy
for uses other than electric generation, fuel synthesis, or non-fuel uses of ezlbergy is taken,
Using the pre~embargo forecast of Dupree (Reference 15) about 1.03 x 1077 J (98 quads) of
ensLoy in 2000 A.D. is obtained. The 1971 energy consumption in this category was 5.02 x
10'7 J (47.6 quads). Assuming a geometric increase from this historical value, at 2.3 percent/
year, additions of new fuel-using "plants" (in this case including automobiles, trains, heating
furnaces, and so on% can be computed. As shown in Table 2.6.], this will amount to about a
total of 98.2 x 10!8 J/vear in the year 2000. As before, the nuclear capture of this market
is estimated at several rates. Because of the scope and diversity of this sector and the luke~
warm performance estimated for hydrogen in most applications except aviation, the rate of
implementation is expected to be less than for the industrial uses of hydrogen. The base esti-
mate is the 1995 nuclear system coupled with a 2 percent/year penetration of the new plant
market, yielding 0.43 x 1018 J/year of hydrogen use in 2000 A.D., or 33.6 x 10” std m3/
year, For a high estimate, the 1995 nuclear availability entry and a 5 percent/year pene-
tration rate, yielding 1,08 x 10 8J/year or 84.4 x 107 std m3/year is used, as shown in
Table 2,6.2.

2.6.2  Market for Solar Hydrogen os a Fuel

In this section, consideration is given to hydrogen production by the solar-thermal,
temperature pradient and wind plants, collectively describing them as solar plants. bt is
assumed that ail solar hydrogen will be used as a fuel.

The combination of solar energy production and hydrogen as an energy carrier has «

strong appeal to the ecology-minded, and continues to be much discussed by proponents of
both solar power and hydrogen energy transmission.
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TABLE 2,6.1

POTENTIAL MARKET FOR NUCLEAR~DRIVEN HYDROGEN
PRODUCTION CAPACITY AS A FUEL
UNITS: 1018 Joules/Year

Annual U, S, instalied Nuelear-Driven Hydrogen Capacity,
Non-Electric 1990 Entry 1995 Entry
Yaar Energy Market Penetration Rate Market Penetration Rate
Consumption 1% 2 5% 100 19 2% . 10%
Total Added Year Yeor Year Year Year Year Year Year
1980 41.8 0 0 0 0 0 0 0 0
7.6
1985 69.4 0 o 0 0 0 0 0 0
8.5
1990 77.9 0 0 0 a 0 0 0 0
9.5
1995 87.4 0.19 0.38 0.95 1.9 0 0 0 0
10.8
2000 98,2 0.95 1.89 4,7 2.5 0,22 0.43 1.08 216
12,0
20005 110,2 2,39 4,77 1.9 21,5 1.06 2.n 528 10
13.5
2010 123.7 4.68 9.36 23.4 35,0 2.68 5.35 13.4 24}
15,2
2015 138.9 8.03 1é,1 38.6 50.2 5.26 10.5 26,3 39,2
17.1
2020 156.0 12,6 25,3 55.7 6/.3 9.02 18.0 43,4 56,4
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TABLE 2,6,2
POSSIBLE NUCLEAR-DRIVEN HYDROGEN PRODUCTION FOR

USE AS A FUEL IN THE YEAR 2000

Rate of Nuclear-Driven Hydragen
Year Hydrogen. Production for Fuel
Technology Market in 2000 A D,
Implemented Penatration IOISJ/Yr ]09 StdF/Yr
1% 95 74,3
1990 2% 1.89 148
5% 4.7 367
10% 9.5 743
1% 0.22 17.2
1995 2% 0.43 33.6
5% 1.08 84.4
10% 2,16 169
2000 0-100% 0 0
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The potential for solar hydrogen production is enormous in theory, Projections of
up to 0.93 billion kWh of solar electricity by 1985 and 1089 billion kWh by 2000 have been
made (Reference 16), If all of this electricity were generated af 50 percent efficiency, using
hydrogen Fg,om solgr plants, the implied hydrogen production in the year 2000 would be
617 x 107 std m® (23 TCF), This type of speculation rests on two assumptions; first, that
substantial solar central power will come into being by 2000 A.D, and second, that solar
energy will be stored or marketed as hydrogen,

The likelihood of significant solar hydrogen production by A.D. 2000 is small since
it is, in effect, the product of the probabilities that: (1) significant solar power electric
generation will ocecur and (2) that substantial energy storage will be required and will favor
hydrogen, In the near term, it is expected that energy from solar~thermal plants will be
stored in the collected form; i.e., heat. For energy storage after conversion to electricity,
the electrolytic hydrogen scheme must compete with a number of technologies under develop-
ment, Large-scale solar hydrogen production seems especially dependent on the success of
the tropic~sited sea water solar powerplant producing hydrogen as a product, a concept which
will be relatively expensive to develop. If a smail prototype of this plant is built in the early
1980's and a 300 MWe commercial plant by 1990, with a doubling of installed capacity in
each biennium thereafter, by A,D, 2000, there would be about 30 such plants with a capacity
of 2000 MWe. Assuming 30 percent efficient conversion to hydrogen, the system might pro-
duce 1,34 x 10% std m (50 million SCF) of hydrogen annually. If this is increased fourfold
to account for wind and other solar technologies capable of producing hydrogen, there might
be 5.3 x 108 std m3 (0.2 billion SCF) annual production of solar hydrogen by A.D, 2000.

All of this hydrogen would be used as a fuel, as usually suggested by the proponents of the
approach,

This study contends that the estimates cited above are overly optimistic and musi be
viewed as "upper-limit" estimates rather than best estimates. An estimate which is felt to
represent a reasonable projection of the potential for United States solar hydrogen production
is shown in Table 2,6.3.

2,7 MARKET FOR HYDROGEN IN OIL REFINING

This section considers both the total United States hydrogen market for oil refining
and the portion of that market which nuclear processes may capture.

2,7.1 Projected Total Hydrogen Use in Qil Refining

With rising fossil fuel prices, refineries are increasingly using hydrogen processing
techniques to increase the output of gasoline and other high hydrogen~content, high-value
products, The total use of hydrogen in United States oil refining processes is projected to
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TABLE 2,6.3

PROJECTED HYDROGEN PRODUCTION USING SOLAR ENERGY

Solar Hydrogen Production
9 3 Annual Growth
107 Std m™/Year 2000-2020
Year 2000  Year 2020 | %/ Year
Low : 0 . 0 0
Base 0.005 0.21 20
High 16.1 147.5 12

increase af a rate between 5.9 percent and 8.9 percent/year over the remaining years of this
century (References 4, 17), Since the total refining capacity is increasing at only 3 percent/
year, this implies that the year 2000 h_ drogen use per barrel of product would be at least
twice the current use of about 8 sid rn3 (300 SCF) per barrel

For the base estimate of hycrogen demand, a predicted consumption of 16,3 std m3
of hydrogen per barrel of oil (610 SCF/bbl) is used (Referance 2). For the assumption that the
year 2000 will see an oil use, in the United States, of 13 billion buriels (Reference 15), the
hydrogen demand will be 212 x 107 std m3/year (7.93 TCF/year). This projection implies,
of course, the use of @ combination of domestically produced and imported crudes.

The low estimate of hydrogen demand for oil refining reflects the consideration that
our national interests may limit the United States to the use of domestically preduced oil. [n
this case, the year 2000 oil production would be about 3.1 billion barrels per year (Reference 18).

The need for hydrogen, ot the same unit rate as for the base estimate, would be 50.5 x 107 std
m3 (1.89 TCF) per year.

Because of the uncertainty of oil availability and cost, and the national effort
directed towards the production of synthetic liquid fuels from coal, it is imprudent to assume
a high estimate for hydrogen needs in oil refining that is greater than that used for the base.
Therefore, both the base and high estimates for the oil refining hydrogen market are
212 x 10% std m3/year (7.93 TCF/year) of hydrogen.
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2,7.2 Nuclear Hydrogen Use in Qil Refining

The basis of the estimate of nuclear driven hydrogen production capacity for use in
oil refining is shown in Table 2.7.1. New plant additions between 1985 and 2000 are assumed
to equal the postulated growth plus replacement of the retired refining capacity. Beyond the
year 2000, it is predicted that the need for new refining capacity disappears as synthetic fuels
meet an increasing proportion of the United States energy requirements, Retirements of refin-
ing capacity will ultimately reduce the total need for hydrogen. The considerations of econo-

mics and resource management will result in the nuclear powered hydrogen processes being
operated preferentially over fossil fuel driven systems.

As can be seen in Table 2,7.1, the possible penetration of the oil refining industry
by nuclear processes appears to be small. This is in contrast to the production of synthetic
fuels from coal, an industry which is expected to grow substantially in the same time period.

2.8 AREAS OF UNCERTAINTY

The emergence of the United States coal liquefication and gasification markets
depends on the attitude of private investors. A return to cheap foreign oil would threaten

this capital-intensive industry. The viability of the fuel synthesis industry may thus depend
on government financial backing.

The relative cost and technological maturity of hydrogen production processes as a
function of time appears to be principal areas of uncertainty. The investigation, of which

this market projection is a part, is well directed toward answering this problem, but further
work is needed both in process design and market anal ysis,

One particular area of further work which could significantly improve the reliability
of the market projection is the more realistic definition of the potential for the use of "mer-
chant" hydrogen in industrial processes. To accomplish this, conceptual designs for steel -
making, ammonia, and fuel synthesis plants should be made. These should consider comparable
plants using "merchant" hydrogen delivered by pipeline, integrated hydrogen production/user
facilities, and “conventionally" fueled plants, Using these designs and cost estimates, the
market projection should be extended to derive a likely cost-benefit for each of the major
hydrogen applications and q resulting potential for market penetration. Realistic rates of
industry expansion in the various hydrogen-use markets should be developed with regard to
rates of capital formation, foreign competition, and so on. A similar evaluation, for the pur-
pose of better definition of the energy market for hydrogen should be undertaken, This new
evaluation should include not only direct firing of hydrogen in, for example, aircraft, but
the use of hydrogen as an energy storage and/or transmission medium in competition with
electricity, pumped hydro storage, and synthetic hydiocarbon encrgy transmission systems.
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TABLE 2.7.1
POTENTIAL MARKET FOR NUCLEAR HYDROCGEN IN OIL REFINING

(In 109 Std Cubic Meters of HZ/Year)

Cumulative Nuciear
H2 Use in Ol Rafining Driven Hydrogen Production for ke in Oil Refining
Year 1990 Introduction 1995 Introduction
Instalied Capocity  Capacity Added Matket Penetration Rate Market Penetration Rate
- o Next 5 Years (1) '
et 5%/Yr  10%/Yr  20%/Yr| 5%/Yr 10%/Yr  20%/Yr
’ 1975 41.3 o 0 ] o 0 0
1985 104 0 0 0 0 0 0
28,2
1990 13t 0 0 0 o 0 0
37,2
1995 167 3.72 7.44 14.9 0 0 o
46,2
2000 212 19.9 39.8 61,1 G 0 0
Q
) 2005 212 19.9 39.8 61,1 4,62 2.4 18.5 F
, 0
- 2010 212 19.9 398 6l | 462 924 185 |
; |
2015 212 19.9 398 61,1 4.82 9.24 185
0 : 1
2020 172 19,9 39.8 61.1 4.82 9,24 18.5 E
0
2025 137 19.9 39.8 é1,1 4,62 9.24 18,5 g
0
2030 21 199 39.8 611 4.67 9,24 18.5

(1) includes additional copacity o uccount for relirements,
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3.0 SELECTION OF HYDRGEN PRODUCTION SYSTEMS FOR EVALUATION
d.1 GENERAL

The selection and development of a hydroger generation process thet will have
wide applicability in the period 1985 and beyond should be an important national objective.
The choice of such a process should be carefully made and invelve an assessment of the hydro-
gen production technalogy - both current and emerging - which will be providing the short
term as well as the longer term solutions.

To conduct such an assessment, it is necessary 10 look not only at specific processes
and theur current economics, but also to factor into the analysis the required chemical
feadstocks and their long-range availability. Currently, the demand for natural gas is run-=
ning well ahead of supply and experts agree that this imbciance will never be corrected in
the United States. Similarly, recent actions by the OPEC countries demonstrate the econo-
mic burdens wrought by ever-increasing importations of foreign oil. Consequently, the
country is examining - quite properly = methods by which our abundant coal and nuclear
resources might most judiciously be applied to our energy problems.

Between now and the end of the century, the world is expected to react to the fost
dwindling supplies of natural gas and oil. It is believed that there will be far-reaching
changes as the nation converts fo a nuclear~coal energy economy. These will be accom -
plished by significant changes in hydrogen generation technology. Coal gasification will
emerge as the dominant fossil ~based hydrogen production technology, while nuclear processes
which decompose water = both electrochemically and thermochemically - will arise as com-
plementary technologies. Accordingly, the selection of hydrogen production systems will be
made from the three major hydrogen production methods which will receive extensive atten-
tion to the year 2000

The first of these, water electrolysis, will serve as a comparative baseline for the
study. Since the major cost of electrolytic hydrogen is related to power costs; it is important
to choose an electrol yzer capable of achieving high current densities (and therefore compact
designs) while minimizing the cell driving voltage. The choice of the advanced electrolysis
system, using the Teledyne lsotopes HP series modules, is discussed in Section 3.2,

The second major hydrogen production technology is based on the use of fossil fuels.
Section 3.3 discusses this and presents the reasons for [imiting fossil based processes to coal
gasification, A preliminary assessment of the economics of hydrogen production by coal
gasification involves specification of the coal feedstock, plant location and battery limits,
and the purity and pressure of the product hydrogen. To be a useful planning teol, it should
include not only present gasification technology, but anticipate and estimate the impact of
developing technology as well. The justification for the sclection of the currently available
Koppers=Totzek gasification process and the developing Bi-Gas gasifier is also given in
Section 3.3,




The third major hydrogen production technology is the thermochemical decomposi-
tion of water. Several water decomposition processes have been proposed in the literature
and hundreds exist which have not yet been disclosed. Varying degrees of informarion are
availoble on each - many ara conceptual processes with no substantiating verification.
Others have had seme key reactions confirmed in the laboratory. None have been demon-
strated on @ prototype or pllot basis. Many possess serious deficiencies which would preclude
their use in any large scale industrial process.

Section 3.4 discusses the technology of water decomposition and provides the basis
for the selection of the Westinghouse Sulfur Cycle for evaluation. The Westinghouse process
was invented to operate with a gas-cooled nuclear reactor on one side and a hydrocarbon
process on the other and, as a result, it possesses interfaces compatible to both systems, The
process can also provide hydrogen for other end uses. The recycling chemicals are inexpen-
sive and substantially non-toxic, the process is capable of achieving high thermal efficiency,
and a large base of applicable process technology exists to expedite process development.

. e



3.2 WATER ELECTROLYSIS HYDROGEN PRODUCTION SYSTEM

3,2.1 State=of-~the=Art

Hydrogen has been, and is, produced commercially in large quantities at low cost
by the action of steam on iron or coal or by reforming hydrocarbon feedstocks, Only in
areas of cheap electrical power and where large quantities of hydrogen are used locally has
water electrolysis been economically justified, Smaller units, however, are attractive where
the high purity (>99.8%) of electrolytic hydrogen is required. On-site hydrogen generation
reduces the hazards associated with the storage of large quantities of hydrogen, saves costs
associated with maintenance and resupply, and reduces dependency on outside suppliers.
Available sizes range from portable units generating less than 1 liter per minute to units pro=~
ducing several tonnes per day.

These small production units provide the required quantities of hydrogen by employ-
ing multiples of the same basic cell, i.e., a container with an aqueous caustic solution as
an electrolyte and immersed anodes and cathodes. The anodes and cathodes are separated by
a diaphragm to prevent mixing of the hydrogen and oxygen produced. A schematic represen=
tation of this gas generation processes for a typical unit of a filter press electrolyzer is shown

in Figure 3.2.1.

3.2.2 Theoretical chkgiound

The theoretical aspects of water electrolysis can be found in a number of references
(References 19, 20, 21, 22) and need not be discussed in detail. Basically, the energy re-
quired for the reaction HyO (liquid) = Ho (gas) + 1/20 (gas) to proceed is the enthalpy
of formation of water, 285.9 kJ/mele at 298K and 101.3 kBa (1 atmosphere) and corresponds
to 1.482 volts/cell. Only 237.9 kd/mole has to be supplied electrically; the remoinder is
required as heat and is normal ly supplied from electrical losses within the cell.

The energy supplied for water electrolysis is usually measured in terms of the voltage
across the electrodes and the direct current passing between them. The theoretical energy is
shown as a function of temperature in Figure 3.2.2. In practice, more energy is required to
overcome electrode polarizations and internal resistance and is supplied as increased amper-
age per unit of electrode area. A ratio of the theoretical voltage to the operating voltage
te a measure of the thermodynamic efficiency of the cell. The current density or amperage
per unit of electrode area is a measure of the electrolysis rate or the driving force given the
cell. In general, the higher the current density the lower the cell efficiency and the great-
er the power consumed and dissipated os heat. Theoretical and typical operating conditions are
shown In Table 3.2, 1.
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Figure 3.2.2 Theoretical Electrolysis Energy Requirements (Reference 272)




TABLE 3.2.1

ELECTROLYZER OPERATING CONDITIONS

Reaction: HzO(T)—sz(g) + 1/2 02 (a)

Theoretical Typical
Temperature, K 298 348 - 358
Pressure, kPa 100 100 - 3000
Total Energy, MJ/std.m3 12.6 15.8 - 6.6
Volts/Cell 1,482 1.8-2,2
Current Density, mcn/cm2 - 200 - 300
Overdll Efficiency, % - 50 - 65
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3.2.3  Comparative Data on Electrolyzers

Table 3.2.2 summarizes the available information of water electrolysis equipment
as compiled from several literature sources, Some fifteen suppliers of water electrolysis
equipment were contacted to obtain more detailed technical and economic information on
their water electrolysis systems. Seven replies were received that ranged in content from
quite complete technical and economic information to a statement indicating a desire to get
out of the business. Although most of the information is based on plant experience, many of
orders of magnitude less than that to be treated in this report, the information received from
Krebs and Company (Reference 23), Lurgi GMBH (Reference 24), Norsk-Hydro (Reference 25)
and Teledyne Isotopes (Reference 26) was especially useful in the evaluation of the large
scale hydrogen plant.

Electrolyzer Types

Electrolyzers are of either the tank-type with a series of parallel, monopolar
electrodes and diaphragms hung in a tank containing the electrolyte, or the filter-press-
type with bipolar electrode diaphragm assemblies compressed in series to form a module..
For large scale electrolysis plants, filter press electrolyzers have an advantage because
they are more compact than tank electrolyzers of the same capacity, use thinner electrodes
with cells spaced to keep the quantity of circulating electrolyte ot a minimum, and are
more adaptable to pressurized operation. Schematic representations of these two basic
types of electrolyzers are given in Figure 3.2.3.

Although Filter press electrolyzers require greater quality control in manufacturing
and are more expensive than tank electrolyzers, assembly line production of large numbers
of modules will greatly reduce their cost. These electrolyzers usually produce hydrogen at
a pressure of a few hundred millimeters of water, but a limited number of manufacturers
have models that produce hydrogen at pressures of 483 kPa (70 psi) to 2102 kPa (450 psi).
For a large industrial plant, electrolyzers that produce hydrogen at elevated pressures
have advantages over units that produce hydrogen at pressures slightly above one atmosphere.
Among these advantages are:

] Low specific power requirements (cell voltages decrease slightly with
increasing pressure)

® Reduced compression costs

. Lower gas storage volume

. Less space required for pressurized equipment.
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Power Requirements

The power requirements for the electrotyzer plant of the size considered is in the
order of 2000 MWe. If an electrical generafion thermal efficiency of 30 1o 40 percent is
assumed, powerplants of from 5000 MWt to 6000 MWt are foreseen, For long term economic
reasons the powerplants will probably be nuclear units, Because of the large power consump~
tion of water electrolysis plants, the environmental impact of the power generation facilities
should be assessed against the elctrolytic hydrogen plant,

Feedwater Requirements

The electrolyzers require high quality feedwater at q rate of 0.85 to 0,90 liters/std
m3 H2. Fora 9.6 x 10°std m3 Hz/day (360 x 106 SCFD) production plant, this amounts
to 350 m3/hour 1540 gallons/min).° This water is first processed in a water pre-treatment
plant to a purity almost equivalent to heating steam condensate. The water is further puri=-
fied by distillation or dejonization (current trends lean toward deionization) to specific
resistances ranging from >50,000 ohm~cm to 1 megohm-cm. The water should be free of
chloride, sulfate, and metal ions and have <4 ppm dissolved solids and <1 ppm suspended
solids,.

Cooling Water Requirements

Power losses due to ohmic resistances in the electrolyzer produce waste heat that is
removed from the circulating electrolyte by cooling water. Water is also used to cool the
hydrogen and oxy:?en streams. Cooling water utilization ranges between 30 liters/std m3 Hy
to 50 liters/std m Hy with inlet temperatures around 293K, Fora 9.6 x 106 std m3 H,/day
{360 x 10 SCFD) hydrogen plant, this amounts to between 11,500 x m3/hour to 19,200 x
m3/hour (50,000 to 85,000 gallons/min) of cooling water.

Electrolyte Preparation

The electrolyte is prepared from good quality sodium or potassium hydroxide. Al-
though potassium hydroxide is more expensive and shows a more rapid attack upon materials
of construction, q 25 percent KOH solution is the preferred electrolyte for filter press electro~
lyzers not only because of jts higher conductivity, but also because of the lower vapor pres-
sure of the solution, Purchase specifications state that the potassium hydroxide be 87 - 90
percent chemically pure (the bulk of the impurity is water} with maximum concentrations of
impurities specified as fol lows:

K2C03, <0.5%, KCI <0.1%, K2$O4 <0.1%, and other metaj ions=nil,

The inig‘al filling of the electrolyzer and associated systems for the production of
9.6 x 100 std m /day (360 x 106 SCFD) requires the dilution of about 5 x 106 Kq
(1 x 108 Ibs) of potassium hydroxide with processed feedwater (specific resistance
75,000 ohm cm) to a 25 w/0 caustic potcsh solution, A nitrogen blanket is advised during
electrolyte preparation, initial charging, and start-up to pravent CO2 absorption from the «ir.
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TABLE 3.2.3

TYPICAL MATERIALS USED IN WATER ELECTROLYZERS

ltem

Material

Bus Bars
Cell Frames
Electrodes
Diaphragms

Vessels, (Separators,
Heat Exchangers,
etc.)

Piping
Seals

Demister Filters

Copper

Teflon Coated Steel

Nickel or Nickel Plated Steel
Asbestos

Stainless Steel

Stainless Steel
Halogenated Hydrocarbon Polymers

Sulfuric Acid, Silica Gel, or Alumina

e i e
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Electrolyte Circulation

The electrolyte is heated and maintained at operating temperatures of 353 o 363K,
[t is circulated through the cells, heat exchangers, and filters to maintain a constant opera~
ting temperature, reduce polarization effects due to bubble formation and concentration
gradients, and to remove suspended solids (K2C03) and possible corrosion products),

Electrol yzers

Current cell and system designs require little maintenance and operate at relatively
high efficiency for long periods of time. For example, normal corrosion and contamination of
the cell may cause a reduction of current efficiency from 98 percent at startup to about
96 percent after 6 = 8 years of operation, Routine maintenance consists of changing filters,
repairing minor leaks, and correcting instrumentation faults.

Safe ty

Every effort is made to prevent explosive mixtures of hydrogen with oxygen or air
from occurring and to avoid hot spots or electric sparks where hydrogen is present. This
requires isolation of electrical equipment from the cells, good electrical insulation, explo-
sion proof motors and pumps, and good seals to prevent electrolyte leakage that could lead
to electrically conducting crystalline hydroxide deposits.

Compact electrolyzer designs minimize the amount of hazardous material persent
at any given time. Individual cells (less than 2 cm in cross section to about 180 em in dia-
meter) consist of nickel plated steel electrodes separated into anode and cathode compart-
ments by reinforced asbestos diaphragms, These diaphragms, if they are neither stretched
nor allowed to dry out, operate satisfactorily for more than ten years, However, should they
repture fo cause intermixing of hydrogen and oxygen or should hydrogen leak into a confined
air space or should a line blockage occur, various devices {pressure relief valves, alarms,
interlocks, automatic shut~offs, nitrogen purges, etc.) are present to prevent or limit any
damage that may occur. In addition, pipelines are present to vent the gases to the atmos-
phere if a potentially hazardous condition develops, Cell power will also be terminated,
and reactions in the cells would cease.

Hydrogen

After separation from the entrained electrolyte, the water saturated hydrogen
stream has a nominal purity (dry basis) of 99.8 +0.22 percent. The major impurity is
oxygen; and, if necessary, the oxygen can be removed by a "deoxo" catalyst, and the
hydrogen can be dried to a lower dew point.

Typical analyses of product hydiogen streams are shown in Table 3.2.4.
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TABLE 3.2.4 ..

HYDROGEN PRODUCT STREAM ANALYSIS

Hydrogen Product Stream

Electrolyzer Pressure Moisture Purity (Dry Basis)
Zdansky-Lonza (LURGD* | 3000 kPa Saturated 99.9 vol% H2
0.1 vol % O2
<0.1mg KOH/sfd.m3
Demag (KREBS)* > 100 kPa Sofurated 99. 8 vol % H,
2-5 mg KOH/std. m3
FS Series (Teleayne)** 600 kPa 188K 0.05-0.2 ppm O2
Dew Point 0.01-0.1 ppm H,O

0.1-0.2 ppm HC as CH,
0.05-0.2 ppm N
<0.1 ppm CO

<0.05 ppm CO

2

2
4 ppm total impurities

*

After electrolyzer, condenser, and trap

** After condenser, trap, molecular sieve, and submicron filter

Ongen

Although the hydrogen stream is to be compressed to 6895 kPa (1000 psi) and piped
to an off-site user for consumption, the oxygen stream is considered to have no value ond is
vented to the atmosphere, After separation from the entrained electrolyte, the water saturated
oxygen stream has a nominal puiity {dry basis) of 99.5 + 0.3 %, The mojor impurity is hydro-

Typical analyses of the oxygen streams are shown in Table 3.2.5.
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TABLE 3.2,5

OXYGEN PRODUCT STREAM ANALYSES

Oxygen Stream
Electrolyzer Pressure Moisture Purity {dry basis)

Zdansky-Lonza (LURG')* 3000 kPa Saturated 99. 4 vol% 02

0.6 vol% H2

3

<0.1 mg KOH/std m O,
Demag (KREBS)* > 100 kPa Saturated 9.5 vol% O2

50-70 mg KOH/std m°O,
HS Series (Teledyne)** 600 kPa 188 K <4 opm total impurities

Dew Point (assume same types and
relative amounts as shown
for hydrogen)

*After electrolyzer, condenser, and trap

** After condenser, trap, molecular sieve, and submicron filter.

The most likely place in the process for venting the oxygen stream is after the con-~
denser and trap so that the pure water feed and electrolyte carried over from the moin gos-
electrolyte separation can be recovered and recycled. The level at which KOH emission be-
comes a polutant will determine if gas velocity and a suitable stack height results in sufficient

cispersion and dillution of the stream or if gas filtration is needed before venting to the at-
mosphere.

3.2.4 Environmental Constraints

Although water electrolysis is essentially a “"clean” process, a plant producing

2.6 x 106 std m3/day (360 x 106 SCFD) of hydrogen will have some impact on the environ-
ment. The most significant impact is that of the power generation facilities required to support
a hydrogen plant of this large size. A 5000 to 6000 MWt powerplant is required, and environ-
mental concern will be a factor in siting the plant and selecting the mode of power gencra-
tion, The secund most significant impact is that of the large cooling water demand of from
11,000 to 12,000 m3/hour. If it is assumed that the cooling water will be recycled through
cooling towers, make -up water requirements drop, but the environmental impact of the cooling




towers have to be considered. The third most significant item is the continual discharge of
large quantities of oxygen saturated with water vapor and possibly containing petassium
hydroxide as a trace contaminant. Other items such as feedwater treatment plant chemicals,
solid waste disposal, etc,, would be no more than the norm for any light duty industrial
plant of comparable size.

3.2.5  Water Electrolysis Plants

The laggest hydrogen plants use the standard filter-press electrolyzers and are the
1,434,000 std m /duyglanf at Rjaken, Norway using Hy+ro-Pechkrantz cells (Norsk-Hydro)
and the 894,000 std m°/day plant at Aswan Dam, Egypt, using Demag cells {(Krebs and Co.).
It is of interest to note that the plant size basis for this report (9,600,000 std m3/dcy) is
almost seven times larger than the largest hydrogen plant using standard filter press electro-
lyzers.

Some the advantages in using a pressurized water electrolyzer for a large scale
industrial hydrogen plant were given earlier in this section. At present, the only large
capacity pressurized water electrolyzer available is the Zdansky-Lonza Electrolytor (LURGI
GMBH). The Zdansky~Lonza modules produce hydrogerbqf 3000 kPa (about 425 psi) with
a specific energy requirement of 15,5 to 16,6 MJ/std mH,. More than 30 units have been
build to date with an overal| capacity exceeding 450, 000 std. m3/day. The largest godule
size is about 21, 000 std. m“/day, and the largest plant size is about 110, 000 std. m /day.
The plant size basis for this report is almost 90 times larger than the largest hydrogen plant
using pressurized water electrolyzers.

Teledyne lsotopes is currently manufacturing commercial 690 kPa (100 psi) hydro-
gen generators in sizes up to 200 standard liters per minute (HS Series) and has extended
this technology to the design of larger plants (HP Series). A pilot module will begin op-
eration in mid~1975 and produce hydrogen at 690 kPa with a specific energy requirement
representative of current commercial technology of about 15.8 MJ/std, m°H,. An ad-
vanced HP series cell operating at about 13.7 MJ/std. m3H2 has been demonstroted in
the laboratory, and Teledyne expects that it will become commerciolly practical in the
near term (1980-1985),

3.2.6  Electrolyzer Selection

Of the several types of electrolyzers commercially available, pressurized filter
press electrolyzers have been selected for the conceptual development of a large hydiogen
plant because they are compact, have less internal hold-up ot hydrogen, occupy fess Hlom
space for o given volume of hydrogen, produce a pure hydrogen stream that requires less

-t
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compression for pipline delivery, are cost competitive with standard filter pross electroly -
zers, and have a greater potential for future improvements, Pressure electrolyzers are a=-
vailable in module capacities up to 2,2 tonnes/day. To represent the technology of pres-
sure electrolyzers, the HP modufes of Teledyne lsotopes were selected. Teledyne currently
markets small pressure electrolyzers and has a prototype 1.75 tonne/day module scheduled
for operation in mid=75. Information provided by Teledyne indicated that the HP modules
were competitive in both performance and price to electrolyzers produced by others.




3.3 FOSSIL BASED HYDROGEN PRODUCTION PROCESSES

3.3.1 Genegl

Fossil based hydrogen production encompasses processes which employ reactions of
steam and hydrocarbons, These processes are:

. Steam-hydrocarbon reforming for operation with gaseous feedstocks
such as methar.s, athane, naphtha, etc.

. Partial oxidation for use with liquid feedstocks such as heavy and
residual oils.

° Coal gasification.

Steam-hydrocarbon reforming designates processes which employ a gaseous feed-
stock such as methane, ethane, naphtha, or similar light hydrocarbons. Partial oxidation
processes are those which use a liquid feedstock such as heavy or residual oil, and gasifica-
tion refers to processes operating with a solid feedstock such as coal, coke, char, and per-
haps municipal or process waste. In general, chemical reactors designed for one primary
feedstock are not readily converted to another. For example, u steam-methane reformer
cannot be used to conduct coal gasification reactions, nor can a coal gasifier be used effec-
tively as a methane reformer. Similarly, within each group, the chemical reactor and its
operation will depend upon the physical and chemical properties of the feedstock. Not all
coal gasifiers, for example, con accommodate caking o agglomerating coals, and all gasi-
fiers require some degree of coal preparation and sizing prior to gasification. For all steam-
hydrocarbon processes, steam and fuel requirements vary with feedstock, as does the nature
and the duty of downstream processing.

Figure 3.3.1 shows, schematically, the three basic fossil based methods for gener-
ating hydrogen, including the typical downstream processing steps incorporated to provide a
high purity hydrogen product stream. Polishing methanation is used to rid the product
stream of any contained carbon monoxide,

The selection of the fossil based hydrogen generation processes to be evaluated
for applicability in the years 1985 and heyond, in comparison to water electrolysis and
thermochemical water decomposition, must be carefully done and involve an assessment of
hydrogen production technology - both current and emerging ~ which will be providing the
short term as well as the long term solutions. It is also necessary to look not only at the
specific process and its current economics, but also to factor into the analysis the required
chemical feedstocks and their long-range availability.

3.3.2  Selection of Type of Fossil Based Hydrogen Production System to be Studied

Technology currently exists, and new technology is beine developed, to permit any
of the three generic types of fossil based production systems, i.e., steam reforming, partial
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oxidation, and coal gasification, to be applied fo the goal of meeting the future needs for
hydrogen, The choice of typo, therefore, has to be made on a basis other than that of tech~
nology. It becomes readily apparent, then, that the cost of the produced hydrogen, taking
into account the capital investment and tha cost and availability of fossil feedstocks, will
be the chief rationale by which a sele.tion is made,

Until recently, methane at the well-head was available for fess than 37.9¢/G J
(40¢/10% Btu). This feedstock cost, coupled with the lower capital investment required for
: reforming plants, made steam-methane reforming the preferred hydrogen generation process.
. o Methane availability, as natural gas, is no longer assured, and significant escalation of its
| price is expected. As a result, intensified interest has been shown in partial oxidation and ¢
coal gasification processes for hydrogen production.

With present oil prices, and the economic burdens placed on the nation by the
ever-increasing importation of foreign oil, it does not appear that partial oxidation will be
able to capture major new U, S, markets, particularly if the feedstock is derived from natur-
al crudes. Synthetic crude oil can be obtained, however, from coal liquefaction processes

presently under development, This syncrude represents a potential feedstock for use in par-
tial oxidation systems,

Numerous cost estimates have been prepared detailing coal liquefaction economics.
For example, the H-Coal process is capable of preducing a $50.3/m3 ($8/bbl) Syncrude from
a 37.9¢/GJ (40¢/|06 Btu) coal (Reference 28). If one were to compare the production costs
of direct gasification of the coal and subsequent processing of the synthesis gas to hydrogen
to the production of syncrude from coal followed by partial oxidation to obtain hydrogen, the
more economical hydrogen production process would be coal gasification,

Therefore, looking to the future, it is probable that processes which employ the
partial oxidation of heavy cil for large scale hydrogen generation will not be competitive
with other steam-hydrocarbon systems. Partial oxidation processes could not be based upon
domestic crude, as long term contracts can no longer be obtained. If based upon foreign
crudes, the hydrogen price would be economically unattractive. Operating with a syncrude

derived from coal liquefaction, the partial oxidation process does not compete with coal ‘
gasification,

A similar situation exists with respect to steam-methane reforming. The feedstock |
employed in the process can be derived either from natural sources or from coal gasification
processes presently being developed. The cost of producing SNG (synthetic natural gas)
from coal is also well-documented. Using a 37.9¢/G)J (40¢/106 Btu) cocl produces @ SNG
product at $1.66/GJ ($1,75/10° Btu) (Reference 29),

As in the case of partial oxidation, the cost of hydrogen produced from an appro-
priate coal gasification process can be compared to the cost of hydrogen produced by re-
forming the SNG obtained from coal. Once again, coal gasification is the more economical
process,
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The results summarized above are general, but lead to the conclusion that synthetic
oil and synthetic gas obtained from coal will be too expensive to justify its use in any large
scale hydrogen production facility, As a result, the viability and long-term feasibility of
the partial oxidation and steam-methane reforming processes must be based upon their econo-
mics when processing natural, rather than synthetic, feedstocks. Because of the short fall in
natural gas supply, the limitations in domestic erude production, and the economic burden of
imported oil, these processes for hydrogen production caanot be considered suitable to meet
the needs of the future. Therefore, it is concluded that coal gasification will emerge as the
dominant fossil -based hydrogen generation fechnology of the future, For the purpose of com-
parative evaluation with electrolytic and thermochemical hydrogen generation systems, then,
only coal gasification processes are used to represent the contribution of fossil fuels to hydro-
gen production,

3.3.3  Coal Gasification Systems

With the attention being given to coal gasification development programs within
the United States today, it is easy to forget that gasification has been practiced industrially
for over fifty years. Commercial coal gasifiers can be purchased from a variety of vendors,
and additional gasifiers and processes will soon be available as a result of industrial and
ERDA-sponsored programs.

In order to provide useful information for evaluation purposes, itis believed fo be
important to assess the technology for producing hydrogen by two coal gasification processes.
One of these would involve gasifiers currently available today, and thus would reflect the
gasification economics pertinent to plants operating in the late 7C's and early 80's. The
second would be based upon gasifiers presently under development, and would reflect the
economics of middle 1990's operation.

Currently, gas producers are available commercially in one of three major gasifier
types: fixed-bed, fluidized-bed, and entrained-flow or suspension types. Representative
sketches of each type are shown in Figures 3.3.2, 3.3.3, and 3.3.4. For hydrogen manufacture,
each producer would be oxygen-blown, and would have reaction zones at some point in the
gasifier at temperatures in excess of 1144K (1600°F), It should be noted that none of these
producers is readily amenable to indirect heating and that heat exchange surface within any
of these refractory=lined, water-jacketed vessels would be exposed to an extremely hostile
environment. Therefore, none of these coal gasification options could consider a nuclear
heat source in the technical and economic evaluation,

For a given coal, the synthesis gas produced by each of these generators will be
different, due to different pressures of operation as well as different overall temperature
distributions throughout the producer. The selection of a gasification process for hydrogen
generation thus involves first the sclection of the gasification pressure and secondly the
choice of a gasifier type. Trade-offs are invelved in both selections. Gasification under
pressure has the advantages that:
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° Higher gasification rates (due to higher reactant partial pressures)
are achieved,

. Compression costs are minimized for those applications where pressurized
gases are required, e.g., transmission pipelines, ammonia production.

. Smaller vessels are required for downstream processing units.

e . . Higher gas densities lead to higher heat transfer rates,
Gasification under pressure possesses some disadvantages. These include:
) Methane must be removed if high purity hydrogen is required.

) The direct production of CO rich gases (desirable for hydrogen manu-
facture) requires the use of slagging processes.

] Coal must be fed into and ash removed from a pressurized vessel.

® Some coals which are noncaking at atmospheric pressure become
caking at higher pressures.

Similarly there are advanteges and disadvantages inherent in the use of a particular
gasifier type. These are summarized below.

Fixed-Bed Gasifiers

Advantages Disadvantages
o Countercurrent movement of ) Caking coals require pretreatment

solids and gases leads to high
heat economy

. Long solid residence time pro- - Sized fuels are necessary
duces high carbon conversion
efficiencies
. Tars are produced at the top of

the bed and must be removed if the
gas is to produce high purity
hydrogen

. Higher methane yields are obtained
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Fluidized=Bod Gasifiers

Prompr .

Advanfages

e . Gasification rates are higher °
than those obtained in fixed-
beds

. Operation over a wide range .

of conditions is possible without
significant losses in efficiency

° High inventory of fuel prevents .
oxygen breakthrough

Disadvantages

High loss of sensible heat in the
exit gas g

High loss of ungasified coal in
exit gas

Large ash contents in the bed are
necessary to avoid significant carbon
losses in the underflow

Slugging and other maldistributions
of gas and solids can oceur

Fluidization characteristics of the
fuel limit the operating conditions
of the system

Entrained (Suspension Gasifiers)

Advantages

o Any grade or class of coal can .
be used

¢ - . —--Gasification rates are the highest e

of any of the three gasifier types

. Product gas contains no tar and
little, if any methane

] Wide range of operating condi-
tions is possible

. Readily adaptable for pressurized
and slagging operation

Disadvantages

High carbon conversions require
recycle of solid residue

Heat exchange is necessary
to improve thermal efficiency

In selecting a gasifier type for a hydrogen production process, it should be 1ecoq-
nized that gasifiers well-suited to methane production are not particularly appropiiate fou
hydrogen manufacture and vice versa, Most of the gasification processes under development
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today omploy pressurized gasifiers of the fixed~bed and fluidized-bed types. Included in
this category are the Lurgi, Synthane, Hydrane, IGT, and C02 Acceptor Processes, These
processes, by operating at lower temperatures and higher pressures, encourage maximum
methane formation in the gasifier, Higher overall heat economies and process thermal
efficiencies are achieved, leading additionally to lower oxygen consumptions and less shift
conversion and acid gas removal capacity. All of these factors contribute to more favordble
process economics if methane is the desired product,

Entrained gasifiers, on the other hand, while not as well suited for methane produc-
tion, produce a synthesis gas free of tars, and low in methane, Such gas is ideally suited for
hydrogen, emmonia, methanol and Fischer-Tropsch synthesis. Such gasifiers possess the addi-
tional advantages of being able to handle all coals, without pretreatment, and are capable
of achieving high gasification rates.

In evaluating the economics of producing hydrogen by coal gasification, these dif-
ferences become important. For instance, the Lurgi gasifier (a fixed-bed producer) - which
operates at lower temperatures and pressures of about 2000 kPa (20 atm) - achieves excellent
heat economy. The Koppers-Totzek gasifier (an entrained-flow gasifier) operates at about
100 kPa (one atm) and high temperatures and achieves pocrer heat economy. This leads to a
more expensive synthesis gas compared to that obtained from Lurgi gasification and more
downstream compression is required. Use of this more expensive gas may be justified, how-
ever, as it is a much better feedstock for hydrogen manufacture than is the Lurgi gas. Refei-
ence to Table 3.3.1 shows that the Koppers-Totzek gas is essentially CO + Hy with negli-
aible amounts of methane and higher hydrocarbons. Thus, after shift conversion and acid ges
removal (Table 3.3.2) this gas is capable of producing much purer hydrogen.

Whether this is an advantuge or a disadvantage depends upon the application, If
formation) pressures of 6895 to 13790 kPa (1000 to 2000 psi) are required and the presence

of methane is not detrimental. The Lurgi gas would probably be the preferred feedstock in
this, and in applications involving initial coal hydrogenation in liquefaction processes, as
well as fuel applications. If the gas is to be used in hydrotreating hydrocarbon liquids, meth-
anol synthesis, fuel cells, or similar high purity applications, the Koppers-Totzek gas is pre-~
ferable,

For the purpose of the technical and economic evaluation, it is concluded that the
advantages of the entrained gasifiers in respect to the purity of hydrogen produced makes the
results of the evaluation more directly comparable to the results from processes producing
hydrogen by electrolytic means. Therefore, two gasification processes - both employing
suspension gasifiers - will be assessed, The first of these will be the Koppers-Totzek gasifio
and a process designed to produce hydrogen at a purity of at least 95 percent and a piessiue
of 6895 kPa (1000 psia). The evaluation of this system will provide an assessment of the
cost of producing high purity hydrogen using current technology.

The second gasification process will employ the Bi-Gas gasifier being developed
by Bituminous Coal Researci. This gasifier is presently in the pilot stage at BCR's facility
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TABLE 3.3.1

TYPICAL RAW GASES FROM LURG! AND KOPPERS-TOTZEK
GASIFIERS FOR COMPARABLE BITUMINOUS COALS

ComEone nt

C.‘.C)2 +

Chflm
Cco

Hy

CH,
N

H2O

TOTAL

H2$

DRY GAS ANALYSIS AFTER SHIFT CONVERSION AND ACID GAS REMOVAL

Comeonenr

CH
n'm
CO

H,

CH4

N,

TOTAL

Lurgi Koppers-Totzek
Gasifier Gasifier
32.2 9.2
0.2 -
16.3 53.0
39.3 36.4
11.3 -
0.4 1.1
0.3 0.3
100.0 100.0
TABLE 3.3.2
Lurgi Koppers-Totzek
Gasifier Gas
0.3 -
Nominal Nominal
82.8 98.8
16.3 -
0.6 1.2
100,0 100.0
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in Homer City, Ponnsylvania. Tho synthasis gas Is available af 6895 kPa (1000 psia), thereby
avoiding compression costs, The high pressure encourages some methane formation, but duc
to the slagging-suspension design, not as much as that obtained frem other systems being
developed. The Bi-Gas system, however, due to advanced dosign, produces higher pressures
and lower tar lovels, while simultaneously providing the benefits of suspension gasification,
These include higher throughputs per unit and ability to operate with all coals, both caking
and non-caking.

Conducting the gasification technical and economic assessment in this fashion pro-
vides information.on the performance and the cost of hydrogen production by gasification as
a function of high or low pressure gasification and existing or developing gasifiers.
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3.4 WATER DECOMPOSITION HYDROGEN PRODUCTION SYSTEMS

Water decomposition hydrogen production processes, as used here, are those pro-
cesses in which water is used as a feedstock und, through thermochemical or combined thermo-
chemical-electrolysis reactions, is dissociated to form hydrogen and oxygen. A character-
istic of this class of hydrogen preduction processes is that the thermochemicul reactions are
cyclic in nature, i.e., the chemical intermediates ure recovered and reused, Water decom-
position processes employing only electrolysis are excluded from this category of hydrogen
production systems and considered as a separate class of processes, as discussed in Section 3.2.

in principle, water can be decomposed thermally in a single step, Extremely high
temperatures are necessary to achieve significant degrees of dissociation and effective separa=
tion of the hydrogen/oxygen mixture is required. By employing a series of reactions involving
cyclic intermediates, the maximum temperature necessary for decomposing water can be signi-
ficantly reduced. Several such "water-splitting" processes have been proposed and many are
under active investigation in laboratories around the world, Section 3.4.2 compares the char-
acteristics of representative systems, Inherent in all of these systems is the desire to maximize
thermal efficiency, minimize overall (including power generation) capifal investment, and
utilize chemical reactions which can be demonstrated to occur.

All water splitting processes, due to their cvelic nature, are Carnot-limited. As a
result. the overall process thermal efficiency depends upon both the maximum temperature one
can obtain from the thermal source driving the process and the particular series of chemical
reactions employed in the water decomposition sequence. The maximum thermodynamic pro-
cess thermal efficiency is represented by the equation (Reference 30),

o

AH TH TC

— T , where
M = mir. { 4C H

1.0
M\ = Maximum thermal efficiency
AH° * Heat of formation of water at 298K
Ac® Free encrgy of water at 298K
TH © Heat source temperature
TC © Heat sink temperature
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Table 3,4.1 shows the maximum thermal efficiency as a function of hect sourco tem-
perature. As indicated, viih heat sources above 1089K (1 500%) avoilable, water splitting
process efficiencies theoretically equivalent to those for fossil-based processes are possible,

TABLE 3.4.1

MAXIMUM THERMAL -EFFICIENCY OF WATER DECOMPOSITION PROCESSES

Heat Source Temperature Maximum Thermal Efficiency, %
K _F
» 800 980 75.3
200 1160 80.3
1000 1340 84.4
1100 1520 87.7 i
1200 1700 90.4
1300 1880 92.7- 4
1400 2060 94.7

Water splitting processes assume particular importance when methods are sought for
generating hydrogen from indirect sources of heat, particularly that available from either high ;
temperature gas-cooled nuclear reactors or from solar collectors. Hydrogen is more easily stored 4
and transported than themal energy. Significant markets for hydrogen and oxygen will be cre-
ated as planis for converting coal into synthetic oil and gas go onstream. If this hydrogen can
be obtained from other than fossit-based processes, our ultimate reserves of iossil fuels can be i
prolonged.

Hydrogen obtained from water splitting processes can similarly be expecied to be
important in nuclear process heat applications, especially those involved with substituting
nuclear heat for coal in coal conversion systems. The substitution of nuclear for fossil energy 1
in a fossil=hased hydrogen production system is limited by the chemical characteristics of the
process. A certain portion of the hydrocarbor feedstock is cansumed in chemical reactions;
the balance in meeting the process heat requirements. Only the latter may be substituted.
Water splitting processes enable complete substitution and enable a single hydrogen production
process to be employed, regardless of energy source.

3.4.1  Water Splitting Processes as @ Class € Hydrogen Generation Methods

A variety of methods exist for proaucing hydrogen. As hydrogen is not a primary '
energy fcrm, its synthesis, in all instances, raquires the addition of more primary energy than '
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is subsequontly recoverad during hydrogen combustion. Depending upon the form of the
primary (or secondary encrgy), the method of hydrogen production may vary, Steam=hydro-
carbon reforming designates processes which employ a gaseous feedstock such as methane ,
ethane, naphtha, or similar {ight hydiocarbons, Partial oxidation processes are those which
use a liquid feedstock such as heavy or residual .0il, and gasification refers to procasses
operating with a solid feedstock such as coal, coke, char, and perhaps municipal or process
waste. In general, chemical reactors designed for one primary feedstock are not readily cun-
verted to another. For example, a steam=~methane reformer cannot be used to conduct coal
gasification reactions, nor can a coal gasifier be used effectively as a methane reformer,
Similarly, within each group, the chemical reactor and its operation will depend upon the
physical and chemical properties of the feedstock, Not afl coal gasifiers, for example, can
accommodate caking or agglomerating coals, and all gasifiers require some degree of coal
preparation and sizing prior to gasification. For all steam=hydrocarbon processes, steam and
fuel requirements vary with feedstock, as does the nature and the duty of downstream pro=
cessing. Electrolysis characterizes those processes employing electrical energy, as DC power,
to electrolytically decompose water into hydrogen and_oxygen. Water splitting processes
similarly decompose water, but emplo, a series of chemical reactions involving cyclic chem-
ical intermediates to decompose water at temperatures well below its thermal decomposition
temperature,

While electrolysis and water splitting are clearly water decomposition processes -
each using a form of energy to produce hydrogen and oxygen from water = it is important to
note that the conventional steam = hydrocarbon processes for hydrogen production are in
reality water decomposition systems as well.

Consider, as an example, the gasification of carbon with steam to produce a synthe-
sis gas for hydrogen production. The gasification reaction is

C + HO —» CO + H, )

This is followed by the water gas-shift reaction

CO + H,0 —» CO, + H, (2)

2

so that the total process is reprosented as

C+ 2H, 0 = C02 + 2H2 (3)

2

Overall, Reaction 3 is endothermic by 178.2 KJ, thus for an ideal process, the eneray
balance shown below applies

Reaction AH, KJ
C 2H20 —_— CO2 1 2H 178,2

2
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Thermal Inputs

Carbon Heating Value 393.5
Endothermic Reaction Heat 178.2
Total 571.7

Comparing this with the thermal requirements of an ideal water decomposition
process illustrates the similarities and differences in the two methods of hydrogen production.

Coal Gasification Water Decomposition

m AH, KJ Reaction AH, KJ

C+ 2H20 - CO2 + 2H2 178.2__.___2H20 —-1»-2H2 + O2 571.7

Thermal Inputs o Thermal inputs

Coal Heating Value 393,5 Water Heating Value @)

Endothermic Reaction Heat 178.2 Endothermic Reaction Heat 5717
Total 571.7 Total 5717

A similar situation exists with regard to steam methane reforming. In this case,
the energy balances shown below apply. y

Steam Methane Reforming Water Decomposition

Reaction AH, KJ Reaction AH, KJ

0.5CH4 + H20 --1»0.5(302 + 2H2 126.5 2H20 — 2H2 2 O2 571,7 !

Thermal Inputs Thermal Inputs i

0.5 mole CH4 445,2 2H,0 0

Process Heat 126.5 Process Heat 571.7 ‘
Total 571.7 Total 571.7

I |

1y

-y
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The mass and energy balances illustrated earlier show that coal gasification and
steam methane reforming are specific methods by which hydrocarbons may be used to decom-
pose water in order to obtain hydrogen. The results are general, since in all cases the over-
all process reaction is given by

X .
CHx + 2H20 —»(2 +§) rf2 + CO2

The heat of reaction is Aern = AHCOQ -2 AHHQO - AHCH where AHi 15 the

X
heat of formation of compound i from the elements at the reference temperature, The process
thermal inputs are:

. X
Heating Value of CHx AHCH -AHCO - (f)AHH o
X 2 2
Reaction Enthalpy AHCO - 2AHH o- AHCH
2 2 X
X
Total - @ +§-)AHH20

As the total balance shows, the process energy inputs as reactants and fuel will
always be identical to those which would have been required had water been decomposed

directly. When hydrocaibon fuels are burned to meet the process energy needs, the overall
mass balance becomes

X
(1 +y) CH +2H,0 +y (1 +3) Oy (2 43 ) Hy + (1 +y)co2+y(%mzo

where

AHCO2 -2 AHH20 - AHCH

y > =

A water decompositinn process operating on the same fuel at the same thermal
efficiency would accomplish the reaction

X
(2+5)HO0—=(2 1 5V Hy  (143)0,
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by combusting the fuel in air to drive the process. From combustion one has

(1 +)CH 4 +y) (143) 05> (14y)CO, 4 (14 ) () Hy0

As the net mass balances for the process indicate, overall fuel and water consumption
remain unchanged. The water decouosition process, however, has the advantage of being
abie to provide oxygen as well as hydrogen,

Two major differences exist between water decomposition and steam-hydrocarbon
processes for hydrogen generation. The first relates fo the amount of process energy which
can be supplied by non~fossil means. For the steam=hydrocarbon processes, less than 25 per-
cent of the theoretical energy requirements can be substituted with non-fossil energy sources.
The balance of the hydrocarbon is consumed as a chemical reactant, not as a process fuel.

In practice, due to process inefficiencies, much larger fractions of the hydrocarbon feedstock
are devoted to fuel usage and thus larger portions are potentially available for substitution,

Reductions in the quantities of hydrocarbons required to produce hydrogen can be
achieved in any of three ways. Non-fossil energy can be substituted for that portion of the
fossil feedstock which is consumed as fuel, efforts can be taken to improve the efficiency of
the hydrogen generation process; or efficient processes independent of hydrocarbon feed-~
stocks can be developed. While fuel substitution within existing processes and improvements
in overall thermal efficiency are worthwhile, it is important to note that all three methods of
reduction can be achieved with the water=-splitting processes.

The secend major difference between water splitting and steam=hydrocarbon is the
by-product formed during hydrogen generation. Both processes operate with the same total
thermal inputs yet one produces a useful by -product, oxygen, while the other does not. The
primary reason for this difference rests with the partitioning of reactants and fuels within the
process. Considering the case of coal gasification, it is theoretically possible (at one hun-
dred percent thermal efficiency) to obtain 2 moles of hydrogen by reacting 1.23 moles of
carbon with 2 moles of water and at least 1.15 moles of air. Depending upon the equipment
configuration, either the process will require an oxygen plant, or it will avoid the need for
an oxygen plant, or it will act as though it is simultaneously an oxygen plant.

It is instructive to consider three processes by which hydrogen may theoretically
be obtained from carbon and water, The first involves the use of oxygen-blown gasification
followed by shift conversion. Assuming an ideal process, the mass balances shown below
will apply.
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1. 23 Moles 1.23 Moles CO
0. 92 Moles N, Carbon ‘r 2
y
Aie Air ' 0.23 Moles Gasification 2 Moles
—_— Separation and " Hydrogen
1.15 Moles Plant Oxygen Shift Conversion yErear
[
2 Moles HQO ‘

The fact that carbon is being oxidized in the same vessel that is being used to
conduct the hydrogen generation reaction requires an oxygen plant to prevent dilution of
the product gas with nitrogen. If the hydrogen generating reaction can be separated from

the major endothermic process reaction, then air rather than oxygen can be used in fueling
the process.

This is the approach used when hydrogen is generated using a steam=~iton process,
In this instance, again assuming an ideal process, the mass balances shown below apply.

2 MOITes H:2
2 Fe 1. 23 Moles CO2
Iron Iron Oxide 0.92 Moles N?
Oxidation 2 FeO Reduction
— 1, 23 Moles Carbon

A A

1.15 Moles Air
2 Moles H2O

In its simpliest form, a thermnchemical process for decomposing water is similar to an
indirectly heated steam-iron process. For on ideal process, the mass balances shown below
apply.
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2 Moles H, 1.00, 1,23 Moles 1.23 CO,,

T I Carbon 4,92 N,

| r 2
Thermally Reduced i
Oxidizer Intermediate Reducer E Combustor o
Oxidized ‘ 4

]

7 Moles H2O T 6.15 Moles ‘ q
Air !
i

Compared with the steam iron process, 1.15 moles of air are required to combust
0.23 moles of carbon for process heat. The remaining five moles are effectively separated
into four moles of nitrogen which are vented and a mole of oxygen which is recovered.

Netice also, by adding carbon to the reduction step of the thermochemical process
for decomposing water, that it theoretically becomes equivalent to the steam-iron process.
Similarly, indirect heating of iron oxide to liberate ox;ygen would make this equivalent to a
thermochemical process. As the energy balances show, 109.6 MJ (103,827 BTU) must be
expended to decompose a mole of water vapor into hydrogen and oxygen. Mass and energy
balances for a carbon-fueled process indicate that at least 1.23 moles of carbon and 1.15
moles of air are necessary. Processes can be devised to meet these mass and energy require-
ments in different ways.

The use of a single reaction vessel requires an oxygen plant to prevent dilution of
the product gas with nitrogen and fails to recover the oxygen for subsequent utilization. The
use of two primary reaction vessels is sufficient to avoid the use of oxygen and cnables the
process to employ air instead. Firing one process vessel directly with carbon ard air poten-
tially leads to higher thermal efficiencies, but also fails to recover the oxygen byproduct.
Indirectly firing the second vessel, while perhaps lowering the themmal efficiency, enables
both decomposition products to be recovered for utilization.

Additional advantages are obtained by using the water decomposition process. The
most important of these is the fact that hydrogen can be generated from any convenient fucl,
e.g., coal, oil, gag nuclear, or solar. For each of the hydrocarbon processes, an unique
fossi! fuel/feedstock requirement is evident. The potential of substitution of one energy fonn
for another is [imited.,

In the case of steam-methane reforming, methane equivalent to 200 MJ/kg-mole
(86,080 Btu/Ib-mole) hydrogen must be provided as a chemical reactant. In principle, only
an additional .085 moles CH,/mole Ha is required for the process heat requirement. Even
allowing the possibility of substitution, a sizeable methane requirement remains, For the

3-36



water decomposition process, however, the most economic energy source - whatever it

may be - can be used by modifying that equipment through which the energy is transmitted
to the process. This energy can be provided as either methane, oil, coal, nuclear, solar,

or any combination of sources to result in the most economical hydrogen production. This
feature will be of ever increasing importance in the decades to come, as the cost and avail-
ability of various fuels and feedstocks vary with economic conditions and energy reserves.

3.4.2  Basis of Selecting a Water Decomposition System

The selection of a water decomposition process is complicated by the large num-
ber of such cycles under study and the generally limited data available on each, Several
water decomposition processes have been proposed in the literature and hundreds exist
which have not been disclosed. Varying degrees of information are available ~ many are
conceptual processes with no substantiating experimental verification, Others have had
some of the key reactions confirmed in the faboratory. None have been demonstrated on
a prototype or pilot basis. Many of these cycles have been invented during the course of
Govemment=~funded research, and, as a result, are available for analysis and review.
Others were developed privately and the supporting information has not been published.

While the task of devising cycles is relatively simple - one organization, using a
computer, has generated over 5000 candidate processes = not all of these will be applicable
as hydrogen sources for industrial uses. Many possess serious deficiencies which would pre~
clude their use in any large scale industrial process. Often the primary reactions in the
sequence do not proceed at economical rates, or methods have not been devised fo avoid
complicating side reactions, Frequently exotic chemicals are employed, a fact which
would ultimately limit the number of -;ommercial installations possible before chemical
reserves would be depleted. Many o’ the theoretically more efficient cycles are required
to deliver major portions of the tota’ process energy at temperatures above 1144K (1600°F)
and often to solids. These pose heat transfer and chemical reactor design problems re-
quiring imaginative, and perhaps expensive solutions.

The ideal thermochemical cycle for water decomposition is one which minimizes
product cost by achieving high thermal efficiencies in a process with low capital and
operating costs, The efficiency should be maintained over a range of heat source temper-

atures, thereby pemitting maximum flexibility in the choice of energy sources and heat
exchanger materials.

The nature of the chemical cycle affects capital costs in several ways. Hopefully
simple, compact chemical reactors can be employed. This necessitates choosing reactions
which proceed rapidly and without serious side reactions occurring. Separation of reactants
and products should be simple. Reaction reversals at lower temperatures may reouire elabor~
ate quench and separation systems,
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The presence of noxious impurities in the hydrogen and oxygen product streams
may necessitate expensive cleanup facilities fo meet health or envi ronmental requirements,
Similarly losses, and perhaps degradation, of the recycling chemicals will occur, and de-
pending upon the process, may adversely affect operating cost.

Lacking process flowsheets and kinetic data on key reactions in a thermochemical
cycle, it is impossible to prepare even preliminary capital and operating cost estimates,
However, for a given thermochemical cycle, it is at least possible to provide some prelim-~
inary estimates on maximum thermal efficiency and minimum operating cost. Similarly it
is possible to comment, at least initially, on the feasibility of reactions employed in the
cycle and whether serious competing reactions might occur.

A total of eighteen published processes advocated by ten different organizations
have been evaluated using a series of prescreening criteria. These are summarized in
Table 3.4.2. The first phase of the evaluation procedure recognized that losses of the
recycling chemical intermediates will occur and attempts to estimate the impact of these
losses on the process operating cots. In practice, these losses can occur in various ways.
Leaks and blowdowns are inherent in all chemical processes. No separation process re=
moves all of the secondary component. Hydrogen and oxygen leaving the process must
either be of exceptionally high purity or else carry with it small quantities of the inter-
mediate chemicals. The presence of only 500 ppm of intermediate in each of the two
product streams is sufficient to require the make-up of 0.1 percent of the recycling inven-

tory.

The first phase of the evaluation procedure assesses the feasibility of the chemicals
proposed for use in the cycle. This assessgnent is condaucied by c%nsideri ng a water decompo=
sition progess which produces 13.4 x 10 standard m° (500 x 10° SCFD) hydrogen and
9.6 x 10° Kg/day (10,600 TSD) oxygen. This corresponds to what is believed will be a
typical installation with a 4000 MWt nuclear heat source and the water splitting cycle oper-
ating at « thermal efficiency of about 50 percent, The chemical recycle rate in the process
is assumed to be stoichiometric and the lass of 0.1 percent of the recycle rate is assumed for
each recycling chemical. This provides a reasonable set of assumptions for determining the
operating cost associated with make=up chemicals for the process. Table 3.4,3 shows, for
each of the eighteen processes, the chemical consumption and cost as caleulated. Clearly
high thermal efficiency is of diminishing value if exotic chemicals must be employed, as the

gains achieved by lower nuclear fuel consumption are offset by the make~-up chemical cost.
A maximum tolerable chemical cost adder of 9,47 ¢/GJ (10¢/10° Btu) was considered as a
threshold for economic vidbility. Beyond this point, improvements in efficiency are largely
negated by chemical costs. The results of this chemical make-up cost screening are sum-
marized in Toble 3.4,4, As indicated, only eight of the eightcen cycles possess operating
costs sufficiently low to warrant further study.
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TABLE 3.4,2

THERA'OCHEMICAL WATER DECOMPOSITION PROCESSES
CONSIDERED FOR HYDROGEN GENERATION

L T P

PROCESS NUMBER 1: Vanadium Chloride Cycle

L Allison Division = General Motors
' Funk and Reinstrom ¢

e

2VC|.2 + 2 HCl —»2 VCI3 + H2

Y S

Af&VCI3 —+2VCI4 + 2 VCI2

2VCl, —»2VCl, + Cl, |

H,O + Cl, —> 2HCI + 12 0,

Le 5 L =8

PROCESS NUMBER 2: Cesium Oxide
Aerojet General
Miller and Jaffe

2Cs + 2H,0 —» 2Cs0H + H

2 2

2CsOH + 320, —» g0 * 2Cs©2
2 Cs 02 —_— C520 + 3/2 02

CszO —=2Cs + 1/2 O,

3-3%




PROCESS NUMBER 3:

PROCESS NUMBER 4.

PROCESS NUMBER 5:

Steam~lron=-Carbon Dioxide
Institute of Gas Technology
von Fredersdorff

3Fe + 3H,O —» 3 Fe® + 3 H

2 2

3Fe O + H20 —+Fe304 . H2

Fe,,O

304 + 4CO —» 3 Fe + 4CO

2

4CC)2 — 4CO + 202

Tin Oxide
Gaz de France
Souriau

Sn + 2H,O0 — 2 H

5 9 + SnO

2

25n0 —=» SnO2 + S5n

23n02 —» 2 500 + 02

Hydrogen Chloride Electrolysis
Air Products
Hallett

H,C + CI

) , —= 2HCl + 1720,

2 HCl —=» H2 ' (:l2
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PROCESS NUMBER 6:

PROCESS NUMBER 7:

PROCESS NUMBER 8:

Mercury Chloride Electrolysis
Institute of Gas Technology
Gregory

H,0 + Cl, —= 2HCI + 1/20,

2Hg + 2 HClI — 2 HgCI + H,

2 HgCl — 2 Hg + CI2

Euratem Mark-1
Euratom
Marchetti and deBeni

Cc:Br2 + 2 H20 —_ Cc:(OH)2 + 2 HBr

Hg + 2HBr — HgBr, + H,

HgBr2 + Ca(OH)2 --——l--Cc:Br2 + HgO + H,O

2

HgO — Hg + 1/2 0,

Evratom Mark-9

Euratom

Hardy

f.‘:FeCI2 + 8H2C) ——->2Fe304 12 HCI ¢
ZFe304 + 3CI2 + 12 HCI —_»6FeCl3 t 6 H,O

<SFE.-CI3 ——!H‘SFe:Cl2 + 3CI2
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PROCESS NUMBER 9:

PROCESS NUMBER 10:

Selenium Cyele
Lawrence Livermore Laboratory
Hickman, Kriforian, and Ramsey

Se + 2H.O ——» 2 KOH + H,Se

Ky 2 2

3/2 Se + 2 KOH ——D-Kzse + ]/2 Selo2 I H2O . j
]/2 04 + 1/2 5302 — 1/2 C'S + ]/2 Se

1/20, ~»1/20, + 1/20, X

Methane-Methanol Cycle j
Lawrence Livermore Laboratory |
Hickman, Krikorian, and Ramsey ;

CH +H20 — CO +3H2

4

CO + 2H, — CH3OH

2

As, O

CHSOH + As, O, —» CH 5 O3

274 4

1/2 As,O5 —> /243,05 , 11 o,

1/2 As205 + 1/2 As, —»As, 0O,
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PROCESS NUMBER 11;

PROCESS NUMBER 12:

Agnos
General Electric
Wenford and Hanneman

3FeCI2 + 4H20 —» Fe 04 t 6HCI + H

3 2

F6304 + 8 HC| —--—n-FeCI2 + 2FeCI3 + 4H20

2FeCly —» 2 FoCl, + Cl,
Cly + Mg(OH), —> MgCl, + 1/20, + H,0

MgCl, + 2 H,0 —» Mg(OH), + 2 HCI

Beulah
General Electric
Wenford and Hanneman

2Cu+ 2HCI —» 2CuCl + H,

4 CuCl —» 2CuCl2 + 2 Cu

2 CuCl, —» 2 CuCl + Cl,

Cl, + Mg(OH), —» MgCl, + H,O + 1/20,

2

MgCly + 2 H,O —» Mg(OH), + 2 HC|
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PROCESS NUMBER 13:

PROCESS NUMBER 14;

Catherine
General Electric
Wenford and Hanneman

3l‘,2 + 6 LIOH — 5Lil + l.iIO3 + 3 H2O

Li IO3 + Kl -—lv-l(lC)3 + Lil

KIO; —> KI + 3/20,

6 Lil + 6H20 —» 6 Hl + 6 LiOH

6HlI + 3HI — 3 Nil, + 3 H

2 2

3Nil2 —» 3 Ni + 3!2

Cycle C=5
Institute of Gas Technology
Pangborn and Sharer

Fe, O, + 350, + IZH‘,ZO—a\-»SFuaSO4 +2H

374 2 2

3 FeSO, —= 3/2Fe, 0, + 3/250, +3/2 50,

4

3/2 Fe, O, + 1/2 50, —»-Fe O, + 1/2 50,

3

2503 --—~1n--2502 + O2
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PROCESS NUMBER 15;

PROCESS NUMBER 16:

Cycle A-2
Institute of Gas Technology
Pangborn and Sharer

O, + 4H

3Fe + 4H,0 —» Fe 4 1

2 3

Fe O4 + ‘?/Z?CI2 —» 3 FeCl, + 20

3 3 2

3 FeCl3 —3 FeCI2 + 3/2 Cl2

3FeCI2 + 3H > 3 Fe + 6 HCI

$HCl +3/20, —» 3Cl, + 3 H,0

Strontium Bromide
Euratom
deBeni

SrBr2 + H20 — 5+Q t 2 HBr

2HBr + Hg —» Hg Br2 + H2

SrO + HgBr, —» StBr, + Hg bo1/2 O,

345




PROCESS NUMBER 17:

PROCESS NUMBER 18:

Karlsruhe Process
Gesellschaff fir Kernfrschung mbH,
Domer and Keller

6Ag + 6 HBr —» 6 AgBr + 3 H2
6 AgBr + 6 NaOH — NaBr + 6 Ag + 3 HQO v 3/2 0,

6 NaBr + 51:3203 + 3 H2O —» 6 NaOH + 2 SbBr3

2 Sbbr, + 3 H,0 —» Sb,O4 + 6 HBr

Sulfur Cycle
Westinghouse Electric Corporation

Brecher and Wy

2 H2O b SO2 N H2 + H2504

H,SO, —>H,0 + SO, + 1/20,

2
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TABLE 3.4.4

SUMMARY OF PHASE | CHEMICAL MAKE-UP COST ESTIMATE

Process Number

18
3
14
5
8
1
10

15
12
4
13
9
1
7
16

17

Czcl e Name

Westinghouse Sulfur Cycle

IGT Steam~fron~Carbon Dioxide
[GT Cycle C=5

Air Products ~ HCI Electrol ysis
Euratom Mark=9

General Electric -~ Agnes

L. Livermore Lab = Methane -
Methanol

IGT Cycle A-2

General Elecitic = Beulah

Gaz de France Tin Oxide Process
General Electric - Catherine
Lawrence L. Lab = Selenium Cycle
General Motors Vanadium Chloride
Eurotom Mark-1

Euratom Strontium Bromide

1GT Mercury Chloride Electrolysis
Karlsruhe Process

Cesium Oxide Process

Make~Up ChCmicéul Cost

¢/GJ  ¢/10° Btu
0.18 0.1¢
0.80 0.84
0.93 0.98
1.07 1.13
3.11 3.28
3.23 3.4
3.84 4.05
6.32 6.67
16.40 17.30
53,70 56.70
212,00 224,00
212,00 224,00
387.00 409,00
400.00 422,00
482.00 509,00
770.00 813.00
5,330.00 5,628,00

10,180.00 10,750.00
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Only after a cycle has been shown to possess low make-up costs was its feasibility
and efficiency examined in detail. The second phase of evaluation is coneerned with veri~
fying that the proposed reactions will proceed as written, as well as ascertaining that the
cycle truly offers the potential of competing with other hydrogen production methods, Eight
processes, summarized in Table 3.4,5 were considered.

Process No. 3, the IGT Steam-lron-Carbon Dioxide Cycle was eliminated as it
contained a reaction that was more difficult to conduct than the direct decomposition of
water, This con be seen by rewriting the process as follows:

o}
Water Vaporization AGP 208 AH0298 TAS 298
8.51 KJ 44,02 KJ 35.5 KJ
(n H20(]) —_ Hzo(g) 5

Shift Conversion

+ H,O -28.56 KJ -41.17 -12,
(q) 5 (g)—_’ 6 41,17 KJ 2,61 KJ

Carbon Dioxide Reduction

(2) CO

+ 1/20 257.2 KJ 283.0 KJ 25,75 KJ

(3) COz—-- CO 2
(9)

() (9)

Reactions (1) and (2) are conventional. Reaction (3), if conducted mechanically,
requires more mechanical work than electrolysis (257.2 KJ compared to 237,2 KJ). If the
reaction is conducted thermally, temperature and energy inputs comparable to those required
to decompose water directly are necessary.

Not only will considerable ingenuity be required in conducting Reaction 3, but «
well=conceived separation system will also be required for the CO/0O, mixture. The oxida-
tion of carbon monoxide to the dioxide can occur rapidly, even in the absence of catalysts.
As a result, a potentially serious and perhaps explosive reaction reversal can occur.

Process No, 5, the Air Products ~ HC| Electrolysis cycle was discarded as the
electrolysis of HCI requires more power per unit of hydrogen production than direct water
electrolysis, This can be seen by the following comparison:




Process Number

3
5
8
10
11
14
15

8

TABLE 3.4,5
PROCESSES CONSIDERED FOR PHASE Il EVALUATION - REACTION FEASIBILITY

Cycle Name

IGT Steam-Iron Carbon Dioxide

Air Products -~ HCI Electrolysis

Euratom Mark~9

Lawrence Livermore Lab - Methane - Methanol
General Electric - Agnes

IGT Cycla C-5

IGT Cycle A-2

Westinghouse Sulfur Cycle

3-53
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AG° AH® TAS®
298 298 298
2HC —> H, + I, 262.2 KJ 3335 KJ 71.3 KJ
aq (9) ()
HO ' 1/2
2°0) Hz(g) 1/ 02(9) 237.2 KJ 285, 9 KJ 48.7 KJ

Process No. 10, the Lawrence Livermore Laboratory Methane
eliminated because it contained q reaction unfavorable with

Methanol is an alcohol, not an oxide. lis reduction to methan
reaction

~Methanol cycle was
respect to competing reactions.
e is not o be expected. The

CH4O(Q) + A3204 — 8.08 KJ =7.15KJ

6 -15.23 KJ
s

CH + As. O
O

may proceed; however, passing hot methanol over heated arsenic oxides wil| probably produce:

CHSOH(g) + I‘\szo4 — ~130.1 KJ =58,89 KJ

(s)
As O, + CO + 2H
23 290 Yy

71.22 K

Process No, 14, the IGT cycle C-5, weas also eliminated because its first reaction is
not expected to proceed. The reaction is written as:

Fe304 + 3502 + 2H20 —_— -99.75 KJ -291.5 KJ 1917 KJ

3Fe SO4 1 2H2

A thermodynamically more favorable reaction is:

Fe304 + 4502 —_— -256.8 KJ -478,3 KJ -219,0 KJ

3Fe'z'SO‘4 i 5

As a result of this phase of the evaluation,

only the fou cycles listed in Table 3.4.6
appear sufficiently attractive to warrant on investigati

on of the process thermedyngmics.
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TABLE 3,4.6

PROCESSES CONSIDERED FOR THERMODYNAMIC EVALUATION

Process Number Cycle Name
8 Euratom Mark-9
11 Teneral Electric - Agnes
15 IGT Cycle A-2 ]
18 Westinghouse Sulfur Cycle

In order to ensure a more realistic evaluation of the potential process efficiencies,
Process No. 15, the IGT Cycle A~2, was modified.

The cycle as originally proposed was:

(1) 3Fe + 4H,0 —» Fe 0, + 4H,

i e il

(2) Fe,0, + 9/2Cly, = 3FeCly + 20

374 2

(3) 3FeCly -—» 3FeCl, + 3/2Cl, ]

(4) 3FeCl, + 3H, —» 3Fe 1 6HCI ;

(5) 6 HCI + 3/2 02 —= 3Cl, ¢ 3H20

2

As written, this cycle is inefficient due to the deccmposition of four moles of water
in Reaction (1) followed by the subsequent recombination of three of these in Reactions (4)
and (5). A more cfficient cycle is obtained by combining Reactions (1) and (4). This is now:

IGT Cycle A=2 (Modified)

t 6HC + H

(M 3FeC12 I 4H 4 9

20 — F930

() FoyO, + 9/2Cl, —-» 3FcCi, 4 20

34 3 2
(3) 6HCI 1+ 3/2 O2 — 3 CI2 { 3H20
4 3 Fc::Cl:3 — 3 FcCl2 +3/2 Cl2

e Al o
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Examination of the four remaining cycles shows only two fo be independent. Noto
that the General Electric Agnes process, the Euratom Mark~9, and the modificd 1GT Cycle
A=2 are all noarly the same. Each begins by hydrolyzing ferrous chloride to produce hydrogen,
Each thermally reduces ferric chloride to provide chlorine. The processes differ only in the
manner in which Fe30, is converted to FeCl3. The similarities in these cycles are shown in
Figure 3.4,1, All of these cycles appear technically feasible,

A first estimate of the thermal efficiency of each of the four cycles may be obtained
by examining the thermodynamics of the reactions in the cycle. A reversible process occurring
at constant temperature and pressure requires a work input equal to AG and a heat input equal
to TAS, Since AG = AH - TAS, one has that Q I W = AH. Varying the temperature

changes the ratio of heat to work required by the reaction. TAS 298’ however, represents the

minimum amount of heat the reaction must reject to sink af 298K, This heat rejection
occurs regardless of the temperature of the heat source during the process. Since 285.9 KJ
of process energy are required to decompose water, the minimum amount of heat to drive the
decomposition cycle

is Q. = 2859 - Y. (Tas° ),
min ' 298 i

where (TAS® ) , C 0.
298 i

This correspondingly defines the maximum thermal efficiency as

., 2859
oo /Q‘ ) » 100% .
min

Using @ 1200K heat source, o second estimate of the process thermal efficiency can
be provided., Assuming ideal recuperative heat exchange, Camot efficiencies in all power
cycles, and ideal works of separation yields the results shown under the limiting thermal effi-
ciency column in Table 3.4,7

As Table 3.4,7 shows, when compared with other published cycles, the Westinghouse
Sulfur Cycle offers the potential for the lowest cost hydrogen. The make=-up chemical cost is
lower, the thermal efficiency is higher, and the process can benefit mare from the development
of even higher heat source temperatures, A number of additional considerations are summarized
in Table 3.4,8 and these deserve comment,

The Westinghouse Sulfur Cycle was invented to operate energized with a gas cooled
nuclear reactor and supplying its hydrogen and oxygen outputs to a coal process. As u result.
it possesses interfaces compatible to both systems. This results in several very desivable addi-
tional features beyond its low chemical cost and high efficiency.
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At no point in the process does the nuclear heat source provide thermal energy to a
reducing gas. Reducing gases, due to high hydrogen partial pressures, can lead to hydrogen
accumulation within the coolant of the nuclear heat transport system. This would result in

the reaction of the hydrogen with the graphite nuclear core materials and its attendant struct-
ural weakening,

The Sulfur Cycle can be operated to provide hydrogen at pressure thereby reducing
the cost of gas compression equipment. The electrolyzer, if designed to maintain a differential
pressure between the anode and cathode, connot only provide pressurized hydrogen, but lower
its power input requirements as well.

All thermochemical water decomposition processes, if directly heated, can operate
on any convenient thermal. source, The Westi nghouse process can be fueled with gas, oil, or
coal. As a recent Chemical and Engineering News article confirms (Reference 31), the SO
reduction can be accomplished in a solar collector. Thus the process, if necessary or econom=
ical, can be solar powered,

Lost, but not least, is the consideration that impurities in the hydrogen and oxygen
supplied to the ultimate use process do not jeopardize operation of that system, Industrial
processes and equipment have not generally been designed in expectation of large quantities
of halides, vanadium, cesium, tin, mercury, arsenic, copper, silver, stronium, or antimony
compounds in their feedstocks. They have been, however, designed for operation with sulfur
containing feedstocks, As a result, the purity of hydrogen and oxygen from a sulfur-based
water decomposition process can be adjusted to provide the best overall system economics
containing feedstocks. As a result, the purity of hydrogen and oxygen from a sulfur-based
water decomposition process can be adjusted to provide the best overall system economics.

TABLE 3.4.8

FINAL PROCESS SUMMARY

ltem Euratom Mark 9 Westinghouse Sulfur

Cost of Make-Up

Chemica's, ¢/GJ 3.] ] 0.]8
Maximum Achievable Efficiency 65.51% 90. 524
Thermodynamic Efficiency 58.3 % 78.0 %
Capable of Solar Ves
Powering No
:’Tg::s:ms to Beer Halides Sulfur
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3.4.3  Westinghouse Water Decomposition Process

The Westinghouse hydrogen preduction process is a two=step thermochemical cycle
. for decomposing water into hydrogen and oxygen, Oxides of sulfur serve as recycling inter-
mediates within the process. The use of sulfur compounds results in several process advan-

tages: 7
-
° Sulfur is abunant, inexpensive, and substantially non-toxic, !’
] An assured supply of make-~up sulfur is available from coal conversion
and stack gas scrubbing processes, r
g ® Sulfur is an item of commerce and processes, equipment, catalysts, liter-

ature, and distribution systems for it and its compounds abound.

) Sulfur assumes a variety of valence states, thereby focilitating its use
in oxidation-reduction reactions.

. The properties of sulfur and its compounds are well documented, thereby |
reducing the amount of basic information needed in process development !
effort, 13

. Environmental regulations for the use of sulfur exist today, reducing un-

ceriginties in the design of process equipment.

The process, in its most general form, consists only of two chemical reactions = one

for preducing oxygen and the other for producing hydrogen. The production of oxygen occurs
via the thermal reduction of sulfur trioxide obtained from sulfuric acid,

H,SO —->HO+1/202+SO

2774 2 2 (1)

The equilibrium for Reaction 1 fies to the right at temperatures above 1000K. Cata-
lysts are available for accelerating the rate of sulfur trioxide reduction to sulfur dioxide and
oxygen. The results of Westinghouse's evaluation of two of these catalysts is reported else-
where in this document,

The process is completed by using the sulfur dioxide from the thermal red.uction
step to depolarize the anode of a water electrolyzer. The overall reaction occurring electro-

chemically is

2HO+502—*H

y 2
) 4 H2$O4 (2

2
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This is comprised of the individual reactions

EO

Cathode: 2H + 2¢ —= H, 0.00 Volts

+
Anode: H‘,2 SO3 + H20 —_2H +H

9 SO4+2e =0.17 Volts

As is apparent by summing Reactions 1 and 2, the overall process decomposes water
into hydrogen and oxygen and involves only sulfur oxides as recycling intermediates, Although
electrical power is required in the electrolyzer, much smaller quantities than those necessary
in conventional electrolysis are needed. The theoretical voltage to decompose water is
1.23 V, wit! many commercial electrolyzers requiring over 2.0 V. The power requirements
for Reaction 2 (0.17 volts at unit activity for reactants and products) are thus seen fo be less
than 15 percent of those required in conventional electrolysis. This changes dramatically

the theoretical heat and work required to decompose water and leads to high thermal effi-
ciencies.

The process is shown schematically in Figure 3,4,2, Hydiogen is generated electro-
Iytically in an electrolysis cell which anodically oxidizes sulfurous acid to sulfuric acid
while simultaneously generaling hydrogen at the cathode. Sulfuric acid formed in the elec-
trolyzer is sent to a surge tank from where it is fed to two vaporizers in series. The first of
these is a recuperative heat exchanger heated by the effluent from the high temperature
sulfur trioxide reduction reactor. The second is heated by helium from the VHTR, The sulfur
trioxide ~ steam mixture from the second vaporizer flows to the helium heated reduction
reactor where sulfur dioxide and oxygen are formed. These gases are subsequently cooled
against the incoming acid and unreacted sulfur trioxide is recovered as sulfuric acid in a
knock~out system. Wet sulfur dioxide and oxygen flow to the separation system. Steam is
first condensed, following which the 502/02 mixture is compressed and sulfur dioxide re-
covery effected.

Bulk sulfur dioxide removal is accomplished by condensation against cooling water,
Final removal is achieved by condensation against low=temperature oxygen. This refrigera-
tion and some auxiliary power production is generated by expansion of the oxygen stream
prior to its venting.

Two important trade-offs exist in specifying process conditions for the flowsheet
shown. The first relates to the concentration of the sulfuric acid leaving the electrolyzer.
Operation at very high acid concentrations raises the power requirements in the electiolyzer
while simultaneously reducing the mass rates and thermal energy demand in the acid vapori-~
zation, decomposition, and recovery loop. Similarly, opsration at very fow acid concentra-
tions lowers the electrol yzer power requirements, but leads to high mass rates and thermal
demands in the acid decomposition loop, An optimal acid concentration exists,
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Prossure is important due to the pressurized SO, /O, recovery system employed in
the process as well as the pressure dependence of the sulfur trioxide reduction rec -tion (the
equilibrium conversion at a given temperature declines with increasing system .ure).
Operation at low pressures leads to high conversions, low recycle rates, and - e compres-
sion 1equirements. Operation at higher pressures reduces the compressor duties, but at the
expense of the sulfuric acid recycle rate. Thus, an optimal pressure similarly exists.

Both the optimum acid concentration and the optimum pressure vary with the heat
source femperature. Similarly, overall thermal efficiency rises with increasing beat source
temperature. Raising the heat source temperature increases power cycle efficiencies and
shifts the optimal acid concentration to more concentrated solutions. This in turn reduces
the thermal requirements in the acid decomposition system. Similarly, higher heat source
temperatures enable higher system pressures to be employed without sacrificing the conver-
sion per pass achieved in the sulfur trioxide reduction reactor. This reduces compression
requirements and improves the process efficiency.

For the purpose of the comparative evaluation of hydrogen generation systems per-
formed, the water decomposition system was considered to have the process flowsheet pre-
sented schmatically in Figure 3.4.2 and in more detail in Section 4,5, The principal opera-
ting and performance characteristics of the process are given in Table 3,4,9, These charac-
teristics will, as a result of the work dcne in Task Il of this contract, be modified for the
Task 11l conceptual design to be reported upon in a separate volume.

The process, as currently defined, is arranged for its primary energy inputs to be
made as electricity in the electrolyzer and heat, from the intermediate heat transport loop
of the nuclear heat source, to the acid vaporizer and the 5O, reduction reactor. Other
heat sources, including combustion, solar, or geothermal, can provide the heat energy for
the 503 reduction reactor and the generation of electric power.

This alternate fueling capability provides the flexibility to consider operation of
the hydrogen production facility with any economic source of heat and electric power. Alter-
nate energy sources for the water decomposition process are discussed in more detail in

Section 3.4.4.
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TABLE 3.4.9

PRINCIPAL OPERATING AND PERFORMANCE CHARACTERISTICS OF THE

WESTINGHQUSE . SULFUR .CYCLE. WATER. DECOMPOSITION SYSTEM ... ... . . . ...,
General
Hydrogen Production Rate 10,09 x 106 standard m.3/day (379 x 106 SCFD)
Hydrogen Purity 99.9 volume percent
. Oxygen Production Rate 305,500 kg/hr (673,000 1b/hr)
- Nuclear Heat Source Rating 3220 Mwit

Net Process Thermal Efficiency 47 percent

Elecfrolxsis

Acid Concentration 80 wt percent

Prassure 2586 kPa (375 dpsia)
Temperature 361 K {190°F)
Electrolyzer Power Req't 482 Mwe

Cell Voltage, Nomina 0.48 volts 9 2
Cell Current Density, Nominal =~ 2000 A/m (186 A/ft)

Sulfur Trioxide Reduction System

Peak Temperature 1144 K (1600°F)
Operating Pressure 2068 kPa (300 psia)

Sulfur Dioxide = Oxygen Separator System
SO, Liquefaction Pressure 5171 kPa (750 psia)
Oxygen Discharge Pressure 517 kPa ( 75 psia)
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3.4.4  Energy Sources for the Westinghouse Sulfur Cycle

The Sulfur Cycle water decomposition process, in ifs reference configuration, has
its primary energy inputs made as electricity in the electrolyzer and heat, from the inter-
mediate heat transport loop of a nuclear heat source, to the SO, reduction reactor and the
acid vaporizer. This is the process arrangement described in Section 3,4.3 and illustrated in
Figure 3.4,2, Other heat sources, including fossil fuel combustion, solar, or geothermal, can
provide the thermal energy for the process steps and the generation of electric power. The
thermal energy would be introduced into the process in a manner dependent upon the charac-
teristic of the heat source. The electric energy needed for the electrolyzers would be pro-
duced in the manner most appropriate for each of the alternate fuels.

For the process flov,sheet used in the comparative evaluatio, heat from alternate
energy sources could be introduced to the process in the same manner as for the nuclear pow-
ered system. The process heat exchanger (SO, reduction reactor) and acid vanorizer design
could, for example, be modified for heat inpufs from an intermediate fluid which in turn is
heated by the energy source. Alternately, the process heat exchanger and acid vaporizer
could be designed for direct "firing", much like conventional reformers or boilers. The
specific approach to be used would depend upon design optimization for each of the poten=-
tial energy sources.

Other process variations of the Westinghouse Sulfur Cycle can be developed which
can utilize any convenient or economical source of process energy. One such process alter-
nate that has been investigared can accept the process energy either directly as a fuel gas or
indirectly as thermal energy entering the system through a heat exchanger. This process

alternative uses a different acid concentration system and a different approach to the sulfur
trioxide reduction than the reference process.

When the alternate process configuration is operating in the directly fueled mode,
any gaseous fuel may be employed, This includes not only light hydrocarbon gases, but also
the product gases obtained from air-blown coal or oil gasifiers, as well as any process or plant
fuel gases which may be available, The sulfur content of the feed gas is unimportant as the
hydrogen process contains provisions for sulfur removal., No oxygen plants or acid gas removal
facilities are required and the hydrogen purity is independent of the feed gas composition.

When operated in the indirectly fueled mode, with the indirect addition of thermal
energy, oxygen as well as hydrogen production is achieved. Under these circumstances, fuel
or flue gas desulfurization may be necessary to meet environmental regulations (as it would
be if the gas were to be burned elsewhere), but, as before, low Btu fuels can be employed
without affecting either the hydrogen or oxygen purities.
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The two operating modes of the process are illustrated in Figures 3.4.3 and 3.4.4, As
in the reference configureation, hydrogen is generated electrolytically in an electrolysis cell
which anodically oxidizes sulfurous acid to sulfuric acid while simultaneously generating hydro-
gen at the cathode.

The regeneration of SO, from the electrolyzer svifuric acid effluent is accomplished
by chemically extracting, as ferric sulfate, the sulfur trioxide formed in the electrolyzer,
followed by the subsequent thermal decomposition of the sulfate into iron oxide, oxygen, and
$O.. The extraction of the sulfur trioxide takes place in two stages as shown in Figure 3.4,3,
The electrol yzer effluent is assumed to contain about 40 W/0 H,SO, (Point B). Iron oxide
is dissolved into this to the limits of its solubility at 333K (Point C). "This solution, when
heated to 473K produces a liquid phase containing about 15 W/O H,S0, (Po:nt A). This
solution is cooled and recycled to the electrolyzer where its concentrahon is once again
increased by the reactions given earlier to 40 W/O H SO Leavmg the crystallizer is a
hydrated ferric sulfate having the composmon Fe,O, & 2&0 . H,O and consisting of a
mixture of Fe,O, . 350, and Fe,O 3H,0.” Steam requnremen s in the crysfqlhzer are
met by evaporating boiler tfeed wa?er |n|ecte3 into the oxide coolers contained in the dryer
and decomposition reactors.

The mixture of FepO3 . 3503 and FegO4 obtained from the crystallizer yields,
after decomposition, SO3/H,O ratios comparable to those obtained in fuming sulfuric acid.
This concentration is achieved from a 40 percent feed acid without evaporating large quanti-
ties of water as is required in thermal concentrators. The inclusion of this system into the pro-
cess enchblies the electrolyzer to operate with low activities of sulfuric acid, thereby with low
power reguirements, while simuitaneously avoiding the need to recycle large quantities of
water into the SOy reduction system. The need to employ a thermal concentrator with the sub-
sequent generation of large quantities of low pressure steam is similarly avoided. The use of
ferric sulfate within the process offers additional advantages which become apparent in exam-
ining the operation of the sulfate decomposition system. The hydrated ferric sulfate leaving
the crystallizer is fed next into a dryer-classifier and then into a decomposition reactor.

These vessels are fluidized beds operating at pressures between 2000 and 5000 kPa (20 to 50
atm). Both contain three stages. The upper portion of the bed is an expanded section for
lighter FeaO, particles, the central section is narrower and contains FesO3 . 3503 and
Fe2Qa, while the bottom section is the oxide cooler which accepts overtlow from the upper
section of each bed.

Considering first the system operation with fow Btu gas, the hydrated ferric suifate
is fed through lock hoppers and into the central section of the dryer-classifier. Combustion
of low-Btu gas provides the thermal energy necessary to decompose FesOg . 3H,0O into iron
oxide and steam. The lighter Fe203, after decomposition, is blown mto the upper section of
the bed. Overall temperature is maintained above that required to decompase Fe,O5 . 3H,0
but below that at which FeyO5 . 3503 decomposes. In spite of this, loca! hot ¢pots near
the distributor will ||bercﬂ'c some SOq w ?nch will be recaptured in the upper bed section. lion
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oxide overflow from the upper section flows to the cooler, This portion of the vassel is flui-
dizod with steam and contains nozzles for injecting beiler feed water into the bed, The cool--

ing of the FegQOq prior to letdown is accomplished while generating process steam for use in 1
the crystallizer.” Ferric sulfate contained in the central section of the bed flows to the decora-

position reactor.

Lk d

The decomposition reactor operates at the same nominal pressure as the dryer, bur at
” higher temperatures, The fact that the bed contains FepO4 - a contact catalyst for sulfuric

o~ acid manufacture - aids in establishing the equilibrium S —_— SOZ + 1/2 05, The e
3 oxygen liberated by the SO4 thermal reduction as well as %at present in excess air added to
o the system serves to combust the fuel gos and to thereby provide the thermal energy necessary

i to decompose the ferric sulfate. Overall the following reaction occurs: ¢

4 -

CoO (CO2
Fe203 . 3503 + (H2 ) —_— Fe;_,O3 + 3502 + H O)
i CH4 2
Fuel gas

Precise air and fuel requirements in the decomposition reactor will depend upon the
fuel gas employed. SOp concentrations in excess of 20 percent are obtained with most com-
mon fuel gases. Representative outlet compositions cotresponding to a low-Btu fuel gas are
shown in Table 3.4.9  In this instance 8.65 moles of fuel gas and 1.312 moles of air are ‘
required to decompose one mole of Fe203 . 3803. The effluent from the decomposition

reactor passes through a waste heat boiler which raises steam fo drive the turbine generators
which power the electrolyzer. The process gases are subsequently cocled and the water vapor
condensed, and are then dried before entering the 502 liquefaction cascade.

The SO, liquefaction cascade starts with a higher temperature bulk SO, removal
step at 266K (20‘?F) or above, depending upon process pressure. Final SO removal is obtained
using refrigeration generated by the process gases as they are expanded to 101 kPa (one atmos-
phere). Before the finul gas expansion to atmospheric pressure, the remaining 5O, is removed
by oxidation to SO3 and scrubbing, The resultant sulfuric acid is recycled t the iron oxida-
tion dissolution stage or is available for sale.

e il

In the indirectly - heated operating mode, Figure 3.4.4, the energy required for
the drying and thermal decomposition of ferric sulfate is obtained by the catalytic oxida-
tion of SO, to SO., within the process vessel. In the dryar, which operates at lower tem-
peratures and elevated pressures, SO, formation and subsequent reaction with FeO, is

favored and provides the exothermic reaction heat necessary to decompose Fe203 . 3H20.

P S S S U
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In the sulfate decomposition reactor, twa aquilibria over the catalyst Fe, 0,4 are
established,

3
o, .
Fe,Op * 350, _ Fe,04 + 350, K, - Pso3
— + 1/20 K__Psoz PV
SO; w— S50, +1/20, 2 — Yo, 72
p
50,

The proper operating pressure for the vessel as well as the SO O, recycle required
for the decomposition energy will depend upon the system operating temperature. For process
temperatures between 1200 and 1300 K, operating pressures above 4050 kPa (40 atm) can be
employed (See Teble 3.4.10). The effluent fiom the decomposition reactor contains about
31 percent SO, 46 percent SOy and 23 percent O, for all operating temperatures and pres=
sures shown,

The gases leaving the decomposition reactor may be cooled either by recuperative
heat exchange with the incoming 502/02 mixture or, as shown, by passage through a waste

heat boiler prior to condensation of the sulfur trioxide. The sulfur dioxide and oxygen in the
mixture are recycled to the decomposition reactor while the sulfur trioxide is vaporized and
sent to the SO3 thermal reduction reactor. This reactor contains both high and low tempera-
ture contact catalysts and is indirectly heated by whatever energy source is driving the pro-
cess,

The process energy required to regenerate 5Q,, from the sulfur trioxide formed in the
electrolyzer is input here, as well as that which was input to the dryer and the ferric sulfate
decomposition reactors as a result of the SO,, oxidation which occurred in those vessels. An
olternate process variation would be to redute the duty of the 5O, thermal reduction reactor
by adding indirect heat to the dryer and the ferric sulfate ducomposition reactor,

To do this would require heat exchange surface in a high temperature ( >1144K)
environment ard would substantially increuse the size and complexity of both the dryer and
the ferric sulfate decomposition reactor. This not only complicates the operation of the system
when indirectly heated, but in addition renders more difficult the use of hydrocarbon or low-
Btu fuel gases within the process if oxygen recovery is not desired. Finally, the energy de-
mands of these vessels is for process energy above, say 1144K (16IJO°F), which if provided in
an indirectly heated fashion makes available @ high temperature gos stream whose effective
utilization elsewhere may be difficult.
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TABLE 3.4,9 4

REPRESENTATIVE DECOMPOSITION REACTOR EFFLUENT |
WHEN OPERATING ON LOW-BTU FUEL GAS ’

Fuel Gas Composition Decomposition Reactor Effluent "

Component Volume % Component Volume % 1
N, 54,5 N2 43,7 1
co 18.6 50, 22.7 ‘
H2 121 CO2 18.7 |
CH 4 2.4 H20 14,7 !
Co, 6.9 o, 0.2

j

HZO 5.5 :

TOTAL 100,0 TOTAL 100.0

TABLE 3,4,10

OPERATING PRESSURE OF THE SULFATE DECOMPOSITION
REACTOR AS A FUNCTION OF REACTOR TEMPERATURE

Te mperature Pressure i
K F kP atm
1000 1340 91.5 0.903
1100 1520 730,0 7.200
1200 1700 3,962.0 392.100
1300 1880 14620,0 164.000
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In evaluating these requirements, it is felt that the vessel energy demand is best
met by conducting an exothermic reaction within the unit. This then enables fuel gases to
be used directly if oxygen is not desired, while enabling SO, and O, to serve as a "fuel
gas" in the indirectly~heated mode of operation. The subsequent thermal decomposition of
3O, is a reaction more amenable to indirectly heated reactors than is the decomposition of
ferric sulfate, Sulfur trioxide will decompose over a broad temperature range, thereby pro-
viding for more compact heat exchangers operating at lower overall mean temperatures.

Further advantages accrue when one considers overal | system reliability. If the
ferric sulfate decomprsition reactor were to be indirectly heated, inspection and mainten~
ance of the heat exchange would require shutting down the entire process. lking a separate
3O3 reduction reactor enables repair and maintenance to be conducted while the process
continues to operate in the fuel gas mode,

The gases leaving the SO, reduction reactor are cooled against the incoming stream
and unreacted SO, is condensed for recycle. Sulfur dioxide and oxygen sufficient to meet the
thermal demands of the dryer and the ferric sulfate decomposition reactor are separated and
rejoin the recycle to those vessels, The electrolyzer sulfur dioxide, with the process oxygen
product, proceeds to the liquefaction cascade for separation. Sulfur dioxide recovered here
is returned to the electrolyzer while the oxygen is a process by-product availabe for sale or
disposal.
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4.0 TECHNICAL AND ECONOMIC EVALUATION OF SELECTED
HYDROGEN PRODUCTION PROCESSES

4.1 GENERAL

The hydrogen production processes selected for comparative technical and econo-
mic evaluations are:

. Water electrolysis, using Teledyne electrolyzers
T ) Coal gasification, using Bi-Gas two stage gasifiars
T gt
. Coal gasification, using Koppers-Totzek gasifiers
® Water decomposition, using the Westinghouse Sulfur Cycle
T The bases ‘or the selection of these systems were discussed in Section 3.0 of this
report. The evaluaticn that is reported below attempts to present the technical and econo-
mic characteristics of each of these systems in @ manner by which its potential for meeting
the projected demands for hydrogen in the year 1985 and beyond can be assessed,
- In order to prepare the necessary process flow sheets, mass and energy balances,
- and cost estimates for the various processes, a set of technicc! and economic ground rules
had to be established. These ground rules were devised to make the comparisons between
systems as straightforward as possible. The major general technical and economic ground
- rules applied to all systems are described below, while more detailed assumptions relative
to individual systems are discussed in the report sections dealing with that system,
=
.

4.1.1 Technical Ground Rules for Evaluation

The major technical ground rules for the evaluation of the hydrogen production
systems are as follows:

. The plant product is @ hydrogen stream with a purity of at least 95 volume
percent. It is recognized that this ground rule will lead to results that are
not truly comparable, since the purity of the hydrogen for water electrolysis
and water decomposition will exceed 99 percent, while the purity of hydro-
gen from the coal based processes will be close to 95 percent. This disparity
can be resolved by assuming an end use for the hydrogen and, if necessary,
adding capital equipment and operating costs to upgrade the purity of the
coal-derived hydrogen to that of the electrolytically produced hydrogen.
Such an iteration is beyond the scope of this study,
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The plant product is assumed fo be used off-site in an unspecified end use.
Accordingly, a pipeline is included to the plant boundary and the product

hydrogen is at a pressure suitable for feeding a pipeline, i.e., approximately
6900 kPa (1000 psi),

Since the end use of the hydrogen is not specified, the practice of converting
residual carbon monoxide and carbon dioxide to methane, to avoid potential
health hazards in case of leakage, is adopted,

By-product oxygen, if produced, is vented. For economic evaluations, a
parametric credit for oxygen is assumed which would include the costs of
“shipping" the oxygen off-site.

The plant is located at the Middiefown site described in NUS-531 (Refer-
ence 32),

The plant design is based on a grass-roots facility, i.e., the plant is installed
on a virgin site and is not an add-on to existing facilities.

Afthough the Middietown site is specified, in Reference 32, to have ade- 1
quate river water for cooling services, the plant design is based on the assump- :
tion that environmental concerns will preclude the use of anything other than }

cooling towers as a heat sink,

- Coal is assumed fo be delivered to the plant site by rail, with the cost of i
coal including the cost of shipping.

Electric auxiliary power is delivered to the plant site by 138 kV transmission
lines, For the water electolysis plant, where large bulk power supplies are
required, it is assumed that the transmission lines are at 500 kV.

The plants are designed to meet environmental protection regulations consis- ' 1
tent with those in effect in early 1975,

Ultimate disposal of waste is assumed to be off-site. On-site solid waste .
storage capability is used for temporary storage only.

The plant designs assume that whatever R&D is required for successful opera-

tion has been successfully completed, The plant is not the first of a kind, but :
reflects an assumed mature technology.




4,1.2 Economic Ground Rules for Evaluation

The major economic ground rules for the evaluation of the hydrogen production
systems are as follows:

] All capital and operating costs are in July, 1974 dollars,

. No escalation has been included in the cost estimates. The sensitivity
analysis of the effect of fuel or feedstock costs on the system does, of its
nature, imply a certain rate of escalation.

) The economic analysis assumes private industry financing and tax rates.

° The annual fixed charge rate for depreciable capital investments is 15 per-
cent for utility-type ownership and 25 percent for industrial-type ownership.
The annual charge includes recovery of capital (profit, interest, and depre-~
ciation), Federal and State income taxes, local property taxes, interim re-
placements, and property insurance, as shown in Table 4,1.1,

. The annval fixed charge rate for non-depreciable and working capital is
10 percent.
1
3
° Interest rate during construction is 8 percent. 1
] The plant availability is 90 percent,
. The plant capacity factor is 80 percent. 3
° Nuclear fuel cost assumptions (materials, enrichment, reprocessing, ete.) ]
for the very high temperature nuclear heat source are as shown in Table 4.1.2
and are identical to those used in Reference 1. 1
. The cost of coal includes the cost of shipping to the plant site. i
. The cost of electric power, other than that generated on-site, is represen-
tative of the eleciric utility power rates for industrial customers, :
{
. Cost estimates are based on the assumption that the plant is not the first of 1
a kind, but is a developed mature type with no special non-recurring engin-
eering or development costs associated with it. The cost of any necessary
R&D is treated separately in the discussion of the technological status of the
system. 3
4
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f.'.. TABLE 4.1,1

ANNUAL CHARGE RATE ON DEPRECIABLE INVESTMENT

Utility Industrial
Assumptions:
Plant Lifetime, Years (for economic write-off) 30.0 . 15,0
Percentage of Investment in Bonds 55.0 30.0
b Interest Rate on Bonds, Percent 10.0 10.0
Return on Equity, Percent 10.0 15.0
Federal Income Tax Rate, Percent 48.0 48.0
State Income Tax Rate, Percent 3.0 3.0 ]
Local Property Tax Rate, Percent 3.0 3.0 ]
Interim Replacements Rate, Percent 0.35 0.35 }
Property Insurance Rate, Percent 0.25 0.25 3
Annual Charge Rate, Percent:
Recovery of Capitel
Interest on Bonds 5.5 3.0 ?
Return on Equity 4,5 10.5
Sinking Fund Depreciation 0.61 2,38
Federal Income Tax 1.28 4,70 i
State Income Tax 0.08 0.30
Local Property Tax 2,18 2,05
Interim Replacements 0.35 0.35
Property Insurance 0,25 0.25 ]
Total, Percent 14.8 23.5 ]
Total (Rounded Off), Percent 15 25




TABLE 4,1,2

NUCLEAR FUEL COST ASSUMPTIONS (VHTR)

ltem Cost
;’ USOB (natural uranium) $  22,05/Kg ($10/1b)
Conversion of USOS to UF6 3 2.2/Kg ($1/1b)
- Separative Work $ 40/Kg
e Reprocessing $ 170/Kqg
wr Plutonium $9280/Kg
Thorium $  9/Kg :
Uranium-233 3 17,000/kg
A
i
]
: 1
‘
]
A
| :
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4.2 WATER ELECTROLYSIS

4,21 General

The major item of technical and economic importance in a water electrolysis plant
is the electrolyzer, Pressure electrolyzers were seiected for this study because they have
lower space requirements, lower product compression needs, and greater potential for reduc=
tion of specific power requirements than standard filter press or tank electrolyzers, Price
quotations for electrolysis equipment indicated that vendor to vendor differences per unit
of capacity would have little effect upon the conclusions reached in the study. Therefore,
Teledyne HP modules were selected for the study to represent the technology and cost of
water. electrolysis equipment,

The cost of producing hydrogen is determired by system efficiency, the cost of
equipment, and the cost of power. Very high system efficiencies can be obtained by opera-
ting the electrolyzers at low current densities and, consequently, low unit product outputs.
In order to maintain an adequate production rate at the higher efficiency levels, more elec-
trolyzers are needed and the plant cost rises. There is obviously a trade-off between opera-
ting efficiency, capital costs, and the cost of electrical power to arrive at an optimum elec-
irolyzer design for a given set of economic conditions,

The overall efficiency of a water electrolysis plant is determined not only by the
efficiency of the electrolyzers, but also by the efficiency of the conversion of thermal energy
to electrical energy in the powerplant. By using electricity produced by a very high temper-
ature nuclear reactor (VHTR) or by exotic systems, e.g., MHD, high conversion efficiencies
can be achieved. Here again a trade-off exists between the efficiency level and the cost of
achieving that level,

In the economic evaluation of hydrogen production by water electrolysis, no attempt
was made to optimize the relationship between cost and efficiency. Operating conditions for
the electrolyzers were based on vendor specifications for module operation at maximum capa-
city. Inaddition to the vendor's recommendation for the electrolyzers, the cost of power was
based on foday's {east expensive means of generation electricity; i.e., utility owned light
water nuclear powerplants,

The current technology used in the evaluation results in @ 81. 1 percent efficiency for
the electrolyzer plan and a 34 percent efficiency for power generation. This gives a combined
overall thermal efficiency for hydrogen production by water electrolysis of 27.6 percent,
Supplying electricity by a VHTR with a combined high temperature Brayton cycle and a Rankine
bottoming cycle would boost the power generation efficiency to perhaps 47 percent and raise
the overall process efficiency accordingly to 38 percent. If, as some forecasters predict, effi-
ciencies of 53 percent can be realized for power generation and over 90 percent for electrolysis
cells (corresponding to an electrolyzer plant efficiency of about 88 percent), an ultimate over-
all efficiency for hydrogen production could be in the order of 48 percent - with an unidentified
cost of development, capital, operation, and fuel, The quantification of costs for the extremely
high efficiency water electrolysis plants and power supplies is beyond the scope of this present
study,
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4,2,2 Plant Design

The plant is capable of producing approximately 2.4 x 10° std cubic meters per
day of hydrogen, The plant design includes all the systems, structures, and facilities for the
plant, but excludes the power generation facilities needed to meet the plant's electrical
needs. The supply of electricity is assumed to be purchased power,

The large block of power required, in the order of 1720 MWe, would probably be
supplied by one or more generating units "dedicated" ‘o the hydrogen plant. For this reason,
the generating units would be located as close as practicable to the hydrogen plant. Their
construction can be expected to take longer than the time required to build the hydrogen
plant, and the work on the power generation facilities would have to begin before the work
on the hydrogen plant. However, both facilities can be developed independently of each
other and constructed in parallel with identical scheduled completion dates, For purposes
of economic evaluation, the power supply is assumed to be a two-unit light water nuclear
power station providing electricity on an exclusive basis to the electrolysis plant. The sen-
sitivity of the cost of hydrogen to the cost of electric power is also catculated and shown.

In order to provide a basis for the electrolysis plant cost estimates and for the eval =
uation of performance, a preliminary conceptual design was prepared, This design is des-
cribed in the paragraphs below.

4,2,2,1 Electrolyzers

Teledyne HP series modules (Reference 26) have been designed in capacities of
5000 to 40,000 std cubic meters of hydrogen per day. An 80,000 std cubic meter per day in-
stallation, consisting of two 40,000 std cubic meter per day modules is shown in Figure 4.2,1.
For large plants, modules are packaged into "units." For this study, the vendor recommended
that each "unit" consist of five 18, 700 std cubic meter per day electrolyzers, the electrolyte
separators, heat exchangers, electrolyte pumps and filters, demisters, dryers, instrumentation,
and a common power supply. An installation consisting of 100 of these "units" is required
to meet the total plant capacity.

The electrolyzers consist of individual cells, slectrically in series, compressed to-
gether by tie rods. In each cell, the anode and cathode are separated by a gas impervious
porous matrix electrolyte holder to prevent the product hydrogen and oxvgen from mixing.
The like gases from each celt are ducted internally through manifelds that bring the gases to
a common point. Figure 4.2.2 shows a schematic of the basic system wherein the gases leave
the cell together with entrained electrolyte and move through gas-liquid separators and heat
exchangers. The separated electrolyte is returned through a filter to the electrolyzer module.
Four pressure filter elements remove any foreign material that could block the narrow flow
channels in the module. Any one of the four elements can be cleaned ond returned to service
without shutting the system down. Makeup feedwater is added on demand to the hydrogen/
electrolyte separator, and its rate of addition is controlled by level switches in the separator.
Level switches in both the hydrogen and oxygen separators also act as safety devices that will
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shut the systom down if abriormally high or low levels exist. Both separators are also equipped
with high pressure alarms and relief valves,

The heat generated by system inefficiencies is removed from the glectrolyre by water
cooled heat exchangers. The cooling water flow of about ¢, 058 mS/std m Hy(77.2 gal/Ib Hp
or 0.43 gal /SCF Hy) is controlled to maintain the desired outlet temperature, The temperature
and Flow of the electrolyte are monitored continuously, and a temperature monitor sounds an
alarm if an abnormally high temperature condition exists. The high temperature condition may
be temporarily alleviated by increasing the cooling water flow; but if the over-temperature
persists and q critical temperature is reached, the temperature moniter will stop power to the
module. |f a normal temperature is not reached within ten minutes, the gas lines are purged
with nitrogen and the entire system cooled and shut down.

The gases are cooled to room temperature in water cooled heat exchangers and passed
on to a demister where mosi of the condensed water of saturation is collected and returned to
the makeup feedwater system. In this study, the oxygen is considered to be of no value and is
vented at this point. However, an oxygen delivery system can be provided and is analagous
to the hydrogen system to be described. The hydrogen delivery system of the Teledyne HP
units provides a combination molecular sieve and catalyst purification system that dries the
hydrogen to a dewpoint below 203K (-68°C) and removes traces of oxygen. Particles entrain-
ed by the gas in the drying columns are removed by a final dust filter so that the product hydro-
gen has a purity of better than 99.99 percent, Typical impurities present in amounts less than
0.2 ppm (by volume) are oxygen, water vapor, hydrocarbons, and nitrogen.

The hydrogen product exits as @ high purity gas at 690 kPa (100 psi) and is compressed
to 6895 kPa (1000 psi) for pipeline delivery. An overall mass balance for the electrolysis plant
is shown in Table 4.2.1, with the corresponding energy balance shown in Table 4.2.2,

Stainless steel is used for all vessels and piping. The equipment is designed as small
as possible to minimize gas hold-up and capital cost. Maintenance is minimized by using
magnetic drive pumps instead of conventionally packed pumps. Control 1oops have automatic
backup and manuul override systems. Manual operation is possible from a central control pan-
el, and recordess provide o process history. However, the systems are completely automatic,
and many units may be monitored and/or operated from a central control room.

4,2.2.2 Plant Subsystems

In addition to an electric powerplant, various subsystems are required to support the
operation of the electrolyzer modules. These inciude the primary water treatment, feedwater
purification, and storage system; the electrolyte preparation and storage system; the heat
removal system for the plant; the product gas handling system; and the eleclric auxiliary power
system.

These subsystems, together with the basic electiolyzer module packages and buildings,
comprise the essential elements of a large electrolysis plant. A flow sheet relating these systems,
one to the other, is shown in Figure 4,2.3.
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TABLE 4.2,2

OVERALL ENERGY BALANCE FOR THE PRODUCTION OF

j 9.4 x 10° STD m> HYDROGEN PER DAY

Item Energy (106 Joules/Second or Megawatis) v
Input Output '
Electrolyzer
Water Enthalpy 4,7 -
Power Input 1,666,1 -
Hydrogen Enthalpy 1.8
Oxygen Enthalpy - 0.5
Decomposition Enthalpy - 1,411,0
Heat Loss - 257.5
Subtota! 1,670, 8 1,670.8
Pumps and Compressor Station
Estimated Input to Pumps 13.8 -
Estimated Input to Compressors 32,3 -
Hydrogen Enthalpy (690 kPa) 1.8 —_—_— -
Work of Pumping - 6.9
Hydrogen Enthalpy (6895 kPq) - 18.1
Heat Loss - 22.9
Subtotal 47.9 47,9
Cooling Towers
Water Enthalpy 1,582,9 -
Make-Up Enthalpy 40,2 -
Moisture Enthalpy in Air 0.4 0.1
Air Enthalpy 8.577,0 9, 366,9
Haat Loss - 18,0
Water Enthalpy - 815.5
Subtotal 10,200, 5 10, 200. 5
Total 11,919, 2 11,919,2
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Table 4,2,3 shows the services raquired for the operation of a single electrolyzer
module, a five module unit operating from a common power supply, and for the total plant
consisting of the 100 five module units capable of producing 9.4 x 108 std cubic meters of
hydrogen per day.

4,2,2,3 Water Make-Up System

Raw river water is taken to the water treatment plant to provide the make-up cool-

ing water and feedwater required for plant operation, A pumphouse, located at the river, con-
tains the raw water pumps and-the trash rakes and traveling screens needed to keep the make-

up water free from debris.

The raw water is treated by coagulation and filtration to make it suitable as feed to
the fire protection system, sanitary system, general plant services, and the make-up feedwater
demineraiization system. In the demineralization system, the clarified and filtered water is
passed, in series, through cation exchangers, degasifiers, anion exchangers, and a final treat
ment in mixed bed ion exchangers to result in @ minimum resistance of 50,000 ohm/em. The
purified water is stored in a stainless steel tank and is used to supply water to dissolve elec-
trolyte or to the electrolysis modules as required.

4.2.2.4 Electrolyte Preparation and Storage System

An electrolyte tank is used to prepare the electrolyte solution (a 25 percent by
weight solution of potassium hydroxide) for use as needed and to serve as a holding tank for
the solution when electrolyzer modules are taken out of service for maintenance or repair.

The initial charge for a single HP electrolyzer module is 27.6 m3 (7300 gals) of 25 % KOH
solution. The potassium hydroxide must be of good quality and free of metal ions and organic
matter, The potassium hydroxide and deionized water are agitated in the mixing tank and
pumped through the cells and filters until a clear, homogeneous solution is obtained. Nitrogen

can be used to purge the system of air and prevent absorption of carbon dioxide by the elec-
trolyte.

4.2,2,5 Heat Removal System

To minimize the potential environmental impact of the plant, cooling towers are used
for ultimate heat rejection, These result in higher capital and operating costs than direct river
cooling, but avoid the concerns with thermal discharges to the waterway.

The wet natural draft cooling towers transfer heat to the air by a combination of
sensible heat transfer and evaporative cooling. The water make-up system must provide suf-
ficient replacement water to compensate for the evaporative, windage, and blowdown con-
sumption.
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' I TABLE 4.2.3
| SERVICES REQUIRED
ll
i Module Unit Plant
[ Deionized Water, m>/hr 0. 64 3.19 319
o ; Gal/min 2,82 14,05 1, 405
s b Cooling Water , m/hr 45.4 227.0 22,710
' ,.Gal/min 200,0 1,000.0 100, 000
Total Electrolyzer Power, MWe 3.3 16.7 1, 666
Pumps — 440V, 3¢
Other - 220 V, 3o
Air —=— Qil Free Compressed Air, 80 psig —=
Nitrogen
Start-Up, std m3 3.75 18.8 2,100
, SCF 140 700 78,400
Emergency, std m3 113 563 63,000
. SCF 4200 21,000 2,352,000
Potassium Hydroxide, 25 w/o
Initial Filling, m3 27.6 138 1,547
, Gal 7300 36,500 4,088,000
1
t
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4.2,2.6 Product Gas Handling

Hydrogen is preduced in the electiolyzers at a pressure of 690 kPa (100 psi). it has '
baen assumed that the product gas is used off-site, in some unspecifiod process that feeds off o
hydrogen pipeline. A compressor station is included in the hydrogen generation plant to pro-
vide the 6895 kPa (1000 psi) pressure for the pipeline delivery. Included in the station are
gas storage tanks to provide a suction-side working inventory and surge capacity for the com-
pressors. o

4.2,2,7 Electrical Auxiliary Power System

The electrical auxiliary power system provides the faciliries to distribute power to
the electrolyzer unit common power supplics and fo all other process equipment in the plant,
All electric power is gencrated outside the hydrogen production plant fence. As a base case
assumption, it is considered that the power requircments are met by a two-unit light water
nuclear power station adjoining the hydrogen plant site, with power being transmitted by
22 kV isolated phase bus duct. I the power generation facilitics are remote from the hydwgen
plant, power would be accepted at the switchyard from a 500 KV transmission line.

4.2,.2.8 Plant Maintenance

The clectolyzer units are totally automatic and conholled from a contral control
room. The nced for operational maintenance would be identified in the control room by sig
nals from monitoring instrumentation. Routine maintenance consists of changing filters, in-
spections, instrumentation calibration, and the like. A preventive maintenance schedule for
a typical small hydrogen plant is shown in Table 4.2.4, In a large plant, the electrolyte would
probably not be changed semi-annually, but only when sample analysis indicated the need for
a change. The discharged electrolyte would in most cases be processed for re-use.

4,2.3 Plant Performance Characteristics

The performance of the plant can be expressed in several ways.  The patagraphs bo-
low summarize the performance in terms of resource consumption, process outtlows, ond overall
thermal efficiency. The performance, relative to other hvdrogen production processes, is
summarized in Section 5,

4,2,3.1 Resource Consun_lpfinn_

For purposes of evaluation, the only resources considered aie 1those associated with
the operation of the plant and not with the manufactire of constiuction of the facility,
Tabk 4,2,5 summaiizes the annual resource consumption tor hydiogen production at an 80 per -
cent plant capacity foctor. I addition to the water requitements given in Table 4.2 1, the
plant consumes ion exchange resin, potassium hydioxide, nihogen, and various other chiemicals
and miscellancous materials. Only the major resomces aie shown in Table 4.5 ond are basedd
on a number of assumptions,  lon eschange wesing ae assumed to be chanoed and disconded twice
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a year. Potassium hydroxide, after an initial filling of the electrolyzers, is required to replace
stack (oxygen venting) and reprocessing lgsses at an estimated rate of 4.5 x 10" kg/year
(100,000 Ib/yr). About 2,2 x 103 std m° (78 MSCF) of nitrogen is used in the initial filling
of the electrolyzers to prevent the electrolyte from absorbing carbon dioxide from the atmos-
here. Nitrogen is kept on hand for emersency use and also for use during electrolyte transfers
and reprocessing operations. The annudi use of nitrogen has been taken as equal to the amount

kept in storage.

The resource impact of the electric power consumed would be a factor of the type
of powerplant ultimately used to supply the energy and therefore it is not specified in more
detail in the table.

4.2.3.2 Process Outflows

The products of the process operation, in addition to the hydrogen stream, include a
myriad of other flows. The major outflows, on an annual basis, are shown in Table 4.2.6. 1t
should be noted that the oxygen stream is categorized as a waste only because it was assumed
that all the oxygen was to be vented from the plant. Depending upon needs and logistics of
distribution, the oxygen can perhaps be a product of value which can be sold,

4.2,3.3 Process Thermal Efficiency

Whereas Table 4, 2.2 shows an energy balance around the different components of
the hydrogen plant, Table 4,2.7 shows a summary that gives the overall operating efficiency
of the plant. On the basis of the total electric power input, the plant is 81,1 percent
officient. However, if the thermal efficiency of the light water nuclear powerplant, used
for the base case economic evaluation, is taken into account at an assumed 34 percent level,
the overall thermal efficiency for the production of hydrogen by water electrolysis drops to
27.6 percent,

The efficiency of electrolyzers is affected by the operating conditions. Higher
hydrogen production rates are obtained by operating modules at higher current densities, 1
but with some loss of operating efficiency. The hydrogen plant for this study is based on
hydrogen production at the maximum capacity of the recommended Teledyne HP modules.
No further effort was made to optimize equipment usage or operating efficiency based on
changes in operating conditions, but instead the equipment was accepted as typical of the
current state~of -the-art, 1

Similarly, the efficiency of electric generction can be increased at additional a
cost, Light water .- iclear reactors provide the least expensive electric generation costs, |
at efficiency levels of about 34 percent, Current technology fossil fueled powerplants can
produce electricity at efficiencies of 36 to 40 percent, with power costs higher than nuclear.
Advanced power generation systems ore projected with efficiency levels of 50 percent and
more, but with unknown development, capital, and fuel costs. The ultimate efficiency of
water electrolysis plants will depend on the results of developmeat programs yet to be poer-
formed and the aptimization, in respect to cost and eneigy cffectiveness, of the combined

power generation/electrolysis plant.

e el .
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4,24 Economics

An evaluation of the economics ¢f hydrogen production by water electrol ysis is im=
portant because it forms the basis for comparison with other methods of hydrogen production.
Water electrolysis is the most straightforward and "cleanest" method of producing hydrogen,
but large-scale production by this route is heavily dependent upon the cost of electrical power.
Hydrogen, produced by water electrolysis during off-peck demand hours, has been suggested
as an energy storage medium that can, if necessary, be converted back to electricity during
peak demand periods by fuel cells or turbines, However, a discussion of this is outside the
scope of this study. For the purpose of this report, hydrogen is produced as an item of commerce
using power from adjacent generating facilities, The cost of power is treated as an important
variable in the initial cost analysis, but the impuct of providing captive power and absorbing
the capital cost of the powerplant in order to reduce the overall power costs is also discussed.

In determining the hydrogen production cost, estimates were made of the capital,
operating and maintenance, and power costs for the facility in the general format used in
repcrting nuclear powerplant costs, as defined in NUS=531 (Reference 32). The effects on
production costs of different capacity factors, power costs, and type of ownership were also
considered.

4,2.41 CaEital Costs

The capital costs are based on preliminary sizing of most of the major plant equipment
and determining appropriate costs for that equipment. Factors, based on experience, were used
to account for the costs of installation, piping, valves, instrumentation, structures, and miscel-
laneous equipment. Indirect costs were also estimated by applying factors in the manner des-
cribed below.

The electrolysis plant is estimated to require o direct cost investment, in mid-1974
dollars, of $351, 462, 000,as shown in Table 4.2.8, The direct cost is presented according to o
code of accounts that divides systems among on-sites and off=sites, with the former relating to
closely related mainline processing steps and the latter consisting of support and service systems
and facilities.

The Teledyne HP electrolyzer modules are the major cost component of the piant.
They are complete systems and include separators, heat exchangers, electrolyte pumps, demisters,
dryers, instrumentation, and power conversion equipment. Since they are purchased as pack-
aged units, installation costs and engineering services are minimized.

The total plant investment, shown in Table 4,2.9, includes the direct costs plus con-
tingencies, indirect costs, and interest during construction, For the purpose of evaluation,
land and land rights are shown separately from other direct costs since it is @ nondepreciating
asset,
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TABLE 4.2.8
WATER ELECTROLYSIS PLANT

DIRECT CAPITAL COSTS
(July 1974 Dollars)

ltem Installed Cost { $ Thousands)

On-Sites

Electrolyzer Power Supply
Electrolyzer System and Building
Electrolyte System

Hydrogen Product Compression

On-Sites Subtotal

Off-Sites

Cooling Water System

Make-Up and Feedwater System

Waste Water Tinatment

Electrical Auxiliary Power

General Off=Sites Investment

Land and Land Rights

Site Imprcvements and Facilities
Administration/Service/Laboratory Buildings
Instrument and Plant Air

Maintenance Facilities

Fire Protection, Communications
Furnishings, Fixtures, Laboratory Equipment

Off-Sites Subtotal

Total Direct Capital Cost
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$(included in 2200)
291,218
1,094
19, 160

$311, 472

$ 4,562
9,557
300
19,600

800
1,500
1,100

500

200

846

325

$ 39,990 T

$351, 462




Special materials comprise the initial supply of potassium hydroxide, resins, and
other materials needed for operation of the plant, A contingency of 15 percent is applied,
for the hydrogen generation facilities, to the estimated cost of the special materials and the
direct cost of the physical plant,

Indirect costs are expense items of a general nature which apply to the overall
project of building an operabie plant, rather than to one of the direct costs. These costs,
except for interest during construction, have not been estimated in detail, but calculated as
a percentage of the direct costs based on the procedure defined in NUS-531,

Construction facilities, equipment, and services include general costs associated
with the plant construction, such as field offices, warehouses, temporary power and utility
lines, cost or rental of construction equipment and supplies, purchase of electric power, water,
and other utilities, security guards, training nrograms for the labor force, inspection and test-
ing of construction materials, site cleanup, insurance, and the like.

Engineering services include items such as preliminary investigations; site selection;
air and water environmental studies; subsurface investigations; preparation of specifications
and evaluation of proposals for major equipment packages, preparation of preliminary and
final design documents, design reviews, procurement, inspection, and expediting of materials
and equipment; preparation of pre-operational test and plant startup procedures; assistance in
securing plant permits; management and direction of construction activities, including selec-
tion of subcontractors, scheduling, maintaining cost and quality control; on site procurement
and receiving of materials and equipment; field accounting; supervising and pre-operational
testing of systems and components; fieid engineering inspection of construction work to assure
compliance with plans and specifications; and preparation of as-built drawings. A significant
part of the systems engineering of the plant is included in the cost quotation for the electro-
lyzer units,

Other costs include the owner's property and all-risk insurance, state and local
property laxes on the site and improvements during construction, sales taxes on purchased
materials and equipment, staff training, plant startup, and the owner's general and adminis=
trative (G&A) costs.

Interest during construction is calculated as simple interest, at an 8 percent annual
rate, on the plant investment as it is made. For the purpose of the evaluation, it is assumed
that the land is purchased six months prior to the start of the project and that special materials
are delivered and paid for nine months prior to plant commercial operation. The remainder of
the plant investment is made as design and construction proceeds over a four year period as
shown in Figure 4.2.4. Inherent in this curve is an initial two year period in which expendi-
tures remain reasonably low while engineering proceeds, environmental impact statements are
prepared, and permits for construction are solicited,

The total plant investment, including all direct and indirect costs, but excluding

escalation and the cost of the power generation plant, is estimated to be $505, 393, 000 for
the grass roots facility,
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4.2.4,2 Oparation and Maintenance Costs

The costs of operation and maintenance includes the expense of maintaining a plant
staff, consumable supplies and equipment, outside support services, miscellaneous items of cost,
and indirect costs of maintaining the plant working capital.

The direct O&M costs are shown in Table 4.2.10, The staff costs are based ona 70
person staffing level, at an average cost of $19,300 per man-year, The costs of chemic=!s and
catalysts are based on their assumed use rate. An allowance of $300,000 has been included
for miscellaneous consumables.

Outside support services are taken to embrace all services obtained other than from
the normal plant complement during normal working hours, Other requirements for outside
support services include such items as off-site disposal of wastes, major equipment overhauls,
and consultants to provide various forms of operational support.

Miscellaneous O&M costs include such irems as training new staff personnel; requali
fication of operators; rent for property, equipment, or facilities which are used or occupied in
connection with plant operation; travel, such as to staff conferences at the main office or fo
professional society meetings or other conferences; licenses and fees; office supplies, postage,
and teiephone/telegruph bills; and fuel and upkeep of station vehicles.

The total direct annual operation and maintenance cost of $2,239,000 includes a
15 percent G&A assessment on all costs.

The indirect Q&M costs are shown in Table 4.2.11. These are the costs of maintain-
ing the working capital required for continued operation of the plant and is evaluated at o
10 percent annual charge rate. The working capital is made up of the cash in hand needed to
neet the day to day operating expenses plus the value of materials and supplies in inventory.
The average net cash required is calculated at 2.7 percent of the direct O&M costs,. A two
month supply of consumables is assumed to be kept in inventory.

The total O&M costs, at a plant capacity factor of 80 percent, are shown in Table
4.2,12,

4,2,4.3 Power Costs

Power requirements for the hydrogen plant are very large. The power gencration
facilities are not considered as part of the electrolysis plant = all electric energy is assumed
to be purchased. Several different approaches can be used to determine the annual cost of
power. One assumes that the power .s drawn from an electric utility transmission neiwork an
paid for at the rates that utilities charge their industrial bulk users, This approach, for the
base case economics, would result in power costs of about 2¢.‘kwh = o reasonably typical cost
for mid=1974 bulk power purchases.
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TABLE 4.2,11

WATER ELECTROLYSIS
INDIRECT OPERATION AND MAINTENENCE COSTS

Average Net Cash Required $ 60,000
Materials and Supplies In Inventory
Consumable Supplies and Equipment _63,000
Total O & M Working Capital $123,000
Annual Charge Rate | 10%
Annual Indirect O & M Cost $ 12,300
TABLE 4.2,12

WATER ELECTROLYSIS

TOTAL ANNUAL O & M COSTS
(80% Capacity Factor)

Cost
Direct O & M Costs $ 2,239,000
Indirect O & M Costs 12,300
Total $ 2,251,300
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The other approach assumes that the power is supplicd by a dedicated nuclear power
station located adjacent to the electrolysis plant to avoid transmission costs. Such a plant, if
it used light water nuclear reactors (PWR or BWR), could produce electricity at a cost signifi-
cantly less than the cost of purchased power from the utility grid. The nuclear station would
contain two 860 MWe units and, according to Reference 33, would have a capital cost, in
mid-1974 dollars, of about $822, 160,000, If a power cost evaluation is made, following the
procedure of NUS-531 (Reference 32), the costs shown in Table 4.2.13 result. Two alternate
types of ownership are presumed; i.e., industrial, with a 25 percent annual charge on capital,
and utility~type, with a 15 percent annual charge. Operation and maintenance costs include
staffing, materials, services, working capital charges, and nuclear insurance. Fuel costs
represent typical water reactor fuel cycle expenses of about 19.94/G1 (21£/10% Bty). The
resulfant power costs would range from 1.284/kwh for the utility type of ownership to 1.96¢/
kwh if the powerplant were owned by a non-regulated industrial organization, This can be
compared to the 24/kwh expected purchased power cost from a utility system, which draws
upon a mixture of nuclear and fossil fired units and includes the allocated costs of transmission,

The annual cost of power to the electrolysis plant, as a function of the source of
electricity, is shown in Table 4,2, 14 for the base case economic assumptions.

4.2.4,4 Hydrogen Production Costs

The hydrogen production power cost is made up of the contributions of capital. oper-
ation and maintenance, and power costs. These are normally calculoted on an annual basis,
The percentage of the plant investment that is charged against production each year is a frac-
tion of the type of plant ownership; i.e., utility or industrial, and the manner in which the
owner can do business. As discussed in Section 4.1, 2, the annual charge on non-depreciating
assels; e.g., land, is 10 percent for either type of ownership while the annual charge on depre-
ciating assetfs is 15 percent for utility ownership and 25 percent for industrial ownership.
Although production costs are calculated on both a utility and industrial basis, it is not realistic
to consider that the production of hydrogen, on the scale contemplanted and with distribution
to remote “users”, would be an "industrial" enterprise. 1t is considered that this sort of produc-
tion plant would much more readily fit @ “regulated utility" type of enterprise = much like
today's natural gas and electrical utility operations.

The cost of hydrogen production, on both bases, is shown in Table 4.2.15, A dedi-
cated nuclear plant is considered as the power source, with its power cost olso being a function
of utility or industrial ownership. As can be seen, the cost, which is equivalent to a "gate
sclling price, " is 8,47 £ standard mS ($2.27/MSCF), or $6.62/G)J ($6,98106 Btu) on a utility
basis. The cost to the ultimate consumer would be this production cost plus the allocated capi-
fal and operating costs of transmission and distribution.

4,2,4.5 Sensitivity of Hydrogen Production Costs to Variables

The cost of hydrogen production from any given plant will vary with the cost of fuel,
the type of ownership, and the utilization; i.e., capacity factor, of the facility., For a base
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TABLE 4.2.13
WATER ELECTROLYSIS

ESTIMATED POWER COSTS ~ DEDICATED NUCLEAR POWER STATION

Rating - 1720 MWe
(80% Capacity Factor

(Thousands of Dollars/Year)
Utility Owned Industrially Owned

Power Station Power Station
Capital ($822, 160, 000) $123, 324 $205, 540
Operation + Maintenance 5,350 5, 350
Fuel 25,284 25, 284
Total Annual Cost $152, 958 $236, 174

Power Cost 1.28¢/kwh 1.96¢/kwh

TABLE 4.2,14
WATER ELECTROLYSIS - ANNUAL POWER COST
(80% Capacity Factor)

Dedicated Nucleai
Purchased Power Power Station

Utility Owned Industrial Owned

Power Cost $.02/kwh $0.0128/kwh $0.0196/kwh

Total Cost $240, 800, 000 $153, 958, 000 §236, 174, 000
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TABLE 4.2.15
WATER ELECTROLYSIS

HYDROGEN PRODUCTION COST COMPARISON
(80% Capacity Factor)

Qwnership
Annual Costs Utility Industrial
Non-Depreciating Capital ... ... $ 80, 000 $ 80, 000
Depreciating Capital 75, 689, 000 126, 148, 000
Operation and Maintenance 2,251,000 2, 251, 000
Power 153, 958, 000 236, 174, 000
Total Annual Cost $231, 978, 000 $364, 653, 000
Annual Gas Production 2.74 x ]09 std m3 2.74 x ]09 std n13
(10.24x 1019 SCF) (10,24 x 10'° SCF)
Ll 3 I 3
Production Cost 8,47 £/std m 13,34/std m
($2.27/MSCF) ($3. 56/ MSCF)
$6,62/GJ $10,3%/GJ
(56.98/10° 810) (510,95/10° Btu)
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case caleulation, it is assumed that power costs are 1,28£/kwh,

the capacity factor is 80 per-
cent, and utility ownership prevails,

Figure 4.2.5 shows the effect on hydrogen production cost of variations in the cost
of power, for both utility and industrial ownership of the electrolysis plant, with the capacity
factor remaining at 80 percent as in the base case. The effect on the production cost of hydro-
gen, if the oxygen was sold instead of vented, is shown for one assumed value of the oxygen,

Tables 4.2,16 and 4.2.17 indicate the manner in which the capacity factor affects the
production costs of both electric power, in the dedicated power station, and hydrogen from the
electrolysis plant. In these tables, all of the cost assumptions are the same as the base case
with only the capacity factor allowed to vary within a range of 40 to 90 percent. As can be
seen, the cost of capital remains constant regardless of how the plant is operated. Operation
and maintenance costs are divided into two parts, i.e., fixed and variable. The fixed costs are
independent of the plant performance and accrue whether or not the plant is operated. The
varicble costs are a direct function of the plant operation,

Nuclear fuel costs in the power
station also have fixed and varigble components,
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4,3 BI-GAS COAL GASIFICATION
4,3,1 General

The Bi-Gas coal gasification process is a developing two-stage pressurized gasi-
fier system which represents new technology that could be available in the future for the
production of hydrogen from coal. The Bi-Gas gasifier development is being sponsored by
Bituminous Coal Researck, Inc,, American Gas Association, and ERDA,

The work thus far on the Bi-Gas process has been aimed toward the production of ‘
high Bty synthetic natural gas e.g., a product gos containing a large fraction of methane,
As discussed in Section 4.3.2, this development has progressed to the pilot plant stage. The
pilot plant will serve to verify the performqnce of the two stage gasifier. Testing should
demonstrate that a high pressure, 1200 K (1700 F) synthesis gas can indeed be produced and
that design and calculational models used heretofore for the gasifier are adequate. Several
other aspects of the process are in the development stage and will be evaluated during
testing of the pilot plant. These areas include coal feeding, slag removal, char separation,
CO shifting, acid gas removal and methanation, Most of the above process items are ger-
mane if the process were to be tailored to produce hydrogen. {n addition, as a hydrogen
producing plant, development of the feedback portion of the process would be required to
verify the feasibility of that portion of the process, This would include the steps of cryo-
genic separation of the methane and hydrogen, with subsequent expansion of the methane
to lower pressure, steam/methane reforming, repressurization of the reformed product stream
and feedback of this stream into the CO shift converter,

4,3.2  The Bi-Gas Process (Reference 34)

The heart of the Bi~Gas process is the two-stage gasifier which uses coal in
entrained flow. Fresh pulverized coal is introduced into the upper section (Stage 2) of the
gasifier at pressures in the range of 7080 to 10130 kPa (70 to 100 atm), as shown in Fig-
vre 4.3,1, Here, the coal comes in contact with a rising stream of hot synthesis gas pro-
duced in the lower section (Stage 1) and is partially converted into methane and more
synthesis gos.

The residual char entrained in the raw product gas is swept upward and out of the
gasifier, The char is separated from the product gas stream and recycled to the lower scc~
tion (Stage 1) of the gasifier.

In the lower section, the char is completely gosified under slagging conditions
with oxygen and steam, producing both the synthesis gas and the heat required in the upper
section (Stage 2) for the portial gusification of the fresh coal,

The raw product gas from Stage 2 is purified by removal of hydrogen sulfide and

curbon dioxide and processed to the final product in downstream steps.
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The principal objective of the current Bi~Gas research and development program
is the production of high-Bty pipeline gos from coal. The initial phase of the program was
a world-wide survey of available and proposed coal gasification processes, This survey
resulted in a summary of these processes and in the conceptual design of the two-stage,

entrained super-pressure, oxygen-blown system for producing high~Btu pipeline gas from
coal,

Development work on Bi~Gas has proceeded from batch-type experiments in rock-
ing autoclaves, through continuous flow experiments in a 2.27 kg (5-pound) pei hour external
heated reactor, to operation of a 45.4 kg (100-pound) per hour internally-fired, Stage 2,
process and equipment development unit (PEDU). Using North Dakota lignite, Wyoming
subbituminous coal, and Pennsylvania high volatile bituminous coal, the research has con-
firmed the basic assumption that high yields of methane could be obtained from coal at
elevated temperatures and pressures, The essential conclusion of the experiments was that
for residence times longer than a fraction of a second, methane yields depended upon coal
rank and upon processing conditions such as temperature and hydrogen partial pressure,

With the completion of the Stage 2 PEDU test program, the correlations obtained
were used for planning and designing a larger~scale, fully integrated 4536 kg/hr (5-ton
per hour) gasification pilot plant at Homer City, Pennsylvania, A bid package for the design
of a pilot plant was completed in 1971, Bids for the detailed engineering and construction
o the pilot plant were received and the construction contract was awarded in July 1972,
Completion of construction of the pilot plant is scheduled for 1975. The overall objective
of the pilot plant is to provide sufficient design data for construction of a commercial nlant,

The de -ign of the pilot plant represents, fo a great extent, the expected design con-
siderations of o commercially sized plant. The description of the pilot plant, below, there-
fore is applicable to the full scale hydrogen generation process discussed in Section 4,3.3.

Coal, 1-1/2 inch x 0 size, will be received into the plant by both rail and truck,
The unloading, conveying and storage equipment is conventional except that the bi:ik of
the storage will be stockpiled, Reclaiming will be accomplished using front-end loaders.

Coal preparation consists only of size reduction. The pilot plant will use coal
pulverized to approximately 70 percent minus 200-mesh, However, the pulverizing system
is designed with the flexibility to vary both particle size and particle size distribution,

The pulverized coal discharges into a gravity thickener where the solids are con-
centrated, The solids laden flow from the thickener is fed to o solid bowl type contrifuge
where the solids are concentrated into a cake containing 50 percent to 65 percent solids,
The cake is then slurried to the consistency used in the process. Flux, if nceded for chunging
slagging characteristics, is added to the slurry at the blend tank, A constantly recirculating
slurry stream provides suction volume to the high pressure slurry pumps,
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The high pressure slurrv feeding system uses feod pumps of the reciprocating type
equipped with variable speed drives to feed a high pressure spray drying system. After pass-
ing through a shell and tube preheater, the slurry {containing as much as 60 percent solids)
is atomized through a spray nozzle, The spray is contacted with a hot inert recycle gas for
nearly instant vaporization of the surface water. Leaving the spray dryer, the water vapor=
inert gas stream conveys the coal to a cyclone elevated for gravity feed into the gasifier,

It is expected that much of the inherent moisture will.be removed during the travel, The
water vapor-inert gas stream leaving the coal cyclone is water washed to provide both cool -
ing and cleaning before recompression and reheating, A continuously circulating water
stream is air-cooled to remove sensible as well as latent heat of water condensation, The
condensed water is depressured and returned for reuse in grinding and slurrying. Reheat is
provided by an indirect fired heater.

The Bi-Gas gasifier has three defined sections; Stage Il, Stage |, and the Quench,
separated by formed restrictions, The gasifier is a water cooled tube design, The tubes pro-
tect both the outer shell of stages one and two, and the inner annulus of stage one from
overheating., Many facets of this gasifier design were tested by BCR in a full-scale cold
model. Major emphasis was placed on determining the effects of nozzle position and
orientation on gasifier operation, particularly with regard to Stage 2 mixing patterns and to
slag deposition in Stage 1. All nozzle and burner orientotions and locations, as well as
throat diameters and volumes for both Stages 1 and 2, were specified by BCR as a result of
information developed during the Stage 2 PEDU and the cold model programs, During the
model tests, it was also demonstrated that slag carryover into Stage 2, should it oceur, can
be minimized in either of two ways: by installing vanes in the top of Stage 1 or by admitting
some Stage 2 steam at the throat which divides the two stages, Provision for steam injection
at the throat has been made,

The gasifier uses pulverized coal in entrained flow. Coal from the cyclone in the
slurry feeding system is fluidized by recycle gas and conveyed as a dense phase through two
injector nozzles, Steam is also introduced through a separate annulus in the injector, The
two streams combine at the tip and join the rising hot synthesis gas from Stage 1. The mixing
temperatyre of about 1476 K (2200°F) is rapidly attained; thus converting the coal to
methane, synthesis gas, and char. This raw gas and char leave the gasifier ot about 1200 K
(1700°F), and are quenched to 750 K (BOOOF) by atomized water before separation in a char
cyclone. The cyclone is elevated in the structure to provide a solids standpipe. However,
because char has a density of only 112 to 160 kg/m3 (7 to 10 pounds per cubic foot), an
extremely fong standpipe would be required to overcome the 69 to 103 kPa (10 to 15 psi)
pressure differential necessary to feed into the first stage, To overcome this pressure differ-
ential, a steam eductor is employed using a portion of the steam needed for reaction, The
steam and char enter the gasifier reactor through three injection nozzles arranged tangen-
tally to produce a swirl, Oxygen is fed through a sepurate annulus in the injector ond com=
bines with the steam and churoc:s it leaves the injector tip. The mixing temperatuie of
1755 to 1922 K (2700 to 3000 F) is very rapidly attained to gosify the cha completely
uader slagging conditions. The synthesis gus produced along with any unrcacted char and
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perhaps some entrained slag pass through the throat into the sccond stage., As the Stage |
synthesis gas passes through the throat it is partially quenched with steam to sclidify any
entrained molten slag and to keep it from touching the walls of Stage 2,

The pilot plant gasifier {s designed for coal feed rates up to 4536 kg/hr (5 tons
per hour) and a maximum operating pressure of 10340 kPa (1500 psi). Speed of the coal
particle entering Stage 2 will range from 6.1 10 9.1 m/s (20 to 30 fps). The resuitant char
particles will siow down to about 0.5 to 0.76 m/s (1.5 to 2,5 fps) in their passage through
Stage 2. Typical residence times will be 2 seconds in Stage 1 and 8 to 10 seconds in
Stage 2. The reactor cooling system is a subcooled, forced circulation water system, |t is
equalized with the process system pressure and maintained at o temperature above the dew
point of the process gases to avoid condensation. !t is extensively instrumented to encble
early detection of any abnormality, The system is powered by both electricity and steam
and automated to make it highly reliable in such critical service,

in the slag removal system, molten siag is deposited on the wolls of Stage 1 and
flows out the slag tap opening in the bottom conical section, Two burner devices have been
added to assist in keeping the slag molten and free flowing. The slag heating burners
direcis a natural gas-oxygen flame on the top side of the cone and a pencil-like flame from
the siag tap burner is directed up through the slag tap opening. A slag breaker is provided
to knock off any stalactite which may form,

The molten slag drops into a reservoir of water in the bottom of the gasifier for
rapid quenching, causing the slag to shatter into sma!ll pieces.

The walls of the quench section are continuously sprayed to provide cooling and
also to wash down any sliag splatter which may occur, The slag falls through the water and
exits the gasifier through either one of two bottom openings, assisted by the recirculating
water. Two such lockhoppe:« are installed to provide continuous removal while one is being
depressured and emptied, Provision is also made for removal of floating char should any
accumulate on the surface of the slag quench water, The recirculating water passes through
the lockhopper, then is repumped through a cooler and returned to the quench section,
Fresh water is continuously added und withdrawn to reduce the concentration of salts and
fines, The slog slurry removed from the lockhoppers is pumped to o settling pond. The
clarified water from the settling pond is reused for filling the slag lockhoppers and for dust
and fume scrubbing as needed. Solids are manually removed from the settling pond where
necessary.

During cleanup of the row gas, the gas leaving the char eyclone passes through a
water wash column where the gas is further cooled and the dust is removed, Moisture is
needed for the downstream shift conversion; therefore, the wash column will be operated at
conditions to maintain only the required moisture while the surplus is condensed  The wate
is cooled by recirculation through un aerial cooler, Fresh water is odded as needed to
remove solids und salts from the system, Purged water is flashed at low pressure and sent to
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disposal, A separate section is provided in the upper part of the washer for possible chem~
ical wash if nceded. Also, provisions are made for removal of floating chor ana oil, if
needed,

The remainder of the pilot plant process steps, with the exception of methanation,
are existing commercial operations. The same, o different, process steps can be used in the

full scale plants depending on the final products as desired.

4,3.3  Hydrogen Production Plant

If used for hydrogen production primarily, the Bi-Gas process must undergo some ‘
modifications from its original purpose. The Bi=Gas process is being developed primarily
for production of high Btu pipeline quality gas with ~95% methane (volume composition) in
the final product stream, However prior to methanation, the gas volume composition is
~60% hydrogen, and 20% methane and 20% carbon monoxide. Pemoving the methanation
step therefore does provide a reasonably high yield of hyarogen which can be further
increased by appropriate conversion, e.g., steam reforming of the methane,

For purposes of this study of hydrogen production p:ocesses, it is beyond the scope

of the program to perform major detailed modifications of the Bi-Gas process so os to opti- ]
mize the process for hydrogen output. Nevertheless, two options for obtaining a high purity .
hydrogen product stream were scoped for evaluation, An overall process diagram for one k

option is shown in Figure 4.3.2, where the hydrogen and methane are separated via cryo=
genic separation. This option, sized for 9.65 x 106 std m3/day (360 x 104 SCFD) of:i\ydrogen,
requires a coal feed of 66.5 kg/s (6335 tons/day) into the gasifier. With 2.28 std m/day

(85 x 10® SCFD) of methane also being produced, this option in effect provides a dual
purpose plant,

The overall process diagrams for the second option is shown in Figure 4.3.3. In
this case the methane is taken from the cryogenic separator and reformed with steam to
create more hydrogen, The reformed product gos is then fed back to the CO shift converter
and mixed with the main stream gas into the shift stage, This option, with hydrogen as its
sole product, requires ~27% less feedstock te the gasifier than the dual purpose option
(compared at the sume hydrogen output), This option, with reforming of methane, hos been
used as the reference configuration in evaluation of Bi~Gas for hydrogen production.

Table 4.3.1 summarizes the estimated operating characteristics of the reference
process, |t should be noted that only about 60% of the total coal required for the plant is
used as feedstock for the gasifier with the remainder used to produce steam for the various
process units and auxiliary equipment.

The heart of the Bi~Gas process is the two=stage gasifier. Pulvetized coal is
introduced into the upper section (Stage 2) at 7090 to 10130 kPa (/€ to 100 atmospheres),
Here the coal comes in contuct with @ rising stream of hot synthesis gas that has been pro-
duced in the lower section (Stage 1). In Stage 2, the coal is patially converted to methane
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TABLE 4.3.1

BI-GAS GASIFICATION
OPERATING CHARACTERISTICS

Hydrogen Qutput 9.65 x 10% std ma/day
(360 x 106 SCFD)

Coal Feed to Gasifier 176,000 kg/hr (184 Ton/hr)

Total Plant Coal Consumption 301,200 kg/hr (332 Ton/hr)

Gasifier Qutput

Temperature 1200 K (1700°F)

Pressure 6895 kPa /1000 psi)

Flow Rate - Tons/Hour 491,700 Kg/hr (542 Ton/hr)
Overall Process Efficiency 46%




and more synthesis gos. The raw gas output from Stage ? including entrained residual chen
is sont to waste heat boilers and char cyclone where the char is separated from the gos ond
vecycled to Stage 1 of the gasifier. Also a portion of the synthesis gas is recycled to both
stages of the gasifier,

Figure 4.3.4 displays the mass and volumetric process flow rates for major stages of
the process. The coal breakdown shown in stream 1 is based on Pittsburgh seam coal. Once
the high temperature, high pressure synthesis gas has been produced (stream 4), it is cooled
by waste heat boilers (not shown) before going to the acid gos removal stage. In this stage,
effectively all of the sulfur is removed via an amine system using caustic fluid circuits.

In effect, the acid gas removal, CO shift converter and CO2 removal stages function in a
similar manner to those comparable stages described for the Koppers-Totzek process in Sec-
tion 4.4.3. The major points of difference within these units between the Bi-Gas and K-T
plants is the composition of the synthesis gas being treated, Because of the relatively high
methane content of the gas after CO9 removal, the use of the cryogenic separation and
methane cracking units was indicated for Bi~Gas to enhance hydrogen production.

Before separation of the methane, the product sivcam is expanded to drop its pres-
sure from 709 kPa (70 atm) to 3545 kPa (35 atm), Liquefaction of the methane then occurs
within the cryogenic separator at ~165K, The scporated methane is then sent to the steam-
methane reformer with ~ 259 of the total diverted as fuel to fire the reformer. The methane
stcam reaction within the reformer produces a product gas with the composition shown in
stream 8 of Figure 4.3.4, Following condensation of the steam and removal of the condensa-
tion, the hydrogen rich reformer product is compressed back to 7090 kPa (70 atm,) and fed
back to the CO shift converter unit along with the main stream synthesis gas from the acid
gas removal unit,

4.3.4 Plant Pcrformunce Characteristics

The performance of the plant can be experienced in several different ways, The
paragraphs below summarize the performance in terms of resouice consumption, process out-
flows, and overall thermal efficiency,

4.3.4.1 Resource Consumption

For purposes of evaluation, the only 1esources considered are those associated
with the operation of the plant, and not with the manufacture o construction of the facility,
The resources are categarized into coal, consumplive water use, electricity, and chemicals”
cotalysts. Included in this last item is limestone consumption for the slurry tlue gas clean-up
system used with the coal fired steam boilers in the plant. Table 4.3.2 summarizes the

annual consumption of these materisl, |t should be noted that, for purposes of conservatism,
it was assumed that all catulysts would be reploced annually, The 1esouice impact of the

electric power consumed would be o function of Hhe mix of power plants in the utility sys-
tem, and therefore not specificd in more detail o the table.
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TABLE 4.3.2

BI-GAS GASIFICATION ANNUAL RESOURCE CONSUMPTION
(80% Capacity Factor)

Coanl 2,13 x 109 Kg 4.7 x IO';> LB)
Water 1.95 x 1010 Kg (4.3 x 10'0 L8)
Electricity 7.0 x 108 KWH
Catalysts/Chemicals 1.36 x 108 Kg (3.0 x 108 LB)

4.3.4.2 Process Outflows

The products of the process operations, in addition to the hydrogen stream, include
o myriad of other flows. The process outflows, on an annual bosis, are shown in Table 4.3.3,

TABLE 4.3.3
BI-GAS GASIFICATION

ANNUAL PROCESS OUTFLOWS
(80% CAPACITY FACTOR)

Product Hydrogen Stream 2.82 x 109 std m3 (1.05 x ]O” SCF)
Waste streams 9 3 10
CO‘2 1.1x 10" std m™ (4.1 x 10~ SCF)
Solids 4.99 x 108 kg (1.1 x 107 LB)

4,3,4.3 Process Thermal Efficiency

Thermal efficiency can be expressed in many ways, In Table 4,3.4, it is defined
as the higher heating value of the product gas divided by the total heat inputs to the hydro-

gen generation plant. This includes, of course, not only the encigy content of the coal being

gasified, but also the energy content of the coal and electric power {at an assumed theimal
cfficiency of 36%) 1equired for the oxygen plant and other steum and electric power

requirements,
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TABLE 4,3.4

Bi-GAS GASIFICATION
OVERALL PROCESS EFFICIENCY

Heat |nputs

Coal to Gasifiers 5904 GJ/hre (5.6 x 199 BTU/hr)
Other Heat Inputs (coal for
¥ steaming, electric 9
EREI power, etc) 5271 GJ/hr (5.0 x 107 BTU/hr)
TOTAL Heat Input 11,175 G J/hr (10.6 x 10° BTU/hr)
Heat Qutput

Product Gos 4.02 x 10° std m>/hr (15 x 10° SCF/hr)

Heating Value 12.71 MJ/std mS (323 Bty/SCF)
TOTAL Heat Output 5108 GJ/hr (4.845 x 10° BTU/hn) @

Overall Efficiency

5108 GJ/hr x 100
11,175 G J/hr

=45.7%

4.3.5 Economics

As part of the overall evaluation of the Bi-Ggs procgss for hydrogen production,
estimates were made of the economics of the 9.65 x 10° std m /day (360 x 100 SCFD)
hydrogen plant, In preparing the cost estimates, close coordination was maintained with
efforts on the other coal gasification process, Koppers-Totzek, to ansure consistency of
approach and continuity of ground rules and assumptions. In determining the overall costs,
estimates were made of the capital, operation and maintenance, and fuel costs for the
facility in the general format used in reporting nuclear power plant costs, as defined in
NUS-531 (Reference 32), The effects on the production costs of different capacity factors,
fuel costs, and type of ownership were also considered. l

4,3.5,1 Capital Costs

The capital costs estimate is based on preliminary sizing of most of the mujor vlant
equipment and determining appropriate costs for that equipment, Factors, based on exper-
ience with these types of systems, were used to account for the costs of installation, piping, |
valves, instrumentation, structures, and miscellancous equipment. Inditect costs were alse |
cstimated by applying factors in the manner described below., !
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The hydrogen production plant is estimated to require a direct cost investment,
in mid-1974 dollars, of $230,308,000, as shown in Table 4,3.5. The direct cost is presented
according to a code of accounts that divides systems among on-sites and off sites, with the
former consisting cf closely related mainline processing steps and the latter consisting of
support and service systems and facilities.

The total plant investment, shown in Table 4,3.6, includes the direct costs plus
contingencies, indirect costs, and interest during construction., For the purpose of evalua-
tion, land and land rights are shown separately from other direct costs since it is a non-
depreciating asset,

Special materials comprise the initial supply of chemicals, catalysts, lubricants
and other materials needed for operation of the plant, A contingency of 15 percent is
applied to the estimated cost of the special materials and the direct cost of the physical
plant.

Indirect costs are expense items of a general nature which apply to the overall
project of building an operable plant, rather than to one of the direct costs, These costs,
except for interest during construction, have not been estimated in detail, but calculated
as a percentage of the direct costs based on the procedure defined in NUS-531 and updated
by ERDA in 1974 for use in the economic analysis reported in Reference 1,

Construction facilities, equipment, and services include general costs associated
with the plant construction, such as field offices, warehouses, temporary power and utility
lines, cost or rental of construction equipment and supplies, purchase of electric power,
water, and other utilities, security guards, training programs for the labor force, inspection
and testing of construction materials, site cleanup, insurance, and the like.

Engineering services include items such as preliminory investigations; site selec~
tion; cir and water environmental studies; subsurface investigations; preparation of specifi-
cations and evaluotion of proposals for major equipment packages, preparation of preliminary
and finol design documents, design reviews, procurcment, inspection, and expediting of
materials and equipment; preparation of pre~-operational test and plant startup procedures;
assistance in securing plant permits; management and direction of constiuction activities,
including selection of subcontractors, scheduling, maintaining cost and quality control;
on=site procurement and receiving of materials and equipment; field accounting; supervising
and pre-operational testing of systems and components; ficld cngineeiing inspection of con-
struction work to assure compliance with plans ond specifications; and preparation of as-built
drawings.

Other costs include the owner's property and all-risk insurance, state and local
property taxes on the site and improvements during construction, sales taxes on puichased
materials and equipment, statf training, plant startup, und the ownet's general and admin-
istrative (G &A) costs,

1 v ——— e e oy sl



TABLE 4.3,5

BI~GAS GASIFICATION
DIRECT CAPITAL COSTS
(JULY 1974 DOLLARS)

v Installed Cost

! Account Item (6 THOUSANDS) oo
" 2000 On-Si tes
. 2100 Coal Preparation 9,381
2200 Coal Gasification 48,283
- 2300 Acid Gas Removal 7,226
i 2400 CO Shift 16,534
2500 CO Removal 9,845
2700 Oxygen Plant 23,612
2800 Sulfur Recovery Plant 2,436
2900 Compression 7,785
2950 Cryogenic Separators Unit 21,600
2960 Reformer Unit 21,150
On-~Sites Subtotal $167,852
1000 Off-Sites
j 1100 Cooling Towers 20,140
: 1200 Makeup and Feedwater
1300 Effluent Water Treatment 1,085
1410 Coal Storage & Handling 7,073
1420 Slag Disposal 815
1430 Flue Gas Cleanup 10,622
1510 Steam Generating Plants 4,545
1600 Electrical Auxiliary Power 11,185
7 1700 General Off-Site |nvestment --
. 1710 Land & Lond Rights 1,000
1720 Site Improvements & Facilities 2,334
1730 Administrative Service Building 734
1740 Instrumentation & Plant Aijr 610
1750 Maintenance Facilities 1,293
1760 Fire Protection 485
1770 Furnishing, Fixtures 325
Off-Sites Subtotal $62,456
Total Direct Capital Cost $230,308
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Interest during construction is calculated as simple interest, at an 8 percent
annual rate, on the plant investment as it is made. For the purpose of the evaluation, it
is assumed that the land is purchased six months prior to the start of the project and that
speciol materials are delivered and paid for nine months prier to plant commercial opera-
tion. The remainder of the plant investment is made os design and construction proceeds
as shown in Figure 4,3,5, The project schedule includes an initial two year period in which
expenditures remain low while engineering proceeds, environmental impact statements are
prepared, and permits for construction are solicited.

The total plant investment, including all direct and indirect costs but excluding
escalation, is estimated to be $360,510,000 for the gross roots facility.

4.3.5.2 Operation and Maintenance Costs

The costs of operation and maintenance includes the expense of maintaining a
plant staff, consumable supplies and equipment, outside support services, miscellaneous
items of cost, and indirect costs of maintaining the plant working capital.

The direct Q&M costs are shown in Table 4.3,7. The staff costs are based on @
180 person staffing level at an average cost of $19,300 per man-year. The costs of chemicals
and catalysts are based on their assumed use rate. An allowance has been included for
miscellaneous consumables,

Qutside support services are taken to embrace all services obtained other than
from the normal plant complement during nnrmal working hours.  Other requirements for
outside support services include such items as off-site disposal of wastes, major equipment
overhauls, and consultants to provide various forms of operational support,

Miscellaneous Q&M costs include such items as training new staff personnel,
requalification of operators, rent (for property, equipment, or fucilities which are used or
occupied in connection with plant operation), travel, such as to stoff conferences at the
main office, or to professional society meetings or other conferences, licenses and fees,
office supplies, postage, and telephone/telegraph bills, and fuel and upkeep of station
vehicles.

The total direct annual operation and maintenance cost of $9,853,000 includes o
15 percent G 8A assessment on all costs.

The indirect O&M costs are shown in Table 4,3.8, Thesc are the costs of maintain-
ing the working capital required for continued operation of the plant and is evaluated ot o
10 percent annual charge rate, The working capital is made up of the cash in hand needed
to meet the day to day operating expenses plus the volue of materials and supplies in inven-
tory, The average net cash re uired is caleulated at 2.7 peicent of the direct O&M couts.
A two month supply of coal consumables is assumed to be kept in inventory  The coul s
valued, for this purpose, at 2.2¢/kg ($20/ton).
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TABLE 4.3.8

BI~GAS GASIFICATION

INDIRECT OPERATION AND MAINTENANCE COSTS

Average Net Cash Required

Materials and Supplies in inventory
Consumable Supplies and Equipment
Coal Storage

Total Working Capital

Annual Charge Rate

Annual Indirect Q & M Cost

TABLE 4.3.9

Cost
$ 266,000
$ 670,000

$ 11,232,000

$12,168,000
10%

$ 1,216,800

NUCLEAR WATER DEC OMPOSITION

TOTAL ANNUAL O & MCOST

(80% Capacity Factor)

Direct QO & M Costs
Indirect O & M Costs

Total

Cost

$ 9,853,000
$ 1,217,000

$ 11,070,000

[V SIS or bl



The total O&M costs, ut a plant capacity factor of 80 percr.nt, are shown in
Table 4.3,9.

4.3.5.3 Fuel Costs

L
Fuel costs, as used here, include the purchase of feedstock and energy, i.e., coal

and electric power. For the purpose of a base coal calculation, coal, f.0.b. plant site, is

allowed to cost 2,2 ¢/ kg $20/ton) and electricity, at an industrial customer rate than the

utility sites, is costed at 2¢/Kwh.

The plant, operating at an 808perCenr capacity factor will consume 2,11 x lO9 kg Zyr
(2.33 x 108 Ton/yr) of coal and 7 x 10° kwh of electric power, resulting in a total annual
"fuel" cost of $60,590,000,

4.3.5.4 Hydrogen Production Costs

The hydrogen production cost is made up of the contributions of capital, operation ‘
and maintenance, and fuel costs. These are normally calculated on an annul basis, The
percentage of the plant investment that is charged against production each year is a fraction
of the type of plant ownership, i.e., utility or industrial, and the manner in which the owner
can do business. As discussed in Section 4.1.2, the annual charge on non-depreciating assets,
e.g., land, is 10 percent for either type of ownership while the annual charge on depreciating
assefs is 15 percent for utility ownership and 25 percent for industrial ownership, Although
production costs are calculated on both o utility and industrial basis, it is not realistic to
consider that the production of hydrogen, on the scale contemplated and with distribution to
remofe “users", would be an "industrial " enterprise. [t is considered that this sort of pro-
duction plant would much more readily fit a “regulated utility" type of enterprise ~ much
like today's natural gas and electric utility operations.

The cost of hydrogen production, on both bases, is shown in Table 4.3.10. As can J
be seen, the cost, which is equivalent to a "gate selling price"”, is 4,48¢/standard m3
($1.20/MSCF), or $3.17/G J (§3.71/106 Btu) on a utility basis.
consumer would be this production cost
transmission and distribution.

The cost to the ultimate 1
plus the allocated capital and operating costs of ]

4.3.3.5 Sensitivity of Hydrogen Production Costs to Variables

The cost of hydrogen production from any given plant will vary with the cast of
fuel, the type of ownership, ond the utilization, i.e., capacity factor, of the facility, Fo
the base cose calculation, it was assumed that coal costs ware 2,27 /kg (520ton), clec-

tricity costs were 2 ¢ /kwh, the capacity factor was 80 percent, and utility ownerchip
prevailed,



TABLE 4.3.10
BI-GAS GASIFICATION
HYDROGEN PRODUCTION COST COMPARISON

(80% Capacity Factor)

Ownership
Annual Costs Utility Industrial
Non~Depreciating Capital $ 100,000 $ 100,000
Depreciating Capital 53,927,000 89,878,000
Operation and Maintenance 11,070,000 11,070,000
"Fuel" 60,590,000 60,590,000
Total Annual Cost $ 125,687,000 $ 161,638,000
Annual Gas Production 2.82 x 109 std m:3 2.82 x 109 std m3
(1.05 x 10' ' scF) (1,05 x 101" sch)
Production Cost 4.46¢/51d m3 5.73¢/std rn3
($1.20/MSCF) (3 1.54/MSCF)
$3.51/GJ $4.51/G
63.71/10° Btu) (54.76/10° Btu)
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Figure 4,3.6 shows the effect on hydrogen production cost of variations in the cost
of fuel and electric power for both utility and industrial ownership, with the capacity factor
remaining at 80 percent as in the base case,

Table 4.3.11 indicates the manner in which the capacity factor affects the produc-
tion cost. In this table, all of the cost assumptions are the same as the base case with only
the capacity factor allowed to vary within a range of 40 to 90 percent. As can be seen, the
cost of capital remains constant regardless of how the plant is operated, Operation and
maintenance costs are divided info two parts, i.e,, fixed and variable, The fixed costs are
independent of the plant performance ~nd accrue whether or not the plant is operated, The
variable costs are a direct function of the plant operation,

4.3.6 Alternative Configuration = Dual Purpose Bi-Cas Process

While this study has been based on the reference plant that produces hydrogen as its
sole product, no conclusion should be reached to the effect that such a plant would be the
optimum use of the Bi-Gas process. For example, the ducl~purpose approach, as introduced
in Section 4. 3.3 and shown in process form in Figure 4.3.2 would produce both hydrogen
and methane.

Although detailed analysis of the alternative configuration is beyond the scope of
this study, it is instructive to examine the relative economics of this alternative approach,
This was done by appropriate adjustments to the economic estimates for the reference plant
that were presented in Section 4.3.5. Table 4.3.12 summarizes the estimated production
costs of hydrogen and methane for the dual purpose process, based on the same hydrogen pro-
duction rates in both cases. Comparison of the annual costs in Table 4.3.12 with those for the
reference plant, Table 4.3.10, indicates that the dual purpose plant costs would be approxi-
mately 5 percent higher, primarily because of the additional fuel used. The annual costs for
depreciating capital and operation and maintenance would be less for the dual purpose plant
because of the elimination of the methane reforming stage. Elimination of this item, which
was more than $21,000,000 (Table 4.3.5), more than off-set cost increases in other units
caused by larger size ratings.

The dual purpose alternative was sized to produce the same hydrogen output as the
reference plant, and the methane produced would provide ~40 percent of the total heating
value of both methane and hydrogen. For this reason, the production costs for the dual pur-
pose plant, as shown in Table 4.3.12, are significantly less than for the reference (hydrogen
only) plant. Therefore, if the Bi~-Gas process were to be tailored to be a hydrogen producer,
the economics would favor use of methane as a valuable secondary product rather than as o
recycled feedstock to enhance hydrogen production.
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HYDROGEN PRODUCTION COST
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The cost of hydrogen production, in a dual product plant, cannot be explicitly deter-
mined, The cost allocations between the hydrogen and methane product streams can be made
in a number of equally valid ways. Therefore, it is appropriate fto view the production cosrs
in a parametric fashion, i.e., the cost of hydrogen as o function of the value of the co-
product methane, Figure 4,3,7 presents the hydrogen production cost in that way.
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BYDRCGEN PRCDUCTION COST

S MSCF

(8]

E
b 3.0 —

-

1.0~
2.5 |~

8.0
2.0

6.0

4.0

20~

DUA{ PURPQSE BI-GAS PLANT

UTILITY FINANCING
80" CAPACITY FACTCR

COMSeH

METHANE SELLING PRICY

1.5 [~
1.0 =
0.5 —
| o | l | | ] |
0 Q.5 1.0 15 2.0 25 1.0
L ] 1 | ] I
0 2.0 40 6.0 B0 WO ¢ srd m?

Figure 4.3.7 Hydrogen Production Cost Versus Methane Selling Price

4-63




(r49 0L /£87°25)
r9/24°25

(43S (0L * 87°Z)

(M489 901 ,/9Z°2S)
oML °ZS

(435 g0t ¥ 8¥°2)

$507) uoloNpoly

g P Q01 X 99°9 g PIs 001 X 99°9 BUOE
(4DS (0l *50°1) (43S ;01 X 50°1)
gl PIs 0L X 2872 gl Pis 0L X 2872 uabospAH

UOH{INPOLY SDE) [PRUUY

000 ‘906 ‘2915 000 ‘ISY ZELS §507) [pnuuy [Djof

000 ‘o¥8 ‘29 000 ‘o8 ‘19 w1end,,

000 “8%4 ‘0t 000 “8¥6 ‘0L 32UBUAUILyY PUD UoHRISCO

000 ‘Z10 ‘68 000 ‘255 ‘£ jo41dp)y Buryordasdag

000 ‘001 S 000 ‘001 $ joyidony Buyoidaidag-ucy
jorysnpu Atpun S50 [pnuuyy

diysiaump)

A-64

(104204 Aj190dD7) 9108)
ALYWILST 1SOD NOILDNGOYd INYHLIW ANV NIDOIYTAH
NOILYDIHISYVD SYO-18 JAILYNYIALTIY 3SO4diINd 1vna

ZL'E'y 319Vl




B el

4,4 KOPPERS-TOTZEK COAL GASIFICATION
4.4.1 General

Koppers-Totzek gasification is a commercially available process which is adaptable
to the production of:

. Synthesis gas for hydrogen, ammonia, methanol, methane,
' or gasoline,

) Low-Btu fuel gas for various applications, including gas turbines and
combined cycle power plants.

) Synthetic natural gas.

——

e.. . .Gases rich in hydrogen and carbon monoxide for direct reduction of ores
or for supplemental fuel for blast furnaces.

The Koppers-Totzek concept, i.e., the entrained concurrent flow principle based on
the partial combustion of pulverized coal in oxygen and steam, was developed by Dr. F. Totzek
of Koppers-Essen. In 1948, Koppers-Essen and Koppers-Pittsburgh, in a joint effort, used this
concept in the design of a one ton per hour pilot plant gasifier. The pilot plant was built for
the U. S. Bureau of Mines at Louisiana, Missouri, and the first suczessful run of the gasifier
was made on May 4, 1949. The pilot plant was operated over a period of two years to yield
, liquid hydrocarbon from the Koppers-Totzek synthesis gas.

The first commercial Koppers-Totzek gasifier was installed in Finland in 1952 and was
followed by plants in Japan, Spain, Belgium, Portugal, Greece, United Arab Republiz,
Thailand, Turkey, East Germay, Zambia, South Africa and India. Table 4,4.1 shcws a recent
list of gasification plants using the Koppers~Totzek process.

4,42 The Koppers-Totzek Process (References 35, 36 37)

The Koppers-Totzek process, shown in Figure 4.4.1, is based on the partial oxidation
of carbonaceous material in the presence of oxygen and steam, For a coal feedstock, a suspen-
sion of dry, pulverized coal is carried in a stream of oxygen and steam to o gasifier where it is
partially oxidized. The reaction occurs almost completely and instantancously; catbon conver-
sion is a function only of the reactivity of the coal and approaches 100 percent for lignites.
Coal particles do not agglomerate during the plastic stage because the very high temperatne
zene rapidly decomposes any hydrocarbons formed during gasification. As a result, any cool
can be gosified regardless of caking property, ash content, or ash fusion temperatuie.
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Raw coal is Jried fo a moisture content of between 2 and 8 percent, depending en
the rank of the coo!, and pulverized to about 70 percent through 200 mesh. This dry coal
dust is carried ir a nitrogen stream to a service bunker prior to distribution to gasifier feed
bins. From the bins, screw feeders discharge the coal dust into a stream of oxygen und low-
pressure steam which carries the coal to the gasifier, Moderate temperature and high burner
velocity prevent the coal from being oxidized prematurely.

The heart of the Koppers-Totzek gasification process is the gasifier. Koppers offers
both a two=headed gasifier capable of handling 15000 kg/hr (400 tpd) of coal and a four -
headed gasifier capable of handling 32000 kg/hr (850 tpd). In the two-headed gasifier,

Figure 4.4.2, burner heads are 180 degrees apart; in the four-headed gasifier, they are 90
degrees apart. The gasifier, shaped |ike spheroidal cones centrally welded together, has a
double-walled shell constructed of boiler quality plate. The annulus between inner and outer
shell is water-cooled and connected to a steam separation drum., The low=pressure steam gen-
erated in the double~walled shell is used as the process steam which enters the gasifier through
the mixing heads,

At the apex of each gasifier cone is mounted a set of burners in line with an opposing
set. Advantages of opposing burners are that projected particles which pass through their own
flame region unbumed are gasified in the opposing flame, and as the flame is directed into a
gaseous medium, refractory problems with instantaneous high temperatures are minimized,

Entering the gasifier, carbon in the entrained oxygen-steam stream is exothermically
oxidized, producing a high temperature flame zone in the region of ubout 2200K (3500°F).
Endothermic reactions between the carbon and steam substantially reduce the flame tempera-
ture to around 1755K (2700°F), while continuing in the process o oxidize carbon and produce
additional hydrogen.

As the gas leaves the gasifier, it is water quenched to solidify any entrained slag;
sensible heat is recovered via o waste heat boiler which produces high-pressure steam. This
steam may be used for turbine drives for compressors or pumps.

At entry to the waste heat boiler, theoretical equilibrium calr:ulationf shayv essen-
tially all hydrocarbons, including phenols and tars, and ammonig, etc., to be di _'ﬁ;lat.ed .ond
oxidized. In practice, the gas is essentially carbon monoxide, hydrogen and cart. 1 dioxide
with a relatively small percentage of nitrogen, hydrogen sulfide, and carbonyl sulfide and
only trace quantities of other compounds.

The gas is then passed through a scrubbing system to reduce entrainer! solids to
4,6 x 1076 kg/m3 (0,002 grains/scf) and to lower the temperature to about 238K (95°F),
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Particulate-laden recirculated water from the gas cleaning and cooling system is
piped to a clarifier, The sludge from the elarifier is pumped cither to a filter o1 the plant
disposal arca. The clarified water is pumped to a cooling tewer and is recirculated 1hrough
the gas cleaning system, A small quantity of make-up water is required to compensate fol
evaporation, windage, and blowdown losses at the cooling tower, as well as moisture losses
in the clarifier sludge and slag.

The synthesis gas, subsequent to cleaning and cooling, is procassed in the manner
consistent with the desired end product. For the generation of a hydrogen produet, the pro-

cessing steps include sulfur and acid gas remaval, cabon monoxide shift, carbon dioxide
removal, and polishing methanation,

There are several features of the Koppers-Totzek process that makes it particularly
attractive for hydrogen generation from coal. First and foremost is that it is a commercially
successful system. As such, the technology of the process, including materials requirements,
operating procedures, and peformance characteristics are both well known and predictable.
In addition, the downstream processing steps use known technologies, commercially available
catalysts, and predictable performance and econcmics.

The Koppers-Totzek process also has considerable flexibility in the choice of fuel
to be gasified, The Koppers-Totzek process can continuously gasify o wide range of feed-
stocks including oll types of coal, char, petroleum, coke, tars, heavy residuals, light and heavy
oils, and even slurries of carbonaceous materials in hydrocarbon liquids. For coal feedstock,
coal size is not a limiting factor and coking coals can be handled without pretreatment, The
process is totally independent of the fuel's volatile content, its caking and swelling p:operties,
its ash content, and its ash-fusion temperature.

Two other advantages of the Koppers-Totzek process are pollution-free operation
and safety,

Because of the high reaction temperature and the high exit-gas temperature, the
only products are gas and slag. The gas is free of tars and condensable hydrocarbons and com-
plex organic sulfur compounds; contaminents such as cyanides, phenols, and ammonia are 1c-
duced to trace quantities, About 50 percent of the ash drains from the gasifiers as moften
slag into @ water quench; the “2mainder is removed ia the gus cleoning and cooling sysiem.

The Koppers-Totzek process has ovei 20 years of safe operation. Failure of any com-
ponent auvtomatically closes down all other systems and purges the gasification system with
nitrogen. All hins and tanks are blanketed with nitrogen under pressure to eliminate any ox-
plosion hazard,
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The disadvantages of the Koppers~Totzek process relate primarily to the capacity
and operating pressure of the gasifiers, The former results in a multiplicity of units for large
plants, affecting the capitul cost of the facility. The latter relates to the additional capital
and operating costs that are involved in compression work if the process gas is to be delivered
at elevated pressures,

There are privately funded programs underway to minimize the detremental effects
of these disadvantages. Figure 4.4.3 shows the progression in capacity of the two headed
gasifiers, from the early designs of 54 std m /mm (2000 SCFM) to the present 348 std m3/min
(13000 SCFM). Four-headed gasifiers have presenrly projected capacities in the region of
32,000 kg hr (850 tpd) of coal or around 900 std m /mln (33,000 SCFM) of gas.

A small pressurized entrained gasifier, designed for up to 3040 kPa (30 atm) operation,
has been tested at the Dusseldorf Research Center of Koppers-Essen. These tests have been
sufficiently successful to indicate that commercial operation at pressure is feasible. The
advantages claimed for operation at pressures over the present atmospheric gasifier are for
those processes involving hydrogen, ammonia, methanol, methane generation, or combined
cycle operations, The advantages include a substantial capital and operating savings in the
cost of gas compression, a more compact design, improved gas cleaning, and improved carbon
conversion. The disadvantages include a loss of simplicity of gasifier design and operation,
and the need to design for higher erosion from more concentrated dust and particulate loadings.

4,43  Hydrogen Production Plant

4,431 _General

The design of the hydrogen production plant was based on the use of a process con-
figuration that employs the appropriate processing steps to achieve a high purity hydrogen
product stream. The principal operating characteristics of the plant are shown in Table 4,4.2
and the overall summary process flowsheet is portrayed in Figure 4.4.4. The sections below
discuss the individual process steps, as well as some of the plant support facilities, resource
requirements, and performance considerations.

4.4,3.2 Coal Preparation

Coal preparation considers all those steps from receipt of coal on-site to distribution
to the gosifiers and steam boilers. Included are items such as unloading, coal storage, drying
and pulverizing.

It is assumed, for purpose of the evaluation, that coal is delivered to the site by ruil,

The coal, as delivered, has already undergone preparation at the mine to remove 1ock ond
overburden and has been screened to remove oversized pieces.
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TABLE 4.4,2

KOPPERS-TOTZEK GASIFICATION PLANT
PRINCIPAL OPERATING CHARACTERISTICS

Type of Gasifier

Number of Operating Gasifiers
Capacity of Gasifier

Gasifiei Operating Pressure

Plant Qutput

Hydrogen Purity
Coal Feed to Gasifiers (Dry)
Product Gas Pressure

Overall Process Efficiency

TABLE 4.4.3

4 Headed
10
857 std m>/min (32,000 SCFM)
Atmospheric
9.56 » 106 std m3/day
(357 x 10° SCFD)
95.4 %
261,000 kg/hr (287 Tons/Hr)
6895 kPa (1000 psi)

49 %

COAL CHARACTERISTICS (AS RECEIVED)

Carbon
Hydrogen
Nitrogen
Sulfur
Oxygen
Ash
Moisture

Heating Value

62,98 %
4.23 %
1.22 %
4.23 %
7.90 %
13 63 %
6.00 S
26.36 MJ kg (11,340 Bty LI
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The coal usad in the process has the characteiistics as shown in Table 4.4.4. The
coul preparation facilities are sized, with margin, to handle the coal consumption rate of the
gasifiers ond the boilers for production of ~team, in excess of that produced in the gasificrs,
for the oxygen plant, gas compressors, shict converiers, and other uses. The normal coal con-
sumption, and delivery rate, is 9.6 x 140 kg /day (10585 tpd), made up of 6.6 x 100 kg duy
(7324 tpd) for gasification and 3 x 107 kg/day (3261 tpd) for other uscs, A sixty day coal
storage pile provides the flexibility for continued operation in spite of possible delivery
delays.

Coal is prepared by drying and pulverization to about 70 percent through 200 mesh
in a wind swept closed system using ball, rod, or roller mills, The degree of drying is gen-
evally a function of the material to be pulverized, varying from 2 to 8 percent.

4.4,3.3 Gasification

The flowsheet for the Koppers-Totzek gasification step is shown in Figure 4.4.5.
Tengasifiers, operating in parallel, are requived to meet the full product output  The gasi-
fication step includes heat recovery from the gasifiers in both the shell of the gasifier proper
and the waste heat boiler. The steam thus produced is used, in conjunction with steam pro-
duced in coal fired boilers, to meet the plant's overall steam needs. A gas cleaning and cool-
ing section is included in the flow diagram in order to remeve fine ash and dust carried over
in the gas stream and to reduce the temperature of the synthesis gas to 311K (100°F). The
gross thermal efficiency of the gasification step, defined as the calorific value of the synihesis
gas divided by the heat content of the coal fed to the gasificr, is approximately 71 peicent.

4.4.3.4 Acid Gas Removal

The acid gas removal step shown in Figure 4,4.6 is for the purpose of removing co,
and sulfurous compounds from the product stream. Prior to processing, the gas is compressed to
1410 kPa (205 psia) from the essentially atmospheric discharge of the gasificr. Final com-
pression to the plant discharge pressure is done fuither downstteam. Elemental sulfur, of the
rate of approximately 11,700 kg’hr (310 tpd) is extracted from the acid gas in the sulfur plant
I this sulfur can be sold, a credit against the cost of hydrogen production can be achicved.
Assuming a sales price of 2.2¢ kg ($20 ‘ton), this credit would be in the order of 0.06¢ m®
{1.7¢ ‘MSCF).

4.4,3.,5 CQ Shift Convcrsi_c_)ﬂ

The CO shift conversion, Figure 4.4 7, catalytically converts CO o CO, by the
addition of steam, with the resultant production of additional hydiogen aus according 1o the
reaction CO + HyO —= CO, - Hy. Secondary compression is applicd in this step to
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raise the praduct gas pressure to levels sufficiently high to o

sure of 68905 kPa (1000 psia),

ssure a final product gas pres-

Steam for the shift convesion is produced by a combination of coal fired boilers
and recovered heat from the exothermic shift reaction.

4.4,3.6 _(_'.'92 Removal

The COy removal step, Figure 4.4.8, results in a process gas that contains 95.8% Ho,
2.7% CO, 0.2% COy and 1,3% N2. Depending up: - the ultimate use of the gas, the output
from this step might be considered as the final product from the process. However, since the
hydrogen is, by definition, not destined for a specific application but rather distributed by
pipeline to off-site consumers, it is desirable to incorporate an additional step to remove
the CO from the gas to assure its environmental acceptability in case of |eakage.

4.4.3.7 Polishing Methanation

This step, shown in Figure 4,4.9, catalytically converts the CO and CO, to methane
(CH4) and water in accordance with the reactions:

CO + 3H2 —_— (:H4 + H20

CO2 + 4H2 — CH4 + 2H20

The product gas now consists of 95,49 Hy, 3.2
of water, CO, end CO

{343 Btu,/SCF).

% CH4, 1.4% N, and trace amounts
2. The higher heating vaive of the process gas is 12,77 MJ ‘m3

4.4,3.8 Plant Service Systems

Associated with, and supporting the operation of the process plant are o number of
service systems. These include such items as the oxygen plant, cooling water, water make-up,
waste disposal, steam generation, electrical distribution, and the plant administrative, main-
tenance, and support facilitics.

4.4,3.8.1 Oxygen Plant

The oxygen plant provides a gas stream to the Koppers-Totzek yasifiers containinag
98 percent oxygen and 2 percent nitiogen, The nominal flow rate, at full plant capacity, is

202,000 kg hr (445,100 Ib-h),
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4.4.3.8.2 Cooling Water

To minimize the potential environmental impact of the plant, cooling towers are used
to dissipate the plant waste heat, The use of cooling towers results in highe: capital and oper-
ating costs than would occur with direct river cocling, but does result in what is believed will
be an environmentally acceptable system.

The wet cooling towers employed perform their cooling function by both the sensible
heat transfer from the cooling water to the air plus the evaporative cooling of the water, The
water make=up system must provide sufficient fresh cooling water to compensate for the evapor=
ative, windage, and blowdown consumption.

4.4.3.8.3 Water Make-Up

The water make-up system takes river water and treats it as appropriate for the var-
ious needs of the plant, Two general levels of water treatment are provided, i.e., a water
quality suitable for cooling water uses and a quality suitable for boiler feedwater. The nom-
inal rating of the water make-up system is 2,87 x 100 kg/hr (6.34 x 106 |b/hr), made up
of:

Boiler Feedwater Quality 1.12 x 10% kg/hr (2.48 x 10° Ib/hr)
Cooling Water Quality 171 % 10° kg /hr 3.78 x 10° Ib/hr)
Potable Water 0.14 x 10° kg/hr (0.08 x 10° Ib/hr)

4,4,3.8.4 Steam Generation

Steam is required in several sections of the plant. These include the gasifiers them-
selves, the oxygen plant, the turbine drives for the primary and secondary product gas zom-
presscrs, the CO shift reaction, and other process uses. Steam is generated for these uses
from several sources. )

Steam for the CO shift is generated by a combination of coal fired boilers and
recovered heat from the exothermic shift reaction. The remainder of the plant steam require-
ments are met by separate coal fired boilers and the waste heat steam generation associated
with the gasification reaction,

The coal fired boilers used for steam generation use the same kind of coal os the
gasifiers, To assure a minimum environmental impact potential, a limestone slurry flue gas
cleanup system is included in order to control flyash and 502 releases to within acceptable

“m“'SO

4,4,3.8,5 Waste Disposal

in accordance with the basic assumption of having the plant meet the environmental
discharge regulations that either exist or are expected to exist, facilities and provisions have
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been incorporated to handle the waste products from the process. Systems have been included
to clean up liquid waste streams and solidify, to the greatest exfent possible, the dissolved or
suspended wastes for ultimate disposal. It is assumed that ultimate waste disposal will take
place off-site, and that only temporaiy storage facilities are needed at the plant site. An
allowance has been included in the plant operation and maintenance cost to account for the
fee associated with transportation and ultimate storage of all solid wastes.

4,4,3.8.6 Electrical Distribution

All electric power requived for the operation of the plant is generated off-site in an
electric utility system and fed to the plant through a 138 kV transmission line, The plant
electrical system steps down this voltage and distributes power to the various users within the
facility. The total installed plant eleztric capacity is 67,000 kVA, with the normal full load
electrical consumption approximately 42,750 kW,

4.4.4 Plant Performance Characteristics

The performance of the plant can be expressed in several different ways. The para-
graphs below summarize the performance in terms of resource consumption process outflows,
and overal! thermal efficiency.

4.4,4,7 Resource Consumption

For purposes of evaluation, the only resources considered are ihose associated with
the operation of the plant, and not with the manufacture or construction of the facility. The
resources are categorized into coal, consumptive water use, electricity, limestone (tor flue
gas clean-up), and chemicals and catalystse Table 4.4.4 summarizes the annual consumption
of these materials. 1t should be noted that, for purposes of conservatism, it was assumed that
all catalysts would be replaced annually. The limestone requirements were derived from the
analyses and data in Reference 38, The resource impact of the electric power consumed
would be a function of the mix of powerplants in the utility system, and therefore not speci-
fied in more detail in the table,

4,4.4.2 Process Outflows

The products of the process operation, in addition to the hydrogen stream, include
a myriad of other flows, The major outflows, on an annual basis, are shown inTable 4,4,5,

4,4,4.3 Process Thermal Efficiency

Thermal efficiency can be expressed in many ways. In Table 4.4.6, it is defined as
the higher heating value of the product gas divided by the total heat imputs to the hydrogen
generation plant, This includes, of course, not only the energy content of the coal being
gasified, but also the energy content of coal and electric power (at an assumed thermal effi-
ciency of about 36 percent) required for the oxygen plant, gas compression to 6895 k Pa
(1000 psia), and other steam and electric power requirements.
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Coal
Water
Electricity
Limestone

Catalysts and Chemicals

Waste Streams

Catalysts and Chemicals

Sulfur-Elemental

TABLE 4.4.4

KOPPERS-TOTZEK GASIFICATION
ANNUAL RESOURCE CONSUMPTION
(80% Capacity Factor)

2.8 x 109 kg (3.1 x 106 Tons)

10

20 x 10 kg (4.4 x 10

8

3,1 x 100 Kwh

8

1.1 x 107 kg (121,000 Tons)

6

TABLE 4.4.5

KOPPERS-TOTZEK GASIFICATION
ANNUAL PROCESS OUTFLOW
(80% Capacity Factor)

Product Hydrogen Stream 2.79 x 109 srd/m3 (1.04 x 1

2,65 x 107 kg (292,000 Tons)

Slag ¥
Ash (from boilers, efc.) 117 x 108 kg (129,000 Tons)
Flyash (from boilers, ete, - 6.35 x 105 kg (700 Tons)
not recovered)
Limestone and Sulfur 1.52 x 108 (167,000 Tons)

(flue gas cleanup)
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1.1 x 107 kg (1250 Tons)

0° MSCF)

1.1 x 10°kg (1250 Tons)
1.85 x 10° std/m° (6.9 x 107 MSCE)

8.16 x 10 kg (90,000 Tons)
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TABLE 4.4.6

KOPPERS-TOTZEK GASIFICATION
OVERALL PROCESS EFFICIENCY

- Heat lnEuts -

Coal to Gasifiers 7296 Gl/hr (6.92 x 10° Btu/hr)

Other Heat Inputs (coal 3648 GJ/hr (3.46 x 107 Btu/hr)
for steaming, electric
power, etc.)

AL

&

Total Heat Input 10,944 GJ/hr (10.38 x 109 Btu/hr) ‘i

Heat OurEuts

Product Gas .. 3.98 x 105 std ms/hr 6
| (14.87 x 10° SCE/hr)
- Heating Value (weighted) 13.48 MJ /std m°  (342.5 Btu/SCF)
Total Heat Output 5365 Gl/hr (5.09 x 10° Btu/hr)

Overall Efficiency

5365 GJ/hr x 100

— = S,
10044 G1/hr 49%
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4,4.5 Economics

The cost of producing hydrogen is evaluated for the plant design discussed in
Sections 4.4.3 and 4.4.4, In determining the overall costs, estimates were made of the capital,
operation and maintenance, and fuel costs for the facility in the general format used in re-
porting nuclear powemlant costs, as defined in NUS-331 (Reference 32). The effects on
the production costs of different capacity factors, coal costs, and type of ownership were
also considered.

4.4,5,1 CaEiraI Costs

The capital costs estimate is based on preliminary sizing of most of the major plant
equipment and determining appropriate costs for that equipment. Factors, based on exper~
jence, were used to account for the costs of installation, piping, valves, instrumentation,
structures, and miscellaneous equipment. Indirect costs were also estimated by applying
factors as described below.

The plant, producing 9.56 x 105 standard ms/dqy (356.9 x 106 SCFD), is estimated
to require a direct cost investment, in mid-1974 dollars, of $260,676,000, as shown in Table
4.4,7. The direct cost accounts are divided among on=sites and off-sites, with the former con-
sisting of closely related mainline processing steps and the latter of support and service systems
and facilities. Land is included in the total at an estimated cost of $1,000,000.

The total plant investment includes the direct costs plus contingencies, indirect costs,
and interest during construction. These are shown in Table 4.4.8. For the purpose of evalua-
tion, land and land rights are shown separately from other direct costs since it is o non~depre-
ciating asset.

Special materials comprise the initial supply of chemicals, catalysts, lubricants and
other materials needed for operation of the plant. Coal is excluded from this account. A
contingency of 15 percent is applied to the estimated cost of the special materials and the
direct cost of the physical plant.

Indirect costs are expense items of o general nature which apply to the overall
project of building an operable plant, rather than to one of the direct costs. These costs,
except for interest during construction, have not been estimated in detail, but calculated as
a percentage of the direct costs based on the procedure defined in NUS-531 and up-dated
by ERDA in 1974 for use in the study reported in Reference 1.

Construction facilities, equipment, and services include general costs associated
with the plant construction, such as field offices, warehouses, temporary power and utility
lines, cost or rental of construction equipment and supplies, purchase of electric pover, water,
and other utilities, security guards, training programs for the labor force, inspection and test-
ing of construction materiols, site cleanup, insurance, and the like.
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Account

2000

2100
2200
2300
2400
2500
2600
2700
2800
2910
2920

1000

1100
1200
1300
1410
1420
1430
1510
1600
1700
1710
1720
1730
1740
1750
1760
1770

TABLE 4.4.7

KOPPERS-TOTZEK GASIFICATION
DIRECT CAPITAL COSTS
(July, 1974 Dollars)

ltem Installed Cost ($ Thousands)

On-Sites

Coal Preparation

Coal Gasification
Acid Gas Removal

CO Shift

CO, Removal
Polishing Methanation
Oxygen Plant

Sulfur Recovery Plant
Primary Compression
Secondary Compression

On-Sites Subtotal
Off-Sites

Cooling Towers
Make=Up and Feedwater}

Effluent Water Treatment

Coal Receiving, Storage, Handling

Slag Disposal

Flue Gas Clean-Up

Steam Generation Plant

Electrical Auxiliary Power

General Off-Site Investment

Land and Land Rights

Site Improvements and Facilities
Administration/Service Building

Instrument and Plant Air

Maintenance Facilities

Fire Protection, Communications
Furnishings, Fixtures, Laboratory Equipment

Off-Sites Subtotal

TOTAL DIRECT CAPITAL COST
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$ 11,556
57,348
6,999
22,062
10,036
3,053
46,440
4,284
18,792
13,338

$193,908

$ 20,098

1,085
8,714
1,630
10,761
6,514
11,185

1,000
2,334
734
610
1,293
485
325

$ 66,768

$ 260,676
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TABLE 4.4.8

KOPPERS-TOTZEK GASIFICATION
TOTAL PLANT INVESTMENT
(In Thousands of Dollars)

Non-Depreciating Assets

Land and Land Rights

Depreciating Assets

Special Materials
Physical Plant Direct Cost

Subtotal
Contingency

Subtotal

Indirect Costs

Constr, Facilities, Equipment,
and Services

Engineering Services

Other Costs
Interest During Construction

Subtotal
Total Depreciating Assets

Total Plant Investment

-89

Cost

$ 1,000

2,992

259,676

$ 262,668

$ 39,400
$302,068

$ 17,022

$ 25,980
$ 8,541
$ 52,684
$104,227

$406,295

$407,295
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Enginecering services include items such as preliminary investigations; site selection;
air and water environmental studies; subsurface investigations; preparation of specifications
and avaluation of proposals for major equipment packages, preparation of preliminary and
final design documents, design reviews, procurement, inspection, and expediting of materials
and equipment; preparation of pre-operational test and plant startup procedures; assistance
in securing plant parmits, management and direction of construction activities, including
selection of subcontractors, scheduling, maintaining cost and quality control; on-site procure-
ment and receiving of materials and equipment, field accounting, and supervising and pre-
operational testing of systems and components; field engineering inspection of construction
work to assure compliance with plans and specifications; and preparation of as-built drawings.

Other costs include the owner's property and all-risk insurance, state and local
property taxes on the site and improvements during construction, sales taxes on purchased
materials and equipment, staff training, plant startup, and the owner's general and adminis-
trative. (G&A) costs.

Interest during construction is calculated as simple interest, at an 8 percent anrual
rate, on the plant investment as it is made. For the purpose of the evaluation, it is assumed
that the land is purchased six months prior to the start of the project and that special materials
are delivered and paid for nine months prior to plant commercial operation. All other plant
costs are assumed fo accumulate over a six year project period in accordance with Figure
4.4.10. Inherent in this curve is an initial two year period in which expenditures remain low
while engineering proceeds, environmental impact statements are prepared, and permits for
construction are solicited.

The total plant investment, including al! direct and indirect costs, but excluding
escalation, is estimated to be $407,295,000 for the grass roots facility,

4.4,5.2 Operation and Maintenance Costs

The costs of operation and maintenance includes the expense of maintaining a plant
staff, consumable supplies and equipment, outside support services, miscellaneous items of
cost, and the indirect costs of maintaining the plant working capital,

The direct O&M costs are shown in Table 4.4.9. The staff costs are based on a 180
person staffing leve!l at an average cost of $19,300 per man-year. The costs of chemicals
and catalysts are based on their assumed use rate. A $300,000 per year allowance has been
included for miscellaneous consumables.

An arbitrary allowance of 0.11¢/kg ($1/Ton) has been provided for the ultimate
disposal of solid wastes. This cost must include packaging, transportation, and perpetual
storage of all solid wastes from the plant, such as ash and slag, limestone, catalysts, resins,
and so forth. Further allowances for contracted work and miscellancous costs have also
heen included.
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TABLE 4.4.9

KOPPERS-TOTZEK GASIFICATION
DIRECT ANNUAL O & M COSTS

Staff Payrol|
180 People

Consumable Supplies and Equipment

Chemicals and Catalysts

Miscellaneous (Lubricants, Maintenance
Materials, Filters, Gaskets, Etc.)

Subtotal

Qutside Support Services

Ultimate Disposal of Solid Wastes
Contracted Work, Consultants, Etc.

Subtotal

Miscellaneous

Training, Travel, Office Supplies, Etc.

Subtotat

TOTAL DIRECT O & M COSTS
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Costs

$ 3,474,000

$3,331,000

300,000

$ 3,631,000

$ 637,000
140,000

$ 777,000

$ 80,000

$7,962,000

$1,194,000

$9,156,000
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The total diract annual operation and maintenance cost of $9,156,000 includes a
15 percent G&A assessment on the subtotal of all costs,

The indirect O&M costs are shown in Table 4,4,10. These are the costs of maintain-
ing the working capital required for continued operation.of the plant and is evaluated af a
10 percent annual charge rate, The working capital is made up of the cash in hand needed
to meet the day to day operating expenses plus the value of materials and supplies in inven-
tory. The average nat cash required is calculated at 2.7 percent of the direct O&M costs,

A two month supply of consumables and coal is assumed to be kepi in inventory, The coal is
valued, for this purpose, at 2.2¢/kg ($20/Ton).

The total O&M costs, at a plant capacity factor of 80 percent, are shown in Table
4,411,

4.4,5.3 Fuel| Costs

Fuel costs, as usad here, include the purchase of feedstock and energy, i.e., coal
and electric power. For the purpose of a base case calculation, coal, f.0.b. gasification
plant site, is assumed to cost 2.2¢/kg ($20/Ton) and electricity, at an industrial customer rate
from the utility system, is costed at 2¢/kwh.

The plant, operating at an 80 percenfogapqcity factor, wiil consume 2.8 x 109 kg/yr
(3.09 x 10" tons/year) of coal and 3.08 x 10° kwh of electric power, resulting in a total
annual "fuel" cost of $67,983,000,

4,4.5.4 Hydrogen Production Costs

The hydrogen production cost is made up of the contributions of capital, operation
and maintenance, and fuel costs. These are normally calculated on an annual basis. The
percentage of the plant investment that is charged against production each year is a function
of the type of plant ownership, i.e., utility or industrial, and the manner in which the owner
can do business. As discussed in Section 4.1.2, the annual charge on non-depreciating assets,
e.g., land, is 10 percent for either type of ownership while the annual charge on depreciating
assets is 15 percent for utility ownership and 25 percent for industrial ownership. Although
production costs are calculated on both a utility and industrial basis, it is not realistic to
consider that the production of hydrogen, on the scale contemplated and with distribution to
remote "users", would be an "industrial” enterprise, It is considered that this sort of production
plant wouid much more readily fit a "regulated utility” type of enterprise ~ much like today's
natural gas and electric utility operations.

The cost of hydrogen production, on both bases, is shown in Table 4.4,12. As con be
seen, the cost, which is equivalent to o "gate selling price”, is 5¢/standard m3 ($1,34/MSCF),
or $3.71/GJ ($3.91/100 Btu) on a utility basis. The cost to the ultimate consumer would be
this production cost plus the allocated capital and operating costs of transmission and distri-
bution,
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TABLE 4.4.10

KOPPERS-TOTZEK GASIFICATION
INDIRECT OPERATION AND MAINTENANCE COSTS

Cost
Average Net Cash Required $ 247,000
Materials and Supplies in Inventory
Consumable Supplies
and Equipment $ 555,000
Coal Storage $ 12,702,000
Total Working Capital $ 13,504,000
Annua! Charge Rate 10%
Annua! Indirect O & M Cosi $ 1,350,000
TABLE 4.4.11
KOPPERS-TOTZEK GASIFICATION
TOTAL ANNUAL O & M COST
(80% Capacity Factor)
Cost
Direct O & M Costs $ 9,156,000
Indirect O & M Costs $ 1,350,000
TOTAL $10,506,000
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TABLE 4.4.12

KOPPERS-TOTZEK GASIFICATION

HYDROGEN PRODUCTION COST COMPARISON

(80% Capacity Factor)

Annual Cests

Non-Depreciating Capital
Depreciating Capital
Operation and Maintenance

"Fuel "

Total Annual Cost

Annual Gas Production

Production Cost

Ownershig

Utility
$ 106, 000
60,944,000
10,506,000
67,983,000

$139,533,000

2.79 x 107 std m
(1,042 x 10" SCF)

§0.05/std m°
($1.34/MSCF)

$3.71/GJ

($3.91/10° Bru)

Industrial

$ 100,000
101,574,000
10,506,000
67,983,000

$ 180,163,000

2,79 x 109 std m3

(1.042 x 10” SCF)

$0.065/std me
($1.73/MSCF)

$4.79/GJ

($5.05/10° Btu)

i e i




4.4,5,5 Sensitivity of Hydrogen Production Costs to Variables

The cost of hydrogen production from any given plant will vary with the cost of
feedstocks, the type of ownership, and the utilization, i.e., capacity facter, of the facility,
For the base case calculation, it was assumed that coal costs were 2,2¢/kg ($20/Ton),

electricity costs were 2¢/kwh, the capacity factor wes 80 percent, and utility ownership
prevailed.

Figure 4.4,11 shows the effect on hydrogen production cost of variations in the cost
of coal and electric power for both utility and industrial ownership, with the capacity factor
remaining at 80 percent as in the base case.

Table 4.4.13 indicates the manner in which the capacity factor affects the production
cost, In this table, all of the cost assumptions are the same as the base case with only the
capacity factor allowed to vary within a range of 40 to 90 percent. As can be seen, the cost
of capital remains constant regardless of how the plant is operated. Operation and mainten-
ance costs are divided info two parts, i.e., fixed and variable. The fixed costs are indepen-
dent of the plant |.2rformance and accrue whether or not the plant is operated, The varick!a
costs are a direct function of the plant operation. Fuel costs are also variable cosis.
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HYDROGEN PRODUCTION COST

¢/STANDARD METER®

13

12

3.4

3,2

3.0

2.8

2.6

2.4

2.2

0.4

0.2

0.0

KOPPERS-TOTZEK GASIFICATION

HYDROGEN COST
VERSUS
COST OF COAL

(80% CAPACITY FACTOR)

ELECTRICITY AT 2¢/KWH

—= o= ~— — ELECTRICITY AT 4¢/KWH
© BASE CASE
] J l ]
10 20 3o 40
$/TON
1 - ] |
1 2
c/kga 4
COAL COST

Figure 4.4,11

4-97

T




T T T -~-'.-“1

(4DSW/SS"LS)
w pis /318°

(ADSWAE1S)
w pis /200°S

(4DSW/£Z°15)
w pis gLy

£ £
(408 :o_ xzLL1°1) (408 :o_ X zy0 1) (DS o_o_ % Z8°/)
wpis Ol Xp|'e WP Ol X407 WP 0L X607

€

€ £ 6 £ é
0000296V LS 000°CES6E LS 000°65E°1ZLS
000°8£4°¢ 000°/91‘9 000629V
000 “€¥S ‘69 000'918°19 00029¢ 9%
000’00 ’c 000°LLL Y 000‘CESE
000°662°C 000°646£°S 000°66£°S
000 P0°L9 $ 000%¥0°1L9 $ 000°F0°L? $

%06 %08 %09

104904 K4190do)

(4DSW/86°1%)

o PIS/2/8/

(4DS .0l X 1Z°9)

ot

wpis QL *x 0¥l

é
000°£81°€01S
000780
000806 °0¢
000‘95€T
0007662
000°7¥0°L9 $

%GY

?co:n_E:mmﬂ 1507 aso7) asnq)

¥OLOV4 ALDVAYD OL 1SOD NOILDNAO0Yd

Zz

NOIYDIIFISYD MHIZLO1-S¥3ddON

gUv'y 3Evl

e e e Py e~ T T o

4507 UOLOINPOI

ucyoapoid DOy 'onUUY
150D |pAuly |DJO|

A41914403(3

(0o~ {30

W 2 O 3(qPUoA
W 2 O paxij
150D |p41deD

waj|

H 40 ALIAILISNIS

e

4-98



.

4.5 WATER DECOMPOSITION
4.5,1 General

The water decomposition system used for hydrogen production is the Westinghouse
Sulfur Cycle two-step thermochemical process described in Section 3.4,3. In this process,
hydrogen and sulfuric acid are produced electrolytically by the reaction of sulfur dioxide
and water. The process is completed by vaporizing the sulfuric acid and thermally reducing,
at higher temperatures, the resultant suifur trioxide into sulfur diozide and oxygen. Follow~
ing separation, sulfur dioxide is recycled to the electrolyzer and/oxygenis either vented or
sold.

As in conventional water electrolysis, hydrogen is produced at the electrolyzer
cathode. Unlike water electrolysis, sulfuric acid, rather than oxygen, is produced at the
anode. Operation in this fashion reduces the theoretical power required per unit of hydrogen
production by more than 85 percent over that required in water electrolysis. This is par-
tially offset, however, by the need fo add thermal energy to the process in the acid vaporizer
and the sulfur trioxide reduction reactor. Even so, by avoiding the high overvoltages at
the axygen electrode of a conventional electrolyzer, as well as the inefficiencies associated
with power generation, ihis hydrogen generation process provides overal| thermal efficiencies
approximately “ouble those attainable by conventional electrolytic hydrogen and oxygen
production technology.

The overall process flowsheet for the water decomposition system is shown in
Figure 4.5.1, Table 4.5.1 summarizes the nomenclature employed in identifying compon-
ents of the system.

The energy source for the water decomposition system is a very high temperature
nuclear reactor (VHTR) producing both electric power and a high temperature helium streom
to the process.

The principal operating and performance characteristics of the water decomposition
system are given in Table 4,5.2.

4,5.2 Plant Design

In order to provide a basis for cost estimates and evaluation of overall performance,
a preliminary conceptual design was prepared. This design is described in the paragraphs
below.

4,5.2,1 Plant Layout

The plant is presumed to be located ot the Middletown site described in NUS-531
(Reference 32), A preliminary plot plan was prepared, showing the gencral tocation and
space requirements for all plant facilities, including the nuclear heat source. This is shown
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AvV-1, Av=-2
C-1

DR-1

E-1

E-2
E-3

E-4
E-5

E-6

E-7, E-8
E-9

E-10

KOD-1

KOD-2
KOD-3 to KOD-7
ST-1

§T-2

ST-3

ST-4

T-1, T-2

T-3

s aaal i
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TABLE 4.5,1

COMPONENT NOMENCLATURE

Feed Acid Vaporizers
502/02 Compressor
SO:3 Reduction Reactor
Feed Acid Preheater/
Recycle Acid Condenser

Steam Generator for C-1 Turbine Drive

Steam Generator for 502 Vaporizer

Recycle Water Condenser

502 Condenser
502 Condenser

Goas Intercoolers

502 Vaporizer

Turbine Drive Condenser
Recycle Acid Knockout Drum
Recycle Water Knockout Drum
Recycle 302 Knockout Drums
Feed Acid Surge Tank
Recycle Acid Surge Tank
Recycle Water Surge Tank
502 Surge Tank

Oxygen Turboexpanders

Compressor Turbine Drive

4-101

. B i enlhe e e sk lROML

[



TABLE 4,5,2

PRINCIPAL OPERATING AND PERFORMANCE CHARACTERISTICS OF THE
WESTINGHOUSE SULFUR CYCLE WATER DECOMPOSITION SYSTEM

General
_— Hydrogen Production Rate 10,09 x 106 std ms/dqy (379 x 106 SCFD)
Hydrogen Purity 99.9 volume percent
Oxygen Production Rate 305,500 kg/hr (673,000 Ib/hr)
Nuclear Heat Source Rating 3220 MWt
Net Process Thermal Efficiency 47 percent
Electrolysis
Acid Concentration 80 wt percent
Pressure 2586 kPa (375 cPsiﬂ)
Temperature 361K (190°F)
Electrolyzer Power Req't 482 MWe
Cell Voltage, Nominal 0.48 volts 2
Cell Current Density, Nominal 2000 A/m? (186 A/ft")
Sulfur Trioxide Reduction System
Peck Temperature 1144K (1600°F)
Operating Pressure 2068 kPa (300 psia)
Sulfur Dioxide - Oxygen Separator System
S0, Liquefaction Pressure 5171 kPa (750 psia)
Oxygen Discharge Pressure 517 kPa ( 75 psio)
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in Figure 4,5.2 The facilities associated with the plant are grouped in the categories of the
VHTR (nuclear heat source), the H, plant on-sites, and the support facilities, or off-sites,
Within each category, "batteries", identified by an alphabetic or alpha~-numeric designation,
are defined. These batteries are used to describe related groups of equipment for both
design and cost estimating purposes.

4,5.2.2 The Very High Temperature Reactor {VHTR)

The very high temperature nuclear reactor (VHTR), suitable for use with the

water decomposition system, is predicated on the integration of the technologies from the
MERVA nuclear rocket engine program and land based gas cooled reactor programs inte an
advanced graphite moderated, helium cooled reactor. The VHTR conceptual design, costs,
and R&D program required for demonstration are more fully described in Reference 1. The
plant consists of @ Nuclear Island producing both high temperature heat and electric power
for the chemical water decomposition process. The heat is transported to the process via an
intermediate heat transfer loop at temperatures sufficiently high to permit peak process tem-

peratures of 1144K (1600°F).

The reactor and its coolant loops are contained within a multi-cavity prestressed
cast iron reactor vessel (PCIV), as shown in Figure 4.5.3. The vessel walls contain smaller
vertical cavities, or pods, in which are high temperature intermediate heat exchangers, cir-
culators, turbogenerators and low temperature intermediate heat exchangers or auxiliary
cooling systems for shutdown and emergency cooling of the reactor. Reactor helium coolant
enters and discharges from the pods through coaxial piping at the upper end of the cavity,
while the intermediate loop, or secondary, helium coolant is introduced and leaves through
the bottom of the pod. The PCIV has a continuous internal steel liner to act as a primary
coolant boundary and leak tight membrane. A thermal barrier and insulation system is used
to limit the temperature of the liner and minimize the heat los to the PCIV. A cooling
system circulates water through the walls of the PCIV to remove the heat deposited in the
vessel. The PCIV is fabricated as a series of foundry cast iron blocks field assembled around
the welded steel liner. Prestress cables are wound around the external cylindrical surface,
imposing a high compressive stress on the vessel assembly in the radial and tangential direc-
tions and preventing the castings from separating under the internal gas pressure forces.
Similarly, axial cables running longitudinally, through ports provided in the castings, main-
tain a high compressive stress in the axial direction and carry the axial pressure loads.

The reactor core is designed to operate on the U-235/thorium«232 cycle. The
basic concept of fuel moderator blocks for the reactor is similar to that used in other gas
cooled reactors. The extruded fuel elements are directly cooled by the helium,

An objective in the core thermal design is to use an existing fuel particle, i.c.,

the TRISO bead, in the fissile fuel element and to achieve a high exit gas temperatuie with-
out exceeding the fuel particle linitations,
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Figure 4.5.3 Very High Temperature Reactor (VHTR)
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The reactor coolant system consists of the parallel power and heat exchanger loops
located in the PCIV cavities. The function of the high temperature intermediate heat ex-
change loops is to transfer heat from the reactor core to the intermediate helium loops, which
in turn transfer this heat to the high temperature SO, reduction reactor. Each loop contains
a high temperature heat exchanger, valve, and helium circulator, The turbogenerator loops
generate elactric power and supply lower temperature heat, via low temperature intermediate
heat exchangers, to steam generators in Battery J for the production of additional electric
power in a Rankine cycle. Principal parameters of the reactor are shown in Table 4.5.3.

Associated with the reactor are all the ancillary structures, services, systems, and
facilities to make a self-sufficient, operable Nuclear Island. These include reactor auxiliary
systems, waste processing systems, instrumentation and control, fuel handling facilities, con
tainment systems, electrical systems, ond plant service systems.

Major Features

A number of significant features have been incorporated into the conceptual design
of the very high temperature reactor (VHTR) to make it particularly attractive as a heat
source for the water decomposition system,

Fuel. The ability to achieve the very high temperatures needed for the application,
without exceeding the fuel bead temperatures currently considered as maximum allowable, is
achieved with extruded direct cooled fuel elements.

Reactor Vessel. Three different reactor vessel types had been considered. These

were a welded steel vessel, a prestressed concrete vessel (PCRV) and a prestressed cast iron
vessel {PCIV).

The steel vessel was discarded on the basis of the problems foreseen in the manu-
facture and transportation of vessels of the size required for large gas cooled reacters. The
alternate of a field assembled welded steel vessel would require a very complex "one-time"
fabrication facility and quality assurance program. The prestressed concrete reactor vessel
(PCRYV) technology has been used in European gas cooled reactors and is currently being
applied in the United States. There does not appear to be any reason why the reactor could
not be accommodated in a PCRV,

The prestressed cast iron reactor vessel (PCIV) design is based on analytical and
experimental work by the German firm, Siempelkamp Giesserei AG, Krefeld, West Germany.
The concept is generally similar to that of the PCRV, with the exception that the concrete
is replaced by cast iron, Cast iron compressive strength is twenty times that of concrete
while its density and Young's Modulus are three times that of concrete. In addition, it has
predictable physical properties and little or no in situ creep or shrinkage. It has reduced
weight and size, see Table 4.5.4, with reduced sensitivity to overtemperature incidents. The
cast iron blocks are poured and machined under factory, rather than field, conditions,
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TABLE 4.5.3

PRINCIPAL PARAMETERS OF THE VHIR

Reactor Thermal Power, MWT
Reactor Vessel
Type
Overall Height, Meters (ft)
Overall Diameter, Meters (ft)
Material
Reactor Core
Nominal System Pressure, kPa (psia)

Coolant Mixed Mean Outlet
Temperature, K (° F)

Reactor Power Density, W/ cm®

High Temperature Intermediate Heat
Exchangers

Coolant, Tube Side/Shell Side
Pressure, Tube Side/Shell Side, kPa

Intermediate Coolant Outlet
Temperature, K (0 F)

Circulators
Type
Inlet Pressure, kPa {psia)
Discharge Pressure, kPa {psia)
Turbogenerators
Turbine Inlet Temperature, K (OF)
Electric Power Output, MW

Low Temperature intermediate
Heat Exchanger

Coolant, Tube Side/Shell Side

Intermediate Coocgcnr QOutlet
Temperature, K (F)

A-107

3220

Prestressed Cast lron
33.5 (110)

20.1 (66)

Gray Iron {Class 40)

6895 (1000)
1283 (1850)

10

Helium/Helium
6895/6895
1200 (1700)

Axial Flow
6688 (970)
6895 (1000)

1283 (1850)
231

Helium/Helium
929 (1212}
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TABLE 4.5.4

REACTOR VESSEL COMPARISON

Prestressed Prestressed
Cast lron Concrete
_(PClV) (PCRV)
Overall Height, meters 33.5 39.6
Ovarall Diameter, meters 20.1 32,9
Wall Thickness, meters.. ... 4,3 10.7
Head Thickness, meters 4.0 SR A T

resulting in a greater capability for the control of quality, Other foreseeable advantages
include reduced construction fime, reduced reactor containment building size, and reduced
cost.

Reactor Flowpath. It is expecially desirable, as coolant temperature is increased,
to devise design solutions which minimize the problems of materials, insulation, ond fabrica-
tior. The proper choice of coolant flowpath is important to the design of the reactor vessel,
liner, control rods, and drive mechanisms. The selected approach is to use the low tempera=
ture helium, returning to the reactor, to cool those components that would otherwise be ex-
posed at or near the reactor exit gas temperatures of 1283K (1850°F).

Parallel Gas Turbine and High Temperature Process Heat Loops. The energy require-
ments of a process are, in general, heat at several temperature Tevels and electric power in
varying amounts depending upon the process configuration. To most effectively meet these

energy needs, an arrangement of parallel electric power and process heat loops has been
adopted.

Intermediate Loop. When considering the use of nuclear heat in a process plant,

the question of how that heat is to be applied must be answered. There are two alternatives,
i.e., the direct cycle, where the reactor coolant is used in the process heat exchanger, and
the indirect or intermediate loop cycle, where the reactor coolant transfers its heat to an
intermediate buffer coolant system which in turn gives us its heot in the process heat ex-
changer.
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The choica of the intermediate heat transfer loop appreach for the process heat
, roactor was made after considering the advantages and disadvantages of the two alternatives
] in light of the all-important criteria of operability, maintainability, licenseability, and

economics. The cost of additional equipment and higher reactor coolant temperatuies must be
balanced against the other factors of operation and maintenance procedures and costs, licen-
sing requirements, and public acceptance.

] Reactor Core 5‘

The reactor core is characterized by a large volume, large inventory of fertile
- material with its attendant prompt negative coefficient of reactivity and low power density.
: l The reactor. fuel takes advantage of the unique capability of ceramic fuel microspheres to

v achieve very high burnups. Low temperature gradients in the extruded fue! elements are

o expected to minimize the adverse effects of temperature gradients on the integrity of fuel
- l] beads (the amoeba effect).

The flexibility of the core design facilitates the consideration of alternative fuel .
configurations, coolant control schemes and refueling cycles.

The reactor core consists of sixty-one eolumns, each composed of eight hexagonal
moderator blocks and one reflector block at each end of the core. Each moderator block 4
lios two types of fuel — fissile (highly enriched U-235) and fertile (natural thorium) on a
: one-to-two ratio, respectively. A central hole is incorporated in each moderator block to .
1 allow for the passage of the control rod and fuel handling tools.

!

i

Reactor Coolant System j
i

|

The reactor coolant system consists of the high temperature heat exchanger loops,
the turbocompressor generator loops, the auxiliary cooling loops and the structures and duct-
ing required to direct the cooling flow through the reactor and loops.

The reactor coolant is helium, which is chemically inert, is stable, is not subject !
to phase change and has excellent heat transfer characteristics. Helium has essentially zero
neutron capture cross section, except for the fraction of helium-3 present in the gas. Some
impurities will be present in the primary coolant due to desorption of impurities from material
in the primary system, due to residual air during initial plant startup and release of gaseous
fission products. The release of gaseous fission products is the only significant source that
affects the steady state impurity level, and this concentration will be small due to the small
mass of gaseous products produced by the fission process and the ability of the cooted fucl
particles to retain fission products.

The function of the tutbacompressor loops is to generate electrical power and supply
relotively fow temperature heat energy. These loops contain gas turbines, low temperature
heat exchangers, valves and compressors, !
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There are two auxiliary cooling loops to provide indepandent means of cooling the
reactor system when the reactor is shut down. The major components included in the auxiliary
cooling loops are heat exchangers, shutoff valves, and circulators.

Gas Circulators, Each of the intermediate heat exchanger loops is provided with its
own gas circulator, lo permit the necessary independence and capability to handle each
tHX pod as a separate unit, these circulators are powered by individual electric motor drives,

Intermediate Heat Exchanger. The principal requirements for heat exchangers, in
this application, are the high temperature intermediate heat exchanger, the low-temperature
intermediate heat exchanger, and the SO3 reduction reactor. These heat exchangers must
operate for long periods of time under high temperature conditions, while maintaining a high
degree of [eak tightness. The intermediate heat exchangers also have io meet the require-
ments of the nuclear codes. The process hec: exchanger (DR-1), must handle similar tem-
peratures while operating in the chemical environment of the water decomposition process.

Material limitations become the constraining factor in high temperature heat
exchanger designs. |t is believed possible to obtain the 1144K (1600°F) process temperature
within the limits of the capability of present superalloys that can be applied in the inter-
mediate and process heat exchangers,

4,5.2.3 Battery (G - Electrolyzer 1

o e L

The electrolyzers are located in a separate building, identified as G on the plot
plan, along with theii associated equipment and service facilities. These are a total of 480
electrolyzer modules, each rated at 1 MWe, 100 V-dc, 10,000 amperes.

Rectiformers are employed to supply the dc power to the electrolyzers. Each Recti~
former, rated at 24 MWe, 2400 V-de, 10,000 amperes feeds 24 electrolyzers in series. The
Rectitormer consists of an a-c connection (3 phase, 60 hz), regulating transformer, stepdown
transformer, diodes (rectifiers), and a d~c connection. Controls are supplied to vary the
a-c voltage to adjust the d~c voltage for changes in the electrolyzer module circuits, such i

as @ module taken out of service. The Rectiformers are located outside the electrolyzer
building,

Surge tanks (ST=1) associated with the collection of sulfuric acid from the electrol-

yzers, are also located outside the electrolyzer building. The characteristics of the surge
tank is shown in Table 4.5.5.

PSP SR e

The electrolyzer building is of steel siding and roofing on a concrete slab. The
building is 305 meters (1000 feet) long by 36.6 meters (120 feet) wide by 8.5 meters (28 fect)
from the top of ihe floor slab to the roof siding eave line. A double ridge roof is provided
with ventilators running the length of the buiiding in each ridge to assure free and ropid

escape of huoyant hydrogen from the building in the unexpected event of a hydrogen line 1
rupture, |

RSV TP
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TABLE 4.5.5

ELECTROLYZER SURGE TANK (ST-1) CHARACTERISTICS

Number of Tanks 20

Tank Qutside Diameter 2.44 meters (8 feet)
Total Tank Length 6.4 meters (21 feet)
Normal Operating Pressure 2586 kPa (375 psia)
Normal Operating Temperature 433K (320°F)
Material of Construction Hastelloy - C
Process Fluid 80 wt % H‘.?SO4

4,5,2,4 Battery H - Sulfuric Acid Decomposition

The sulfuric acid decomposition battery consists of that equipment required to take
the 80 wt percent sulfuric acid from the electrolyzer, vaporize it, decompose it to water
and sulfur trioxide, and reduce the sulfur trioxide to sulfur dioxide and oxygen. The equip-
ment required for these functions are all housed in one building, identified by the letter "H"
on the plot plan.

The components of this battery are the Feed Acid Preheater/Recycle Acid Condenser
(E-1), the recuperatively heated Feed Acid Vaporizer {AV=1), the helium heated Feed Acid
Vaporizer (AV-2), and the Sulfur Trioxide Thermal Reduction Reactor (DR-1)a Process condi-
tions for the components are shown in the overall flowsheet, Figure 4.5.1,

The operating pressures and temperatures selected for the initial design result in
materials requirements, for E-1, AV-1, and AV-2, that are beyond today's industrial exper-
ience in handling boiling and condensing sulfuric acid. These heat exchangers, therefore,
must employ materials for which corrosion data, at the operating conditions, do no! exist,
Potential materials that might be applicable include Hastelloy G, Incalloy 625, or some
metallic alloy with a vapor phase deposited silicon coating. Development work is vequired
to determine what materials can ultimately meet these conditions. Section 3 discusses
in more detail the consideration of structural materials for this service,
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Altarnate operating parameters and process configurations for the sulfuric acid
decomposition system can be considored which will perrit design conditions much closer to
the temperatures at which material data is available.  The current flowshcet calls for opera-
tion of the process at 2068 kPa (300 PSIA), requiring vaporization of sulfuric acid at a tem=
perature of about 725K (845°F) approximately 110 to 170K (200 to 300°F) above the tem=
peratures at which extensive corrosion data is available.

Reducing the process pressure to 172 to 517 kPa (25 to 75 psia) permits consideration
of high silicon irons, such as Duriron. Material fabrication difficulties, however, must be
examined. Current technology is limited to roughly 2.54 cm {one inch) tubes in 0.9 meter
(three foot) lengths. Development effort would be required to produce longer tube and shell
heat exchangers. Duriron can be fabricated info approximately 1.2 m (4 feet) by 1.8 m
(6 feet) sheets, however, introducing the possibility of using plate heat exchangers for the
sulfuric acid vaporizers.

The configuration of the recuperative heat exchange system can also be changed.
The current flowsheet employs exchangers E-1 and AV-1 to affect feed acid preheat and
vaporization using heat from condensing unreacted sulfuric acid present in the effluent from
the thermal reduction reactor DR-1. This recuperative heat exchange can be accomplished
in several ways. One possible alternate considers acid from the electrolyzer surge tank being
injected into the high temperature effluent from the thermal reduction reactor, This provides a
rapid quench, lowering the temperature of the gas to ¢ nominal value of about 644K (700”F).
This cool gas is then passed through a ceramic lined and packed tower, irrigated with addi-
tional electrolyzer acid, Leaving the tower is a wet 502/0 stream and condensed acid
for recycle to the helium heated vaporizer (AV-2). The use o% this type of recuperative
heat exchange system reduces by over 50 percent the heat transfer surface required to with-
stand corrosive service.

These alternates will be considnred as part of the conceptual design to be prepared
in Task 11l (to be reported separately).

The specific design of the Sulfur Trioxide Thermal Reduction Reactor (DR-1) is to be
prepared as part of the Task LIl effort. In order to be able to spccify a realistic design, West-
inghouse has been conducting an experimental program to evalum= votential catalysts for use
in the reactor. Kinetic data obtained over selected catalysts have been onalyzed and the
reaction order determined. The rate constants are Arthenius, and the pre-cxperimental con-
stants as well as the activation energies have been calculated from the data,

Catalysts with sufficient activity to permit compact reduction reactors have been
identified ond are presently undergoing life testing. One such catalyst has operated at 1125K
(15659F) and a space velocity of 30,000 hi =1 for long periods of time without any discernible
loss of activity.
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Using catalyst activity information of this type, preliminary designs of the suffur
trioxide thermal reduction reactor are being prepared. Two arrangements are being con-
sidered, depending upon whether one or two reduction catalysts are used. The use of a
single catalyst possessing high activity over the entire temperature range leads to a pro-
cess configuration employing a single reduction reactor in each of five parallel process
trains. Alternatively, if two catalysts are used - one possessing good low temperature
activity and the second possessing good high temperature activity - a five by two arrange-
ment would be used.

Table 4.5.6 shows the principal characteristics of the components of the sulfuric
acid decomposition system.

4.5.2.5 Battery § - 502/92 Separation

The 5O,/Q5 separation system handles the effluent from the sulfuric acid decompo-
sition system, as shown in Figure 4.5.1. A stream of gas and unreacted sulfur trioxide, from
E-1, is fed to a knock-out system (KOD=-1), where the SOg is recovered as sulfuric acid and
returned to the sulfuric acid decomposition system. Wet sulfur dioxide and oxygen flow to
the separation system. Steam is first condensed, following which the 5O/ 05 mixture is
compressed to 5171 kPa (750 psia) and sulfur dioxide recovery is affected.

Bulk sulfur dioxide removal is accomplished by condensation against cooling water.
Final removal is achieved by condensation against low-temperature oxygen. This refrigera-
tion and some auxiliary power production is generated by the expansion of the oxygen stream
prior to its venting.

The characteristics of the major equipment in Battery | are shown in Tables 4.5.7
and 4.5.8. Table 4.5.7 describes heat exchangers in the system while Table 4.3.8 presents
information on surge tanks and knock -out drums,

Compressor C-1 is a steam turbine driven three stage centrifugal compressor raising
the pressure of 305,500 kg/hr (673,500 ib /hr) of oxygen and 239,000 kg/hr (527,000 Ib “hr)
of sulfur dioxide from 2069 kPa (300 psia) to 5171 kPa (750 gsia).

Turboexpande:s T=1 and T-2 are used to reduce the oxygen pressure from 5171 kPa
(750 psia) to 2068 kPa (390 psia), and 2068 kPa (300 psia) to 517 kPa (75 psia), respec=
tively, with the recovery of about 4250 kw of power in the process.

4,5.2,6 Battery J - Turhine-Generator

Electric power for use in the hydiogen production plant is generated from severol
sources. The bulk of the power is generated by a combined Brayton-Rankine cycle with a
total generating capacity of appioximately 581,000 kw. This power is distributed within
the plant to provide about 480,000 kw for the hydragen-producing electiolyzers and the
remainder for operation of equipment within both the nuclear heat souice (VHTR) and the
hydrogen generation plant,
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The helium Brayton cyclg gas turbomachinery, within the VHTR, operating at a gas
inlet temperature of 1283K (1850°F) produces an eclectrical output of approximately
231,000 kw. The "waste" heat from this equipment is transferred, through a low tempera=
ture intermediate heat exchanger to an intermediate helium heat transport system, The
intermediate helium coolant is used to produce steam, in two parallel generators at a
pressure of 10,340 kPa (1500 psia) and 811K (1 OOOOF). The steam is fed to a tandem compound

condensing 3600 rpm turbogeneratar, exhausting at 17.9 kPa (5.3 inch Hg abs), to produce
approximately 350,000 KWe,

The turbine generator building, measuring 76,2 m (250 ft) by 30.5 m (100 ft) by
32.3 m (106 f1) high, houses all of the mechanical equipment, including the intermediate
heat transport loop helium circulators, required to extract the sensible heat from the hot
helium, convert this energy into steam to drive a turbine-generator set, and condense the
exhaust steam into liquid water to start the cycle again,

4.5.2.,7 Battery K = Hydrogen Product Compressors

In accordance with the groundrule for the plant design that the product gas must
be suitable for pipeline transmission, a compressor station is included in the plant compiex
to compress the hydrogen gas from its generation pressure of 2586 kPa (375 psia) to 6895 kPa
(1000 psia). This is done with four heavy duty seven throw, single stage reciprocating com
pressors. Power for the compressors is provided by 5220 kW (7000 hp) motors.

4.5.2,8 Cooling Water System

To minimize thermal discharges to the river, a wet mechanical draft cooling
tower is used for ultimate heat rejection. This tower, 122 meters (400 ft) in diameter,
has twelve fans rated at 149 kW (200 hp) each. The tower has a height of 12,2 m (40 ft)
from the top of the basin to the top of the fan deck. The fan cylinders edd 5,8 m (19 ft)

to the oveé'ull height. The tower has the capacity to dissipate approximately 1046 MWt
(48 x 10 Btu/hr) of heat.

Four 1492 kw (2000 hp) circulating water pumps are installed in a structure odjacent
to the cooling tower basin,

4.5.2.9 Water Make-Up and Waste Treatment Systems

The water requirements for the plant are met by a make~up system taking suction
from the river. A pump house, located at the river, contains the row water pumps and the
trash rakes and traveling screens needed to keep the make-up water fiee from debris.

The raw water is pretreated by a clarifier (coagulator)and filters to make it suitable
as feed to the fire protection system, sanitary system, general plant services, and the make-up
demineralization system, The pretreatment system has @ nominal capacity of 11,36 m ‘min

(3000 gpm).
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The clarified and filtered water, to be demineralized, flows initially through o
cation exchanger where calcium, magnesium, sodium, and other cations that might be
present are exchanged for an equivalent amount of hydrogen ions. The de=cationized
water then passed through a forced draft type degasifier where dissolved carbon dioxide
is removed to a low level. The degasified effluent than flows through an anion exchan-
ger to remove chloride, sulfate, and other anions. The effluent from the anion exchanger
flows through a mixed=bed ion exchanger to insure that the treated water meets the re=
quired quality criteria. The 6,81 m3/min (1800 gpm) deionization plant has the capability
of producing deionized water of 2 000,000 ohms/cm.

Demineralized water is distributed, as needed, to the hydrogen ¢ ineration plant
and the VHTR nuclear heat source. An 3030 m3 (800,000 gal) stainless steel storage tank
provides surge capacity for the demineralized water make-up.

Wastes from the water make-up systems must be treated prior to discharge. These
wastes include spent regenerant solutions from the demineralization system, backwash effluent
from the filters, and clarifier bottoms.

The waoste regenerant solutions will discharge to one of two tanks where it will be
neutralized to a pH value of approximately 7 by the addition of an alkali or acid as required.
The neutralized solution can then be discharged.

Backwash effluent from the filters will be recycled through the clarifier.

The clarifier bottoms discharge will consist of a precipitated sludge containing
about 3 percent solids by weight. This stream will be conveyed to a "thickener" where
the solids will be further concentrated to about 25-30 percent. The concentrated stream
is filtered using a rotary drum type vacuum filter, The resulting sludge - about 18,000 kg/
day (20 tons/day) = contains about 50 percent solids by weight and is conveyed by truck
to ultimate off-site disposal.

4.5.2.10 Electrical Auxiliary Power System

The electrical auxiliary power system provides the facilities to distribute power to
the electrolyzers and process equipment in the plant. Normal power sources are the gas and
steam turbines in the plant complex as well as the small power recovery turbines in the
50,/0, separation system. Emergency and/or start-up power is supplied by an external
138'kV ‘connection to the electric utility system.

During normal operation, the plant is electrically self-sufficient. All elechic

power needed for operation of the VHTR and hydrogen production facilities is generated
on-site, with no excess power for sale nor need to import power,
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4.5.211 General Facilities

Included in the category of general facilities are things like site improvements,
miscellaneous buildings (e.g., administiation, control, maintenance and service, warehouse,
etc.) certain auxiliary systems (e.g., instrument and plant air, fire protection, space heating
boiler, sanitary sewage system, communications equipment, etc.) and certain facilities or
equipment (e.g., furniture, fixtures, maintanance tools and equipment, laboratory equipment,
efc.).

The general facilities, where applicable and appropriate, are shared between the
VHTR nuclear heat source and the hydrogen production plant.

4,5.3 Plant Performance Characteristics

The performance of the plant can be expressed in several ways. The paragraphs
below summarize the performance in terms of resource consumption, process outflows, and
overall thermal efficiency. The performance, relative to other hydrogen generation processes,
is summartzed in Section 3,

4.5.3.1 Resource Consumption

For purposes of evaluation, the only resources considered are those associated with
the operation of the plant, and not with the manufacture or canstruction of the facility. The
resources are cotegorized into fue! (U, Og, thorium, and graphite for the VHTR), consumptive
water use, and chemicals and catalysts. Table 4.5.9 summarizes the annual consumption of
ihese materials. Since all electrical power is generated on-site, no electrical "resource",
i.e., off-site facility is charged to the evaluation. It is assumed that all catalysts will be
replaced annually, The major make-up chemical is sulfur which is assumed to require make-
up at the rate of two system inventories per year.

TABLE 4.5.2
NUCLEAR WATER DECOMPOSITION
ANNUAL RESOURCE CONSUMPTION
(80% Capacity Factor)

Water 1.95x 10' O kg 4.3 x 100 1b)

Catalysts and Chemicals 4,35 x 105 kg (9.6 x 10° 1b)

Uranium Ore (U,O) 1.81 x 10° kg (4.0 x 10° 1b)

Thorium (fertile material) 8.50 x IO3 kg (1.9 x 106 Ib)

Graphite (VHTR moderator) 9.10 104 kg (2,0 x 10” Ib)
4-119
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4,5.3,2 Process Qutflows

The major process product stream, in addition to hydrogen, is oxygen. This gaos is
produced at the rate of 305,000 kg/hr (673,500 Ib/hr) and, for the purpose of the evaluation,
is assumed to be vented.

4.5.3.3 Process Thermal Efficiency

Thermal efficiency, as presented in Table 4.5.10, is defined as the higher heating
value of the product gas divided by the heat input to the total plant complex. Since the
plant is self-sufficient from an energy viewpoint, i.e., no net sale or purchase of power or
heat is required for operation of the VHTR and hydrogen plant, the heat input is the full
thermal rating of the VHTR. As in the other hydrogen generation processes, the work of com~

pression of the product gas to 6895 kPa {1000 psia) is included in the calculation of efficiency.

The efficiency calculated is that which results from the process flowsheet and para-
meters selected for this phase of the evaluation. As discussed in Section 4.6, the efficiency
will change as basic operating parameters are altered, e.g., p cess temperatura, pressure,
etc.

TABLE 4.5,10
NUCLEAR WATER DECOMPOSITION
OVERALL PROCESS EFFICIENCY

Heat Input
VHTR Thermal Qutput 11,592 GJ/hr (10,99 x 109 Btu.’hr)
Heat Output
Product Gas 4.23 x 10° std m/hr (15,8 x 10° SCF/hn)
Heating Value 12,79 MJ/std m° (325 Btu/SCF)
Total Heat Output 5410 GJ/hr (5.135 x 109 Btu/hr)

Overall Efficiency

5410 GJ/he x 100

11,592 GJ/hr 46,7%

4-120
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45,4  Process Performance Sensitivity Analysis

Sensitivity studies were conducted using the University of Kentucky HYDRGN com-
puter program suitably modified to simulate the major features of the Westinghouse Hydrogen
Generation Process. An optimum set of process conditions was determined by maximizing the
thermal efficiency over a range of process variables. A schematic of the process flowsheet

used in the sensitivity study is shown in Figure 4.5.4, with the major process steps identified .
in Table 4.5.11.

Hydrogen is provided electrol ytically aceording to the following reaction:

2H20 + 502 —r H2 + H2 SO4

The sulfuric acid formed is sent to a surge tank, ST, from which it is fed to two vaporizers,
one recuperatively heated = AV-1, and the other externally heated - AV-2,

The resultant sulfur trioxide - steam mixture is sent to the thermal reduction reactor,
where sulfur dioxide and oxygen are formed. This gas mixture (50 3, 504 Oy H20) is
subsequently cooled and the unreacted sulfur trioxide is condensed as sulfuric acid, The
sulfuric acid is recovered and recycled to the surge tank. The remaining wet sulfur dioxide
and oxygen flow to the separation system. Steam is first condensed and recycled. The sulfur
dioxide = oxygen mixture is compressed to 5171 kPa (750 psia) and separated with the recovery
of sulfur dioxide for recycle to the elecrrolyzer. Oxygen is available as a by=product.

For each of the above steps there is an associated enthalpy change - dependent
upon such process conditions as pressure, temperature, and acid concentration =~ which in=-
fluences the overall thermal requirements of the process. The determination of those process
conditions which lead to the lowest total heat input requires an analysis of each step of the
process.

Several important tradeoffs exist in specifying process conditions. One relates
to the concentration of the sulfuric acid leaving the electrolyzer. The electrolyzer power
requirement increases with increasing acid concentration, us shown in Figure 4.5.5. As
Figure 4.5.6 indicates, the energy required to heat, vaporize, and decompose the electroly-
zer acid (Steps 4, 5, 4 and 7 in Figure 4.5.4) diminishes with increasing acid concentration.
Figure 4.5.7 shows that mass rates also decline with an increase in acid concentration.
Analogously, operation at very low acid concentrations lowers the electrolyzer power require-
ments, but leads to high mass rates and thermal demands in the acid decomposition loop. An
optimal acid concentration exists.

This optimum acid concentration can be expected to be a function of the tempera-
ture of heat source diiving the process. The electrolyzer power, for example, can be gener-
ated more efficiently with thermal energy at higher temperatures, Similarly, higher tempeia-
tures enable higher conversions per pass to be obtained in the SO3 decomposition reactor,
thereby reducing *he recycle rates in this port of the system.
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TABLE 4.5.11
PROCESS STEPS

Electrolysis:

2H,0 + SO, —= H

2 2 g * H

239,

Cooling of H2 from electrolyzer temperature (360K) to 298 K, collection
of H2

Heating make=up water to 360K for electrolyzer

Heating dilute sulfuric acid (from electrolyzer) from 360K to its
boiling point

Vaporization of the dilute HySO,
Heating H2504(g) and HZO(g) to the temperature of decomposition reactor

Decomposing H,50, into H20 and 503, then decomposing 503 to 502
and 1/2 02

Cooling gas mixture from DR to the temperature at which unreacted
503 condenses as dilute H2SO4

Condensation of unreacted SO, as dilute acid; recycling this acid to the
surge fank

Cooling HyO, SO, 02 gas mixture to the temperature at which HZO
condenses

Condensation of H20; Separation of 502 - 02 mixture
Cooling water to 360K for recycle to electrolyzer
Cooling SO, to 360K for recycle to electrolyzer

Cooling O2 to 298 K fcr venting
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reactors (the equilibrium conversion at a
pressure). As Figure 4,5

Pressura is important due to the pressurized solfur dioxide - ox

yaen recovory systom

n the process as well as the pressure dependence of the the sultur tiioxide reduction

sion requirements, Thus, an optimal pressure also exists.

The optimum pressure is also a function of temperature. For a give
pass, an increase in temperature
Referring to Figure 4.5.9, where
the number of compression stages required in the §
shows, operation of the decomposition system at pressu

significant reductions in compression energy.

The preceding section indicates tre
the process conditions over selected ranges.
is necessary to determine process efficioncy,

permits the use of a higher decomposition system pre
details of the compression system are shown, this reduces

Oy - Oy separation system, As Figure 4.5.9

given temperature declines with increasing system
8 shows, recycle rates increase with increasing pressure.  Similarly,
operation at low pressures leads to high conversions, low recyele rates,

and large compres-

n conversion per
ssurae,

res above 1010 kPa (10 atm) can achieve

nds in thermal requirements produced by varying
Knowledge of the total heat requirement, Q
The smaller Q_, the higher the cfficiency,

7

Q. is a function of process conditions and can be reduced by using recuperative heat ex~

change, whereby heat released in exothe
heat, The major recupe

rmic steps is used to supply those steps requiring

rative heat exchange occurs in AV-l (see Figure 4.5.4) where the

energy in streams 8 and 9 is used to preheat the vaporize acid entering the SO3 decompo-
sition system,

Estimates of the procoss thermal efficiency were made for o range of process condi-

tions, These were gencrated by choosing five values for cach of Hiree

critical process varia-

bles, pressure, temperature, and acid concentration, as shown in Table 4.5.12, Based on
these variables, 125 processes were gencrated, cach one uniquely detemined by its com-
bination of values for the process conditions.

Pressure (kPa)

0
507
1013
2026
5065

TABLE 4.5.12

VARIATIONS IN PROCESS CONDITIONS

DR
Temperature { K)

922
1033
1144
1255
1346

Acid Concentration

o (wt purc‘unn_t_)__r_r
50

HO
0
RQ
20

e




2iNssald Yitm 3ioy a[dAd9y jo uolpuoy ¢y dinSiy

Od¥ ‘@inssaly waysAg uoiyiscdwesag

000s 000 0oo¢ 000Z 0001 2

| _ _
(M99€1) 34,0002
(ISSZL) 3 04T —

et 40091

(egat) 4 _oori

"05%4 o/m oc —

(Mzze) 40021

0°9

pasodwodaq) p1oy ooy
pa|2k3ay pray sajow

4-178




Compressor Work, kcal

0 | |

0 1000 2000 3000 4000 5000

Decomposition System Pressure, kPa

b iatiat,

Figure 4.5.92 Variation of 802/02 Separation System Compresso

Requirements with Decomposition System Pressure
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The total energy required by each of these processes was considered to be composed
of three parts. The first of these, designated Qy, represents the heat required to generate the
electrolyzer power. Both an electrolyzer efficiency and a power gencration cfficiency were
assumed in calculating Q). Specifically, the electroloyzer efficiency was assumed to be
50 percent. The power generation efficiencies were typical of those achievable using a com~
bined gas and steam turbine cycle operating at a temperature 139K (250°F) above that of the
process temperature. The second heat input, Qo, represents the net heat required to heat,
vaporize, and decompose the electrolyzeracid (4 + 5+ 6 + 7 - 8 ~ 9 ). The third
input is Qq, the heat requirement for the SOy - O, separation process, which was calcu-
lated as described above in Figure 4,5.9.

Figures 4.5.10 and 4.5.11 are plots of efficiency as a function of pressure and acid
concentration, respectively. The optimum combination of conditions, as determined within
the limits of this study, is the following: pressure between 1013 and 2026 kPa (10 and 20
atm) and acid concentration between 70 and 85 w/o.

Not unexpectedly, the analysis shows (Figure 4.5.12) overall themmal! efficiency
to increase monotonically with temperature. Similarly (Figure 4.5.13), the thermal energy
exchanged in the recuperative vaporizer (a measure of the recycle rate in the acid decom~
position loop) decreases hyperbolically with temperature. At low temperatures, 922 to 1033k
(1200 - 1400°F), system pressure strongly influences the size of the recycle system, At high
temperatures, 1255 to 1266K (1800 - 2000°F), pressure is important, with the lower range,
103 to 517 kPa (15 to 75 psia), being preferred.

The process thermal efficiency also varies with electrolyzer efficiency and the type
of power generation equipment employed (Figure 4.5.14),

Operation of the electrolyzers at higher efficiencies, corresponding to lower current
densities and more expensive capital equipment, raises overall thermal efficiency and lowers
the power generation requirements, Off-setting the more expensive electrolyzers is the lower
capital cost made possible by the inclusion of additional gas turbine generating capacity, and
lower operating costs achieved by improved thermal efficiency. This trade-off between clec~

trolyzer efficiency and cost will be examined in more detail during the conceptual design study.

Throughout, it should be noted that the sensitivity analysis predicts lower thermal
efficiencies than those obtained by analysis of the engineering flowsheets. This may be under-
stood by referring to Figure 4.5.4. In the sensitivity study, no heat is assumed to be recovered
from Step 10. In actuality, Step 10 is used for steam generation to supply the sulfur dioxide
vaporizer and the compressor turbine driver steam requirements. Similarly, after separation of
5Q,, an oxygen stream at nominally 4877 to 5171 kPa (700 to 750 psia) is available. Power
recovery is affected in expanding this gas to 101 kPa (one atmosphere) prior to venting. In
the sensitivity analysis, these effects are neglected as they are features common to all process
variations, and as such do not alter conclusions concerning the relative cffects of changing
process parameters,
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The true value of thermal efficiency is affocted, however, by these factors. This

offect amounts fo about a five parcent decrease in the absolute magnitude of the process
thermal efficiency as calculated by the computer process simulation. Thus a value of 42 per-
cent computed during the sensitivity analysis translates to about 47 percent when actual
flowsheets are prepared.

4.5.5 Economics

The cost of producing hydrogen is evaluated for the plant design discussed in
Sections 4.5.1 and 4.5.2. In determining the overall costs, estimates were made of the
capital, operation and maintenance, and fuel costs for the facility in the general format
used in reporting nuclear powerplant costs, as defined in NUS-531 (Reference 32), The
costs of the VHTR nuclear heat source were taken from the ERDA sponsored conceptual de-
sign study reported in Reference 1, These costs were adjusted to account for the inter-
facing of the VHTR with the hydrogen production plant. The effects on the production costs
of different capacity factors, fuel costs, and type of ownership were also considered.

4.5.5.1 Capital Costs

The capital costs estimate is based on preliminary sizing of most of the major plant
equipment and determining appropriate costs for that equipment. Factors, based on exper-
ience with these types of systems, were used to account for the costs of installation, piping,
valves, instrumentation, structures, and miscellaneous equipment. Indirect costs were also
estimated by applying factors in the manner desctribed below.

The VHTR costs used in the economic evaluation were taken from Reference 1
and adjusted to account for refinements in the interface conditions, inclusion of the inter-
mediate coolant loop piping and circulators, and upgrading of the reactor rating from 3000
to 3220 Mw{t). The VHTR direct costs, as reported in Reference 1 as used in this
evaluation, are shown in Table 4,513,

The hydrogen production plant, producing 10.15 x 10 standard m3,‘dcy
(379 x 10° SCFD), is estimated to require a direct cost investment, in mid-1974 dollars,
of $315,418,000, as shown in Table 4,514, The direct cosi is presented according to a code
of accounts that divides systems among on=-sites and off sites, with ihe former relating to
closely related mainline processing steps and the latter consisting of suppori ond service
systems and facilities. The off-sites accounts reflect the consideration that the VHTR and
hydrogen plant are at the same location, resulting in shared services, buildings, and faci-
litics. The off-sites, therefore, consist of the incremental costs, relative to that alieady
included in the VHTR costs to provide the required services.

The total plant investment, shown in Table 4.5.15, includes the ditcct costs plus
contingencies, indirect costs, and interest during construction. For the puwpose of evulvo-
tion, land and land rights are shown separately from other direct costs since it is a non-
depreciating asset,
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TABLE 4.,5,13
o NUCLEAR HEAT SOURCE (VHTR)
i
' DIRECT CAPITAL COSTS
(July 1974 Dollars)
;
Inwnallsd Cowt (5 Thousand)'®!
- Mcounr(” Itam Rafarence This Study Remarks 4
——t 2 Land ond Land Rights 5 BOO $ 800
2t Structures and Site Focililies
1 Sita Improvemank and Focilities 2,515 2,515
22 Reactor Building 16,196 16,600 Increased Plant Rating
. 214 Intake and Discharga Structures 798 - Cooling Tower Instead of Rivar Cooling
215 Reaclor Auxiliory Building 25,009 25,500 lncreased Plont Rating
214 Control ond Elactrical Byilding 4,065 4,065
217 Diesel Generator Bullding 1,932 1,932
218 Administration Service Building 851 851 3
2i9 Helium Storage Building 180 275 Storage for Helium in Intaimediate Loop
22 Reactor Plant Equipment
2 Recctor Equipment 63,401 65,670 Increosed Roting
222 Main Heat Tromsfer ond Tramport System 73,844 90,500 thereased Rating. Inzlusion of Inter- :
mediate | oon Fauipment
3 Sufeguards Cooling Systems 4,965 5,200 ltcteased Roting
224 Rodioactive Woste Trearment 2,332 2,400 Increased Rating
225 Nuclear Fugl Handbing and Storage 13,213 12,300 Increused Rating
226 Othe: Reactar Plant Equipment 1 2,057 12,400 lnc-cuu-;! R(;ting, Intermediate L uop
Helium Putification
227 frstrumentation ond Control 8,776 4,200 Intesmediate Loop Connal
24 Electric Plant Equipment
o 241 Swilchgear 1,373 1,44/ Interaediate |oop
242 Station Seivice Lguipment 3.477 3,65 Inlemmediate Loop
243 Switchboords 4695 /10 letesmectiote 10op
! 744 Pmilective Equipment 303 303 i
E: 245 Llechical Structures and Witing Conlainers 3,309 1410 Intesmediate [oop
) 246 Paar ained Contiol Witing 8,245 8,670 Intmampenoste S o ]
Fa Mitcelluneo.as Plant Equipna il
291 Transportation and Lifting Lgvipmeat 1,270 1,2 !
247 Ait uned Water Sercive v, slom NET t,doh Coonmn g b e lostmst f Fomn € Lo !
PR Comvomurmig abions o puipemes ! [ 1.1
244 Fovonglioery epret Tiaturny N H;: B '.jl'
Towgl Diarect Cogt 290,82, oAl
13 Acc unt fowmbeny are thoap b oslew Plank s Determined f Pl 41 o o0 |
a1 Do bades Contiegecy Yithin bacs Acca ot 1

I REPRGUGGCWILELY od L
ORIGIN AL PAGEH IS POOR
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Account

2000

2100
2200
2300
2400
2500
2600

1000

1100
1200
1300
1400
1500
1600
1700
1710
1720
1730
1740
1750
1760
1770

(1)

TABLE 4.5.14
WATER DECOMPOSITION PLANT
DIRECT CAPITAL COSTS
(July 1974 Dollars)

Item Installed Cost ( $ Thousands )

On-~Sites

Battery F - Electrolyzer Power Supply
Battery G = Electrolyzers

Battery H = Sulfuric Acid Decomposition
Battery | -~ SO,/C5 Separation

Battery J - Turbine-Generator

Battery K - Hydrogen Product Compressors

On-Sites Subtotal
Off-Sites

Cooling System and Water Intake
Make=Up and Feedwater

Waste Water Treatment

Coal Handling

Steam Generation

Electrical Auxiliary Power

General Off-Sites lnvesrment( )

Land and Land Rights

Site Improvements and Facilities
Administration/Service/Laboratory Buildings
Instrument and Plant Air

Maintenance Facilities

Fire Protection, Communications
Furnishings, Fixtures, Laboratory Equipment

Off-Sites Subtotal

Total Direct Capital Cost

$ 18,452
112,659
82,814
28,670
30,610
5,076

$ 278,281

S 6,204

6,862

301

N/A
See Battery J

17,484

200
954
1,269
2,350
432
846
235

$ 37,137

$315,418

Cost are incremental to comparable accounts in the VHIR estimate.
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Special materials comprise the initial supply of chemicals, catalysts, lubricants
and other materials needed for operation of the plant. A contingency of 15 percent is
applied, for the hydrogen generation facilities, to the estimated cost of the special mater-

ials and the direct cost of the physical plant. Contingencies are included within the VHTR
direct cost estimate.

Indirect costs are expense items of a general nature which apply to the overall
project of building an operable plant, rather than to one of the direct costs. These costs,
except for interest during construction, have not been estimated in detail, but calculated
as a percentage of the direct costs based on the procedure defined in NUS~531 and updated
by ERDA in 1974 for use in the study reported in Reference 1. The indirect costs for the water
decomposition facilities are calculated as incremental costs to that already included in the
VHTR estimate,

Construction facilities, equipment, and services include general costs associated
with the plant construction, such as field offices, warehouses, temporary power and utility
tines, cost or rental of construction equipment and supplies, purchase of electric power,
water, and other utilities, security guards, training programs for the labor force, inspection
and testing of construction materials, site cleanup, insurance, and the like,

Engineering services include items such as preliminary investigations; site selection;
air and water environmental studies; subsurface investigations; preparation of specifications
and evaluation of proposals for major equipment packages, preparation of preliminary and
final design documents, design reviews, procurement, in:pection, and expediting of mater-
ials and equipment; preparation of pre-operationa! test and plant startup procedures; ossis
tance in securing plant permits; management and direction of construction activities, includ-
ing selection of subcontractors, scheduling, maintaining cost and quality contrel; on=site
procurement and receiving of materials and equipment; field accounting; supervising and
pre-operational testing of systems and components; field engineering inspection of construc-

tion work to assure compliance with plans and specifications; and preparation of as-built
drawings.

Other costs include the owner's property and all-risk insurance, state and local
property taxes on the site and improvements during construction, sales taxes on purchased

materials and equipment, staff t-aining, plant startup, and the owner's general and admin
istrative (G&A) costs,

Interest during construction is calculated as simple interest, at an 8 percent annual
rate, on the plant investment as it is made. For the purpose of the evaluation, it is assumed
that the land is purchased six months prior to the start of the project and that special mater-
ials are delivered and paid for nine months prior to plant commercial operation. The remain
der of the plant investment Is made as design and construction proceeds. Figure 4.5.15 shows
the rate of expenditures as a fraction of time. The overall project period of eight yeais is
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dictated by the design, licensing, and construction time for the VHTR, The water decompo-
sition plant requires a shorter construction time, and therefore the major investments in that
part of the facility are delayed so that a common completion of construction can be achieved.
Engineering and the development of information required for environmental impact statements
and construction permits for the water decomposition plant proceeds in parallel with the com=-
parable effort for the VHTR to assure that no schedular delays oc: ur.

The total plant investment, including all direct and indirect costs but excluding
escalation, is estimated to be $900,940,000 for the grass roots facility,

4,5.5.2 Operation and Maintenance Costs

The costs of operation and maintenance includes the expense of maintaining a
plant staff, consumable supplies and equipment, outside support services, miscellaneous
items of cost, and indirect costs of maintaining the plant working capital.

The direct O&M costs are shown in Table 4.5.16, as the costs cstimated for the
VHTR (Rafercnce 1), plus the incremental costs for the water decomposition plant. The
staff costs are based on a 140 person staffing level for the combined VHTR and water decom-
position plant at an average cost of $19,300 per man-year, The costs of chemicals and
catalysts are based on their assumed use rate. An allowance has been included for miscel-
laneous consumables.

Outside support services are taken to embrace all services obtained other than fiom
the normal plant complement during normal working hours. This includes personnel from
other locations, as well as the cost of station personnel working overtime on special tashs
such as refueling and equipment maintenance or repair. Other requirements for outside sup-
port services include such items as film-badge processing, laundering of contominated cloth-
ing, off-site disposal of wastes, major equipment overhauls, and consultants to provide var-
ious forms of operational support. An allowance equal to 50 percent of the VHTR costs is
used for these costs attributed to the water decomposition plant,

Miscellancous Q&M costs include cuch items as:

' training new staff personnel,
. requalification of operators,
. rent (for property, equipment, or facilitios which are used o

occupiced in connection with plant operation),

) travel, such as to staff conferences at the main office, or to
professional sociely meetings or other conferences,
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® licenses and fees,
. officcsupplies, postage, and telephone/telegraph bills, and
® fuel and upkeep of station vehicles.

As before, an allowance of 50 percent of the VHTR costs is used for the water decomposition
plant.

An annual premium of $390,000 is assumed for nuclear liability insurance. This
premium is in addition to other insurance premiums included in the annual charge on capi-
tal, as shown in Section 4.1.2,

The total direct annual operation and maintenance cost of $4,944,000 includes a
15 percent G&A assessment on all costs, except for nuclear liability insurance.

The indirect O&M costs are shown in Table 4.5.17. These are the costs of maintain-
ing the working capital required for continued operation of the plant and is evaluated at a

10 percent annual charge rate. The working capital is made up of the cash in hand needed

to meet the day to day operating expenses plus the value of materials and supplies in inven-
tory. The average net cash required is calculated at 2.7 percent of the direct O&M costs,
fess the nuclear insurance premium. A two month supply of consumables is assumed to be
kept in inventory, To account for pre-payment of nuclear insurance, 50 percent of the pre-
mium is included as working capital.

The total O&M costs, at a plant capacity factor of 80 percent, are shown in
Table 4.5.18.

4.5,5,3 Fuel Costs

Fuel costs are all expenses associated with the nuclear fuel cycle of the VHTR.
These include items such as procurement of all materials, uranium enrichment, fuel fabrica-
tion, fuel reprocessing, credits for materials of value in spent fuel, and carrying changes in
all parts of the fuel cycle. The fuel cycle costs, as reported in Reference 1, in accordance
with the economic groundrules of Section 4.1.2, is 24.75¢/GJ (26.1 ¢/|06 Btu).

The plant, operating at an 80 percent capacity factor und a thermal ouvtput of
3220 mw, will accumulate a total annual fuel cost of $20,071,000.

4,5,5,4 Hydrogen Production Costs

The hydrogen production cost is made up of the contributions of capital, operation
and maintenance, and fuel costs. These are normally calculated on an annual basis. The
percentage of the plant investment that is charged uqguinst production cach yeor is o function
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I TABLE 4,5,17 |
NUCLEAR WATER DECOMPOSITION
I INDIRECT OPERATION AND MAINTENANCE COSTS
I Cost _.
Average Net Cash Required $ 123,000 o
l Materials and Supplies In Inventory A
. I Consumable Supplies and Equipment $ 155,000
50% of Nuclear Liability Insurance Premium 195,000 i
' l Total Werking Capital $ 473,000
! Annual Charge Rate 10% }
Annual Indirect O & M Cost $ 47,300
TABLE 4.5.18 3
NUCLEAR WATER DECOMPOSITION j]
TOTAL ANNUAL O & M COST
(80% Capacity Factor)
Cost
Direct O & M Costs $ 4,944,000 ]
Indirect O & M Costs 47,300 :
Total S 4,991,300
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TABLE 4.5.19
NUCLEAR WATER DECOMPOSITION

HYDROGEN PRODUCTION COST COMPARISON
(80% Capacity Factor)

Ownership

Annual Costs Utility Industrigl
Non=Depreciating Capital $ 100,000 $ 100,000
Depreciating Capital 134,991,000 224,985,000
Operation and Maintenance 4,991,300 4,991,300
"Fuel" 20,071,000 20,071,000
Total Annual Cost $160, 153,000 $250,147,300

. 9 3 9 3

Annual Gas Production 2,96 x 10° std m 296 x 10" std m

(1.107 x 101 scpy

Production Cost 5.4¢/std m3
($1.45/MSCF)

$4.22/G )
(54.45,/10° Btu)

A-146

(1.107 x lO”SCF)

8.5¢/std m3
(52.26 'MSCF)
56.59 GJ

(56 95.10°

Btu)
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of the type of plant ownershi
can do business, As discusse
e.g., land, is 10 percent for
assets is 15 percant for utilit

Pr tee, utility or industrial, and the manner in which the
d in Section 4,1.2, the annugl charge on non-depreciating assets,
either type of ownership while the annual charge on depreciating
y ownership and 25 percent for industrial ownership, Although
production costs are calculated on both a utility and industrial basis, it is not realistic to
consider that the production of hydrogen, on the scale contemplated and with distribution to
remote "users", would be an " industrial" enterprise. [t is considered that this sort of pro-
duction plant would much more readily fit a "regulated utility" type of enterprise -~ much

like today's natural gas and electric utility operations.

owner

The cost of hydrogen production, on both bases, is shown in Table 4.5,19, As can be

seen, the cost, which iséequivqlent to @ "gate selling price", is 5.4¢ standard m3 ($1.45/M5CF),
or $4.22/GJ ($4.45/10 Btu) on a utility basis. The cost to the ultimate consumer would be

this production cost plus the allocated capital and operating costs of transmission and distri~
bution,

4.5.5.5 Sensitivity of Hydrogen Production Costs to Variables

The cost of hydrogen production from any given plant will vary with the cost of
fuel, the type of ownership, and the utilization, i.e., capacity factor, of the facility, For

the base case calculation, it was assumed that fuel costs were 24.75¢/GJ (26.1¢/10° Btu),
the capacity factor was 80 percent, and utility ownership prevailed.

Figure 4,5,16 shows the effect on hydrogen production cost of variations in the cost
of fuel for both utility and industrial ownership, with the capacity factor remaining at 80 per-

cent as in the base case. The effect the production cost of hydrogen, if the oxygen was sold
instead of vented, is shown for one assumed value of the oxygen.

Table 4.5.20 indicates the manner in
tion cost. In this table, all of the cost assump
the capacity factor allowed to vary within a r
cost of capital remains constant regard|ess of
maintenance costs are divided into two parts,
independent of the plant performance and acc
variable costs are a direct function of the pla
fixed and variable components.

which the capacity factor affects the produc-
tions are the same os the base case with only
ange of 40 to 90 percent. As can be seen, the
how the plant is operated. Operation and
i«e., fixed and variable, The fixed costs are
rue whether or not the plant is operated, The
nt operation. Nuclear fuel costs also have
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Figure 4.5.16 Nuclear Water Decomposition Hydrogen Cost Veisus Nuclear Fuel Cost

(80% Capacity Factor)
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3.0 COMPARATIVE EVAWATION OF HYDROGEN
PRODUCTION PROCESSES

5.1 GENERAL

The hydrogen production systems selected for evaluation were water clectrolysis,
coal gasification using Koppers~Totzek and Bi~Gas gasifiers, and o nuclear driven water
decomposition system, Each of these sysfems has its own unique operating characteristics,
advantages, and disadvantages that make a definitive comparison between systoms, to
determine the “overall best", indeed difficult. Some of the systems arc commercially
available today = others require many years of development to achieve technical
viability, The systems yet to be demonstrated hold the greatest promise for efficient
utilization of natural resources and economic attractiveness.

Since the weighing of individual performance, environmental, and economic
factors is subjective, no attempt has been made to rank the system from "best" to "worst."
Rather, the factors important to a comparative evaluation are presented for interpretation
by any reader. The factors include the technical readiness and development requirements,
economics, and resource utilization and environmental impact potential.

Although no conclusions are drawn relative to the "best" hydrogen generation
system, it is obvious that the potential value of the nuclear water decomposition system,
in terms of economics, resource conservation, environmental impact potential, and overall
effectiveness warrants continued and expanded definition of the process and development
of the key process steps. Accordingly, the effort under Task Il of this contract, to be re-
ported separately, will consist of a more detailed conceptual design of the nuclear water
decomposition system and a definition of the development program, in temns of tasks,
schedules, and cost, required for full scale demonstration of the process.

5.2 COMPARISON OF TECHNOLOGICAL READINESS
REQUIREMENTS S AND DEVELOPMENT

With regord to technological readiness, two distinet categories can be defined:

1. Water clectrolysis and Koppers-Totzek coal gasification are "here today®
technologies with demonstrated technical viability for hydrogen production.

2. Nuclear water decomposition and Bi=Gas coal gasification are promising
technologics for hydrogen production; both need development work to bring
them to the technological maturity enjoyed at present by clectrolysis ond
K~T gosification,

5.2.1 Water Electrolysis

Water electrolysis has @ broad bosed technical back ground with commer cial
units on the market today. Where the cost of clectricity is relotively low and local




uses of hydrogen exist, alectrolysis is used to provide on-site hydrogen gencration.
Commercial units cover a size range from portable units (<1 liter/min) to tons of hydro-
gen per day, Recent development work has been stimulated by related fuel cell techno~
logies which use the reverse electrochemical reaction. The state~of~the=art of electrolysis
has been advanced by the fuel cell work via development of electrodes with low polari-
zation, by low internal resistance cell. design and by reductions in size and weight of
components. Applications of some of the above items to conventional water electrolysis
systems have resulted in changes in operating parameters, reduced power consumptions,
and/or reduced capital costs. Improvements in operating efficiency may be achicved by
use of noble metal catalyzed electrodes or by the use of higher operating temperatures.
So far the high costs of catalyzed electrodes offset any advantage gained, but the search
for new low cost catalysts is continuing. For the present, further efficiency improvements
will come from the development and application of low cost, easily fabricated materials
that will allow higher operating temperatures to be used.

With this development background in mind, it should be recalled that woter
electrolysis has fundamental thermodynamic limits in its performance potential. One
limit is dictated by the ideal electrochemical reaction energy, ~68 kcal/mole. The other
timit is dictated by the overall thermal efficiency of the power plant. Thus, further
technological advances in water electrolysis will be bounded by these constraining limits.

5.2.2  Koppers-Totzek Coal Gasification

Koppers-Totzek gasification is a commercially available process which is
adoptable for the production of synthesis gas for hydrogen, ammonia, methanol, methane,
or guasoline production, low=Btu fuel gas, or substitute natural gas,

The Koppers-Totzek process uses the entrained concurrent flow principle based
on the partial combustion of pulverized coal in oxygen and steam, |In 1948, Koppers-
Essen and Koppers=Pittsburgh, in a joint effort, used this concept in the design of a
one ton per hour pilot plant gasifier. The pilot plant was built for the U.S, Burcau of
Mines, and the first successful run of the gasifier was mede more than 25 years ago. The
pilot plant was operated over a period of two years to yield liquid hydrocarbon from the
Koppers-Totzek synthesis gas, The first commercial Koppers-Totzek gasifier was installed
in Finland in 1952 and was followed by plants in various parts of the world.,

The heart of the KT process is the gasificr, Koppers Company offers both o
two~headed gasificr capable of handling 15000 kg/hr (400 tpd) of coul and a four-headed
gasifier capable of handling 32000 kg/hr (850 tpd). In the iwa=heeded gasificr, burne
heads are 180 degrees aport; in the four-headed gasifier, they are 90 degrees apart, The
gasifier, shaped like spheroidol cones centrally welded together, has a double-walled
shell constructed of boiler quality plate, A set of burners is mounted at the apex of cach
gasifier cone,
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The synthesis gas from the gasifier, after cleaning and cooling, is processed in
the manner consistent with the desired end product. For the generation of a hydrogen
product, the processing steps include sulfur and acid gas removal, carbon monoxide shift,
carbon dioxide removal, and methanation.

Several features of the K=T process make it particularly attractive for hydrogen
generation from coal, Because it is a commercially successful system, the technology of
the process, including materials requirements, operating procedures, and performance
characteristics are both well known and predictable. In addition, the downstream pro~
cessing steps use commercially available technologies, catalysts, and predictable per-
formance and economics. The process also has considerable flexibility in the choice of
fuel to be gos'fied.

The disadvantages of the K-T process involve limits in the capacity and operating
pressure of the gasifiers resulting in a multiplicity of units for large plants and affecting
the capital and operating costs of the facility.

There are privately funded programs underway to overcome these disadvantages.
Larger gasifiers are being developed. A small pressurized entrained gasifier, designed
for up to 3040 kPa (30 atm) operation, has been tested and has indicated that commercial
operation at pressure is feasible.

5.2.3 Bi-Gas Coal Gasification

The Bi=Gas process is being developed primarily for production of high Btu 1
pipeline quality gas with~95% methane in the final product stream, If used primarily
for hydrogenproduction, the Bi-Gas process must undergo some modification from its
original purpose.

Development work on Bi-Gas by Bituminous Coal Research, Inc., has proceeded
from batch~type experiments through continuous flow experiments in a 5-pound per hour
external heated reactor, to operation of a process and equipment development unit
(PEDU), Research has confirmed the basic assumption that high yields of methane could
be obtained from coal at elevated temperatures and pressures,

With the completion of the PEDU test program, plans were made to design a
larger-scale, fully integroted 5-ton per hour gasification pilot plant at Homer City,
Pennsylvania, Bids for the detailed engineering and construction of the pitot plant were
received and the construction contract was awarded in 1972, Completion of construction
of the pi'ot plant is scheduled for 1975, The overall objective of the pilot plant is to
provide sufficient design data for construction of a commerciol plant,

The heart of the Bi-Gas process is th,  ‘wo=stage gosifier, Pulverized coal is
introduced into the upper section (Stage 2) ut /0 to 100 atmospheres. Here the coul comes
in contact with a rising stream of hot synthesis gas that has been produced in the lower



section (Stage 1), 1n Stage 2, the coal is partially converted to methane and more synthe-
sisgos, The raw gas output from Stage 2 including entrained residual char is sent to woste
heat boilers and char eyclone where the char is separated from the gas and recycled to
Stage 1 of the gasificr. A portion of the synthesis gas is also recycled to both stages of
the gasifier.

The pilot plant will serve to verify the performance of the two stage gasifier,
Testing with the plant's gosifier should demonstrate that a high pressure, 1200K (1 700°F)
synthesis gas can indeed be produced and that design and caiculational models used
heretofore for the gasifier are adequate, Several other aspects of the process are in the
development stage and will be evaluated during testing of the pilot nlant, These areas
include coal feeding, slag removal, char separation, CO shifting, acid gas removal and
methanation. Most of the above process items are germane if the process were to be
tailored to produce hydrogen. in addition, as a hydrogen producing plant, additional
deve lopment of the process would be required to verify feasibility. Included would be
the steps of cryogenic separation of the methane and hydrogen, with subsequent expansion
of the methane to lower pressure, steam/methane reforming, repressurization of the reform-
ing product steam and feedback of this stream into the CO shift converter.

5.2.4  Water Decomposition System

The technology of the water decomposition system is the least developed of the
systems being considered for hydrogen production. Work performed to date, and the
information generated from that work, continues to support the fundamental attractiveness
of this hydrogen generation process. Using common, inexpensive chemicals, the cycle is
capable of decomposing water at high efficiencies under a broad range of operating
conditions. A considerable amount of flexibility exists in the selection of process tem-
perature and pressure without seriously jeopardizing system performonce, More importantly,
the cycle consists of chemical reactions=verified by laboratory testing - that proceed
s written and at rates sufficient to insure compact and cconomical chemical reactors,

The §aragraphs below discuss the status of technology and development require-
ments for the nuclear heat source and the water decomposition system.

5.2.4.1 The VHTR Nuclear Heat Source

The very high temperature nuclear reactor (VHTR) is a graphite moderated,
helium cooled unit drawing heavily upon the technology demonstrated in the AEC/NASA
nuclear vocket program to provide the capability for the high temperatures needed for
the water decomposition plant.  The nuclear system also uses the technology developed
and demonstrated in the HTGR and other gas cooled 1eactor programs to support its design
concept, The conceptual design of the VHTR was supported by ERDA undes
Contract AT(11-1}-2445 and reported in Reference 1, Theresearch and development
program required to bring the VHIR to fist large sscule demonstration was also defined
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in Reference 1 and consisted of an 11.5 year program with total costs, in 1974
dollars, of $240,600,000 excluding the cost of design of the demonstration plant,

5.2,4,2 The Water Decomposition System

The technological status and development required of the water decomposition
system can be categorized into two areas, i.e., materials and chemical process, The
former represents an area within which all processes and developing technologies will
live or die - the ability to define materials that will perform their function within the
operating environment of the process. The latter represents the availability of inform-
ation from which specific designs can be made that perform in accordance with predic-
tions. A detailed R&D program recommendation will be prepared as part of the Task IlI
effort under this contract.

5.2.4.2.1 Materials Considerations

The materials investigation performed have been limited to the determination of
unique or unusual materials requirements for the system described in Section 4.5, The cri-
tical problem areas involve the high temperature sulfuric acid !s0p shown in Figure 4.5.1.
The remainder of the system operates at relatively low temperatures, <476K (<400°F) and
thus can utilize commercially available components. The high temperatur-. acid decomposi-
tion loop, because of the temperatures and pressures involved, departs significantly from stan-
dard sulfuric acid handling practice. Appendix A discusses the status of available materials,

52.4.2.2 Technological Status of the Water Decomposition Hydrogen
Generation Process

The efforts in examining the Westinghouse Sulfur Cycle water decomposition process
have been devoted primarily to the two key process steps, i.e., the generation of hydrogen by
the electrochemical reaction SO + 2H,Q — H, + HpSO, and the generation of oxy-
gen by the thermochemical reduction of sulfur trioxide in accordance with the reaction
503 —» $O2 + 1/2 Oy. Work to date has been of a nature to confirm that the primary
reactions do proceed, to determine the nature and degree of competing reactions to define
and identify specific subsystems for further consideration and evaluation, and to provide a pre-
fiminary assessment of process feasibility.

Information gathered to date continues to support the fundomental attractiveness of
this hydrogen generation process. Using common, inexpensive chemicals, the cycle is capable
of decomposing water at high efficiencies under a broad range of operating conditions. More
importantly, the cycle consists of chemical reactions - verified by laboratory testing = that
proceed as written and at rotes sufficient to insure compact and economical chemical reactors.

A discussion of pertinent experimental data related to the technology of the Sulfur
Cycle water decomposition system appears in Appendix 8,
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5.3 ECONOMIC COMPARISON OF HYDROGEN PRODUCTION PROCESSES

The comparative economic evaluation attempts to treat all four hydrogen systems
in a consistent manner in respect to the major items that constitute the cost of hydrogen
production. These are capital, operation and maintenance, and energy costs, The
sensitivity of the cost of hydiogen to plant ownership (utility or industrial), nuclear fuel

and coal cost, purchased electric power cost, by-product credits, and capacity factor are
also evaluated,

5,3.1 Coei tal Costs

The capital costs for the four hydrogen production plants, derived in Section 4,
are summarized.in Table 5,3.1.

For water electiolysis, the capital cost reflects a projected price level for a
package consisting of electrolyzers, associated equipment, and certain engineering services
With a large proportion of the direct cost supplied in this fashion, a ten percent contin-
gency was used. Engineering services costs reflect the inclusion, in the direct cost, of
appreciable systems engineering effort by the electrolyzer vendor. Interest during con-
struction was based on an assumed overall four year project period with @ non-lincar rate
of expenditure. The total cost indicated does not include the cost of a dedicated light

water nuclear power station to provide power for the unit. This would add $822,160,000
to the site investment,

The costs of Koppers -Totzek and Bi-Gas coal gasification systems were cstimated
on a consistent basis. Both systems use downstream processing to produce hydrogen with
only minor amounts of co-products. The Bi-Gas system, although not fully developed,
holds promise of sufficiently higher gasifier output and reduced gasifier cost to more than
compensate for the more extensive processing to produce high purity hydrogen. Interest
during construction is based on an assumed overall six year project period with o non-
linear rate of expenditure.

For nuclear water decomposition, the capital cost is shown for both the nuclear
heat source (VHTR) and the water decomposition plant. The VHTR costs were taken from
WANL-2445-1, "The Very High Temperature Reactor for Process Heat " (Reference 1)
with adjustments to reflect:

. Increase in rating from 3000 MWt to 3220 MWt to preclude the need for
purchased clectric power.

» Inclusion of the equipment needed to interfuce with the water decom-
position plant, e.g., intermediate loop piping and ciicu!ators.

. Other modifications, e.g., use of cooling tower instead of river cooling,
make~up water supply transferred to wate decomposition plant,
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The water decomposition plant estimate is based on the process flow sheet
adopted for this part of the study, Changes in the flow sheet, to be considered in Task HI
and as part of other studics, are expected to demonstrate even lower costs than those used
here, Indirect costs were assumed as incremental factors to those used for the VHTR, The
interest during construction considers an overall eight years program.

5.3.2  Comparison of Operating and Maintenance Costs

A summary comparison of annual operating and maintenance costs is s.own in
Table 5.3.2, Direct Q&M costs are made up of payroll, consumable supplies and equipment
and outside support services. Breokdowns and discussian on the various items within the
el direct O&M costs are shown in Section 4 of this report.

The annual cost of maintaining plant working capital is also part of the Q&M
costs, and the basis for the cost of working capital is shown in Table 5.3.3, Average net
cash required was assumed to be 2.7 percent of the direct O&M costs, lass nuclear
liability insurance premiums, An opproximately sixty day supply of consumable supplies,
equipment, and coal was assumed to be on hand, The coal storage was evaluated at o
cost of 2.2¢/kg ($20/ton). The comparable fuel inventory charges for the nuclear fuel is
traditionally considered part of the fuel cost and therefore was not included here,

5.3.3  Comparison of Fuel Costs

A comparison of the annual fuel costs from the four types of plants is shown in 1
Table 5.3.4 for the base case. "Fuel" was defined, in this context, as all sources of
energy needed by the processes, !

For the water electrolysis plant, where lorge quantities of electric power are
required, a large nuclear powerplant whose output is dedicated to the electrolysis plant
would provide the lowest cost electric power, Therefore, electrolysis was based on the
cost of power from a dedicated utility financed nuclear power station. The cost of power
from this plont, as discussed in Section 4.2, is 1,28¢/kW-hr, :

Coal gusification plants purchase power at an industrial rate from an electric
utility at a cost of 2¢/KWH. This cost assumes that the power comes fron a mix of nuclea
and fossil sources and includes the cost of transmission os well as generation. Base coul
costs of 2,2¢/Kg (520/ton) were assumed, which are representative of today's cost of deep
mincd coal,

The nuclear fuel costs from the VHTR are assumed to be 24,75¢/GJ (26,1¢ /1 06 Btu), '
as reported in Reference 1, This cost does not represent an optimized fuel cost nor does it
reflect the fuel reprocessing cost savings that ore possible with the fuel design described in
that reference. This cost can be compared with the 19,98¢/GJ (21¢.10% Biu) which repre-
sents fuel costs in today's light water reactors.

H-8
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3.3.4  Comparison of Hydrogen Production Costs

The bose case hydiogen production costs are shown in Table 5.3.5. For the base
case, the plants are assumed to be operating at an 80 percent capacity factor, The sizc
of the plants is large enough to justify the centralized, or utility ownership, of the
facility with the product distributed fo any number of "consumers.
calculated on an annual basis, include g 10 percent charge on non-depreciating capital
(fand) and 15 percent annual charge on depreciating assefs. The production cost includes
profit, taxes, amortization, and other costs of business so that, in reality, the production
cost is a "gate price” - the price at which hydrogen can be sold exclusive of the costs of
fransmission and distributian, The production costs indicated do not include any allow-
ance for the sale of by-products, ©.9-+ oxygen. If, for example, oxygen were sold instead

of vented, then the cost of hydrogen would be reduced by about 1.7¢/std m3 (42¢/103 SCF)
if the oxygen credit were 2.2¢/Kg ($20/10n).

" The production costs,

The hydrogen production costs are plotted parametricaily in Figure 5.3.1 to demon-
strate visually the effects of fuel or coal cost on the gate price of hydrogen. Since neither
the water electrolysis nor water decomposition costs depend directly on the cost of coal, they
appear as horizontal lines in the figure, A range of nuclear fuel costs is included, however,
fo represent the changes in the economics of nuclear fuel in the future. From this compari-
son, it appears that the hydrogen from a water decomposition system, although higher in
purity than that from coal gasification units, shows a competitive edge for coal costs that
are frequently predicted for the near future. For example, the range of breakeven coal
costs go from 99¢/GJ ($1.0/10° Bty or about $24/ton) for the base case nuclear water de-
composition plant to about $1.3/GJ ($1.38/106 By, about $33/ton) for a case with the
nuclear fuel costs about twice as high as the base case, If an oxygen credit is assumed,
then the break even coal cost reduces substantially,

While the base case comparison of production costs was predicated on an 80 per-=
cent capacity factor, it is important to recognize that capacity factor has o significant effect
on the total economics of production. Figure 5.3.2 illustrates this effect. As can be seen,

the shape of the curve depends upon the proportion of fixed and variable costs associated
with production,
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5.4 COMPARISON OF RESOURCE UTiLIZATION AND ENVIRONMENTAL
IMPACT POTENTIAL

The four hydrogen production processes can be compared on their relative utili-
zation of resources and their relative potential for impacting the environment. These

comparisons are made on a quantitative basis supplemented by inevitable subjective
judgments,

Some perspective can be gained regarding the relative performance of the pro-
cesses by examining the total energy inputs and outputs, This is done in Table 5.4.1,
The process efficiencies are compared by converting inputs and outputs into equivalent
heat units. For water electrolysis, the thermal energy required to generate the electrical
requirements of the process is included and reduces the overall efficiency of water electro~
lysis to 28 percent, The efficiencies of the other systems are comparable and fall in the
46 to 49 percent range. It is emphasized that the 47 percent efficiency for the nuclear
water decomposition process is a conservative figure based on the non-optimized flow
diagram used in preparing the preliminary conceptual design and cost estimate.

In addition to energy inputs and outputs, it is instructive to examine, on an
overall basis, the annual consumption of resources for each process, This comporison is
shown in Table 5.4.2. The iarge water consumption for the electrolysis process comes from
the inclusion of the evaporative loss of the cooling water for the nuclear reactors chosen
to generate the power required for electrolysis. If a more efficient power generation cycle
were assumed, the water consumption would reduce. The amount of uranium oxide required
for power and/or process heat is also compared for all systems, assuming that nuclear power,
using light water reactor for water electrolysis and coal gasification and the VHTR for water
decomposition is used for all electric generation. Here again electrolysis requirements
are greatest because of its relatively poor overall efficiency.

The water electrolysis and nuclear water decomposition processes produce oxygen
as a by=-product and a small amount of solid waste (resin, filtration residue, catalyst in the
case of the nuclear water decomposition process, etc.) The coal processes yield carbon
dioxide and a substantial amount of solid waste (ash, catalysts, sulfur, flue gas cleanup
wastes, etc,) Differences in the coal processes are due to the usc of o somewhat different
coal for each process,

Considering the quality of the product hydrogen, a comparison of purity is shown
in Table 5,4,3, The water electrolysis and nuclear water decomposition processes produce
very high purity hydrogen. The use of 98 percent oxygen in the Koppers=Totzek piocass
gives a lower quality hydregen, but, because it contains 1.4 percent methane, it hos the
highest heating value. Bi=Gas hydrogen is purer than the Koppers=Totzek gas because of
the use of purer oxygen and process modifications made to reform the lenge umount ol
methane formed in the gusifier,
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As part of the comparative evaluation, an assessment of environmental areas of
concern was made, The major areas of potential impact included: air quality, water
quality, solid waste, land use, water use, fuel use, noise, aesthetics, and socio economic
factors, It was assumed that all four processes could be engineered o meet applicable
federal and state regulations and standards. After quantifying the environmental impact
potential for the four processes, it was concluded that all should have an acceptable jevel
of impact on the environment.

In evaluating the potential impact of processes on air and water quality and use,
designing to meet applicable standards dictates that the impact will be felt vitimately on
the economics of the plant rather than on the environment. Thus designing plants with
cooling towers, flue gas cleanup devices, etc. will increase plant complexity while
avoiding environmental deterioration.

With respect to production of solid wastes, an analogy is seen with present
generation electric power plants - nuclear and fossil. While coal fired plants require
provision for disposal of solid products of combustion, e. g. ash, nuclear plants involve a
long range consideration of radioactive waste disposal. (Both types of plants are presently
inherent in our utility baseload structure), Again it was assumed that oll four types of
plants can be engineered to meet applicable regulations and standards.

Any change in the physical or social environment has an effect (impact) on that
environment even if the impoct is acceptable. Even when standards are met, emissions
and discharges can contribute to mankind's accumulative impact on his environment and
can be rated in terms of their magnitude. An impact may be good or bad depending on
viewpoint and location. For example, a new industry in a location with a labor surplus
or housing surplus would have a beneficial sociocultural impact. If located in a very
small community, the resulting influx of workers and their families would put stress on
public services which would be viewed by most an an adverse impact.

Comparing processes is simple when there is o common denominator such as the
number of amployes, but if there is no common denominator it becomes o value judgment,
Primary impacts in this case are those which are regulated by low or are effected by local
or notional policies. These have been recognized as important to enough people that
political action has been taken. Secondary impacts are extremely local and effect only
a few pecple as o result of the location of the proposed production. The choice of
"Middletown," population 250,000, as a site negates sociocultural impacts which might be
expected in a smaller community,

In view of the designs and assumptions made in this study, the processes were
compared in terms of each potential impact and ranked. A rating of O denotes ro impact,
-1 denotes a slightly adverse impact and o =10 denotes a lorge impact potential while
still meeting standard guidetines. The rankings ore summarized in Table 5.4.4, "Environ-
mental Impact Potential,"




Primary impacts

Air quality
Water quality
Solid waste
Land use
Water use
Fuel use
Sub Total

Secondary Impacts

Noise
Aesthetics

Sub Total

ENVIRONMENTAL IMPACT POTENTIAL

TABLE 5,44

Electrolzsis

K-T

-4

Bi-Gas

-2

-16

Nuclear Water
Decomposition




In terms of air quality, the coal gasification processes rated lowest due to
emissions of the products of the combustion of coal. The K-T process was lower because it
consumes more coal than the Bi-Gas process.

Water vapor emissions, due to heat dissipation requirements, account for electro-
lysis being rated lower than nuclear water decomposition, in respect to water quality,
because it involved a larger reactor and about twice as much heat dissipation. The large
cooling system needed for the electrolysis power plant also increases the potential for water
quality impacts through increased blowdown and entrainment of organisms at the intake,
Coal storage and handling facilities involve potential water quality hazards through runoff
and sludge. The potential impact is assigned to the coal gasification processes in relation
to their relative coal consumption.

Soiid wastes generated by the processes are assumed to be dispesed of by environ-
mentally sound means and therefore their impact is in indirect relation to their quantity.

Land use represents another direct relationship between requirement and impact,
The ronkings for land use shown inTable 5,4.4 were based on estimates of land required
by the plants.

Middletown, the site bosis for the assessment, has an ample supply of water and
fuel. Therefore the consumption of these resources is more of a national concern than a
local concern. The actual chemical use of water is in all cases relatively small. The use
of water for cooling is large and in direct relation to heat dissipated because all plants use
cooling towers. Therefore, electrolysis, which is only holf as efficient, is by for the largest
consumer of water and fuel. The coal gasification processes are penalized because alter-
native uses of coal increase its value as a resource,

Noise and acsthetics favor electrolysis because it has a low profile and o large
exclusion area. Nuclear water decomposition also has the benefit of an exclusion zone.
The coal gosification processes receive lower ratings in this area becouse they do not have
exclusion zones and involve multi-story facilities, the noise of coal handling, and an-site
coal storage.

Nuclear water decomposition was ranked best in terms of minimum potential
environmental impoct. The K-T Process was ranked slightly below the Bi-Gas Piocess due
mostly to its greater coal consumption. The major drawbuck to clectiolysis was the inherent
weakness in its overall process efficiency, It should be stressed that these vankings are
subjective and relative and do noi imply that any of the processes cannot meet the enviton-
mental standards that are forseen for the future,
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6,0 SUMMARY OF RESULTS

The scope of work called for in Tasks | and I of the "Studies of the Use of Heat From
High Temperature Nuclear Sources for Hydrogen Production Processes", reported herein, re-
quires that:

. A projection be made of the potential market for hydrogen as a fuel and
feedstock through the year 2000,

2 Processes for the production of hydrogen be selected from among water
electrolysis, fossil based (steam hydrocarbon), and thermochemical water
decomposition systems and be evaluated in terms of relative performance,
economics, resource requirements, and technology status.

The results of the Task | and |1 effort are summarized below.
6.1 HYDROGEN MARKET PROJECTION

The study considered both the fotal potential market for hydrogen and the part of that
market that might be captured by nuclear driven thermochemical water decomposition plants.
The latter becomes important in assessing the need for, and justification for, the development
of high temperature nuclear heat sources and thermochemicai hydrogen production processes.

The United States currently uses about 8 x 1010 standard cubic meters (3 x 10'2 SCF)
of hydrogen per year, Production is growing today at a rate of é percent per year, and is ex=
pected o grow even more rapidly in the future. The proiection made here predicts %buse case
hydrogen requirement, fo the year 2000, of 1.3 x 1012 std m3 per yeor (4.8 x 1013 SCF per
year). The range of hydrogen consumption, about the base, goes from a low estimate of
6.4 x 1011 std m3 per year to a high of 1.7 x 1012 spd m3/year. Predictions by others
range from 3.5 x 101 10 1.7 x 1012 51d ma/yeor. It should be noted that if the market
continues to grow at its present six percent per year, tke year 2000 demand fer hydrogen
would be about 4 x 1011 std m3/year (1.5 x 1013 SCF/year),

The largest potential market foreseen for hydrogen is in the production of substitute
natural gos (SNG) and synthetic oils from coal. The markets for hydrogen use in oil refin-
eries and chemical processes, e.g., ammonia and fertilizer production, is smatler but still
significantly large. The demand for hydrogen for direct-reduction iron-making is scen io be
relatively small, primarily because of the slow growth projected for the United States steel
industry, Hydrogen for use as o fuel will be but a limited market. lts application to aircraft
appears to have real promise and will constitute the bulk of the hydrogen fuel market, Other
direct fuel needs are expected to be met, in the main, by nuclear, coal, and synthetic fuels.
This last requires, of course, hydrogen as a foedstock.

6-1




The ability of nuclear water decomposition systems to participate in the growing
hydrogen market is dependent upon when these systems arc available and whether their
economics permits reasonable penetration of the available market. A base case estimate
considers that the very high temperature nuclear heat source, and the hydrogen production
process, are both commercially available in 1995, It is further assumed that, upon introduc-
tion, the nuclear hydrogen system can penetrate the newly committed production capability
at a rate of 10 percent per year for all markets except hydrogen fuel and five percent per
year for the direct fuel market, With these assumptions, there would be required, by the year
2000, appreximately 15-30 nuclear hydrogen geperating systems with nominal ratings of
9.6 x 107 std cubic meters per day (360 x 10° SCFD) each,

6.2 HYDROGEN PRODUCTION PROCESSES

The hydrogen production processes selected for evaluation were:
° Water electrolysis, using the Teledyne HP electrolyzer modules

. Coal gasification, using the Bi=Gas twostage pressurized gasifier to
represent developing coal gesification technology

. Coal gasification, using the Koppers-Totzek atmospheric gasifier to i
represent commercially available coal gasification technology. |

. Water decomposition, using the Westinghouse Sulfur Cycle thermochemical
hydrogen production process in combination with a very high temperature
huclear reactor (VHTR) heat source

6.2.1 Water Electrol ysis

The technology of water electrolysis is well known. Water electrolyzers are avail ‘
able commercially from many manufacturers. The preliminary conceptual design used for !
eveluation purposes, based on the use of Teledyne HP electrolyzer modules, was a complete
hydrogen generation facility producing 9.4 x 109 std cubic meters/day (351 x 100 SCFD)
of 99.9% pure hydrogen at a delivery pressure of 6895 kPa (1000 psi). The thermal efficiency
of the electrolysis plant is 81 percent, not including the efficiency of producing the clectsic
power required for the process. When the electric generation efficiency is included at 34 pei -
cent, typical of the light water nuclear reactor powerplants capable of producing the lowest
cost electric power currently « ailable, the combined overall process efficiency drops to
28 percent. The cost of producing hydrogen from this plant, based on utility ovneishin and
costs in effect in mid-1974, is estimated to be approximately 8.47¢ ‘std mS (52.27 MSCEF) when
operating at an 80 percent cupacity factor and supplied with power from an adjocent nuclea
power station with a fuel cost of 19.9¢.°GJ (2i¢ 108 Biy), as shown in Figue 6 2.1,

-
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6.2.2 Bi~-Guas Coal Gasification

The Bi-Gas gasifier is a two stage pressurized system which represents developing
technology in coal gasification. A pilot plant using this type of gasifier is scheduled for
initial operation in 1975, The pilot plant should confirm the characteristics of the gasifier
and lead to commercialization of the system. The Bi~Gas system, operating at a pressure of
6895 kPa {1000 psi), tends to favor the production of methane. For the evaluation, therefore,
downstream processing was incorporated to separate the methane from the hydrogen, reform
the methane to hydrogen and carbon monoxide, shift the carbon monoxide to hydrogen and
carbon dioygde, and remove the carbon dioxide. In this manner, a single product stream of
92.65 x 107 std m3/day (360 x 108 SCFD) of 99.3 percent pure hydrogen could be produced.
The overall thermal efficiency of the plant, relating the higher heating value of the product
gas fo the total energy input to the plant, was calculated to be 46 percent. The cost of the
production facility included, as in all the processes, equipment and facilities, such as cooling
towers and flue gas cleanup systems, to assure that the plants would meet the appropriate
environmental standards and regulations. The cost of producing hydrogen from this plant
under base case economic conditions, is 4.46¢/std m3 ($1,20/MSCF), The base case consid-
ered utility ownership, mid-1974 capital costs, an 80 percent capacity factor and coal at
2.2¢/kg ($20./ton). The sensitivity of hydrogen production cost to the cost of coal is shown
in Figure 6.2.1.

6,23  Koppers-Totzek Coal Gasification

Koppers ~Totzek gasification is a commercially available process. Gasification
plants using these gasifiers are in existence around the world, The gasifier which operates
at approximately atmospheric pressure, can handle any kind of coal and, with appropriate
downstream processing, produce a hydrogen product stream. The plant design considered for
the evaluation used ten four headed gasifiers to produce a synthesis gas that was further pro-
cessed by acid gas removal, catbon menoxide, shift conversion, carbon dioxide removal, and
polishing methanation to produce 9.56 x 10% std m3/day (357 x 100 SCFD) of a gos con-
taining 95.4 percent hydrogen by volume. Compression stages were included in the processing
steps to result in the product gas being available at a pressure of 6895 kPa (1000 psi) for off-
site distribution. The overall thermal efficiency of the process, including the energy con-
sumed in gas compression and other plant services, is evaluated to be 49 percent, The base
cconomic evaluation, using mid-1974 costs, utility ownership, an 80 percent capactiy factor,
and a degvered coal cost of 2.2¢/kg (520 ton), resulted in o hydrogen production cost of
5¢/std m° (51.34/MSCF), Figure 6.2.1 shows the sensitivity of the cost of producing hydrogen
to the cost of coal.

624 Nuclear Water Decomposition

The water decomposition system uvsed for evaluation is the Westinahouse Sutfur Chele
two-step thermochemical process. In this process, hydrogen and «lfutic acid are preduced
electrolytically by the reaction of culfur dioxide and water. The precess is completed by

6H-4




vaporizing the sulfurlc acid and thermally reducing, ot higher temperatures, the rosultant
culfur trioxide into sulfur dioxide and oxygen. Following separation, sulfur dioxiae is recycled
‘o the electolyzer and oxygen is aither vented or sold.

As in conventional water electrolysis, hydrogen is produced at the electrolyzer cath-
ode, Unlike water electrolysis, sulfuric acid, rather than oxygen, is produced at the anode.
Operation in this fashion reduces the theoretical power required per unit of hydrogen produc-
tion by more than 85 percent over that required in water electrolysis. This is partially off-
set, however, by the need to add thermal energy to the process in the acid vaporizer and the
sulfur trioxide reduction reactor. Even so, by avoiding the high overvoltages at the oxygen
electrode of a conventional electrolyzer, as well as the inefficiencies associated with power
generation, this hydrogen generation process provides overall themal efficiencies approxi-
mately double those attainable by conventional electrolytic hydrogen and oxygen production
technology.

The energy source for the water decomposition system is a very high temperature
nuclear reactor (VHTR) producing both electric power and o high temperature helium stream
to the process. The VHTR is a graphite moderated helium cooled nuclear unit thar is pre-
dicated on the integration of the technologies from the NERVA nuclear rocket engine program
and land based gas cooled reactor programs into an advanced very high temperature nuclear
heat and power source.

The integrated plant requires, for the process flow sheet adopted for this initial
iteration of the conceptual design, a VHTR rated at 3220 MW(t} fo result in the production
of 10,1 x 10° standard cubic meters/day (379 x 100 SCFD) of 99.9 percent pure hydrogen.
The VHTR provides all of the energy - heat and electricity - required for the operation of the
water decomposition plant and for the auxiliary power requirements of the nuclear system, The
overall thermal efficiency of the integrated process is calculated, for the present process con-
figuration, to be 47 percent for the system producing hydrogen for off~site consumption at @
pressure of 6895 kPa {1000 psi).

The nuclear system and the water decomposition system both require o significont
development effort to reach first large scale demonstration. The recommended program for
the VHTR was determined as part of the VHTR effort supported by ERDA and reported in
Reference 1. The development effort on the water decomposition system has, to date, been
privately funded and has verified, by laboratory testing, that the electrolytic and chemical
reactions proceed as written and at rates sufficient to insure an efficient and economic hydro-
gen production plant. The overall development program leading to commercialization of the
process will be defined as part of the Task 11l effort,

Using the costs of the VHTR os determined in the ERDA sponsored program, adjusied
to interface with the water decomposition plant requirements as develoned in this study, in
conjunction with the costs of the hydrogen production plant resulting from the study, the pro-
jected cost of hydrogen from a nuclear water decomposition plant was determined. For the




base economic case, i.e., 80 percent cupacny factor, mid=1974 cost basis, utility ownmslnp,
nuclear fuel costs of 24, 7.)¢/GJ (26. l¢/10 Btu), and no credit for the oxchn produced in
the process, the hydrogen production cost, as shown in Figure 6,2,1, is 5.4¢/std m
($1.45/MSCF). The effects of varying fuel costs are also shown in the figure,

6.3 CONCLUSIONS

There is a market for hydrogen that exists toda'- that is being met primarily by
fossil based hydrogen generation processes. This markei <. expected to grow substantially
over the next several decades. Simultaneously, the growing unavailability and/or escalat-
ing costs of the fossil feedstocks used in today's hydrogen production makes imperative the
development of alternative hydrogen generation systems. These systems must make use of
our most plentiful resources, i.e., they must be nuclear or ccal based systems.

The evaluation of the nuclear water decomposition system, using the Sulfur Cycle,
indicates that it is superior to water electrolysis in both thermal efficiency and cost of hydro-
gen produced regardless of whether the water electrolysis plant is powered by nuclear-electric
or fossil ~electric plants, Nuclear water decomposition is on a par with coal gasification
systems in respect fo thermal efficiency and holds great promise of lower hydrogen production
costs as reasonable extrapolations of future nuclear and coal costs are made. The nuclear
water decorposition system has a lower potential environmental impact than other systems,

It also provides the opportunity for more effective resource management, such as making
possible the utilizaiion of all the carbon in coal for its chemical volue, as opposed to con-
verting it to carbon dioxide while extracting only its thermal value.

It is concluded that the nucicar water decomposition system shows sufficient tech-
nological and economic promise to warrant ugaressive development of the process, and further
definition of the conceptual design,
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APPENDIX A
MATERIALS FOR THE SULFUR CYCLE WATER DECOMPOSITION SYSTEM

A materials investigation has been performed to determine unique or unusual mater~
ials requirements for the Sulfur Cycle water decomposition system. It has been determined that
the critical problem areas involve the high temperature sulfuric acid loop shown in Figure 1,
The remainder of the system operates at relatively low temperatures, < 476K (< 400°F) and thes
can utilize commercially available components. The high temperature acid decomposition loop,
because of the temperatures and pressures invoived, departs significantly from standard sulfuric
acid handling practice,

The acid decomposition process is carried out in the four successive steps involving
four heat exchangers shown in Figure 1, Sulfuric acid at a concentration of 80 percent by
weight is regeneratively heated from 433 to 725K (320 to 845°F) in E~1 and AV-1. In the
remaining two units, AV-2 and DR-lb the process stream is heated by externally supplied
heat from 725 to 1144K (845 to 1600°F). S04 is thermally decomposed to 502 and oxygen,
with the aid of a catalyst, in DR=1. In each step, a severe burden is placed on structural
materials. As indicated in the process flow diagram, sulfuric acid, 80 percent by weight, is
converted into the gaseous state by boiling, The system pressure of 2069 kPa (300 psia)
raises the boiling point to 593K (608°F). The most severe corrosion potential is expected to
exist at the liquid = gas interface under both boiling and condensing conditions. Boiling is
expected to occur in the acid vaporizer AV=1 where water is driven off as steam and the
remaining acid increases in concentration to 100 percent before vaporizing to 725K (845°F).
In the reduction reactor, DR-1, only gaseous products and reactants are present, consisting r*
superheated steam, SO4, SOg and oxygen. In the return or secondary side of AV-1, heat is
extracted reducing the product gas temperature from 1144 to 630K (1600 to 675°F). In this

temperature range H 504 begins to condense at a concentration near 100 percent by weight,
In the economizer, E~1, more heat is removed resulting in further condensation and dilution
of sulfuric acid. Products emerging from the economizer, E-1, are sulfuric acid at 80 per-
cent concentration, superheated steam, 302 and oxygen,

Material Considerations

The compatibility of the most common structural materials for sulfuric acid service
is summarized in Table 1, The data are given for various acid concentration with upper tem-
perature limits noted. In those cases where the boiling point is indicated, it is assumed to
be one atmosphere. Of the materials which appear in the table, only a few are suitable for
use with acid at concentrations above 80 percent, Temperature limitations reduce the num-
ber of candidate materials even further, The materials with the highest probability of surviv-
ing the conditions encountered in the sulfur cycle water decomposition cycle are listed

below, along with comments concarning suitability with respect to requirements listed pre-
viously.
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TABL

E 1

MATERIALS OF CONSTRUCTION FOR SULFUKIC ACID AND
OLEUM HANDLING (REFERENCE 39)

75-90% 90-98%
Ha50 H3504
0-10% 10-50% 50-80% 60-75% {includes (inglu;las 98+~100%
MATERIALS H25Q4 H2504 H2504 H2504 60" acid) 68" acid) H2504
Cast iron to 175%F to 225%
Platinum, gold or
gold~platinum to b.p. to b.p, to b.p, to b.p. lo b.p. to b.p. to b.p.
ailoys
. o ) o to 85%, 350°F;| 1o $6%,
Leod or lead lining to b.p. to 400 to 400°F to 400°F 1o 90%, 250°F | 140°F
High silicon
cost iron (Duriren) te b.p. to b.p. to b.p. to b.p. to b.p. to b.p. to b.p.
DURIMET 20 to bup. to 176°F | 10 176°F | 10 150°F ta 150°F 1o 176°F ro 176%
CHLORIMET 2 to b.p, 210 b.pﬂ' 2w h.p.d- 2to QSDgF 210 250:F 2 to 250°F 2 to 25¢°F
20r3 3 to b.p. 310200 F | 310 200F | 3o 175F It 175°F I 1o 225°F 310 250°F
Glass lined steel 5 o o o B
(ovaid thermal shock) | to 500°F to 500 F to 500°F to 500°F to 500°F to 176°F 1o 500°F
HASTELLOY ° o 5
ALLOYS B-C-D-F B 1o b.p. Bto h.p.o 8 to b.p. B te 250°F B te 250°F Bto J00°F B to 300°F
C 1o b.p. Cto200F | Cto200°F | C 1o 175% C to 175°F C 10 200°F C to 200°F
Do b.p O to b.p Dto b.p Do b.p. D ro b.p. D to b.p. Dte b.p.
Frtol50F | Frol150F | Fta 150 F | F not F not F not f not
recommended recomminded recommended recommended
WORTHLTE to b.p, to 175 F to 150°F to 140°F 1o 140°F 93% to 10 175%F
156°F
98‘566 to
175°F
Stainless steel o 5%
type 316 and 317 bel%w
150°F
Car penter to 5%
Stainless belgw
20CH-3 250°F
> o el 1 —— . —————— -
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TABLE 1

MATERIALS OF CONSTRUCTION FOR SULFURIC ACID AND
OLEUM HANDLING (CONTINUED)

75-90% 90-98%
H250 4 H250 4
0-10% 10-50% 50-60% 60--75% {includes (in&:ludes 98- 100%
MATERIALS H2504 H2504 H250 4 H9504 80° acid) 567 acid) H2504
Rubber or nooprene o o
lined steel to 150°F to 150°F
Speciol hard ryb= o | o
ber lined stee] o 2000F | toc 200°F
Butyl rubber o o o
lined steel lo 200°F to 200°F to 150°F
Carbon and o o o o ! o to 9060-.0f
graphite to 340°F | to 340°F to 340°F to 340°F | 1o 340% 340°F
MONEL, copper, to 200°F | 1o 200°¢ to 200°F !
10°5 alum, brenze in absence | in absence in olsence I
of oxygen | of axygen of oxygen
Tantalum o o o
{ovoid fluorice con= to b.p. to b.p. to b.p. to b.p. to 375°F to 375°F to J75°F
itaminaled ocid)
HERESITE to b.p. 1o b.p. up o 150°F | 1o 150°F to 150°F to 150°F to 150°F
to 35%
to 150°F
over 5%
Fluoropol ymers N o o o o o o
:(Teflon, Kynar) . ta 400°F to 400°F to 400°F to 400°F to 400°F to 400°F to 4007F
i % 5 5 —
IKOROSEAL to 140°F | 1o 140°F
1
ICypress or o
jredwood to 190°F .
+ i
HAVEG 4} 10 300°F | to 300°F to 240°F | 10 205%F 1o 150°F r :
ILLIUM G, 9B ond R | Gtobp | Gro195%F | G 1o 195% | G to 140°F G for 75- Gro195% | Gio 195
; 48 12 b.p. atove 4075, 98 to b,p. 9B to 195 F B0 to P10 225 F i 9Hie 207F :
: b Riobp. | tob.p. Rtob.p. | Rto 180°F 140°F, fat Rio 180°F . Rto 180°%
N : below 40r5; B0=85%, 10 ‘ .
Y8 10 b.p.; 195%F; 98 10 ; |
R to b.p, 1957F; Rt ! f |
T i :
= 4 g —
‘Acid Praof Brick . 1o 600°F | 00" to 600°F | 1o 600°F i to 600°F to 600+ to 6008
[ i J—— . M S L
. Ly AR\ .
REPRODUCIBILITY OF THE
h
ORIGINAT PAGE IS POOR
A-4
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Precious Metals

Gold, platinum and their alloys are noted for their resistance to acid attack to
very high temperatures (Reference 40). Their cost restricts their use to thin clads on jess

expensive substrates. The use of precious metals in the water decomposition system is not
considered because of the associated economic burden.

Tantalum and tts Alloys

The use of this refractory metal in acid service is increasing. At acid concentrations
below 80 percent and temperatures below 464K (375°F), the excellent corrosion resistances
more than offset the relatively high cost of this material. However, at acid concentrations
above 80 percent tantalum has a tendency to become embrittled due to hydrogen pickup. Tan-
talum also reacts with SO3 and O2 temperatures above 472K (400°F), limiting its use to lower
temperatures,

Alloys with High Silicon Content

Metallic alloys with high silicon content, such as Hastelloy D, Duriron, Durimet,
and Chiorimet, are the standard structural materials used in the sulfuric acid industry today
(References 39, 41). These materials are primarily casting alloys which are brittle, not
readily joined by welding and are also notch sensitive. Consequently these materials are
not normally utilized in a structural load-bearing capacity.

The effect of silicon content on the corrosion resistance of iron and steel is illus—
traded in Figures 2 and 3. In Figure 2, the corrosion rate of steel is shown as a function of
acid concentration for a number of temperatures. In Figure 3, the corrosion behavior of
Duriron, a cast iron with approximately 15 percent silicon, is shown at the boiling tempera-
ture as a function of acid concentration, A corrosion rate of 0,127 mm (5 mils) per year is
indicated at the boiling point for concentrations above 80 percent, This corrosion rate is
lowest for any non—precious metal, The effect of higher temperatures due to higher system
pressure and the resulting increase in boiling point of the acid must be investigated.

Glass and Glass Lined Stee

Glass or glass lined steel is commonly used for handling acid in the chemical in~
dustry. The behavior of glass in contact with sulfuric acid at various concentrations is shown
in Figure 4 as a function of temperature (Reference 43), Above 80 percent concentration,
glass is not resistant to attack at the acid boiling point. The reason for this behavior is
shown in Figure 5 which shows the effect of superheated water on the corrosion of Pyrex
glass, As the temperature increases ahove 422K (400°F), the silica in the glass hecomes
hydrated forming, H,SiO4, which is soluble in superheated water. Thus, the incompatibility
is not with sulfuric acid, %uf with water, a decomposition product, Pyrex, according to
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Figure 2. Corrosion of Steel by Sulfuric Acid, General Chemical Data
(Reference 42)
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(Reference 42)
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Corning, is their most corrosion resistant glass. As indicated by the curve igure 5, the
corrosion rate approaches 0,76 ¢m per year (0.3 inch per year) as the tem; ..ature nears

478K {400°F) and presumably continues to increase above 478K (400°F). This corrosion ' 1
rate is unocceptable for long time applications,

Fluoropolymers (Teflon, Kynar)

Polymers such as Teflon exhibit excellent resistance to acid attack at all concen-
trations un to 478K (400°F) where thermal decomposition begins to occur. Polymers are used
as liners on structural materials where loads are encountered, Reference 42,

Acid Proof Brick

Acid proof brick is the most widely used non-metallic meterial for construction ]
of sulfuric acid plants (Reference 42). The bricks ore used to line carbon steel shells. i
The lining serve to reduce temperatures at the surface of the metallic vessel. The brick
linings are usually backed-up by a polymer or asphaltic mastic to protect the metallic
liner from acid seepage through the brick-work. Recent advances in mortars have helped
in overcoming swelling, a problem encountered in mist acid conditions or where frequent
filling and emptying occurs. Special construction techniques have been used to overcome
the swelling problem. Acid proof bricks have been used at temperatures as high as 589K
(600°F). With proper construction techniques higher temperatures are possible,

The pertinent characteristics of available materials with known compatibility
with sulfuric acid is summarized in Table 2. Precious metals meet all the prerequisites, how-
ever their very high cost for this application is prohibitive. High silicon containing alloys,
such as Duriron have acceptable corrosion rates up to the boiling point under normal atmos-
pheric pressures. Corrosion rates at higher pressures must be determined, Methods for join-
ing the cast material to provide leak tight joints must be developed. Glass, because of its
poor compatibility with supetheated water, must be restricted fo use at temperatures below
422K (300°F), Polymers are restricted because of their thermal instability at temperatures
above 478K (400°F). Acid proof brick, because of its insulating properties, makes an
excellent liner or barrier material for reducing temperatures between the process stream
and the pressure vessel wall.

[P YSU P U RVR I T

Materials For Use In The High Temperature - Superheated Steam Environment

In the reduction reactor, DR=1, the process strecam which consists primarily of
goseous woter and SO3 is heated from 725 to 1144K (845 to 1600°F) and the 503 is .
reduced to 50O2 and O2 by catalytic action. Compatibility data for structural materials :
exposed under these conditions are nonexistant, Some work however, hos been done to '
investigate the behavior of @ number of alloys in superheated steam at comparoble tem-
peratures, The most extensive research into the performance of materials in high temperature
steam has been conducted by the ASME Research Committer on High Temperate Steam
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Generation (Reference 44).  Test results indicated that highly alloyed superalloys, such as

Inconel 600, Incoloy 800, Hastelloy X, etc., promise a high degree of probability of meeting

the requirements impored by the operating conditions in DR-1. Alloys high in chromium

which exhibit excellent oxidation resistance in air, alse hold up well in superheated steam.

f The introduction of SO3, SO2 and Q2 into the superheoted steam introduce another degree _

- of complexity. Thermodynamic analysis indicates that under the expected oxidizing

conditions, sulfidization corrosion of nickel will not be a problem. Experimental data under
DR-1 operating conditions will be required to verify material corrosion behavior,

Recommended Programs

PR

. Because of the difficulties expected in determining the acceptability of

materials for application in the system under the operating condition ’
specified in Section 4.5, a revised set of operating conditions is being :
specified for the system conceptual design to be performed in Task III,
These revisions include a reduction in pressure, and hence saturation
temperature, of the sulfuric acid decomposition system and a change in
the configuration of heat exchangers in the system, These revisions are
discussed in Section 4.5,2.4,

) The corrosion behavior of Duriren, cast iron containing 15 percent silicon,
in contact with boiling sulfuric acid over the concentration range of 80 to
100 percent under pressures up to 2069 kPa (300 psi) must be determined
for an extended period of time, e.g., >10,000 hours.

. Investigate the sulfuric acid corrosion resistance of steel substrates coated
with chemical -vapor~deposited silicon. Recent advances in coating
technology have made it possible to produce complex geometrical shapes
with a uniform adherent coatings. Steel which has been fabricated to o
final shape can be siliconized by deposition of a layer of silicon of an
oppropriate thickness followed by a heat treatment to ditfuse the silicon
into the substrate. The resulting structure has a surface with a high silicon
content which is highly resistant to sulfuric acid corrosion. The corrosion
behavior of such a structure under boiling acid conditions must be
determined.

e s+ il b, L cmk S AR A e b nmae &

® Ceramics such as silicon carbide, silicon nitride, and cermets (77 Cr-23
AL203) possess excellent resistance to sulfuric acid corrosion at ambient
temperature and at low acid concentration. These moterials have excellent
thermal conductivity, can be fabriceted into tubing of limited lengths, ond
can be joined by brazing. They possess sufficient potential to warrant fur-
ther characterization.
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TECHNOLOGY STATUS OF THE SULFUR CYCLE WATER DECOMPOSITION SYSTEM

Electrochemical Hydrogen Generation

The Westinghouse Sulfur Cycle water-splitting process, based on the oxidation of
SO, to SO with subsequent thermal reduction of SO3, requires that a means be found to
carry out tlge following reactions:

502 + 2H2

O —» H, + H, 5O, (1)

Although this reaction is not spontaneous and cannot be thermally driven, it may be
accomplished electrochemically in an acid electrolyte by coupling the following half-cell
reactions:

Anode:  H, 5O,(aq) + HyO 750, 2(aq) + 4H'(aa) +2¢  E° - -0.17V

2

Cathode: 2H (aq) + 2e ”H, (9) E 0.00 V

It should be noted that sulfur dioxide, 502, dissolves in an aqueous strong acid to
yield sulfurous acid, H2503.

From the above, it may be concluded tnat, under standard conditions, the minimum
driving voltage for the reaction

H, $Og (ag) + HO —= Hy(g) + 2H" (aq) + so4'2 (aq) (2)

is 0.17 volts, which compares very favorably with the corresponding value of 1.23 volts for
the electrolysis of water, i.e.,

H,0 —= Hylg) + 1/20, (o) @

Earlier work at Westinghouse confirmed that Reaction 2 proceeds substantially as
written by operation of an electrolytic cell with platinized platinum electrodes in 50 w/o
sulfuric acid at room temperature. However, with the anode and cathode compartments sepa-
rated only by a sintered glass frit, the formation of a whitesolid simultancous with the evolu-
tion of hydrogen was observed. This white powder was later identitied as sulfur,

B-2
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Examination of Table 1, which lists tho standard reduction potentials of sulfur=~
containing species in acid solutions, reveals that sulfurous acid will depolarize the ca’hode
reaction (see half-cell Reaction 2), If enough HySO3 is supplied to the cathode, no lydrogen
will be evolved. Furthermore, sulfur formed by fﬁis reaction can also act as a cathode depol -
arizer, also inhibiting hydrogen evolution (see half-cuil Reaction 4), Sulfur deposition is
therefore to be expected if sulfurous acid is not excluded from the catholyte.

Juda and Moulton (Reference 45) did not report sulfur deposirion when they used
sulfur dioxide as an anodic depolarizer in an electrolysis cell operating at 368K in 30 w/o
sulfuric acid, The important difference between their work and the preliminary Westinghouse
work was that Juda and Moulton employed a flow~through electrode, i.e., the sulfurous acid
solution was forced through a platinum~catalyzed porous carbon electrode under current, so
that the solution was depleted ot H2SO, by the time it reached the interelectrode electrolyte,
Under these circumstances, sulfur deposition at the cathode could not occur.

Two other papers (References 46, 47) which discuss the electrocatalytic oxidaticn of
sulfurous acid make no comment on the processes occurring at the cathodes of their systems.
Das and Roy (Reference 46), who used an experimental apparatus similar to that used by
Westinghouse, must have observed sulfur deposition but reported only on the anode polariza-
tions. Wiesener {(Reference 47) did similarly.

Sulfurous acid migration from the catholyte to the anolyte was fully inhibited by
the simple and elegant experimental procedure devised by Bowman and Onstott (Reference 48).
The use of a membrane and slight overpressuring of the catholyte resulted in the total avoid-
ance of sulfur deposition at the cathode, and thus 100 percent current efficiency for hydrogen
production,

In contrast to the complex situation existing at the cathode, only one reaction, i.e.,
the electro-oxidation of sulf irous acid, occurs at the anode. The extent to which sulfurous
acid depolarizes the anode (oxygen-evolution electrode) in an electrolysis cell is shown in
Figure 1, which is taken from the work of Juda and Moulton (Reference 45). The depolar-
ized cell operates at 0.8 V below the voltages required for water electrolysis.

The effect of temperature on the polarization characteristics of platinized platinum
electrodes in the anodic oxidation of sulfurous acid in chout 25 percent H2SOy is shown in
Figure 2. Das and Roy (Reference 46) employed a saturated calomel electrode (SCE) in their
experimentation. Using a value of 0.263 V for the SCE versus the hydrogen electrede in
normal sulfuric acid (Reference 49), an approximate scale for the electrode polarization
versus the normal hydrogen electrode is provided for purposes of comparison. Increasing
temperature results in a_lowering of the electrode polarization - the effect amounting to
125 mV at 100 mA cm™2 on going from 303K to 353K (30°C to 80°C),

Wiesener's (Reference 47) data for 27 w/o HoSOy4 at 333K (60°C) are shown in

Figure 3. The best performing electrode consisted of air-, steam=~, or carbon dioxide-
activated carbon, catalyzed by platinum and a mixed oxide, \/205 . 3AI203. An
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TABLE 1

STANDARD REDUCTION POTENTIALS OF SULFUR-CONTAINING
SPECIES AT 298K INLACID SOLUTION

Reaction Potential, Volts

-2

+ >
5,0, % + 4H' + 2¢ 2 2H,80, 0.57
+ -

HySO, + 4H" +4e 'S 4 3H,0 0. 45
50.72 + 41" +2% > H.SO. +H.O 0.17
4 C e ' 3 2 .

+
S+ 2H' + 2 2 H,$ 0.141
$0.72 + 2 >25.0.72 0.09
4% « “39Y, :
+
2H—2e_ Ho(g) 0.00
2H.50. + H + 2¢ ™ H$S,O. + 2H.O ~0. 08
2°C3 < M09, 2 '
‘2 + i -2
250,7 + 4" 4 2¢ »5,0,7° 4 H,0 ~0.27
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approximate scale, to allow polarization values to be read in mV versus the normal hydrogen

electrode, was constructed by the use of dataq (Reference 50) for the cell, HZ/H2$O4, 1
Hg2SO4/Hg, at 60°C, and is included in Figure 3.

A summary of the relevant results of Das and Roy and Wiesener is presented in g
Table 2, Platinized platinum is not as effective an anodic electrocatalyst as platinum
black. Wiesener's best performing electrode compares very favorably with the platinum "
black electrodes of Das and Roy, Electrolytic cell voltages of 0.7 V or less at 100 mAem™ b
should be achievable with this electrode, if the cell is operated at temperatures of 333K
(60°C) or greater with a platinized platinum hydrogen-evolution electrode (n~ 0.07 V at
100 mAcm'z) and an interelectrode spacing of 5 mm or less (e (H2 504) ~1Q -cm at 333K),

The results of Bowman and Onstott (Reference 48) for cells operating in SO, -saturated
2M Hq 504 is shown in Figure 4, The pronounced effect of temperature on the cell voltage
is obvious. The cell voltage at 100 ml'i\/cm2 decreased from 900 mV to 750 mV when the A
temperature of operation is increased from 295K (22°C) to 353K (80°C), The data of Das and
Roy (Reference 46), presented dbove, indicate that the voltage decrease is mainly due to a
reduction of the artivation polarization at the anode.,

The main thrust of the experimental work funded and performed by Westinghouse
to date has been to demonstrate technical feasibility, i.e., cell operation for extended per-
iods with little or no sulfur deposition (current efficiencies in excess of 99 percent) and with
acceptable yoltage efficiencies at practical current densities (cell voltage < 0,6 V at
200 mA/em<). The suggestions of Bowman and Onstoif (Reference 48) regarding the use of

a membrane to separate the catholyte and anolyte, as well as catholyte overpressure, were
incorporated into the experimental apparatus,

Figure 5 summarizes and puts into perspective the current density-voltage relation~
ships observed in the Westinghouse work to date. The upper dotted line represents typical
room temperature (22 to 30°C) observations of other investigators in 17-27 w/o H2SO,,
while the lower dotted line indicates the best of the high temperature data in other work.
The two upper solid lines represent early data observed in 50 w/o Hy SO, af 303K (30°C)
with the Westinghouse celi design. The break ot approximately 100'mA/cm?2 indicates the
onset of a limiting current density phenomena due to the failure to maintain adequate acti-~
vity of sulfurous acid at the anode. When due attention was paid to anode placement and
the method of anolyte saturation with 502, the lowest solid line data set was observed at
about 303K (30°C) in 50 w/o Hs SO4. With the assurance of an approximately 150 mV
drop in cell voltage on raising the temperature to 363K (90°C), celi voltages of <0,65 V :
ot current densities of 200 mA/cm? are seen to be achievable, !

it ot o o Sttt el it AdC L ik ok

In summary, electrolytic cell operation, without sulfur deposition at the cathode 4
and with about 100 percent current efficiency for hydrogen production has been success- ‘

fully conducted over extended periods, Thus, the technical feasibility of 50, depolarized
electrolyzers has been demonstrated,

B-7




= -0.7 “°
& = .
c >
.Qéﬂ 40.6 & .
v O W
£ g
s3 0.5 = .
o T, ° <
@D n a. ; :
|- 0.4 3 .4
ke E :
2 4
~300 | 1 | L \ 40. 3 w
0 25 50 75 100 125

Current Density, mA em ™

Carbon
Activated Carbon
Activated Carbon + V205 . 3Al2 O3

Activated Carbon + Pt
Activated Carbon + Pt + V205 . 3AI2O3

NOTE:

1
e

b LW —
1

cnmaahibin ik

Figure 3. Effect of Activation and Catalysts on the Current Density-Potential i
Characteristics of a Carbon Electiode in the Oxidation of Sulfurous Acid -
Temperature; 60°C: Electrolyte 27 w/o H2 SO,l (Reference 47)

B-8




T i pE——

Ly

Ly

9y
9
¥44

9
9
9

e ———————

EEUEYETEN

QLS

oLe

oLe
049
GEL

08%
GBS
(0,47

("I'H N sA AW)
FA

aldvy snoINI1INS 40 NOI
4.O¥ ANY Svd ANV ‘YINISIIM 4

w2 yw QO {0 UOHDZID|0d

Z evi

S e e e R —— s ———

€2, L2,
-t - bv oz
€ee Le . id - wCuInd
G»:Ecu id
£ee V& - UOGIDD NADAYD0-50G)
£GE
XA
£0€ Sz wauyo|d paZIWHD{d % |
£6¢ _
XA |
£0g GZ }90|0 WU !
Mw: T e/m [PLIBI0 IPOUY
e au03 Yos%u ;

1YAIXO JIQONY 3FHL 304
O Y1va 40 AYYWWNS



| | |
22°c
wy
=
o) 65°C _|
>
5
< 80°C
'...-
-
0
> _
g |
o |
(VW]
o
0.6 |— —
®
T T R A W T B T |

0.4
0 20 40 60 80 100 120 140 140 180 200 220

CURRENT DENSITY, mA tc:r'rva2

Figure 4. Elecirolyzer Performance with Platinem Black flectiodes

in 2M H2 SO4 Solutions ot Different Temperatuses (ufter Bowman and Onstott, TASD

R 10

+
DU . e S



CELL VOLTAGE, VOLTS

1.4

1.2

1.0

0.8

0.6

0.4

DATA OBTAINED IN
50 W/O H,SO, AT 30°¢C

T T T R R R |

L

40 60 80 100 120 140 160

CURRENT DENSITY, rnA/cm2

Figure 5. Recent Electrolyzer Performance Results

180 200

220




oo e

Sulfur Trioxide Reduction

A substantial portion of the thermal energy entering the hydrogen generation process
is introduced in the sulfur trioxide thermal reduction reactor. Consequently, the thermal
reduction reactor is simultaneously a chemical reactor as well as a process heat exchanger,
The design of such a piece of equipment is sensitive to both the heat and mass transfer charac -
teristics of the system. The employment of large tubes and low overal | temperature differences
leads to a situation where the rate at which the endothermic chemical reaction proceeds is
limited by the heat transfer rate. Similarly, the use of very small tubes and large temperature
differences produces a design in which the mass transfer and chemical reaction rates, rather
than the rate of heat transfer, influences the vessel size. Designing under heat transfer limited
conditions leads to larger, more bulky equipment, whereas design under mass transfer limited
conditions leads to poorer haat economy and more fragite equipment. The proper design in-
volves an optimization with regard to both the heat and mass transfer characteristics of the
system,

In order to define the range of gas residence time of technical interest, as well as
to provide a basis for initiating design of the heat exchanger, preliminary concentration and
axial temperature profiles along the exchanger/reactor were calculated for a near optimal
design. These computations assumed a tube and shell exchanger using the same heat tranfer
coefficient calculated for the helium to helium intermediate heat exchanger in the nuclear
heat source (VHTR) system. The chemical reaction was taken to be in equilibrium and the
maximum allowable space velocity (or minimum residence time) consistent with equilibrium
conversions at various temperatures was defermined.

The design showed that for minimum catalyst activity, the catalyst must be capable
of achieving equilibrium conversions along the entire length of the thermal reduction reactor
at space velogities between 3500 and 6000 hr~! and at temperatures between 773 and 1173K
(500 and 900°C). For more compact reactors, the catalyst must be capable of achieving
equilibrium conversions by the time the process gas has reached the end of the reactor
(temperatures about 1173K for space velocities beiween 30,000 and 60,000 hr'l).

The purpose of the sulfur trioxide decomposition program is to identify a catalyst with
sufficient activity and life for use in the 5O4 thermal reduction reactor. Accordingly, West~
inghouse constructed an experimental apparatus for investigating the kinetics of the thermal
reduction of sulfur trioxide.

The first experiments run on this apparatus have been to determine the degree of
reaction reversal to be expected upon quenching the high temperature gas mixture expected
from the thermal reducer. This information is vital to an interpretation of the thermal reduc-
tion rate data taken later. Even more important, however, is the fact that if significant 1o~
oxidation of SO, would occur following the thermal reduction reactor, the entire process
concept would be rendered either useless or highly inefficient,
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The degree of reaction reversal to be expected was estimated by passing 5O, at a
constant rate through the reactor with Ny and air carrier gases at various rates, Both%'\of
and cold tests were performed. Under hot conditions, the mixture spent approximately two
minutes flowing through the furnace (500 - IOOOOC) and an additional two =inutes in flow~
ing from the 500°C furnace end to the analytical train, Under cold condi sns, the gas
mixtures traversed the system at room temperature. Residence times lower than four minutes
were obtained by increasing the carrier flow while maintaining constant the SO2 rate.

A statistical analysis of the resultant data indicated identical SO., rates into the
analytic train for the SO,/N, hot runs and the SO./air cold runs. No effect upon residence
time = up to four minutes = was observed in the SOZ/air hot runs. Additionally, the SO
rate into the analytic train for the hot runs with oiat all residence times was identical ‘with
that for the cold runs and the inert runs. Since over 100 determinations of SO, rate were
made during this period - none of which showed any significant statistical departure from the
delivery rate - it is certain that SO,, reoxidation during quench will not be a problem so long
as contact catalysts are not present.

The kinetics of two catalysts have also been investigated in the experimental appara-
tus. These catalysts, by reason of their proprietary nature, are designated as WX-1 and WX-2.
For each catalyst, the reaction order was determined by testing integrated mass balance and
reaction rate equations against the integral reactor data obtained in the system. Once the
reaction order is known, the rate constant can be expressed as a function of o reaction group.
This group contains a complex function of initial and final sulfur trioxide concentrations and
varies with reaction order,

Plots of the reaction group versus 1/T correspond to plotting the rate constant versus
1/T. Figure 6 shows the curves obtained by plotting the data for catalyst WX-1. The agree-
ment between predicted and experimental results is shown in Figure 7.

Figure 8 illustrates the expected conversions to be obtained with this catalyst at
various temperatures and space velocities. The region of interest for the process heat exchan-
ger is encompassed by space velocities between 3000 and 8000 hr=1. As this clearly shows,
WX=1 is a poor catalyst in this range at temperatures below 1233K (950°C), Similarly, based
upon the data to date there is no reason to expect it to be an effective catalyst below 1073K
(800°C), even at very low space velocities.

Data for the WX~2 catalyst is summarized in Figures 9 through 13, This catalyst was
studied at space veloci.fies of 1000, 10,000, 30,000, and 60,000 hr=1, Figure 9 plots the data
obtained at 60,000 kr™" according to the proposed rate equation, As predicted, the data
yields a straight line. Figure 10, for 30,000 hr™!, also shows straight line which is parallel
to the obtained at 60,000 hr=1, The graphs at 1000 and 10,000 hr=!, Figure 11, are different.
Data plotted according to the model for these space velocities yield two superimposed curves,
The fact that identical data was obtained at two different space velocities suggested that the
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reaction was at equilibrium over the entire temperature range of interest for the given space
velocities, A calculated equilibrium curve superimposes over the curves in Figure 12, sup- ;
porting this hypothesis. A 1000 hour life test was conducted using the WX~2 catalyst, As
Figure 13 indicates, the catalyst maintained its initial activity throughout the life test,

The data from both catalysts support the kinetic model, So far, only the WX-2
catalyst shows sufficient activity and life for use in the SO, thermal reduction reactor,

Accordingly, these catalyst results are being employed in the reactor design being con-
ducted in Task Ill,
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