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This study i s  a continuation of two previous invest igat ions o f  the use o f  

l i q u i d  hydrogen as a j e t  a i r c r a f t  fuel. The o r ig ina l  study e n t i t l e d  "Survey 

Study of the Ef f ic iency and Economics of Hydrogen Liquefaction" was carr ied 

out under Contract NAS1-13395, A p r i l  1975, f o r  the National Aeronautics and 

Space Administration, Langley Research Center, and was documented i n  Report 

NASA CR-132631. That repor t  covered the production o f  gaseous hydrogen s ta r t ing  

with coal. The products o f  coal gas i f i ca t ion  were cleaned, processed and 

subsequently 1 iquef ied and stored for use as a j e t  fue l .  

A second study e n t i t l e d  "Study of the Potent ia ls f o r  Improving the 

Ef f ic iency and Economics o f  L iqu id Hydrogen Produced from Coal" was carr ied 

out under Contract NAY-14120, July 1976, and was documented i n  Report 

NASA CR-145077. That study included the invest igat ion o f  operating the 

Koppers-Tottek g a s i f i e r  under pressure, the use o f  low s u l f u r  compl lance 

coal for  power generation, the use o f  Solvent Refined Coal as a gas i f ier  feed- 

stock, the reduction o f  leakage losses i n  the production and l iquefact ion system, 

the employment o f  wet turbines i n  the l iquefact ion cycle, the establishment o f  a 

thermodynamic grading system f o r  coal gas i f icat ion and a survey of acid gas 

removal systems appl lcable t o  coal gasi f icat ion plants. 

The potent ia ls for improving the economics o f  hydrogen l iquefact lon by the 

subst i tu t ion o f  centr i fugal  f o r  recycle compressors i n  the 1 iquefaction process 

and the addi t lon o f  a heavy water p lant  were the subjects o f  invest igat ion i n  

t h i s  study. 

ORIGINAL PAGE IS 
OF POOR QUAiIm 
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UNITS OF MEASURE 

AND - 
DOLLAR BASE 

All computations performed under this contract were i n  U.S. Customary 

engineering units. 

In compliance w i t h  Form PROC./P-72, a l l  results are presented i n  the 

International System of Units (SI) followed, i n  parentheses, by the U.S. 

Customary equivalent from which they were converted. 

To be consistent w l t h  the preceding studies "Survey Study o f  the 

Efficiency and Economics of Hydrogen Liquefaction", NASA CR-132631, and 

"Study of the Potentials for Improving the Efficiency and Economics of Liquid  

Hydrogen Produced from Coal", NASA CR-145077, a l l  economic values are given 

i n  terms o f  mid-1974 dollars. Adjustment must be made for inflation since mid- 

\ 

1974 t o  br ing  costs up t o  date. 



1.0 INTRODUCTION 

L iqu id hydron-..c ias c i den t i f ied  as an a t t r a c t i v e  al ternate av ia t ion 

FAel cbst i s  an important parameter i n  determining the fuel for the future 

v i a b i l i t y  o f  such a fue l  *or t h i s  appl icat ion. 

Studies concerning the production and l iquefact ion o f  hydrogen f o r  use 

as a j e t  a i r c r a f t  fuel have recent ly been completed. This work, done under 

Contract NAS1-13395 "Survey Study o f  the Eff iciency and Economics o f  Hydrogen 

Liquefaction", NASA CR-132631 and Contract NAS1-14120 "Study o f  the Potent ia ls 

for  Improving the Ef f ic iency and Economics o f  L iqu ld Hydrogen Produced from 

Coal", NASA CR-145077, have shown t h a t  i t  i s  feasible t o  produce large quant i t ies 

o f  l i q u i d  hydrogen s ta r t ing  wi th  coal as the raw material.  These studies have 

also defined equipment requ rements f o r  providing the large quant i t ies o f  l i q u i d  

hydrogen involved and have shown such plants t o  be enormous i n  s i t e  and complexity.. 

This applies par t i cu la r ly  t o  the hydrogen compressors required i n  the 1 iquefaction 

o f  hydrogen where processes used t o  date c a l l  f o r  massive, multf-stage reciprocating 

machines. The capacit ies required have f a r  exceeded the capacity of even the largest 

machiw a avatlable today and thus mul t ip le  un i ts  have been specified. 

The use o f  compact centr i fugal  machines f o r  the compression o f  hydrogen i s  

not feasible because o f  hydrogen's l o w  density. A high-pressure centr i fugal 

hydrogen compressor would require an inordinate number of impellers as a r e s u l t  

o f  the low pressure head developed by each impeller. Centr i fugal compressors are 

therefore generally uneconomical i n  the conventional hydrogen 1 iquefaction process. 

A novel approach t o  the l iquefact ion of hydrogen has been developed which 

permits the appl i ca t ion  o f  standard centr i fugal  compressors I n  place of r x i p r o c a t i n g  
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machines. Briefly, a second f l u i d  such as propane i s  added t o  the hydrogen 

prior t o  compression to form a mixture having a molscular weight much greater 

than that of hydrogen alone so that a standard type of centrifugal compressor 

can be used. After compression, i!ds mixture is  cooled to  cryogenic temperature 

levels where tl f propane condenses o u t  of the mixture and is separated as a 

l i q u i d .  The low freezing p o i n t  of propane permits attainment of  the low tempera- 

tures and essentially complete liquefaction of propane. The l iqu id  propane is 

then throttled and readmitted t o  the cold returning hydrogen recycle streams 

for recovery of latent and sensible heats prior to recompression. The refrigeration 

section of the process uti1 izes conventional refrigeration techniques such as work 

expansion i n  turbines and Joule-Thomson throttl ing to generate the low temperatures 

required for the 1 iquefaction of hydrogen. Ortho-para conversion i s  carried o u t  

i n  the usual manner. 

The advantages of +ti. ,&em are: 

1. 

2.  

3. 

4. 

5 .  

6. 

7. 

Use of, standard centrifugal compressors w i t h  their attendant low cost. 

Increased re1 i a b i l i  t y  of standard centrifugal compressors compared 

w i t h  reciprocating compressors, g iv ing  greater on-stream p t  'armance. 

Reduced maintenance. 

Smaller and simpler compressor foundattons. 

Simpler instal lation of compression equipment. 

Reduced space requirements. 

Reduced amount of nitrogen refrigeration required. 

During the liquefaction of hydrogen, a small quant i ty  of deuterium i s  

produced. In a very large liquefaction p l a n t ,  the amount of deuterium produced 
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i s  q u i t e  sizeable and may warrant recover,. a. 1 Yale as a po ten t ia l  co-product. 

The deuteriun can be separated from the l i q u i d  bddrogen by f rac t i ona l  d i s t i l l a t i o n  

ir i  a column. 

Deuterium, when oxidized, forms heavy water. Heavy water f s  used i n  ce r ta in  

nuclear reactors as a neutron moderator t o  reduce the neutron v e l o c i t y  and enhance 

the p r o b a b i l i t y  o f  neutron c o l l i s i o n  with uranium nuc le i i .  

It i s  the purpose o f  t h i s  study t o  perform analyses o f  the po ten t i a l  

economic benef i t s  o f  both the subs t i t u t i on  o f  cen t r i fuga l  compressors for the 

rec iprocat ing canpressors used i n  the hydrogen 1 iquefact ion process and the 

addi t ion of a heavy water p lan t  t o  the hydrogen l i que fac t i on  cycle. 

2.0 OBJECTIVES 

The object ives o f  t h i s  study are to :  

- 2.1 Invest igate the po ten t ia l  economic advantages of .'le subs t i t u t i on  of 

o f  cen t r i fuga l  compressors fo r  the rec ip roca t f  ng compressors used i n  tha 

l ique fac t fon  o f  hydrogen and t o  determine the e f f e c t  o f  such a s u b s t i w t f o n  

on the thermal e f f f c iency  of the l ique fac t ion  process. 

- 2.2 Invest igate the po ten t ia l  :conomic advantages o f  the additf.,r! of a heavy 

water p lan t  t o  the hydroge;, ? iquefact ion cycle. 

3.0 SUMMAW OF .9CCOMPL ISHMENTS 

- 3.1 Subst i tu t ion o f  Centr i fugal  f o r  Reciprocating Compressors. 

It has been determined t h a t  centrifuga; compressors can be subst i t i l ted for 

rec iprocat ing compressors i n  the 1 iquefact ion r?f hykogen and tha t  such subs t l t u t  ion 

resu l t s  ?n both technological improvement and economic gain. The feature which 

make; feas ib le  the use o f  cen t r i fuga l  compressors i s  the aamixture of a h igh molecular 
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weight component (propane i n  t h i s  study) w i t h  the hydrogen p r i o r  t o  compression 

t o  increase the molecular weight, and hence the density, o f  the f l u i d  being 

compressed. This same feature requires t h a t  the l lquefaction process be revised 

t o  pennit separation of the propane from the hydrogen subsequent t o  compression 

and remixing as pa r t  o f  the re f r i ge ra t i on  process. 

Two 1 iquefaction processes have been canparatively evaluated. One process 

1: the cot’rentional scheme using reciprocating compre.;sors f o r  the compression 

of recycle hydrogen while the other i s  a novel arrangement adapted for the 

separation and remixing of the hydrogen-propane recycle stream, using cen t r i  fuga1 

compressors t o  meet recycle compression requirements. It was determined tha t  a 

15% propane-85% hydrcgen mixture should be used as the recycle f l u i d .  With t h i s  

canposition, the centrifugal compressor process required a u n i t  power for l fque- 

fact ion o f  ;3.27 kWh/kg (6.21 kWh/lb) compared w i t h  a u n i t  power of 13.05 kWh/kg* 

(5.92 kWh/lb) f o r  the conventional process. A1 though the centr i fugal  compressors 

required approximately 15% more FJwer because o f  the added propane, there were 

of fset t ing power reductions resu l t ing  from increased power re turn from the 

hydrogen turbines and a lower feedstock pressure, and overa l l  net power require- 

ments are greater by on ly  4.8%. 

Capital investment f o r  the l iquefact ion complex was reduced 13% through 

the use of less cost ly  cent r i fugal  compressors. The cost advantage of the 

centr i fugal compressor was p a r t l y  negated by the 100% increase i n  size of the 

heat exchangers used for caoldown o f  the feed and recycle streams. 

~~ 

* This u n i t  power i s  greater than the value o f  12.50 kWh/kg (5.67 kWh/ib) 
previously reported(’ I. 
data f o r  the speci f ic  hydrogen compressors (Table 11) which shows lower 
eff ictencfes than the 80% assumed i n  the e a r l i e r  stbdy. 

The difference resu l ts  from the use o f  manufacturer’s 



Steam turbines were found t o  be the preferred drfvers for the centrf fuga1 recycle 

compressors, whereas reciprocating compressors were driven by synchronous electrf c motors. 

The centrifugal compressor process was therefore powered by a gas fueled steam generatf ng 

system w i t h  steam turbines driving the centrifugal compressors directly and steam turbine- 

generator sets providing for electrf cal power needs. The recf procating compressor 

process used gas turbfne-generator sets to provfde electricity for all power 

requirements. A sfgnificant advantage of the steam power supply was the a b i l f t y  

t o  use the heat generated i n  the water gas shfft for preheating boiler feed 

water. Sufficient heat was available t o  reduce the net energy f n p u t  t o  the 

power plant section by approximately 6% and consequently decrease the sfre of t h e  

power gasifier. There was no application for this heat i n  the gas turbine power supply 

and it was wasted t o  cooling water. 

The stem turbine power system was found to have a considerably lower cost 

than the gas turbine power system and was principally responsfble for the 

$179 million capital investment reduction of the coal ‘gasification canplex. Other 

dffferences are minor and result from the slfght ly  smaller power gasfffer required 

to provide fuel gas for the centrifugal compressor process. The feedstock 

gasifier is identical for both cases. 

Tota? plant  investment for the centrifugal compressor process amounts t o  

$2002 million o f  which $1389 million i s  for coal gasfficatfon and the remainder 

for the cryogenic equipment. For the conventional process, p l a n t  fnvestment 

totals $2274 million of which $1569 mill ion is for coal gasiffcatfon. The 

d‘fference of $272 mf I l lon represents a 122 investment advantage f n  favor of 

centrifugal compressors. For DCF f inancing,  the to t a l  u n i t  cost for the 
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centrifugal compressor process ranges from $0.929/kg (42.13 4/lb) t o  $1.159/kg 

(52.58 t / l b ) ,  depending on the cost of coal. Corresponding costs on a u n i t  

energy basis are $6.54/65 ($6.90/W Btu) t o  $8.16/65 ($8.61/MM Btu). These 

costs are 9.9%-8.4% lower than u n i t  costs for the reciprocating compressor 

process. For u t i l i t y  financing, u n i t  costs range from $0.693/kg (31.44 &/lb) 

t o  $0.920/kg (41.72 t / l b )  or from $4.88/63 ($5.15/MM Btu) t o  $6.48/GJ ($6.83/Wl Btu), 

down 9.3% - 7.5% from those for  the conventional process. 

- 3.2 Addition of a Heavy Water Plant 

Deuteriun exis ts  primarily as hydrogen deuteride i n  the 1 iquid hydrogen p l a n t  

product, and can be effectively and econanically recovered by fractional dist i l la-  

t ion  of the hydrogen w i t h  minimum product loss. A t  a l i q u i d  hydrogen capacity of 

26.25 kg/s (2500 TPD), an annual production of 1.053 Gg (1161 Tons) of heavy 

water can be recovered which  is approximately equal t o  the total  current production 

by the Canadian heavy water industry and about 20% of the planned capacity after 

expansion i n  the early 1980's. 

The required capital investment for production of heavy water a t  this 

capacity totals  $95.4 million, which includes, i n  addi t ion t o  the cryogenic 

dueterium recovery equtpment, allowances for  addl tional recycle compression 

capability t o  power the deuterium u n i t ,  as well as the enlargement of the power 

gasifier for the same purpose. Total u n i t  production cost, based on DCF financing, 

for the heavy water i s  $31.64/kg ($14.35/1b) for coal a t  $0.332/63 (35t/MM Btu) 

and increases only a modest amount t o  $36.55/kg ($16.58/1b) for coal a t  $O.?tl/GJ 

(75Q/MM B t u ) .  For u t i l i t y  financing, the u n i t  cost i s  25-30% less.  Based on 3 

$121.25/kg ($55 / lb )  market price, the sale of th is  heavy water would generate a net annual 
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income i n  the range o f  $89 - $104 mi l l ion,  which i s  s u f f i c i e n t  t o  defray a t  

leas t  9.2%. and as much as 17.8%, of the cost o f  the l i q u i d  qydrogen product. 

It i s  also s u f f i c i e n t  t o  generate a 1-year payout on tf.e qt i vy  water p lan t  

investment . 
Although the natural occurrence o f  deuterium i n  hydrossn i s  about 1 p a r t  

i n  7300, i t  has been found t o  be somewhat inariable. The nonnai concentration 

i n  fresh water has been placed a t  148 ppm and the concentra :ion i n  coal i s  

apparently about the same. Processing i n  the coal r ,esi f ier  section w i l l  a l t e r  

t h i s  concentration v i a  isotopic exchange between HD and H20 t o  y i e l d  H p  and HDO. 

The deuterium i n  HDO i s  l o s t  v ia  condensation i n  the proces~ water. The loss i s  

most severe i n  the water gas s h i f t  converter where a combiiation of unfavorable 

equi l  i b r i u n  temperature and presence of a cata lyst  promc :e the exchange toward 

HDO. Condensation and recycl ing of the process steam serves t o  prevent t h i s  

loss and maintain the concentration o f  HD i n  the feedstock hydrogen a t  280 ppm 

(14@ 

4.0 SUBSTITUTION OF RECIPROCATING WITH CENTRIFUGAL COMPRESSORS 

- 4.1 Role o f  Reciprocating Compressors i n  Hydrogen Liquefaction 

Recently completed studies(1) concerning the production and 1 iqub:faction 

o f  hydrogen f o r  use as a j e t  a i r c r a f t  f ue l  have i d e n t i f i e d  the equipment npcessary 

t o  produce the amount o f  fuel  required t o  meet the expected needs o f  3 major 

a i r p o r t  i n  the 1990 decade. The quant i ty o f  l i q u i d  hydrogen t o  be produced a t  

such a f a c i l i t y  w i l l  range up t o  a d a i l y  output o f  2.27 Gg (2’ 0 Tons). A major 

investment i t e m  i n  a hydrogen l iquefact ion p lan t  i s  the c ’  ipression machinery 

which t y p i c a l l y  amounts t o  over 40% o f  the t o t a l  inve:’ment. Although tl lere 

n: as D i n  H). 
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a r e  several functional applications, the major one is the recompression of the 

stream o f  recycle hydrogen which is used t o  produce the refrigeration for the 

process region below temperatures of 80OK. T h i s  is illustrated in thc u t i l i ty  

sumnary given i n  Table 13 of the Survey Study Report (1) where 56% of the to t a l  

plant electrical power requirement is consumed by the hydrogen recycle compressors. 

The process location of these campressors is  given i n  F igu re  5 of this report and 

theyareidentified as items P-RC and P-SCF on this flow sheet. 

To date, compression requirements have been met w i t h  massive, mu1 ti-stage 

reciprocating compressors. These compressors are the largest available i n  today's 

market place. A typical machine for this purpose would have a balanced-opposed 

arrangement of 10 cylinders, w i t h  a cylinder diameter up t o  111.8 an (44 i n . ) ,  a 

stroke of 43.2 an (17 i n . )  and overall dimensions of 12.19 m (40 ft.) long by 

8.53 m (28 f t . )  wide. T h i s  compressor would have a power rating of up t o  11,180 kW 

(15,OO HP) so i t  is obvious that t o  meet to t a l  compression requirements of 635,000 kW 

for a 26.25 kg/s (2500 TPD) p l a n t ,  an array of multiple units, numbering a t  least  

57, and installed i n  parallel, would be required. As shown later  I n  this study, 

each compressor has a lower than maximum power ra t ing  and the total complement of 

machines i s  80. 

- 4.2 Reciprocating vs. Centrifugal Compressors 

Hydrogen i s  quite amenable t o  compression via  reciprocating compressors 

which function by physically reducing the volume o f  a fixed quantity o f  gas admitted 

t o  the cy1 inder. Hydrogen possesses no physical nor thermodynamic attribute which 

contributes markedly to the difficulty o f  such a process. The basic principle of 

compression v ia  centrifugal compressors, however, i s  quite different and thls 

difference causes d i f f i c u l t y  I n  compressing l i S , , t ,  or low denslty, gases such as 
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hydrogen. A centrifugal compressor functions by imparting kinetf c energy to 

the gas by action of a high-speed rotating impeller. Upon discharge from the 

impeller, the kinetic energy i s  converted i n  the diffuser t o  s ta t ic  pressure. 

A low density gas, such as hydrogen, can possess appreciable levels of kinetic 

energy only a t  h i g h  velocities, and because impeller speeds are normally limited 

due t o  physical and material constraints, i t  follows t h a t  a single impeller is 

capable of producing a much smaller pressure rise for a low density than for a 

h igh  density gas. A centrifugal compressor i n  hydrogen service would therefore 

require a large number of impellers to  attain even a moderate discharge pressure 

level. This  subject will be taken up i n  more detail i n  paragraph 4.3, entitled 

Adiabatic Head. 

There are a number of reasons which would make centrifugal compressors 

otherwf se attractive for use i n  hydrogen service. 

Centrifugal compressors are available i n  larger sizes than reclprocati ng 

compressors w i t h  respect t o  both flow and power rating. Machines exist 

which are capable of handling 612,000 m3/h (360,000 ICFM) of gaseous 

flow or as much as 52,200 kw (70,000 HP) of power. This larger capacity 

for a given machine results i n  lower capital costs for compression 

equipment. 

The larler capacity per machine for centrifugal vs. reciprocating 

compressors reduces the number of machines which must be installed and 

reduces the complexity o f  the installation. P ip ing  for gas and cooling 

water, coolers, power feeder systems and electrical switchgear, and 

compressor control systems are a1 1 simp1 ified. 

0 
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Centrifugal compressors are typically more reliable and t h u s  capable 

of longer periods of continuous operation than reciprocating compressors. 

T h i s  reduces p l a n t  outage, cuts maintenance costs and permits reduction 

or even elimination of spare machines. Mini.aum pe-iods of 24,000 hours 

or 3 years of uninterrupted operation are  canmon foo centrifugal 

compressors. For reciprocating machines operating on dry gas a t  normal 

pressures, 5,000 hours may be more typical although, because of the 

larger number of vulnerable components such as valves, piston rings, 

and packing rings, there i s  greater probability for failure and there 

will be greater variability i n  the period o f  uninterrupted operation. 

Centrifugal compressors are subject t o  fewer maintenance problems than  

reciprccating compressors. For centrifugal compressors, maintenance i s 

primarily directed to bearings and seals. Modern design of journal 

and thrust bearings i s  so well advanced that bearing maintenance is 

seldom a problem, even a t  h i g h  speeds. Low maintenance can be expected 

for both bearings and seals for well-balanced, well-aligned rotating 

parts handling clean gas streams. 

For reciprocating compressors, valvat, piston rings and packing rings 

provide for most of  the maintenar :. vqlves are one o f  the most 

cri t ical  items because of the cyclical mture of their operation, the 

impact loads dur ing  opening and closing, the h i g h  gas velocity through 

them and the wear on the valve seats. The large number of moving parts, 

where there exlst a set  o f  suction and a set  of discharge valves for 

each cylinder, perhaps several valves per set  and several valve plates 
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and springs per valve, also help t o  m k e  the valves subject t o  

increased maintenance. Piston and packing r ings are subject t o  wear 

and must be per iod ica l l y  replaced. 

Foundations are simpler f o r  centr i fugal  than f o r  reciprocat ing 

compressors. Two basic requirements must be met. The f i r s t  require- 

ment i s  t o  keep the centr i fugal  compreissor and i t s  d r i v e r  i n  perfect  

altgnment and the second i s  t o  carry and d i s t r i b u t e  the weight o f  

the compressor and dr iver  t o  the s o i l  or other supporting structure. 

Poured reinforced concrete slabs are general ly used w i th  steel sole 

plates anchored i n  the concrete. This provides a su i tab le surface 

for alignment o f  the equipment. 

Foundations f o r  reciprocating compressors require more mass than f o r  

an equivalent cent r i fugal  compressor. The fundamental requirement of 

the foundation f o r  a reciprocat ing compressor i s  t o  withstand the 

forces Imposed upon i t  by the operating machine i n  addi t ion t o  the 

need f o r  weigh: d i s t r i b u t i o n  and equipment alignment. Design of the 

foundation t o  withstand all loads and operating forces can often be 

qu i te  complex. 

Centrifugal compressors d i f f e r  from reciprocat ing compressors i n  

t h e i r  operattng speed, Centr i fugals are high-speed machines and usual ly 

run a t  speeds measured i n  thousands o f  RPM whi ie reciprocating machines 

are much slower and t y p i c a l l y  operate a t  speeds measured i n  hundreds 

o f  RPM. This has an influence on the select ion of the dr iver.  The 

low speed synchronous e l e c t r i c  motor i s  a natural choice f o r  the 

reciprocating compressor and i s  widely used. Gas engines are also low 
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speed machines and have enjoyed wide application as driver, for 

reciprocating compressors, particularly where low cost natural gas or 

process off gas i s  available as fuel. 

For centrifugal compressor, a h i g h  speed driver is normally selected 

which can consist of a steam turbine, a gas turbine or an electrical 

induction motor which is connected directly to the compressor. Speed 

mismatches between compressor and driver can be accommodated by geared 

speed reducers b u t  these are usually avoided if  possible because of the 

cost and energy loss attendant w i t h  their use. 

- 4.3 Adiabatic Head 

The 'problems of compressing hydrogen gas using centrifugal compressors 

can be best illustrated through the concept of adiabatfc head. A t  this 

point a general discussion of the fundamentals of centrifugal compression is  

i n  order and, although somewhat elementary, is also informative. 

Head i s  a measure of u n i t  energy imparted to the gas stream by the 

compressor. In customary u n f t s ,  i t  is expressed as f t  lb of energy per l b  of 

throughput or frequently referred t o  as simply "feet of head". The corresponding 

SI units would be joules per kg. The use o f  the term adiabatic head implies 

t h a t  the compression process is adiabatic which  may or may not precisely describe 

the actual process. However, being frequently used, i t  i s  chosen here for 

i l lustrative purposes t o  describe how molecular weight influences centrifugal 

compression. 

Adiabatic head may be expressed i n  equation form. 
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Z - Compressibility Factor 

R - Gas Constant 

T - Inlet Temperature 

k - Adiabatic Compression Exponent * Cp/C,, 

- Specific Heat a t  Constant Pressure cP 

C,, - Specific Heat a t  Constant Volume 

- Compression ra t io  = Pi/Po 'r 

- Inlet pressure pi 

- D l  scharge pressure 

The role of molecular weight of the gas being compressed enters through the 

gas constant where 

0.307 J 1554 f t  l b  
= M W g  O r  mi- T6;K R 

MW = Molecular weight .  

For low molecular weight gases, the head, or u n i t  energy required increases as 

the molecular weight decreases, a1 1 other parameters remaining constant. Note 

however t h a t  total energy required does n o t  change,because of the inverse 

proportional i t y  between u n i t  energy and molecular weight. 

The impeller of a centrifugal compressor i s  designed t o  give a specffic 

value for head, The relation is: 
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vT2 Cons t Had (per impeller) = - 
9, 

( 3 )  

VT = Impeller t i p  speed 

= gravitational constant 

Head thus increases rapidly w i t h  t i p  speed, which i s  constrained by the 

material strength of the impeller as i t  is stressed by centrifugal forces. 

Maximum head per impeller i s  typically 29.9 - 35.9 J/g (10,000 - 12,000 f t  lb/lb) 

and may go as h i g h  as 44.8 J/g (15,000 f t  l b / l b ) .  

With a fixed maximum head imposed on the compressor, the effect of molecular 

weight is upon the discharge pressure, Equation (1). Discharge pressure i s  a 

direct function of molecular weight. Figure 1 i l lus t ra tes  this relationship for  

the compression of gases of different molecular weights i n  a centrifugal 

compressor having an assembly of impellers which develop a total  head of 

3'4 J/g (105,000 f t ) .  This could be 7 impellers developing 44.9 J/g (15,000 f t )  

of head each, 10 impellers developing 31.4 J/g (10,500 f t )  of head each, or any 

other similar combination. 

of the adiabat ic  compression exponent, k = 1.4, and t h a t  the suction pressure 1s 

atmospheric. The discharge pressure decreases from 197 psia for a 30 molecular 

weight gas t o  a value as low as 18.9 psia for a molecular weight of 2 (e.g. hydrogen). 

To deve:op a discharge pressure of 197 psia for  hydrogen would require a total  

adiabat ic  head of 4661 J/g (1,560,000 f t )  for which  as many as 15C impellers, each 

developing 29.9 J/g (10,000 f t ) ,  would have t o  be provided. Since a compressor 

body rarely contains more than  10 impellers, we are talking about a t  l eas t  16 bodies 

I t  i s  assumed tha t  a l l  gases have the same value 
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f o r  t h i s  p a r t i c u l a r  appl icat ion.  Thus, f o r  the compression o f  pure hydrogen 

gas, designers have resorted t o  rec iprocat ing compressors f o r  a l l  appl icat ions 

except perhaps f o r  1 ow discharge pressures. 

The e f f e c t  o f  molecular weight on the adiabat ic  head shown i n  equations (1) 

and (2) apply t o  the ef fect ive molecular weight o f  a gas mixture as we l l  as 

t o  the molecular weight o f  a pure gas. Thus, a l i g h t  molecular weight gas 

such as hydrogen (MW - 2.016) can be admixed w i t h  a heavier molecular weight 

gas such as propane (MW = 44.097) t o  g ivk  a mixture having an intermediate 

molecular weight which s a func t ion  o f  composition. The compositional va r ia t i on  

of molecular weight f o r  hydrogen-propane mixtures i s  presented on Figure 2. 

In  order t o  achieve a 5 - fo ld  increase i n  molecular weight, f o r  example, propane 

must be added t o  b r i ng  i t s  concentration t o  19.2%. The use o f  an add i t i ve  having 

a higher molecular weight than propane would reduce the an,ount o f  add i t i ve  

required t o  a t t a i n  the same molecular weight f o r  the mixture. 

The e f f e c t  o f  propane add i t i ve  on the discharge pressure f o r  the compresse’on 

o f  hydrogen-propane mixtures i s  shown on Figure 3. This graph assumes a suct ion 

pressure o f  290 kPa (42 ps ia )  and an adiabat ic  head o f  44,800 J/kg (15,000 f t )  

per impel ler .  

recyc le hydrogen comprzssor o f  the hydrogen 1 iquef ie r .  ) The adiabat ic  compression 

exponent, k, i s  taken as a func t ion  o f  composition. Thus, wh i le  an 8- impel ler  

compressor can develop a discharge pressure o f  on ly  384 kPa (55.7 ps ia )  when 

compressing pure hydrogen, i t  can discharge a t  1765 kPa (256 ps ia)  when compressing 

a 30-70 propane-hydrogen mixture. 

(The suct ion pressure leve l  may be recognized as tha t  of the main 
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The addition of propane t o  pure hydrogen streams to allow centrifugal 

compression is not without disadvantage, however. For a 30% propane 

concentration, the added propane increases the compressor t h r o u g h p u t  by 43% 

and produces a considerable increase i n  compressor power. There i s  also the 

pro61em of separating the Dropane from the compressed gas mixture unless one bas 

appl icatiofi qe 1 the hydrogen-propane mixture, which situation does n o t  apply to 

the hydrtgr ycle strean ol' t h e  conventional hydrogen liquefier. However, a 

hydrogen l i q L  ., ,,tion process has been dWsed (2) using centrifugal compressors 

to compress a recycle Weam of hydrogen p lus  an additive for the purpose of 

increasing the effectlve molecular weight, and then t o  separate t h z  additive from 

the hydrogen by cryogenic means i n  the liquefaction process. 

- 4.4 Hydrogen Liquefaction Process 

- 4.4.1 Process Desi gna t  ion 

For the purposes of this reporr, the hydrogen liquefzction process 

which uses centriftqgal compressors t o  compress a recycle stream of hydrogen mixed 

w i t h  an additive will be designated Process CRC, which is an acronym for sentrifugal 

- Recycle - Compressors. The conventiur 31 hydrogen 1 iquefaction process which uses 

reciprocating compressors to compress a recycle stream of pure hydrogen will be 

designated Process RRC, which i s  an acronym for seciprocating Eecycle Gompressor. 

- 4.4.2 Requirements o f  Process 

The purpose of the hydrogen recycle stream i n  a hydrogen liquefaction 

process i s  t o  provide a suitable working f l u i d  for the generation of refrigeration 

a t  temperature levels below ahout 80°K. This hydrogen is :  

Work expanded through expansion turbines exhdusting a t  temperatures 

as low as approximately 26"K, and 

1. 
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3 .  TSrott led through a valve t o  prodcce l i q u i d  hydrogen a t  temprratui*e: 

below 21°K. 

Since tkese temperatures are below the  t r i p l e  p o i n t  o f  a l l  other mater<als, except 

helium, there i s  a c l e a r  necessitv f o r  removing, m t i r e l y ,  t he  admixed Component. 

This can be done by cool ing the  compressed gas mixtl ire, r * a r t i a l l y  condensing 

the addi t ive,  and separating the condensed phase f rom the gaseous hydrogen. If 

an add i t i ve  component having su i tab le  propert ies i s  usnd and the proper process 

condit ions are imposed, then the condensation/separation can y i e l d  d high degree 

of separation from the hydrogen. This i s  achieved by using an add i t i ve  conkc.nent 

which has a wide separation between th t  b ) i l i n j  and freezing points. A wide 

separation t y p i c a l l y  produces a very :>w vapor pressure a t  the f reez ing  po in t  so 

t h a t  the equ i l ib r ium vapor phase csncentrP,ion will bs s i m i l a r l y  low. 

provides fo r  a r e l a t i v e l y  high b o i l i n g  po fn t  so t h a t  coo l ing  requirements i n  the 

warm sect ion o f  the system can be kept low. 

I t  also 

The process must a lso  provide f o r  the renlixing o f  the added 

component w i t h  the l o u  pressurs r e t u r n  rec;*cle hydrogen and f o r  r a c w e r y  of *?,: 

r e f r i g e r a t i o n  values. Fa i l u re  t o  do t h i s  would r e q u l t  I n  i n t o l e r a b l e  prsces:: 

i ne f f i c i enc ies .  

4.4.3 Prcpane as an Add i t i ve  - 
A1 though there are many mater ia ls wh'ch would oe a sa t is fa  - t o r y  

addi t ive,  propane i s  we l l  q u a l i f i e d  Cor several reasons and i s  t!!e mater ia l  of 

choice here. Prapane has a molecular weight o f  44.1 so thac excessive amount: are 

not required t o  produce a mtxture t h a t  can r e a d i l y  be compressed itl cent r i fuga l  

cclnpressors. Figure 2 presents the re la t i onsh ip  beiweeli composi t i o n  hnd weight. 

Propme, w i t h  an atmospheric b o i l i n g  poi t i t  of 231.1 K and a t r i p l e  po in t  cjf 85.5 K, 
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possesses a wide l iqu id  range so that much of the condensing heat load occurs a t  

warm temperature levels and nearly a l l  of the propane will be condensed a t  

temperatures approaching the triple point. For example, a 15% pmpane-85% hydrogen 

mlxture a t  a pressure of 2137 kPa (310 psia), which are process conditions of 

interest as will subsequently be discussed i n  fuller detail ,  will s t a r t  to condense 

(i.e. Its dewpoint) a t  257 K and the contained propane will be 94% condensed 

a t  a temperature o f  200 K. A t  95 K the propane concentration i n  the equilibrium 

vapor is estimated t o  be considerably less than 1 ppm. Propane can therefore 

be almost completely removed by condensation i n  the temperature range betueen 

ambient and l iqu id  nitrogen. 

Availability and low cost are also desirable attributes o f  an 

additive material so that inevitable process losses do not impose a severe 

economic burden. Propane possesses both of these attributes. 

- 4.4.4 Process Description - Process RRC 

The process for  hydrogen 1 iquefaction using reciprocating recycle 

compressors is conventional as depicted i n  the process flow sheet, Figure 14, and 

does not differ from that portrayed i n  the report of or iginal  study (1). The 

following process description i s  excerpted from that report. 

"The hydrogen 1 iquef ie r  consists of a nitrogen precool ed, expander 

process i n  which hydrogen i s  recycled t o  provide refrigeration a t  three 

temperature levels below 80°K. Two levels o f  refrigeratlon are provided 

by the hydrogen turbines and the third by Joule-Thomson t h r o t t l i n g  of a 

portion o f  the h i g h  pressure recycle hydrogen. A t  and above 80°K, refrigera- 

t ion Is provided by 1.) a stream of cold nitrogen gas which I s  used t o  

help precool the combined feed and recycle stream and 2 . )  a stream of 
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nitrogen l i q u i d  which i s  used for additional cooling as well as for partial 

ortho-para conversion of the feed stream. The hydrogen feed stream is 

further converted, continuously, down t o  the temperature level of the 

exhaust of the cold turbine, af ter  which i t  is throttled, passed through 

a catalytic converter for trimning purposes, and then subcooled i n  heat 

exchange w i t h  hydrogen boiling a t  low pressure." 

. 

"Cold exhaust streams from the expanders are warmed i n  counter- 

current heat exchange w i t h  cool ing  hydrogen streams, combined and 

f ina l ly  returned to  the suction of the recycle compressor. Vaporized hydro- 

gen from the f ina l  subcooler i s  combined w i t h  flash vapor from throttling, 

warmed i n  heat exchange w i t h  a cooling stream and returned to suction 

of the subcooling-fluid compressor which,  i n  t u r n ,  discharges t o  the 

suction of the recycle compressor.'' 

- 4.4.5 Process Description - Process CRC 

The CRC hydrogen liquefaction process will be described w i t h  the 

a id  of the process flow diagram, Figure 4. This was constructed for use w i t h  

the process design computer model and shows only the portion of the hydrogen 

liquefier for the temperature range between ambient and 80 K. 

For lower temperatures, the process i s  the same as for the 

conventional hydrogen liquefier, Process RRC, and i s  shown on Figure 5. Stream 

numbering a t  the interface between Figure 4 and Figure 5 is consistent. 

The compressed recycle stream, stream number 133, consisting of a mixture of 

hydrogen and propane, i s  cooled .fn heat exchanger X-1A t o  a temperature level 

where most of  the propane has condensed. After a phase spl i t  a t  separator S-4 the 

hydrogen, stream 101 , i s  further cooled i n  heat exchanger X - l B  where most o f  the residual 

propane i s  condensed o u t  and the gas phase contains less than  1 ppm propane. Another 
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phase spli t  i s  taken a t  the separator S-5 and the resulting hydrogen gas stream (No. 108) 

i s  passed t o  an adswber for  removal of final traces of propane before entering heat 

exchanger X- IC .  The now-pure hydrogen gas stream number 7 emerging from heat exchanger X-1C 

i s  sp l i t  in to  two streams, themajor stream (streamnumber8) being furthercooledwith b o i l i n g  

l i q u i d  nitrogen i n  heat exchanger XC-2 and the minor stream being fed t o  heat exchanger 

X-7 (Figure 5) as stream nunber 50. 

Recycle hydrogen which has been expanded i n  the low temperature 

hydrogen turbines returns a t  a lower pressure as stream number 45. Similarly, 

stream 55 i s  a low pressure return stream of hydrogen which was liquefied and 

used t o  subcool the l i q u i d  hydrogen product (heat exchanger X-6, Figure 5) .  

The l i q u i d  propane w h i c h  was removed i n  the phasecut a t  separator 5-4 

i s  throttled and divided in to  major (stream 105) and minor (stream 103) streams, whose flows 

are i n  proportion t o  the quantity of returning recycle hydrogen, for the purpose 

of reconstituting each stream a t  its proper propane content. The remixing of the 

l i q u i d  propane w i t h  the returning hydrogen stream before entering heat exchanger X-1A 

i s  an important and necessary feature for optimum performance. 

the mixture serves t o  reduce the pa r t i a l  pressure of the propane i n  the vapor phase 

and thus reduce the temperature a t  which the mixture s ta r t s  t o  boil. Refrigeration 

for the condensation of the compressed recycle stream i s  thereby made available a t  

lower temperatures, which provides an increase i n  temperature d r i v i n g  force i n  the 

heat exchanger and reduces the heat transfer surface requirement. 

The hydrogen i n  

The 1 i q u i d  propane removed i n  the phase cut a t  separator S-5 i s  1 i kewi se 

spl i t  i n to  two streams (numbers 112 and 110) th ro t t led  andmixed w i t h  returning recycle 

hydrogen streams. However, since most of the condensation occurred before the recycle stream 
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entered heat exchanger X-'B, the amounts of l i q u i d  mixed w i t h  the hydrogen a t  

this level will be quite smal.. 

All lob pwssur;J return recycle streams are rewarmed t o  ambient 

temperature and am recmqre.sed t o  the desired recycle pressure i n  compressors 

designated P-SCF and P-RC. 

Meanwhile, t b ~  purified, compressed product stream (No. 1) is  fed t o  the 

liquefier and cooled as a ,eparate stream i n  the several heat cAzhangers. There 

i s n o  purpose i n  mixing i t  w i t h  the recycle stream and, i n  fact ,  i t  is even dis- 

advantageous t o  do so because the increased amount o f  hydrogen would cause the 

condensation to  occur a t  lower temperatures as previously described for the 

boil fng, low-pressure return strsam. The consequence o f  this arrangement would 

be a derrease i n  the temperature d r iv ing  force and an increase i n  the heat 

transfer surface requirement. The final stage of heat exchange for the product 

stream is a cooldown using boiling l i q u i d  nitrogen and a partial ortho-para 

conversion. The product stream 1 eaves exchanger-converter XC-2 as stream number 12 

for further processing as shown on Figure 5. 

Refrigeration t o  sustain the process a t  temperature levels higher 

than  about 80°K is  provided i n  part by l i q u i d  nitrogen and cold nitrogerl gas. This 

is generated f n  the Nitrogen Refrigerator, shown i n  flow seet, Figure 6. Scae 

refrigeration is supplied by the propane i n  the recycle streant b u t  this i s  generally 

inadequate t o  supply the to ta l  requirement. L i q u i d  nitrogen is used i n  exchanger- 

converter XC-2 t o  desuperheat product and recycle hydrogen streams as well as t o  

absorb the heat evolved i n  the ortho-para :onversion. 

operation is combined w i t h  a stream of cold,  low-pressure nitrogen vapor returning 

from the hydrogen purifier (stream number 92) and warmed t o  ambient temperature for 

ditrogen vapor from this 
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retrigeration rec0ve.y as i s  a stream of cold, high-pressure gas from the nitrogen 

refrigerator (stream nunber 80). These warmed nitrogen streams are recycled to 

the n i  trogen refrigerator 

- 4.5 Case Study 

* x ~ l  ing and 1 iquefaction. 

A series of case studies was conducted using a process computer program 

marled to  reprLAtnc the hydrogen liquefier, Process CRC, as illustrated by 

tne flow diagram, Figure 4. 

effect of various process parameters and to  optimize the process. Of particular 

interest, was the effect of recycle stream composition and pressure on 

the process power requirements and on the surface requirements for the cooldown 

heat exchangers, X-lA,  X-1B and X-1C. 

The purpose of the case studies was t o  evaluate the 

Results from 11 selected cases are presented i n  Table 1. The effect of 

recycle stream composition is shown by comparison of several pairs of cases. 

Reducing propane content from 30% t o  25% resulted i n  a power reduction of 6.3% 

(Case No's 10 and 11) while a further reduction from 25% t o  15% propane resulted 

i n  an additional power reduction of 9.4% (Case NO'S 3 and 9).  A comparison 

of Case No's 1 and 5 shows t h a t , w i t h  a 3.9% power increase, an optfmum does not 

exist a t  a 20% propane concentration. 

The effect of pressure is shown, for a 20% propane content, by Case NO'S  5-8 

where process power decreases continuously w i t h  pressure t o  2070 kPa (300 psia), 

the lowest pressure considered. For a 15% propane content, an optimum pressure 

occurs a t  a pressure of 2240 kPa (325 psia) although the pressure-power relation- 

ship i s  relatively flat over the 2070-2410 kPa (300-350 psia) pressure range. 

The size of the cooldown heat exchanger, as measured by the UA product, 

a l so  decreases w i t h  decreasing propane content and is  relatively invariant w i t h  

recycle pressure. A t  h i g h  propane concentrations, the existence of temperature 
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pinch conditlons i n  the cooldown process is responsible for  the great increase 

In heat transfer surface requirements and even results i n  an increase i n  warm 

temperature approach. 

As a result of the case studies the following process parameters were 

selected for contfnulng comparative evaluations between Process CRC and 

Process RRC. 

Recycle Stream Composition - 85% H2 - 15% propane 

Recycle Pressure 

Uan 'Temperature Approach - 8 K 

- 2140 kPa (310 psia) 

Although the 2140 kPa recycle pressure was not optimum i n  the case studies 

it was near optimum and was selected instead based on adiabatic head considerations. 

The campression from 290 kPa (42 psia) to  2140 kPa (310 psia) requires an adiabatic 

head of 690 J/g (230,800 f t ) .  T h i s  is already i n  excess of 43.1 J/g (14,400 f t )  

per Impeller for a 16-impeller configuration or 37.4 J/g (12,500 f t )  per impeller 

for an 18-Impeller configuration so t h a t  the lower recycle pressure was considered 

t o  be a prudent chotce. 

Stream data for the selected c?erating parameters for the Process CRC 

hydrogen liquefier are tabulated i n  Table 2 i n  SI units and In  Table 3 I n  

corresponding U.S. Customary units. Stream data for the accompanying nitrogen 

refrigerator for Process CRC are presented i n  Tables 4 and 5.  For Process RRC, 

stream data which were given i n  Tables 3 and 4 of a previous publication (1) are 

presented again for reference purposes i n  Tables 6 through 9 .  Stream identification 

may be made by reference t o  Figure 4 for Process CRC hydrogen liquefier, t o  

Figure 5 for Process RRC hydrogen liquefier, and t o  Figure 6 for the nitrogen 

refrigerator. 
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- 4.6 Comparative Process Studies 

Comparative studies were made of the hydrogen liquefaction process using 

centrifugal recycle compressors (Process CRC) and the process using reciprocating 

recycle cornpressors (Process RRC! for the purpose of defining a complete l i q u i d  

hydrogen faci l i ty  for each process and permitting economic comparisons t o  be 

made. 

and liquefaction units, the hydrogen feedstock mal gasifier section, the power plant 

coal gasifier section and a l l  auxiliary and supporting equipment. 

In each case, the faci l i ty  included, i n  addition t o  the hydrogen purification 

. 4 6 1 Compressor Specifications 

Far'each process, a set  of specifications was drawn up for the 

hydrogen 1 Squefier recycle compressors based on the process data contained i n  

Tables 3 and 7. These specifications were then submitted t o  appropriate 

compressor manufacturers to obtain performance and cost data. Speci f i c  compressors 

were finally selected through evaluation of the manufacturer's response. 

4.6.1.1 Centrifugal Compressors 

The specifications for centrifugal compressors for Process CRC are 

presented i n  Table 10 together w i t h  manufacturer's performance data. There are 

two compressor functions involved. 

1. To compress the flash hydrogen used for subcoolfng fand then 

mixed w i t h  propane) from near atmospheric pressure t o  42 psia, the 

suction pressure o f  the main recycle comp;.essor and 

To compress the main recycle stream of hydrogen and propane from 

290 ;<Pa (42 psla) t o  the 2137 kPa (510 psia) recycle pressure. 

Centrifugal compressors can be generally categorized according t o  

2. 

two main :ypes o f  configuration. One i s  the horizontally sp l i t  compressor 

and the other i s  the vertically sp l i t  or barrel compressor. The difference I s  I n  
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the way the casing is  designed f o r  disassembly. The barrel compressor uses 

what amounts t o  a pressure vessel fo r  a casing and is  normally used fo r  high 

pressure applications.  Because the casing j o i n t  i s  less extensive,  i t  is a l s o  

preferred f o r  low molecular weight gases which diffuse readily.  A barrel 

compressor therefore  leaks less gas than does a horizontal ly  split compressor 

when used i n  hydrogen service. In f ac t ,  an APT spec i f ica t ion  (3) defines the 

conditions fo r  which barrel compressors must  be used when compressing hydrogen o r  

hydrogen-containing mixtures. These conditions a r e  shown on Figure  7 which reveals  

t h a t  f o r  the 2140 kPa (310 psia) discharge pressure of the main recycle compressor, 

the barrel  design is mandatory. The f l a sh  compressor, which discharges a t  290 kPa 

(42 ps ia ) ,  can use the horizontal ly  sp l i t  casing. 

The centr i fugal  recycle compressor configuration f o r  Process CRC 

is shown on Figure 8. This i s  f o r  a single 2.625 kg/s (250 Tons/day) liquefier 

module. A 26.25 kg/s (2500 Tons/day) p lan t  would require  10 such units. The main 

recycle machines would consist of four ident ical  machines, 6-impellers per machine, 

a l l  on a single s h a f t  and driven by a single steam turbine. T h i s  is a 3-stage 

arrangement because the first s tage  is a spl i t - f low,  para l le l  arrangement. 

The f l a sh  compressor consis ts  of 2 machines, 5 . impel lers  per machine, 

arranged i n  series on a single sha f t  and driven by a single steam turbine. Function- 

a l l y ,  only one s tage of compression is involved i n  this operation. 

The t o t a l  power required f o r  a 10-module, 26.25 kg/s (2500 Tons/day) 

complex is  753.00 MW f o r  the recycle gas compression and 31.99 MW f o r  the f lash  

gas compression, f o r  a t o t a l  of 784.99 MW (1,052,700 HP). 

Space requirement f o r  the 10 main recycle compressors and the 

10 hydrogen f lash  compressors for the 26.25 kg/s (2500 TPD) f a c i l i t y  amount to  a 
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6.10 m x 21.%(20 ft. x 70 f t . )  area for each main recycle machine and a 

5.18 m x 15.2 m (17 f t .  x 50 ft.) area for each flash machine. Allowing additional 

space around each machine i n  amount equal t o  twice the space occupied by the 

machine for clearance purposes gives a total area requirement of approximately 

0.65 hectares (1.6 acres). A layout consisting of 5 rows o f  compressors w i t h  

2 compressors per row would require a p l o t  having overall dimensions of 

61.0 m x 64.0 m (200 f t .  x 210 ft.) for the main recycle machines and 45.7 m 

x 51.8 m (150 f t .  x 170 f t . )  for the flash machines. 

4.6.1.2 Reciprocating Compressors 

The specifications for reciprocating compressors for Process RRC 

are presented i n  Table 11 together w i t h  manufacturer's perfonnance data .  As w i t h  

the centrifugal compressors, there is  a set of  main recycle compressors and 

a set of flash gas compressors, although streams of pure hydrogen rather than 

hydrogen-propane mixtures are compressed. 

These compressors are non-1 ubricated i n  a balanced, opposed 

arrangement, w i t h  each compressor having ten cylinders, w i t h  diameters up t o  

1.12 m (44 i n . )  and I I  stroke of 0.43 m (17 in.). They are slow speed machines, 

operating a t  300 RPM, compared w i t h  the centrifugal compressors which operate 

a t  4500-6000 R?M. 

The reciprocating recycle compressor configuration for Process RRC 

is shown i n  Figure 9 for a single 2.625 kg/s (250 Tons/day) liquefier module. 

There is a total o f  seven reciprocating machines, i n  parallel , for the compression 

o f  the main recycle hydrogen stream, The arrangement i s  depicted schematically 

with each stage of the compressor represented by a single cylinder. The true 

physical arrangement would use mu1 t iple  cylinders i n  parallel for each stage, 



giv ing  a total complement of 10 cylinders for each compressor. The flash gas 

compressor uses a single machine identical to a l l  the others. 

Comparison of the compressor configurations for the two competing 

processes, shows a greater simp1 ic i ty  of arrangement and manifolding for 

the centrifugal compressors. There is also greater consolidation of inter and 

aftercool ing heat exchangers. The centrifugal compressors require a total of 

4 coolers compared w i t h  22 coolers for the reciprocating compressors. 

The total power required for a 10 module, 26.25 kg/s (2500 Tons/day) 

complex i s  649.9 MW for the recycle gas compression and 22.37 MW for the flash 

gas compression, for a total of 672.27 MW (901,500 HP). This is 14% less power 

t h a n  required by the centrifugal compressors resulting almost entirely from the 

absence of propane i n  the recycle gas. Indeed, the main recycle centrifugal 

compressor is more efficient than i ts  reciprocating ccunterpart a1 though the 

reverse i s  true for the smaller flash gas compressor. 

Space requirements for the 70 main recycle compressors and the 10 

hydrogen flash compressors for the 26.25 kg/s (2500 TPD) faci l i ty  amount t o  a 

8.69 M x 12.2 M (28.5 f t  x 40 ft)  area for each machine. Allowing 

additional clearance space around each compressor i n  amount equal t o  twice the 

space occupied by the compressor gives a total area requirement for the 80 compressors 

of approximately 2.5 hectares (6.3 acres). A layout consisting af 10 rows of 

compressors w i t h  8 i n  each row would f i t  i n  a p l o t  146 M x 174 M (480 f t  x 570 f t ) .  

The p l o t  size i s  four times the size of the p l o t  required for the centrifugal 

compress06 
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-- 4.6.2 - Compressor Drivers 

Reciprocating compressors are slow speed machines and match, 

very well, the speed o f  large, synchronous electric motors. Electric motor 

drive was assumed i la  previous studies (1) and was also assumed i n  the present 

study. The electrictty was produced by electrical generators driven by gas 

turbines which were fueled by the gaseous product fuel from the power plant 

coal gasifier. 

Centrifugal compressors are h i g h  speed machines and match, very 

well, the speed of steam turbines. Usually direct drive can be used w i t h o u t  the 

need for intervening gear box for speed reduction purposes. Furthermore, steam 

turbines have the capability for variable speed, which can be applied for 

capacity control of the compressor. Steam turbine drives were assumed for the 

centrifugal recycle compressors of Process CRC as well as a l l  other centrifugal 

compressors used i n  the p l a n t .  A single turbine w i t h  a 746 MW (100,000 HP) 

ra t ing is  the specified driver for the 4 -un i t  main recycle compressor, Figure 8. 

The feasibilfty o f  a steam turbine mechanical drfve of this power rating has been 

confirmed by a major supplier of steam turbines. The reciprocating hydrogen feed 

compressor and the forecooler of the nitrogen refrigerator are electric-motor 

driven and the power for these functions as well as for other electrical require- 

ments of the p l a n t  i s  supplied by steam turbine driven electrical generators. 

- 4.6.3 Steam .System 

The extensive use o f  steam turbine drives for Process CRC 

mandated the installation of a steam generatfon and supply system t o  power the 

plant. For this proccss, the steam power system supplants the gas turbine 

driven electrical power system used for Process RRC. The system is represented 
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schematically In Figure 10 which shows a dual pressura level arrangement. The 

higher pressure steam i s  used for the large, major power requirements such as the 

main recycle compressors, the feedstock and fliel gas compressors and the electrical 

power generation. The lower pressure steam is used i n  the steam turbine drives for 

the smaller, remaining centrifugal compressors and also as make up steam for 

powering the oxygen plant compressors. 

The steam power system presented an opportunity for recovery of 

low level process heat and this advantage was applied to the preheating of boiler 

feed water. The source o f  heat i s  the exothermic heat o f  reaction a t  the water 

gas sh i f t  reactor. This heat i s  normally transferred t o  cooling water and wasted. 

The amount of heat involved is  0.544 GJ/s (1.856 x lo9 Btu /hr )  which is  sufficient 

to preheat the boiler feed water 7S°K. 

energy i n p u t  to the steam system and, accordingly, produces a significant econoqy 

In the overall energy supply. 

- 4.6.4 Coal Gasifiers 

I t  constitutes nearly 10% of  the total 

The coal gasification equipment is categorized as el ther belonging 

t o  the Feedstock Gasifier Section or the Power Plant Gasifier Section. The 

Feedstock Gasifier Section generates the crude b.ydrogen feedstock, Is shown as a 

block f low diagram i n  Figure 11, and is identical Tor both Process RRC and 

Process CRC. 

The Power Plant Gasifier Section generates the fuel gas for heating 

and power. Because o f  differences i n  power requirements for the two competing 

processes, there w i t  1 be differences i n  corresponding Power P l a n t  Gasifiers. This 

i s  revealed i n  the two block flow diagrams where Figure 1 2  i s  the diagram of the 



Power Plant Gasifier reqcired for Process RRC and Figure 13 is, similarly, for 

Process CRC. The gasifier size for the la t te r  process is 2-3% smalier than 

for the former. 

.- 4.6.5 Hydrogen Puri f i*ation and tiquef action 

The crude hydrogen feedstock is  treated t o  remove al l  

impurities which would otherwise freeze out  In the subsequect liquefacticn 

process. Because the quantity of feedstock and the extent of purffication i s  

the same for the two competing processes, the purifier i s  the same it1 each 

case. The liquefaction process, t Jwever, i s  inherently different, as described 

previously. One manifestption of the difference is  i n  the heat transfer area 

requirements of the cooldown heat exchanger. This i s  fdentified as heat 

exchangers X-1 and X-8 on Figure 5 for Process RRC and X-1 (subdivided into 

sections A, 8 and C) on Figure 4 for Process CRC. The lncreas? in flow of the 

recycle stream plus the latent heat of condensation ana evaportition of the 

propane component place a much heavier heat load on this exchanger for Process CRC, 

specifically, about 2.3 times as great.  However, the contortion of the cooling 

curves (T vs AH) caused by the propane phase change produces a larger mea? 

temperature difference, so that the greater heat load i s  partially compensated. 

The f inal  design calls for 124,000m 

twice the area requirement of 60,900m2 (655,000 sq.ft.) for Process RRC. 

(1,330,000 sq.ft.) for Process CRC which I s  

Thz cooldown and condensation of the hydrogen-propane mixture is  a 

pa r t i a l  condensation process i n  wh ich  the propane must dlffuse through a hydrogen 

gas film before I t  can reach the heat transfer surface and condense. A mass 

transfer resistance I s  thus imposed upon the heat transfer process and requires 



-31- 

aadi t ional  heat t ransfer surface. This WE* accounted f ? ~  ;n the  design of 

the cooldown heat exchanger, using the method of Cc;bur~~ and Haugep (4.). 

3lock flow diagrams of the cryugenfc equipmen+ are shown i n  Figures 14 and 15 

for  Processes RRC and CRC, respect ively.  

Power re+drements f o r  the p u r i f i c a t i o n - 1  fquefact ion s e c t i  3n f o r  90th  

processes are l i s t e d  i n  Tables 12 and 13, althougS the c e n t r i f u g a l  -ecycle " 1  ip:essors, 

inc lud ins the  f lash compressors, requtre about 175 more power thar  do thc r;;ipror??lnrl 

CompressorsI the o v e r a l l  power re4 .red i s  on ly  52 greater because o f  o ther  guins 

r e s u l t i n g  from the e l im ina t ion  af the hydrogen booster comprv-r, and the grss te r  

re tu rn  from the hydroqen turbines. More power i s  returned by the turbines because they 

are required +3 produce more r e f r i g e r a t i o n  t o  0verconiT;I the i nc  :ased warm end 

temperature approaLh losses zaused by tt ie r e c i r c u l a t i o n  of addi t i c i l a l  recycle 

hydrogen through the t u r t i -  os. Addi t ional  hydmp-n must be rec i rcu la ted  ro ccunter- 

*ce the e f f e c t  o f  the i*educed expansion pressure r a t i c  across the tul".tjnes. 

Tables l:! and 13 a lso r e f l e c t  the losses due t o  i n e f f i c i e n c i e s  i n  :he e l e c t r i c  motcr 

drive?, which are spar ing ly  appl ied i n  Process CRC. T;bls 13 l i s t s  the :mdividua? 

power as e i t h e r  e l e c t r i c a l  o r  mechanical according t o  whether the d r i v e r  i s  e l e c t r i c  

motor o r  stream turbine. Losses due t o  inef f ic izncy o f  the ctedm turbines apFpar as 

p a r t  of the steam requirements showr on Figure 10. 

- 4.7 Economic Comparisons 

Methods 

Complete economic analyses were conducted on the two competing 

-- 4.7.1 - 

processes based on both a Discounted Case Flow (DCF) basis, whfch i s  represer i .at ivs 

of i n d u s t r l a l  f inancing, and a U t i l i t y  f inanc ing basis. 

h3ve been prev ious ly  described ( I )  and the f inancing ru les  f o r  e x 9  ;r;trsd d r e  

enumerated i n  Table 14 together w i t h  shor tcut  equations fori determining u n i t  c x t s  

v i a  aach method. The basis f o r  the economic evaluatlons i s  giver! i n  Table 13. 

hese f inancf rg methods 
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- 4.7.2 Gasification Economics 

Capital investment requirements for the 26.25 kg/s (2500 TPD) 

coal gosiflcation complex for each competing process are compared i n  Table 16. 

Included are a l l  operating areas as listed and a l l  necessary auxiliary and 

supporting equipme . for a completely installed grass roots fac i l i ty  except for 

the acquisition of land. Primarily because of a cost reduction i n  the power 

and stem generation area and also to  a lesser extent because of the slightly 

smaller power gasifier, the capital investment i n  the coal gasification section 

which supports Process C T  i s  less by $179,400,000 or 11.4%. The steam turbine 

drive including the steam generation system has shown t o  be a lower investment 

arrangement than the electrfc motor drive w i t h  the gas turbine/generator system. 

Annual operating costs for Processes RRC and CRC are compared i n  

Table 17. The cost of coal is the major item i n  the overall cost and, as i n  the 

previous study ( l ) ,  the price of coal is varied over a range from $0.332/65 

(35t/MM B t u )  t o  $0.7113/GJ (754/MM B t u ) .  Operating costs vary from 4 t o  5 1/2% 

lower for the gasification section which supports Process CRC, solely as a result  

of the smaller power plant gasifier. 

Unit  gasification costs on a DCF basis are presented i n  Table 18 

and on a Utility Financing basis i n  Table 19. For Process CRC, u n i t  costs vary 

from $0.5663/kg (25,69$/1b) t o  $0.9701/kg (44.00 #/lb) depending on the financing 

method and the price of coal. These costs are 6.4 t o  8.9% less than  the u n i t  

gasification costs for Process r 2. 
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- 4.7.3 Liquefaction Economics 

Capital investmer : requirements for the 26.25 kg/s (2500 TPD) 

liquefaction complex for the two processes are compared i n  Table 20. The 

1 iquefaction camp1 ex incl udes the hydrogen 1 iquefier, the cryogenic purifier, 

the nitrogen refrigerator, the hydrogen feed compressor and a l l  on-site ancillary 

and supporting equipment as an installed grass roots facil i ty.  Process CRC 

shows a $77,200,000 advantage i n  total p l an t  investment and a $93,100,000 

advantage i n  total capital requirement. Investment differences result mostly 

f r o m  the lower cost of centrifugal compressors compared w i t h  reciprocating compressors, 

which accounts for about 60% of the difference. Decreased cost of associated 

equipment result from simpler foundations and buildings,  reduction i n  power wiring 

and electrical switchgear, and elimination of the hydrogen feedstock booster 

compressor. An additional $14 million i s  required for Process CRC, however, to 

provide for the extra cooldown heat exchangers i n  the hydrogen liquefier. 

Annual operating costs are compared i n  Table 21. The only differences 

here l i e  i n  the lowered cost of maintenance supplies and reduced local taxes and 

insurance, both being investment related. Table 21 does not contain entries for the 

cost of feedstock or liquefaction energy. Both are derived from coal and consequently 

these costs are borne by the feedstock and power gasifiers and have not been allocated 

t o  the liquefaction process. Similarly, i n  Table 22, feedstock and liquefaction 

energy are not included i n  the u n i t  liquefaction cost. 

Unit liquefaction costs are presented i n  Taolc 22 for both DCF 

and Utility financing. For b o t h  financing methods, the u n i t  liquefaction cost i s  

about 14% lower for Process CRC, 

- 4.7.4 Overal I Economics 

The total Investment for the overall faci l i ty  i s  the sum of the 

investments for the gasification and liquefaction complexes and i s  summarized i n  

Figure 16. The total of  $1,886,000,000 for Process CRC i s  12% less t h a n  the t o t a l  

p l a n t  investment for Process RRC. 
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Table 23 and Figure  17 present the total u n i t  cost for generation 

and liquefaction of hydrogen for the two competing processes and for the two 

financing methods. Based on DCF financing, Process CRC produces l i q u i d  hydrogen 

which is approximately $O.ll/kg (S$/lb) lower i n  cost, varying w i t h  the cost of 

coal. For u t i l i t y  financing, the advantage still lies w i t h  Process CRC to the 

extent of approximately $0.073/kg (3.3t/lb). For either type of financing, the 

reduction i n  cost on a percentage basis i s  nearly the same, varying from 7.5% to 

la, prfmarily as a function of the cost of coal. 

- 4.7.5 Re1 iabil i t y  Economics 

One of the favorable attributes of a centrifugal compressor 

compared w i t h  f ts reciprocating counterpart is  greater re1 m i l  1 ty-  Earlier 

discussion noted that speciff cations calling for t h r e e  years o f  continuous, 

uninterrupted operation are now quite comn.  T h i s  re l iabi l i ty  i s  seldom 

achieved w i t h  reciprocating machines. The economic impact of t h i s  greater re l iabi l i ty  

has not been included i n  the economic analyses presented t h u s  far. The reason for 

t h i s  is no t  neglect b u t  rather the uncertainty i n  ascribing a:typical re l iabi l i ty  

or  on-stream factor to the reciprocaticg compressor. The problem was resolved 

by conducting a separate economic analysis for re l iabi l i ty  which would permit the 

evaluation t o  be made as a function of reliabil i ty.  

The procedure which was adopted assumed that the centrifugal 

compressors were completely re1 iable and t h a t  the reciprocating compressors were 

effectively made to  be completely reliable by the installation of spares. A specific 

situation was selected wherein one spare recycle compressor was arbitrari ly provided for  a 

pair of 2.625 kg/s (250 TPD) liquefiermodules. For the 10-module plant, there was a t o t a l  
of five spare compressors backing up 70 operating compressors. The five spare compressors 

out o f  a total sf 70 provides for an outage if 7.1%, which becomes the basis for the 
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re l iabi l i ty  econumics. 

The cost of providing this rel iabi l i ty  is  shown f n  Table 24 and 

amounts to an additional plant investmert of $13,269,060. The corresponding 

incremental u n i t  liquefaction cost amounts to $0.0039/kg (0.18t/lb) based on 

DCF financing and $0.0024/kg (O.lle/lb) based on u t i l i t y  financing. These costs 

apply for  a 92.9% reliabil i ty;  a d i r ec t  linear relationship between cost and 

re l iabi l i ty  may be assumed for other rel iabi l i ty  levels. 

- 4.8 Thermal Efficiency 

Thennal efficiencies for  Process RRC and 2rocess CRC are presented i n  

Tables 25 and 26, respectively. The overall fac i l i ty  for each process is sub- 

divided into four major sections and the thenal efficiency of each sect'on is 

presented individually to  more clearly i l lus t ra te  where major energy losses 

occur. Process CRC consumes less  coal t h a n  the other process (495.4 kg/s vs. 

502.7 kg/s) and, because the l i q v i d  H2 product output  is identical for b o t h ,  should 

have a sl ightly higher overall thermal efficiency; its tabulated value cf 

25.92% (HHY basis) is indeed sl ightly better than the 25.54% for Process RRC. 

?here are some thermal efficiency differences between the two processes 

for the individual sections. The feedstock gasifier shows a censiderably better 

efficiency for Process CRC which i s  attributed t o  the recovery of process heat 

from the sh i f t  converter. Only minor efficiency differences exist for the power 

plant gasifier and the hydrogen liquefier sections. The thermal efficiency for 

energy conversion i s  somewhat greater for Process RRC resulting from the use of 

gas turbines which have a higher efficiency t h a n  the steam turbines. Process CRC 

also has an additional energy i n p u t  requirement for the purpose of d r i v i n g  the 

boiler feed water pumps of the steam generating system which contributes sl ightly 

t o  the decrease in efficiency. 
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Thermal efficiencies are expressed on both lower and higher heating 

value bases and the heating values of the several process streams upon which 

thermal efficiencies depend are presented in Table 27. Distribution of process 

energy i s  depicted graphically i n  Figure 18. 
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5.0 ADDITION OF HEAVY WATER PLANT 

- 5.1 Bac kground Survey 

Early i n  the development of nuclear power sources where heavy water was 

used as a neutron moderator, the disti l lat ion of l i q u i d  hydrogen was recognized (5)  

as the most attractive o f  several methods available for recovery of deuterium. 

The attractiveness exists, however, only for  situations where l i q u i d  hydrogen 

production is the principle activity and the deuterium recovery u n i t  is parasitic 

t o  the l i q u i d  hydrogen plant. Otherwise, a t  a natural occurrence of  one part i n  

about 7000 parts o f  ordinary hydrogen, the deuterium is too dilute to support, 

alone, the cost of the liquefaction plant. With  the installation of massive 

production fac i l i t i es  for the supply of  26.25 kg/s (2500 TPD) of  l i q u i d  hydrogen 

t o  meet commercial aviation needs, there is a potential source of deuterium to 

produce up t o  1.12 Gg (1230 Tons) per year of heavy water from each facil i ty.  

The recovery o f  deuterium by disti l lat ion of  heavy water has been described 

by several authors (5, 6, 7, 8, 9).  Timerhaus e t  a1 (10) have reported on the 

operation of a hydrogen disti l lat ion pilot plant a t  the NBS Cryogenic Engineering 

Laboratory i n  Boulder, CO. 

have also been described (8, 11, 12) .  Sufficient data, information and experience 

exist to permit the design of a deuterium recovery faci l i ty  w i t h  a reasonable degree 

of conffdence. 

Comnercially operating plants  i n  Europe and Asia 
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- 5.2 Natural Occurrence of Deuterium 

Deuterium occurs i n  nature i n  the ratio of one atom of deuterium to 

approximately 7000 atoms of hydrogen, which translates t o  a concentration 

of 143 ppn. I t  comnonly exists i n  combination w i t h  hydrogen as HD, or  hydrogen 

deuterlde. Because the hydrogen molecule is  diatomic, the corresponding concen- 

tration of HD i n  hydrogen molecules i s  twice this value, or 286 ppm. 

The concentration just cited is completely general. In practice, i t  is 

found to vary somewhat from one material to another or from one geographical 

location t o  another. For a valid evaluation of deuterium recovery from l i q u i d  

hydrogen, the deuterium content of the hydrogen must be known which, t n  turn, 

depends on the deuterium content of the coal and water from which the hydrogen is 

generated. 

The deuterium content of various natural waters i s  given by Kirshenbaum (13) 

where the concentration was found to vary over a range from 139 ppm to 153 ppm 

depending upon the source and type of the water. Brines and sa l t  water tend to 

have s l ight ly  higher deuterium contents t h a n  fresh water. The low values are 

attributed to weather factors which cause isotopic fractionation and depletion of 

deuterium. the deuterium content of most of the waters analyzed fel l  w i t h i n  the 

range of 148 - + 2 ppm. 

A search of the l i terature revealed just  a single value for the deuterium 

content o f  coal. The National Bureau of Standards reported (14) that water 

obtained by the combustion of anthracite coal had a deuterium content that 

differs no mare than 10 ppm from t h a t  of normal fresh water. 
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- 5.3 Deuterium Process t.osses 

dater and coal appear to have about the same deuterium content and a 

rounded value of I50 ppm (300 ppm of HD) was assumed for this evaluation. 

The exact value i s  not of great importance because, during subsequent processing, 

isotopic exchange occurs according to the following reaction. T h i s  can result 

i n  a loss of deuterium by transfer of D atoms t o  HW and subsequent rejection i n  

the process condensate, 

HD + H20 0 HZ + HDO 

The equilibrium constant for this reaction is  presented i n  Figure 19 af ter  the 

data of Cerrai, e t  a1 (15). The exchange of D atoms from HD t o  HDO increases 

w i t h  decreasing temperature a1 though Cerrai indicates that below about 6 O O O C  

the uncatalyzed reaction is slow. 

Equilibrium calculations based on process conditions encountered i n  the coal 

gasification process show only a 0.3% transfer to  HDO a t  the h i g h  outlet temperature 

o f  the Koppers-Totzek gasifier. A t  the water gas shif t  converter, however, the 

temperature i s  lower, exchange is  much greater, and an exit  equilibrium concentration 

of 232 ppm HD is  calculated, which is  down from 300 ppm i n  the feed. The exit 

temperature of this process step is about 65OOC and the react on rate might be 

expected t o  be slow except that the shift catalyst apparently also catalyzes the 

deuterium exchange reaction. This is verified by a reported 16) reduction of HD 

concentration I n  comnercfal l y  operating hydrogen plants where concentrations of 

107-128 ppm deuterium (214-256 ppm as H D )  were measured. 

The loss of deuterlum a t  the shif t  converter can be prevented by recycling the 

condensed process steam. To accomplish this, the shif t  converter effluent would 
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be cooled and the condensed process water, which i s  enriched i n  HDO, would be 

added t o  the required amount of makeup water, reconverted t o  process steam 

and returned t o  the water gas shift converter. 

For the purpose o f  determining the location and extent of deuterium losses 

i n  the subject coal gasification process, a deuterium balance was made on the 

entire feedstock gasifier,  assuming tha t  process steam is recycled a t  the shift 

converter. The balance i s  sumnarized on Figure 20. The principal loss i n  

deuterium occurs a f te r  the water quench of the process gas following the gasifiers, 

where the concentration is down t o  277 ppm from 300 ppm i n  the feed. Loss is 

minimized by recycling process water b u t  cannot be entirely avoided because of 

leakage, blowdown and cooling tower drift. A gain is  actually encountered in 

the water gas sh i f t  process as a result  of the recycling, a x l  the product hydrogen 

leaves the gasification section having an HD concentration of 282 ppm. Based 

on this result, the concentration of HD i n  the hydrogen feed t o  the liquefier was 

assumed t o  be 280 ppm. 

- 5.4 Eqt,ilibrim Data 

The sLbstantia1 difference i n  vapor pressure between hydrogen, hydrogen 

deuteride, and deuterium makes separation possible by means of fractional dis t i l la t ion.  

Vapor pressures are given by Woolley and others (17) and may be expressed 

analytically by the following equations. 

P 3.76882 - 44.3450/T + 0.02093 T loglo For e - H2: 

P 4.17454 - 55.2495/T + 0.01479 T loglo For HD: 
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For n - D2: loglo P = 3.8561 - 58.4619/T + 0.02671 T (6) 

where P = vapor pressure, kPa 

T = temperature, O K  

For ideal  l iqu ids,  the r e l a t i v e  v o l a t i l i t y ,  a 1-2, i s  expressed as the r a t i o  

o f  the vapor pressures. The ideal  r e l a t i v e  v o l a t i l i t y  f o r  a 1-2 binary i s ,  

therefore, given by the fol lowing re la t ion.  

As an example, subst i tu t lon of numerical values for the H2 - HD binary, produces 

the fol lowing re la t ion.  

(8) 
0 = -0.40572 + 10,9045/T + 0.00614 T 2 - HD ioql0 a ii 

Liquid phase non-ideal i ty i s  accounted for  by the in t roduct ion o f  l i q u i d  phase 

a c t i v i t y  coefficients. 

y1 0 
a 12 

0 .. - 
O 1 2  72 

(9) 

where at2 5 actual r e l a t i v e  v o l a t i l i t y  of component 1 w i th  respect t o  

component 2 

‘1 = a c t i v i t y  coeff ic ient  o f  component 1 

= a c t i v i t y  coeff ic ient  o f  component 2 
y2 

ao12 = ideal  r e l a t i v e  v o l a t i l i t y  o f  component 1 w i th  respect t o  component 2 

ORIGINAL PAGE IS 
OF POOR QUALIW 
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A c t i v i t y  coef f ic ients  for  both the H2 --HD binary and the Hp - D2 binary, taken 

from Newnan (18), are presented i n  Table 28. Deviations from the ideal  l i q u i d  

assumption are less than 5% for the H2 - HD system and are minor but not  negl ig ib le.  

Actual r e l a t i v e  v o l a t i l i t i e s  f o r  t h i s  binary are shown on Figure 21 as a funr t ion  

of l i q u i d  composition for  temperatures r f in terest .  The pr inc ipa l  separation, 

which occurs i n  H2-rich mixture a t  temperatures o f  approximately 24OK, i s  made 

a t  a r e l a t i v e  v o l a t i l i t y  of approximately 1.5. Enrichments o f  about 50% per 

theoret ical  t r a y  are thus obtained. 

The H2 - D2 system i s  somewhat less ideal than the H2 - HD system, where 

deviations up t o  11% occur. 

- 5.5 Deuterium Recovery Process 

The process f o r  production of heavy water, D20, v i a  the f ract ional  d i s t i l l a t i o n  

of l i q u i d  hydrogen E represented by the flow diagram, Figure 22. The i n i t i a l  

step i s  a concentration o f  HD from 280 ppm i n  the l i q u i d  product from hydrogen 

l t q u e f i e r  t o  6.8% i n  the pr inc ipa l  d i s t i l l a t i o n  column. The more v o l a t i l e  H2 i s  

withdrawn as an overhead product containing 11 ppm HD while the enriched HD product 

i s  removed from the bottom o f  the column and fed t o  a secondary d i s t i l l a t i o n  

column f o r  fu r ther  enrichment. The overhead product from the secondary column i s  

returned t o  the bottom o f  the primary column as a secondary feed. Only 4% o f  

the HD i n  the feed t o  the primary column i s  o s t  i n  the bverheaa product. 
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The secondary column i s  actually a double column arrangement w i t h  the 

two columns being connected themally. The reboiler requirements of the upper, 

or low pressure, column are matched and met by the reflux condensation requirements 

of the lower, or h i g h  pressure, column i n  a manner similar t o  the double column 

arrangement used i n  cryoyenic a i r  separation plants.  The upper column serves 

t o  further concentrate the HD, and an enriched praduct stream is withdrawn a t  

the reboiler, warmed to ambient temperature, compressed, a i d  passed through a 

catalytic reactor which converts the hydrogen deuteride to deuterium via the 

following reaction. 

2HD = D2 + H2 

The H2, HD, D2 mixture leaving the reactor i s  cooled and returned, as feed, to 

an intermediate tray of the lower column, where the deuterium i s  concentrated 

and removed as bottoms product from the reboiler. The more volatile H2 and HD 

leave as overnead product and are transferred, as feed, t o  an intermediate point 

In the upper column for further separation. 

The D2 product, 99.8% pure, i s  reacted w i t h  oxygen i n  a bur:.:r t o  form 

heavy water, which i s  cooled and condensed. 

D2 + 1/2 O2 9 D20 

The G20 production rate from a single 2.625 kg/s (250 TPD) hydrogen liquefaction 

module is  12.7 kd/hr (27.9 l b / t v )  or 105,000 kg (116 tons) per year. 
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Several supporting streams are required for the operation 01' the deuterium 

recovery system. Cold hydrogen exhalist from turbine E 4  is transferred from 

the hydrogen liquefier t o  the primary disti l lat ion column, where i t  i s  condensed 

t o  drive the reboile. . I t  is then throttled i n t o  the overhead condenser where i t  

is evaporated against condensing reflux and returned to the hydrogen liquefier 

as the low temperature recycle stream. The pressur= and flow requirements of this 

stream are significantly different from those of the main recycle stream of a 

hydrogen liquefier which does not possess a deuterium faci l i ty .  Flows are considerably 

higher and the temperature requirement a t  the condenser establishes a lower return 

pi-essure. Recompression of the additional portion requi,*ed by the primary column 

is to a pressure intermediate between the suction acd discharge pressures of 

the main i-ecycle compressor. The recycle compressor configuration for a plant 

having deuterium recovery capability i s  therefore quite different from one that 

does not,  as I s  the heat exchanger configuration of the hydrogen 1iql;efier. The 

compressor arrangement i s  illustrated by the block f:ow diagram of Figure 23. The 

main recycle stream returns a t  a pressure of 165 kPa (24 psia) rather t h a n  a t  

290 kPa (42 psia) so extra compression equipment is required t o  restore i t  t o  i t s  

normal pressure. Figure 23 shows flash recompression t o  165 kPa (24 psia)where 

i t  joins the main recycle stream and the combined stream i s  compressed t o  290 kPa 

(42 psia). The portion of the recycle stream which originates from tcrblne E-1 

returns a t  the normal 293 kPa (42 psia) pressure and a portion of this i s  dlverted 

and compressed t o  393 kPa (57 psia) for subsequent cooling and recycling t o  the 

primary HD column. 
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It -dd i t ion  t o  ?rovidir,g a stream t o  dr ive the p r k a r y  d i s t i l l a t i o n  

.-.Ilumn, a s t r e m  must be provided t o  d r ive  the lcwer rebo i le r  o f  the secondary 

double column. The pressure o f  t h i s  stream mbst be greater than tha t  of the 

E-2 turbi l te exhaust and i t  i s ,  consequently, withdrawn From the f lash  hydrogen 

c i r c u i t  of the l i q u e f i e r  a f t e r  i t  emerges fmn heat exchanger X - 7  

stream, af ter  leaving the reboiler., i s  t ransferred t o  the condenser of the 

primary column where i t  assiFts i n  r e f l u x  generatlon. 

The condensid 

Adriit ion o f  a deuterium recovery fac!li;*y i s  therefore, not  S i T p i j  ia 

matter of attaching the u n i t  t o  ' y e  prc luc t  l i n e  of an ex is t ing  hydrogen ticyefie: 

because o f  the a1 tevations required t o  the l i q u e f i e r  i t s e l f .  Capacfty e n l a r g w v t  

o f  the power gas i f i ca t ion  section w i l l  also be required t o  pmvidc 'Lite energy 

requirements o f  the deuterium uni t .  Although the modificat!on of an ex is t ing  

l i q u e f i e r  would be possible, the preferred procedure would prov'de f o r  deuter ib,  

recovery i n  the o r i g i n a l  design i n  order t o  al low f o r  in tegrat ion and opt imlzst ion 

benefi ts. 

- 5.6 Economics o f  Deuter im Recovery 

F7r the recovery o f  deuterium from the 1 

are encountered i n  the f o l l o w i q  three areas. 

1. Deuterium separation equipment 

quid hydrogen plant, cost add'tlons 

2. 

3. Power gas i f i e r  t o  provide energy for, the addi t ional  recycle 

Recycle zmpressfon equipment t o  power the deuterium separation. 

compresr i on 
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Plant investment required for the deuteriun separation un i t s  i s  given i n  

Table 29 which includes Investment i n  addit ional recycle compression equipment. 

Costs are based on i n s t a l l a t i o n  of ten zeparate deuteriun recovery units, one 

for each of the ten hydrogen l i que f i e r  modules. Each u n i t  i s  completely i ns ta l l ed  

and conrlected t o  i t s  host l i que f i e r .  The $63,750,000 investment amounts t o  a 

12. X Increase for the t o t a l  hydrogen l ique fac t ion  complex, which includes a l l  

cryogenic equipment and f a c i l  i ties.  

To provide the addit ional 28.5 m3/s (3.629 Mp1 CFH) of fuel gas f o r  the 

expanded recycle compression requirement, the power gas i f i ca t ion  section i s  

enlarged by 4.7%. Table 30 presents a sumnary o f  the incremental investment 

required f o r  t h i s  expansion. Total p lan t  investment f o r  both deuterium recovery 

and power gas i f i ca t ion  equipment amounts t o  an addit ional $95,410,000, a 4.0% 

increase. 

The power requirement f o r  the recovery o f  deuterium i s  shown i n  Table 31, 

as the difference i n  recycle compression requirements f o r  l i q u e f i e r s  operating 

w i th  and without deuteriun recovery. For the 10 deuterium recovery modules 

producing 1.05 Gg (1161 Tons) o f  heavy water annually, t h i s  difference 

amounts t o  110,500 kW. For t h i s  power consumption rate, the net u n i t  power 

amounts t o  873 Wh/g (396 dWh/lb) o f  D20. This may be compared w l t i  the power 

consunption f o r  the we1 l-known GS process, widely used by the Canadian heavy 

wat:-r industry, reported (19) t o  amount t o  700 k h / g  (318 kWeh/lb) o f  e l e c t r i c a l  

energy plus an addit ional 23 GJ/kg (2900 kWth/lb) o f  steam.therma1 energy. The 

thermal energy content o f  the addit ional coal f i r ed  t o  the power gas i f ie r  t o  

provide the 110,500 kW o f  addit ional e lec t r i ca l  energy for the subject f a c i l i t y  

t o ta l s  11.7 GJ/kg (1475 kWth/lb). 
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The economics of providing the e l e c t r i c a l  energy required t o  operate 

the deuteriun separation f a c i l i t y  was handled by t rea t ing  the incremental 

fuel gas used t o  generate the e lec t r i ca l  eneigy as a u t i l i t y  a t  a chargeable 

rate. A u n i t  fuel gas cost was therefor2 computed f o r  the three assumed coal 

pr ices and for  both bCF and U t i l i t y  f i ranc ing  methods. The a l te rne t ive  procedure 

of determining the investment and operating costs o f  the expanded power g a s i f i e r  

section, although generating the same resul ts,  would have tended t o  obscure 

the incremental fue l  gas cost. Un i t  fuel gas costs, based on the incremental 

investment of Table 30 and the incremental operating costs of Table 32, are 

presented l n  Table 33, and range from $1.12 t o  $2.02 per 63 ($1.19-2.13 per H! Btu). 

Final ly,  the t o t a l  u n i t  cost  o f  producing heavy water as a funct ion of the 

cost of coal i s  presented i n  Table 34 f o r  DCF financing, and i n  Table 35 for  

U t i l i t y  financing. These tables also have consolidated i n t o  them the elements 

of operating cost. Total u n i t  costs are also depicted graphical ly i n  Figure 24. 

Depending, again, upon the cost of coal and the financing empioyed, they vary 

fwn a low o f  about $22.50/kg ($10.20/lb) t o  a high o f  $36.50/kg ($16.60/lb). 

For the purpose o f  i l l u s t r a t i n g  the p r o f i t a b i l i t y  o f  heavy water production, 

an economic sumnary was prepared and i s  shown i n  Table 36. The annua production 

o f  1.053 Gg (1161 Tons) w i l l  r e x i r e  a $95.4 m i l l i o n  p lant  investment but  a 

$121.50/kg ($55/ lb )  s e l l i n g  pr ice  w i l l  generate over $127 m i l l i o n  of gross income. 

Total annual expenditures w i l l  vary f r o m  $23.64 m i l l i o n  t o  $38.50 m i l l i o n  leaving 

a net income i n  excess o f  expenditures ranging from 309.2 m i l l i o n  t o  $104.1 m i l l i on .  

Expenditures, as defined here, already include a 12% discounted ra te  o f  re turn 

on investment f o r  DCF f inancing or a 15% r a t e  o f  re turn on equity plus a 9% 

in te res t  r a t e  on debt f o r  U t i l i t y  financing, so tha t  t h i s  net incane represents 

re turn i n  addi t ion t o  the required return. It i s  su f f i c i en t  t o  produce an 
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additional rate Qf r e t u r n  (not discounted) on investment o f  as much as 

1092 or, alten ' - ively, will yield a payout of approximately one year. I t  nay 

also be erployed t o  help defray the cost of producing the principal plant 

product, liquid hydrogen and, if so used, would result i n  a cost reduction ranging 

from 92 to nearly 18%. 

Recovery of deuterim fm large liquid hydrogen installations :s seen to 

be highly profitable but such prof i tabi l i ty  is qui te  dependent upon maintaining 

the ass& market price of $125.25/kg ($55/lb) under the assault of producing 

such large quantities of heavy water. The sensi t ivi ty  of net revenue to 

varfations in the price of heavy water as  well as the cost of mal is shown 

i n  F igure  25. Although it Is beyond the scope of t h i s  work to attempt to  

p r o j e c t  f u t u r e  heavy water demand, the annual output of 1.053 Gg (1161 Tons) 

frola a single 26.25 kg/s (2500 TPD) liquid hydrogen f ac i l i t y  is about equal t o  

the total current o u t p u t  of the Canadian heavy water industry and about 20% of 

the to ta l  planned capacity for the early 1980's. Although the exercise of caution 

is advised, severe market price erosion must occur before profitabil i ty completely 

disappears . 
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TABLE 12 

POWER SUMMARY 

H2 LIQUEFIER USIYG RECIPROCATING 

RECYCLE COMFRESSOFSPRXESS RRC 

OMGNU P4GF: @ - POOi: Q U U ~  

- 
26.25 kg/s (2500 TPD) LIQUID H? 

PRODUCTION 
H2 Recycle Compressors ' 

H2 Flash Compressors 
Nitrogen Recycle Compressors 
Forecool ers 
Afr Compressors, Ne Plant 
Purii ,er  Heat Pump Compressors 
Hydrogen Feed/Booster Comyessors 
Nitrogen Feed Compressors 
hydrogen Driers 
Pumps 

Hydrogen Turb! Retun, 
Subtotal 

Nat Subtotal 

PRODUCTION AUXILIARIES 
Cooling Tower Water Supply 
Plant Air Compressor 6 Drier 
Purge B1 ower Thaw Heater 
M i  scellaneous 

Proc - ,s Contingenrv 
Subtotal 

Sut t o t a l  

PLAtiT AUXSLIARIES -- --- 
Road & Exterfor Lighting 
B u l l  ding Llghting, Heat1 ng , Air Condi t ion ing  

Cranes 

BHP 
871,500 

30,000 
340 , 920 
42,130 
20,000 
42 550 
72,440 
34 , 000 

1,05G 

1 *456,630 
-44,500 

1,412,130 

- 

2,040- 

Mw, 
660.75 
22.75 

262.20 
33.10 
15.95 
33.43 
56.30 
26.71 

7.26 
1.81 

1 , 120.31 
-31.55 

1,088.76 

53,000 49,52 
4 # 750 3.14 
4.150 13.43 

- 950 17.e6 
68,450 83.95 
74 , 030 58.63 

1 ,5%6X 1,231.34 

0 50 
1.30 
9.40 m 

1233,54 TOTAL rOWER - ELECTRICAL. 



TABLE 13 

POWER SWZlARY 

H, LIQUEFIER USING CEiURIFUGAL 

- RECYCLE COFIPRESSORS - PRG-ESS CRC- 

26.25 kg/s (2500 TPD) LIGUIJ H2 

PROMCTION 
H2 Recycle Compressors 
Y2 F1 ash Compressors 
N!+ ?sr Recycle Compressors 
Forecocj 1 e .cs 

A i r  Ccnip;..essm. N2 Plant 
P u r + f l w  Heat Pump Compressors 
Hydrsgen Feed Compressors 
Nitrogen Feed Compressors 
Hydrogen 3rf ers 
Pumps 

Hydrogen Turblpe Return 
Subtotal 

; iet Subtotal 

- PRODl"T1ON AUXILIAKIES -- 
Cool lng Tower 5 Macer Supply 
Plant A i r  Compressor and Driers 
Pwge Blowers and Heaters 
Mt scel l  aneous 

Frocess Contingency 
Sub to ta  1 

Subtocat 

- PLANT AUXILIA!lI ES 
Road m d  Exter ior  L ight ing 
Bu! Idinc, ~ l g h t l n g ,  i ieatlng k l r  Conditioning 
Cranes 

TOTAL POWER - ELECTRICAL 
MECHANICAL 

BHP 
1 ,009,800 

42,300 
345,320 

34 , 730 

20 , 000 
4: 550 
36 , 760 
36,090 

1,050 
2,040 

1,572,250 

1,521,02: 
- 51,230 

58 , 000 
1,750 
4,750 

950 
68,450 

-. 

L- Mu 

27.20 

23.57 

7.26 
1.8; 

64.93 
-36.29 - .  
28.64 

M h  -- 
753.31 
31.99 

258.25 

14.97 
31.73 

26.92 

-- 
1,116.61 

1 , l i 6 . 8 1  

49.52 
3.14 

13.43 

iT.&6 -- 
83.95 
5.68 55.79 

118.27 1,172.60 
-- 

0.503 
1.300 
0.401) --mm-- 

120.47 
1,112.60 



TABLE 14 
SumARY OF FINANCING RULES 
DCF AND UTILITY FINANCING 

DISCOUNTED CASH FLW (DCF) FINANCING 

25 Year P r o j e c t  Life 
16 Year Sun-of-the-Years Digits Depreciation 
; 30% Equity Capital 
122 Discounted Rate of Return 
48% Fdcral Incane Tax Rate 
No Esez'ttion 

aN + 0.2353 I + 0.1275 S + 0.2308 W U n i t  Ast = 6 

UTILITY FINANCING 

20 Year Project Life 

48% Federal Income Tax Rate 
3:l Debt t o  Equity 
9% Interest Rate on Debt 

15% Rate o f  Return on Equity 
No Escalation 

5% Straight Line Depreciation on Total Capital Investment 

U n i t  Cost = 

NOMENCLATURE 
a =  
N =  
I =  
s -  
c =  
w -  

U n i t  

48 aN + O.OS(C-W) + 0.005 (P  + [l-d] r;(C-W) 

G 

Escalation Factor ' I  1.00 for No Escalation 
Total Net Annual Operating Cost, $MM 
Total Plant Investment, $MM 

Total Capital Requirement, $m 
Working Capital $MM 

Star tup CostsI m 

Annual Liquid  H2 Producticn, Mg/yr 
Fraction Debt 
Interest Rate on Debt, % 

Return on Equity, % 
Return on Rate 6ase 

p = d( i )  + (l-d)r 
Cost i n  $/kg 



1. 

2. 

3. 

4. 

5. 

6. 

7. 

8. 

9. 

10. 

11. 

12. 

13. 

14. 

15. 

16. 

17. 

18. 

19. 

TABLE 15 

BASIS FOR ECONO)lIC EVALUATIONS 

1974 do l la rs  

CE Plant Cost Index ( 20 ) for escalat ion 

Plant capacity - 26.25 kg ls  (2500 TPD) W2 

I n te res t  during construction a t  9% f o r  1.875 yrs. 

Startup costs a t  202 o f  total gross operating cost f o r  coal gasi f iers  

Startup costs a t  2.75% of t o t a l  p lant  investment f o r  H2 l i q u e f i e r .  

Working capftal a t  0.9% o f  total p lan t  investment plus raw materials 
(coal ! i n w n t o r y  o f  60 days f o r  coal gasifiers. 

Working capi ta l  a t  0.9% o f  total p lan t  investment plus net  receivables 

for H2 l iquef ier .  

Makeup water a t  7.93 C/m3 (30C/M gal )  

a t  1/24 o f  annual l i q u i d  hydrogen revenue a t  $2.85/Gj ($3/M Btu) 

Operating labor  a t  $6.00/hr. 

Matntenance labor a t  1.5% .of  t o t a l  p lan t  investment 

Administration and overhead a t  60% o f  t o t a l  labor. 

Operating supplies a t  30% o f  operating labor 

Maintenance supplies a t  1.5% of total p lan t  investment. 

Local taxes and insurance a t  2.7% o f  t o t a l  p lant  investment. 

Sale of by-product sulfur a t  2.66t/kg ($27/long ton) 

8322 operating hours per year (95% on stream) 

transmission o f  feedstock and energy from gas i f i e rs  t o  l iquefactfon 
complex not included. 

Land acquis i t ion not  included. 



TABLE 16 
CAPITAL INVESTMENT 

COAL GASIFICATION COMPLEX 

26.25 kg/S (2500 TPD) LIQUID H2 

PROCESS 

H2 and Fuel Gas Production 

Coal Preparation and 
Water Gas Shfft 

$l,ooO's 

?ROCESS 
RRC CRC 

41 6,000 410,300 

Raw Gas Compression 131,800 129,900 

H2 and Fuel Gas Purffication 111,100 110,400 

Sulfur and COP Removal 

O2 Plant and Compression 31 4,100 309,200 

Power and Steam Generation 287,700 178,700 

Electrical Substatfon and S w l  tchgear 52,800 19,800 

Water Treatment and Coolfng 29,000 28,300 

General Facflity, Roads, Buildings, Etc. 21,700 21 ,600 

Subtotal, Plant Investment 1,364,200 1,208,200 

Project Contingency at 15% 204,600- 181,200 

TOTAL PLANT INVESTMENT 1 ,568,800 1,389,400 



TABLE 17 

ANNUAL OPERATING COST 

COAL GASIFICATION CWLEX 

26.25 kg/s (2500 TPD) LIQUID H2 

J1,000's 

PROCESS 

Coal Consunptfon kg/s (TPD) 

Coal @ $0.7113/65 ($0.75/M Btu) 
$0.4742/GI ($0.50/M Btu) 
$0.3320/GJ ($0.35/M Btu) 

Catalysts and Chemicals 
Process Water 
LABOR - Process 

Maf ntenance 
Supervf sfon 

Admf nf s t r a t f  on and Overhead 
Suppl i es  

Opera t f ng 
Maf ntenance 

Local Taxes and Insurance 
TOTAL GROSS OPERATING COST 

SALE OF BY-PRODUCT SULFUR 

TOTAL NET OPERATING COST 

PROCESS 
RRC CRC 

20.946 (1994.9) 

323,730 
21 5,820 
151,074 

1,213 
1,039 
4,494 
23,533 
1,332 
17,509 

1,348 
23,533 

42,359 
$440.090 
332,180 
267,434 
14,164 

$425,926 
318 ,016 
253,270 

20.582 (1960.2) 

319,024 
212.683 
148,878 

1,194 
1,021 
4,494 
20,840 
1,332 
15,999 

1,348 
20,840 

37,512 
$423,603 
31 7,262 
253,457 
14,044 

$409 , 559 
303,218 
239,413 

ORIGINAL PAGE S8 
OF POOR QU- 



Coal Cost $/a 
($/M Btu) 

Un i t  Cost S;kg 

(411b) 

I =  
s -  
I d =  
N =  
a =  
6 =  

TABLE 18 
UNIT GASIFICATION COST 

2500 TPD LIQUID H2 

DCF FINANCING 

Total Plant Investment, rn 
startup costs, m 
Working Capital, w 
Total Net Annual Operating Cost, $M 
Escalation Factor - 1.00 
Annual L iqu id  H2 Production 786.43 HgYyr(1733.8 m l b / y r )  

PQER GASIFICATION 
PlEocESS RRC 

0.3320 0.4742 0.7113 
10.35 (0.501 10.75) 

1036.44 1036.44 1036.44 
33.82 41.77 55.04 
25.38 32.27 43.75 

160.37 200.17 266.49 

0.5269 0.5809 0.6707 
(23.90) (26.35) (30.42) 

PROCESS CRC 
0.3320 0.4742 0.7113 
J0.35) l0.50) J0.75) 

857.00 857.00 857.00 
31.03 38.79 51.74 
23.39 30.12 41.32 

146.51 185.37 250.12 

FEEDSTOCK GAS I FIC4TION 

0.4545 0.5072 0.5949 
(20.62) (23.01) (26.99) 

0.3320 
10.35) 

532.40 
19.67 
14.87 
92.90 

0.2851 
(1 2.93) 

0.4742 
(0.50) 

532.40 
24.67 
19.18 

117.85 

0.3188 
(14.46) 

0.7113 
(0.75) 

532.40 
32.98 
26.38 

159.44 

0.3752 
( 1 7.02) 

NOTE: Feedstock g a s i f i e r  i s  ident ica l  f o r  Processes RRC and CRC. 



TABLE 19 

GASIFICATION COST 

UTILITY FINANCING 

26.25 kg/s (2500 TPD) LIQUID H, 

C = Total Capital Requirement, $W 

W = Working Capital, $MM 

N = Total Net Annual Operating Cost, $MM 

G = Annual Liquid Hp Production, 786.43 Mglyr (1733.8 MM lb/yr) 

d = Fraction debt = 0.75 ' r  = Return on Equity = 15% 

1 = Interest Rate on debt = 9% p = Return on Rate Base 

a = Escalation Factor = 1.00 

p = d( i )  + (1 - d)r 

p = 10.5 

POWER GASIFICATION 

PROCESS RRC PROCESS CRC 
Coal Cost, $/Gj 0.3320 0.4742 0.7113 0.3320 0.4742 0.7113 

($/MMBtu) (0.35) (0.50) (0.75) (0.35) j0.50) (0.75) 

I 1036.44 1036.44 1036.44 857.00 857.00 857.00 
S 33.82 41.77 55.04 31.03 38.79 51.74 
W 25.38 32.27 43.75 23.39 30.12 41.32 

I DC 174.90 174.90 174.90 144.62 144.62 144.62 
C 1270.541285.38131o.r31056.041070.531094.68 
N 160.37 200.17 266.49 146.51 185.37 250.12 

U n i t  Cost $/kg 0.3981 0.4513 0.5395 0.3478 0.3994 0.4857 
( t / lb)  (18.06) (20.46) (24.47) (15.77) (18.12) (22.04) 



I 
S 
w 

1 DC 
C 
N 

Unit  Cost $/kg 
(#/W 

TABLE 19 - Cont'd 
GAS IF ICATION COST 

UTI L ITY FINANCING 

2500 TPD LIQUID H2 

FEEDSTOCK GAS I FICATION 

0.3320 
(0.35) 

532.40 
19.67 
14.87 
89.84 
656.78 
92.90 

0.4742 
J0.50) 

532.40 
24.67 
19.18 
89.84 
666.09 
117.85 

0.2185 0.2518 
(9.91) (1 1.42) 

0.7113 
(0.75) 

532.40 
32.98 
26.38 
89.84 
681.60 
159.44 

0.3073 
(13.94) 

ORIGINAL PAGE IS 
OF POOR Q U m  



TABLE 20 

CAPITAL INVESTMENT 

LIQUEFACTION COMPLEX 

26.25 kg/s (2500 TPD) LIQUID H, 

TOTAL PLANT INVESTMENT 

INTEREST OUR1 NG CONSTRUCTION 

STARTUP COSTS 

WORKING CAPITAL 

TOTAL CAPITAL REQUIREMENT 

$l,OOO's 

PROCESS 
RRC CRC 

$574,100 $496,900 

96,900 83,800 

15,800 13,700 

18,000 17,300 

$704,800 $61 1,700 



TABLE 21 

ANNUAL OPERATING COST 

LIQUEFACTION COMPLEX 

26.25 kg/s (2500 TPD) LIQUID H, 

RAW MATERIALS 

Feedstock - From Coal Gasif ier  

CHEMICALS AND ADSORBERS 

Sulfuric Acid 

Dessicants and Adsorbents 

PROCESS 
RRC CRC 

$832,000 $832,000 

301,500 301,500 

UTILITIES 

Makeup Water 2,247,000 2,247,000 

E l e c t r i c i t y  - From Power Gasif ier  -- -- 

LABOR - 
Operating 

Supervision 

ADMINISTRATION AND OVERHEAD 

SUPPLIES 

Opera ti ng 

Mai ntenance 

LOCAL TAXES AND INSURANCE 

TOTAL OPERATING COST 

1,797,600 1,797,600 

230,800 230,800 

1,217,000 1,217,000 

540 , 000 540,000 

8,611,000 5,474,000 

15,500,000 13,416,000 

$31,276,900 $26,055,900 



TABLE 22 

U N I T  LIQUEFACTION COST 

26.25 kg/s (2500 TPD) L I Q U I D  H, 

I -  

s -  
w -  
c -  
N -  

G .  - 
a -  

$1,000,000's 

TOTAL PLANT INVESTMENT 

STARTUP COSTS 

WORKING CAPITAL 

TOTAL CAPITAL REQUIREMENT 

- PROCESS 
RRC CRC 

574.1 

15.8 

18.0 

704.8 

496.9 

13.7 

17.3 

611.7 

TOTAL NET ANNUAL OPERATIN- COST 31.2" 26.0ti 

ANNUAL L I Q U I D  H2 PRODUCTION, Mg/yr 786.43 786.43 
(MM W y r )  (1 733.8) (1  733.8) 

ESCALATION FACTOR 1 .oo 1 .oo 

DCF FINANLING 

U N I T  COST 

U T I L I T Y  FINANCING 

U N I T  COST 

$l kg 0.2194 0.1890 

($11 b)  (9.95) (8.58) 

$/ kg 0.1476 0.1268 

( d l l b )  (6.69) (5.75) 

NOTE: Does not inc i  ude feedstock and 1 iquefaction energy costs. 
See text ,  Section 4.7.3 



TABLE 23 -- 
TOTAL UNIT COST OF LIQUID H2 

PROCESS RRC PROCESS CRC 
Coal Cost, $/Gj 0.3320 0.4742 0.7113 0.3320 0.4742 0.7113 

($/M Btu) (0.35) (0.50) (0.75) (0.35) (0.56) (0.75) 

DCF FINANCING 
Gasi f i ca t ion 

Feedstock 0.2851 0.3188 0.3752 0.2851 0.3188 0.3752 
Powr 0.5269 0.5809 0.6707 0.4545 0.5072 0.5949 

Liquef act1 on 0.2194 0.2194 0.2194 0.1890 0.1890 0.1890 

Total, $/kg 1.0314 1.1191 1.2653 0.9286 1.0150 1 .E91 
- - - -  - -  

( # / l b )  (46.78) (50.76) (57.39) (42.13) (46.05) (52.58) 

$/GJ 7.26 7.88 8.91 6.54 7.15 8.16 

($/W Btu) (7.66) (8.31) (9.39) (6.90) (7.54) (8.61) 

UTILITY FINANCING 

Gas if i cation 
Feedstock 0.2185 0.2518 0.3073 0.2185 0.2518 0.3073 
Power 0.3981 0.4513 0.5395 0.3478 0.3994 fl.4852 

Liquefaction 0.1476 0.1476 0.1476 0.1268 0.1268 0.1263 

Total S/kg 0.7642 0,5507 0.9944 0.6931 0.7780 0.9198 
- - -  - 

(4 / lb )  (34.66) (38.59) (45.10) (31.44) (35.29) (41.72) 

$/GJ 5.38 5.99 7.00 . 4.88 5.48 6.48 

($ MM Btu) (5.67) (6.32) (7,38) (5.15) (5.78) (6.83) 

NOTE: Feedstock and 1 iquefaction energy costs included under Feedstock and 
Power Gas i f i ca t i on 



TABLE 24 

RECIPROCATING RECYCLE COMPRESSORS 

COST OF SPARES 

No. of compressors required - Main Recycle 
No. of spare compressors 

H2 Liquefaction complex, no spares 

Additional Iwestment f o r  spares 
Total p lan t  investment (Table 20) 

Total Plant Investment, w i th  Spares 
In te res t  during construction 
Startup 
Working Capital 

Total Capital Requirement 

UNIT CGT OF H, LIQUEFACTION 

70 
5 

$574,100,000 
13,269,000 

$587 , 369 , 000 
99 , 11 9,000 
16,153,000 
- 1 e ,  11 7 000 

$720,758,000' 

F I NANC I NG 

Customary S I  Customary S I  Customary 
UNITS DCF UTILITY 

-- S I  - 
With Spares $/kg &/ lb  0.2233 10.13 0.1499 6.80 
Without Spares $/kg &/ lb  0.2194 9.95 0.1476 6.69 

Cost o f  5 Spares $/kg &/ lb  0.0039 Ob18 0.0024 0.11 



TABLE 25 

THERMAL EFFICIENCY FOR PRODUCING 

LIQUID H2 USING RECIPROCATING 
RECYCLE COMPRESSORS - PROCESS RRC 

FEEDSTOCK GASIFIER 
Input: Coal, kg/s 

Mechanical Energy, kWm 
E l  e c t r l  ca l  Energy, kWe 
Fuel Gas, g mole/s 

Total I n  
Output: H2 Feedstock, g moles/s 

POWER GASIFIER 
Input: Coal, kgls 

Mechanical Energy, kWm 
E l  ec t r l ca l  Energy, kWe 

Total I n  
Output: Fuel Gas, g mole/s 

H LIQUEFIER -2 
Input: H2 Feedstock, g mole/s 

E lec t r i ca l  Energy, kWe 
Total I n  

.I1 Gas, g mole/s 
Total Out 

Output: L iqu id H2, g mole/s 

Quantity 
193.8 
241,300 
67,800 
5,32', 

15,540 

308.9 
304,200 
60,800 

25,680 

15,540 
1,233,540 

13,030 
87 1 

ENERGY CONVERSION 
Input: Fuel Gas, g mole/s 20,356 

Output: Mechanlcal Energy, kWm 545,550 
E1 e c t r i  cal Energy, kWe 1,362,140 

Total Out 

THERMAL EFFICIENCY - X 

ORIGINAL PAGE 
Feedstock Gas I f 4 er 

Power Gasifier OF POOR QUALITy 
HZ L iquef ier  
Energy Conversion 

Overall 

ENERGY - GJ/s 
HHV LHV 

5,631 5.405 
0.241 0.241 
0.068 0.068 

1.316 1.397 
7.337 7.030 
4.302 3.646 

- - 

8.977 8.618 
0.304 0.304 

0.061 0.061 
9.342 8.983 
6.741 6.348 

- - 

4.302 3.646 
1.234 1.234 

5.536 4.880 
3.731 3.151 

0.147 0.164 
3.895 3.298 

- - 

- - 

5.344 5.032 
0.546 0.546 

1.362 1.362 
1.908 1.908 

- - 

58.63 51 $86 
72.;6 7C. 67 
70.36 67.58 
35.70 27.92 
25.54 22.47 



TABLE 26 
THERMAL EFFICIENCY FOR PRODUCING 

LIQUID H2 USING CENTRIFUGAL 
RECYCLE COMPRESSORS - PROCESS CRC 

ENERGY - GJ/s 

FEEDSTOCK GAS IF IER 
Input: Coal, kg/s 

Mechanical Energy, k h  
E l  ectri cal Energy , kWe 
Fuel Gas, g mole/s 

Total In 
Output :  H2 Feedstock, g mole/s 

Process Heat 
Total O u t  

POWER GASIFIER 
Input :  Coal, kg/s 

Mechanical Energy, kWm 
Electrical Energy, kWe 

Total In 
Output:  Fuel Gas, g mole/$ 

H LIQUEFIER 2 
Input: H2 Feedstock, g mole/s 

Mechanical Energy, kWm 
Electrical Energy, kWe 

Total In 
O u t p u t :  L i q u i d  H29 g aole/s 

Tail Gas, g mole/s 
Tota l  O u t  

quantity 

193.8 
241,300 
67,800 
5,320 

15,540 

301.6 
297 , 300 
59,340 

25,092 

15,540 
1,134,900 
119,210 

13,030 
871 

HHV 

5.631 
0.241 
0.068 
1.397 
7.337 
4.302 
0.544 
4.846 

8.764 
0.297 
0,059 
9.120 
6.588 

4.302 
1.135 
0.119 
5.556 
3.731 
0.164 
3.895 

- 

LHV 

5.405 
0.241 
0.068 
1.316 
7.030 
3.646 
0.544 
4.190 

8.414 
0.297 
0.059 
8.770 
6.204 

3.646 
1.135 
0.119 
4.900 
3.151 
0.147 
3.298 



TABLE 26 (Cont 'dL 

ENERGY CONVERSION 
Input: Fuel Gas, g mole/s 

Process Heat 
Total In 

Output: Mechanical Energy, kUm 
Electrical Energy, kWe 

Total O u t  

THERMAL EFFICIENCY - X 
Feedstock Gasifier 
Power Gasifier 
H2 Liquefier 
Energy Conversion 

Overall 

19,761) 5.188 
0.544 
5.732 

1,673,000 1.673 
246,400 0.246 

1.919 

- 

66.05 
72.24 
70.10 
33.48 
25.92 

4.886 
0.544 
5.430 
1.673 
0.246 
1.919 

- 

- 

59.60 
70.74 
67.31 
35.34 
22.80 



TABLE 27 

HEATING VALUES OF PROCESS STREAMS 

Units - 
SI 

Coal kJ/g 

Fuel Gas kJ/g mole 

Crude P2 kJ/g mole 

Product H2 kJ/g mole 

Tail gas kJ/g mole 

Heating Value 

Customary SI CUSTOMARY 

HHV LHV HHV LHV 

Btu/lb 29.06 27.89- 12,500 12,000 

Btu/SCF 263 24 7 292 275 

Btu/SCF 277 235 308 261 

Btu/SCF 286 242 318.5 269 

Btu/SCF 188 168 209 187 



* 
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TABLE 28 

LIQUID PHASE ACTIVIN COEFFICIENTS* 

FOR H2-HD and H2-D2 SYSTEMS 

H2-HD System 

Ogl  0 'H2 O g i  O ~ H D  

0.0145 0 

0.0100 0.0010 

0.0058 0.0034 

0.0024 0.0073 

0.0006 0.0130 

0 0.0198 

H2-D2 System 

O g l  0'H2 '"1 0' D2 

0.038 0 

0.025 4.0017 

0.014 0.0064 

0.006 0.0160 

0 .0015 0.029 

0 0.045 

* Data o f  Nemnan (18) 



TABLE 29 

INVESTMENT SUMMARY 

DEUTERIUM RECOVERY FACILITY 

For \'.!-Module 26.25 k g l s  (2500 TPD) H2 Liquefier 

Total Plant Investment $63,750,000 

Interest During Construction 10,758,000 

Startup Costs 1,753,000 

Working Capf tal 4,895,000 

TOTAL CAPITAL REQUIREMENT $81,156,000 



TABLE 30 

INCREMENTAL INVESTMENT 

POWER GASIFIER SECTION 

FOR DEUTERIUM RECOVERY 

BASIS: Generation of 28.5 m3/s (3.620 MM CFH) Additional Fuel Gas 

Requiring 14.2 kg/s (1350 TPD) Additional Coal 

Incremental Investment 
Interest During Construction 
Startup Costs (a) 

(b)  
(c) 

Working Cap1 tal 

Total Incremental Capital (a) 
(b) - 
(4 

COST OF COAL: $/GJ 
(a )  0.3320 
(b)  0.4742 
(4  0.7113 

$31,660,000 
5,343,000 
1,231,000 
1,596,000 
2,204,000 

965,000 
1,257,000 
1,743,000 

39,199,000 
39,856,000 
40,950,000 

_($/MI4 Btu) 
(0.35) 
(0.50) 
(0.75) 

ORIGINAL PAGE LC: 
OF POOR QUALITt 



TABLE 31 

POWER REQUIREMENTS 

DEUTERIUM RECOVERY FACILITY 

BASIS: 1O-Module 26.25 kg/s (2500 TPD) H2 Liquef ier  

DEUTERIUM RECOVERY 

HYDROGEN LIQUEFIER 
POWER REQUIRED, kW 

F1 esh Compressor 10,260 215,700 
Main Recycle 

165-290 kPa 105,290 N.A. 
290-393 kPa 8,930 N.A. 
290-41 37 kPa 594,870 587 , 280 

HD Compressor 20 N.A. 

TOTAL 719,370 608,850 

Difference, kW 110,500 



TABLE 32 

INCREMENTAL ANNUAL OPERATING COST 

POWER GASIFIER SECTION 

FOR DEUTERIUM RECOVERY 

I n c r e x n t a l  Coal Consumption: 1.42 kg/s (135 TPD) 

Coal : 

Catalysts & Chemicals 
Process Water 
Labor, Mal n tenance 
Supplies 
Local Taxes and Insurance 

(a )  $913,600 
(b) 609,100 
(4 426,400 

2,000 
3,000 
47,800 
51,600 
86,000 

Subtotal 

By-product Sulfur (Credit) 

Net Operating Cost 

Coal Cost, $/GJ ($/MM Btu): 

$1,104,000 
799,500 
61 6,800 

40,300 

(a )  $1,063,700 
(b 1 759,200 
( c )  $ 576,500 

( a )  0.3320 (0.35) 
(b)  0.4742 (0.50) 
( c )  0.7113 (0.75) 

ORIGINAL PAGE Is 
OF POOR QU- 



TABLE 33 

INCREMENTAL COST OF FUEL GAS 

POWER GASIFIER SECTION 

FOR DEUTERIUM RECOVERY 

BASIS: 28.5 m3/s (3.62 x l o 6  c fh )  Incremental Fuel Gas Production 

Cost o f  Coal: 
$/a 
($/m Btu) 

I - $W 
s - $MM 
W - $MM 
c - $Wl 
N - SMM 

0.3320 0.4742 0.7113 

j j  JO. 50) (0.75) 

31.660 31.660 31.660 
1.231 1.596 2.204 
0.965 1 .-:7 1.743 

39.199 39.856 40.950 
5.750 7.575 10.618 

Unlt Cost 
DCF Financing: $/GJ 1.464 1.673 2.022 

($/H Btu) (1.544) (1.764) (2.132) 

U t i l i t y  Financing: $/GJ 1.128 1.333 1.676 
($/M Btu) (1.189) (1.406) (1.768) 

Where - 
I - Total Incremental Plant Investment 
5 - Incremental Startup Costs 
W - Incremental Working Cap4 t a l  
C - Total Incremental Capital Requirement 
N - Net Incremental Operating Cost 
G - Annual Incremental Fuel Heating Value, 

9273 TJ (8.795 x 10l2 Btu) 

Unlt Costs computed by equations i n  Table 14. 



TABLE 34 

UNIT COST OF HEAVY WATER 

DCF FINANCING 

Operatins Cost $MM 
Cost  o f  Coal: 8/63 0.3320 0.4742 0.7113 

($/MM Btu) (0.35) 10.50) (0.75) 

Fuel Gas 
Loss of LH2 Product 
Oxygen for D2 Combustion 
Labor 
Administration & Overhead 
Suppl ies, Operating 

Local Taxes & Insurance 
Maintenance 

Total 

Total Plant Investment 
Startup Cost 
Working Capital 

Unit Cost o f  D20, $ / k g  

(B/W 

13.58 
0.10 
0.05 
0.30 
0.18 
0.08 
0.96 
1.72 
16.97 

15.51 
0.11 
0.05 
0.30 
0.18 
0.08 
0.96 
1.72 
18.91 

18.75 
0.12 
0.05 
0.30 
0.18 
0.08 
0.96 
1.72 
22.16 

63.75 63.75 63.75 
1.75 1.75 1.75 
4.89 4.89 4.89 

G = Annual Production o f  Heavy Water 
P 1.053 Gg (1161 Tons) 

31.64 33.47 36.55 
( 14.35) (15.18) (16.58 

ORIGINAL PAGE IS 
OF POOR QU-, 



TABLE 35 

UNIT COST OF HEAVY WATER 

UTILITY FINANCING 

Operatinq Cost fMM 
Cost of Coal: $/GJ 0.3320 0.4742 0.7113 

($/W Btu) (0.35) 10.50) 10.75) 

Fuel Gas 

Oxygen for D2 Combustion 
Labor 
Administration & Overhead 
Supplies, Operating 

Local Taxes & Insurance 

LQSS Of LH2 PKldUCt 

Maintenance 

Total 

Total Capital Requirement 
Working Capital 

Unit Cost of D20, $/kg 
( W b )  

10.45 
0.08 
0.05 
0.30 
0.18 
0.08 
0.96 
1.72 
13.82 

12.36 
0.09 
0.05 
0.30 
0.18 
0.08 
0.96 
1.72 
15.74 

15.55 
0.10 
0.05 
0.30 
0.18 
0.08 
0.96 
1.72 
18.94 
- 

81.15 81.15 81.15 
4.89 4.89 4.89 

22.44 24.27 27.30 
(1 0.18) (11.01) ( 1 2.38) 

G = Annual Production of Heavy Water 
= 1.053 Gg (1161 Tons) 



TABLE 36 

ECONOMIC SUMMARY 

IMPACT OF HEAVY WATER PRODUCTION 

BASIS: 1.053 Gg (1161 T) D20 Annually - From 26.25 kg/s (2500 TPD) LH2 

TOTAL PLANT INVESTMENT 
$ MILLIONS 

Power Gasi f ier  (Inct'emental ) 31.660 

63.750 
Total 95.410 

Deuterium Recovery & H2 Liquef ier  
_I_ 

Cost o f  Coal: f/GJ 0.3320 0.4742 0.7113 
($/MM B t d  (0.35) 10.50) (0.75) 

127.70 Income (3 $lZl.25/kg ($55/lb) D20 127.70 127.70 

Annual Cost o f  D20, $MM 
DCF Financing 33.32 35.25 38.50 
U t i l  i t y  Financing 23.64 25.56 28.74 

Annual Cost o f  LH2, $MM 
DCF Financing 
U t i  1 1 t y  F i  nancing 

Income less Cost, $Ml 
DCF Financing 
U t i l  i t y  Financing 

Income less Cost, as X 

DCF Financing 
U t i  11 ty F i  nand ng 

o f  LH* cost 

787 1 855.1 967.8 
584.3 651.2 762.5 

94.38 
104.06 

12.0 
17.8 

92.45 89.20 
102.14 98.96 

10.8 9.2 
15.7 13.0 

ORIGINAL PAGE IS 
OF POOR QU- 



EFFECT OF MOLECULAR WEIGHT ON CISCHARGE 
PRESSURE - CENTRIFUGAL COMPRESSOR 

0 

I ADIABATIC HEAD - 314 Jlg 

K 1.4 -7- -7 
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10 15 20 26 30 
MOLECULAR WEIGHT 
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FIGURE 1 



MOLECULAR WElGAT OF HYDROGEN PROPANE MIXTURES 

MOLECULAR WEIGHT OF MlXTlJRE 

FIGURE 2 



IMPELLER REQUl R EMENTS 
FOR 

CENTRIFUGAL COMPRESSION OF 
HYDROGEN - PROPANE MIXTURES 

2 4 6 
NO. OF IMPELLERS 

8 

ORIGINAL PAGE IS 
OF POOR Q U M  

FIGURE 3 



HYDROGEN LIOUEtIER PROCESS MODEL - PROCESS CRC 
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FIGURE 6 
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BARREL DESIGN 
REQUIRED - API 617 

FIGURE 7 
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SUMMARY OF TOTAL 
PLAN i INVESTMENT 

RRC & CRC PROCESSES 

RRC 

$2143 

\ 
CONTINGENCY 

CRC 
FACILITIES 

WATER COOLING 
AND TREATMENT 

LIQUEFACTION - 
E LECTR ICA L 

PCWER AND 
STEAM GEYERATION - 

w 
-- 

02 PLANT 

PURIFICATION 

RAW GAS COMPRESSION 

H2 AND FUEL 
GAS GENERATION 

TOT4L fl886 
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TOTAL UNIT COST OF 
LIQUID P2 

RECIPROCATING VS CENTRIFUGAL 
RECYCLE COMPRESSORS 
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FIGURE 17 



DISTRIBUTION OF PROCESS ENERGY 
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UNIT COST OF HEAVY WATER FROM H2 LIQUEFACTION PLANT VIA COAL GASIFICATION 
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NET REVENUE FROM SALE OF HEAVY WATER 
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