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ABSTRACT

-A STUDY OF THE CONVERSION OF COAL
TO HYDROGEN, METHANE, AND
LIQUID FUELS FOR AIRCRAFT

Depletion of domestic crude oil resources has led to the consider-
ation of alternate fuels derived from more plentiful coal resources.
This study addresses the conversion of coal to hydrogen, methane,
.and synthetic aviation kerosene, for use as alternate aviation fuels,
Thermal efficiencies are derived for producing a) gaseous hydrogen
via the Koppers-Totzek, U-GAS@, and the continuous Steam-Iron Pro-
cesses; b) gaseous methane via the HYGAS® and CO, Acceptor Pro.-
cesses; c) synthetic aviation kerosene via hydrocracking and aromatic

~‘hydrogenation of the heavy fuel oil produced by Consol Synthetic Fuel
Process; d) gasoline via hydrocracking the heavy fuel oil produced by
the Consol Synthetic Fuel Process., (The gasoline product would sup-
plement the gasoline produced by a conventional crude oil refinery,
thus reducing the amount of light distillate normally catalyfically re-
formed, and thereby freeing a greater amount of lightdistillate for
the manufacture of aviation kerosene,) Process economics are analyzed

for all procésses except the Koppers-Totzek and CO, Acceptor Processes,
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EXECUTIVE SUMMARY

The shortage of U.S. supplies of petroleum and natural gas has greatly
stimulated research and development work on the qdﬂversion of coal to fluid
fuels. Reduced supplies of petroleum will limit the supply of jet fuel from
this source. The possibility of using liquefied hydrogen or methane as alter-
natives to standard petroleum-derived jet fuel has led to the study of the con-

version of coal to these fuels and to other liquid fuels,

IGT's task was to study the conversion of coal to gaseous hydrogen or

methane at 6996 kN/m? (1000 psig) and to kerosene or to wide-cut jet fuel.

Product Quality

Product quality is governed partly by the requirementé for liquefaction.

1. derogen — A minimum purity of 92% is necessary. The remaining
8% (or less) can be N,, Argon, CO, CH,,and CO,. It is preferrable
to reduce the CO, level to 0.1% or less because, while the cost of
reimoving the first four before liquefaction mainly involves extracting
the last few ppm, the cost of removing CO, is more dependent on the
total amount removed.

2. Methane — A typical pipeline gas from coal would be satisfactory, i.e.,
92% to 947 CH,, and the rest hydrogen, N,, Ar, CO, and CO,, with
the two carbon oxides at the 0.1% level. :

3. Kerosene or Wide-Cut Jet Fuel — Although jet fuel would be the final
desired product, the proposal for this study did not address the inclusion
of facilities to produce a specification product and no specifications
were proposed. The project plan calls for an estimate of the energy
requirements (overall efficiency) for converting coal to syncrude and
upgrading the crude to a kerosene-type product. We have considered
petroleum refinery light distillate and wide-cut kerosene as suitable
products for this part of the study.

Plant Capacity

Studies of liquid hydrogen supply for airports have indicated fuel re-
quirements (HHV) at the 316 or 369 GJ/d (300 or 350 billion Btu/d) level.

These quantities are at the general level of output of the ''standard' pipeline

Preceding page blank -
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gas from coal plant — 264.GJ/d (250 billion Btu/d). Owutputs for the fwo liquid
products are at the 211 and 316 GJ/d (200 and 300 billion Btu/d) levels., These

capacities are beyond the point where economies of scale are significant,

Type of Coal

The scope of this work did not include the effect of different coals on a
given process; also, neither a single plant location nor the coal supply was
specified. For purposes of comparison, it is desirable to keep coal variations
to‘ a minimum. However, the project plan allows the selection of coals that
show a process to the best advantage. For the manufacture of hydrogen and
methane, Montana subbituminous coal was selected because of 1) its greater
reactivity and nonagglomerating characteristics during gasification, 2) its
abundant low-sulfur rate, and 3) its lower cost relative to Eastern coals.

For coal liquefaction, as discussed in another section of this report, Eastern
coal was selected because of its apparent process advantages over Western
coals, Table ES-1 gives the properties of these two coals. Two major areas
are co&ered in this study: analyses of process efficiencies and process

economics.

Processes Evaluated
Hydrogen

1. Koppers-Totzek gasifier
2. U-GAS® gasifier

3. Continuous Steam-Iron Process

Methane

1. HYGASE Process
2. CO, Acceptor Process

Kerosene or Jet-Fuel Component

The Consol Synthetic Fuel (CSF) Process was used as the basic ligue-

faction process. The products from this process were upgraded by two alter-

natives:
1. Increased petroleurn refinery output by importing coal-derived gasoline
2. Hydrocracking and saturation of aromatics.

vi
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Table ES-1. ANALYSES OF COALS

Coal
Montana Pittsburgh
Subbituminous Seam Bituminous
wt %
Proximate Analysis
Moisture 22.0 14.4
Volatile Matter 1 29.4 33.4
Fixed Carbon 42,6 40.9
Ash 6.0 . 11.3
Total 100. 0 100.0
Ultimate Analysis (Dry)
Carbon 67.70 68.97
Hydrogen 4.61 4.90
Nitrogen 0.85 1.28
Oxygen 18.46 7.34
Sulfur 0.66 4,29
Ash 7.72 13,22
Total 100.00 100.00
Dry HHV, kJ/kg (Btu/lb) 26,251 (11, 290) 29,390 (12,640)

vii
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Overall efficiencies were determined for all seven of these processes
from process designs based on coal as the primary energy source. In order
to have a reasonable measure of the overall efficiency, it was necessary to
go into considerable detail to develop material and energy balances and to

determine utility requirements,

The original project plan specified that process economics be deter-
mined for one process in each of the product categories. The U-GAS and
HYGAS Processes were selected for hydrogen and methane, respectively.
Later the sponsor requested that a cost estimate for hydrogen by the Steam-
Iron Process 'be included in the economics. For the jet-fuel component, we
decided to estimate the economics for increased petroleum refinery output
by importing coal-derived gasoline. For the second liquid process, the
process information on hydrocracking and aromatics hydrogenation provided
by Universal Oil Products Co. also included some costs, so the economics

for this case are also presented,

. Process Descriptions

For this summary, we have presented simple block flow diagrams for
each of the processes. More detailed flow diagrams are presented in the

main body of this report.

HYDROGEN FROM COAL
Hydrogen by Koppers-Totzek Gasification (Figure ES-1)

Information on raw material requirements and operating conditions for
the Koppers-Totzek gasifier (Figure ES-1) was obtained from the Koppers Co.
This is 2 commercially available process using suspension gasification of

pulverized coal at essentially atmospheric pressure under slagging conditions.

Coal is first dried to 2% moisture and then pulverized to 70% through
200 mesh. Ground coal is discharged into a mixing noz_zlekwhere it is en-
trained in a stream of oxygen and steam and carried into the gasifier. About
one-half of the coal ash drops out as slag into a quench tank below the gasi-
fier. The rest is carried out as fly ash and is recovered by water scrubbing

and electrostatic precipitation after waste-heat recovery from the hot gas.

viii
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_ In order to upgrade the gas to process the hydroéen product, the syn-
thesis gas is compressed to 4928 kN/m? (700 psig) and is carried through
: H;S removal, CO shift, CO, removal, methanation, and final compression to
6996 kN/m? (1000 psig). The raw gas composition, on a dry basis, is 58,3%
CO,. 10,0% CO,;, 30.4% H;, 1.0% N, and Ar, and 0,3% H,S + COS. The CO
must be converted by the well-known shift reaction, CO + H,0 = CO, + H,.
Becaude of the large amount of CO present and the need to convert nearly all
of it, the process design is based on a low-temperature shift catalyst. This
requires much less steam than 2 high-temperature shift catalyst because of
the more favorable equilibrium, and results in a higher plant efficiency. The
 low-temperature shift catalyst cannot be used with sulfur-containing gaé.
However, since acid gases (CO, and H,S) must be removed at some stage of
the process, it s desirable to remove H,;S before and CO, after CO conversion,

A two-stage Rectisol system similar to units that have been successfully
designed for commercial operation is used, Because this is a physical ab-
sorption system, the synthesis gas is pressurized to 4928 kN/m? (700 psig)
before entering the H,S scrubbing tower,  After CO conversion, the CO; is
removed by the second stage of the Rectisol unit,

Since the product specifications call for at least 92% H, (page V), a
few percent CO can be left in the gas after the shift, The residual CO is re-
duced to 0.1% by cleanup methanation, It is more economical to methanate
than to shift the CO, and the heat of methanation is recovered. A single-stage
" recycle quench methanation system is used, -

Hydrogen by U-GAS Gasification (Figure ES-2)

The U-GAS Process (Figure ES-2) uses a single-stage fluidized-bed
gasifier to generate synthesis gas, Operating conditions are based on informa-
tion developed at IGT. Montana subbituminous coal, in contrast to Eastern
caking coals, requires no pretreatment for this reactor,

The coal is first dried to 10% moisture and reduced to a size range of
100% below 8 mesh and 2 maximum of 15% below 100 mesh, Gasification
occurs at 2411 kN/m? (335 psig), so some method must be used to feed the
coal into the reactor. A lockhopper system is used in this design, because
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this feed method has been used commercially at this pressure. The tempera-
ture in the fluidized-bed reactor is 1311 K (1900°F), so the operation is non-
slagging. The removal of ash is accomplished by a method of agglomerating
low-carbon-content ash particles for selectivé separation from the fluidized
bed of coal. Fines elutriated from the bed are recovered in internal cyclones
and also in an external set of cyclones through which the fines are collected

and returned to the bed.

The raw gas is cooled to 422 K (300°F) in a waste-heat boiler and then
passed through a venturi scrubber to remove fine particles carried over from
the gasifier cyclones. The composition,on a dry basis, is 50.1% CO, 11.5%
CO,, 35.3% H,, 0.7% N, + Ar, 2.1% CH,, and 0.3% H,S.

Following the gasifier, all steps in the U-GAS Procéss are analogous to
‘those described above for the Koppers-Totzek Process. Two major advan-
tages result from the U-GAS Process, which operates at lower temperature
and elevated prnessure:

1. The oxygen requirements-are lowered from 10,970 to 7,830 t/d
(12,092 to 8,631 short tons/d) which reduces the power requirement
from 151,400 kW to 105,000 kW (203, 000 to 141, 000 hp).

2. The compression of synthesis gas-from 2377 to 4997 kIN/m? (330 to 710

psig), instead of from 142.7 to 4928 kN/m? (6 to 700 psig), reduces the
power requirement from 202,800 to 32,800 kW (272, 000 to 44,000 hp).

Hydrogen by the Steam-Iron Process (Figure ES-3)

Hydrogen by the Steam-Iron Process (E‘iéure ES-3) is derived by the
decomposition of steam by reaction with iron oxide, rather than synthesis-
gas generated from coal. Coal is gasified to provide a producer gas for the
regeneration of iron oxide, Because hydrogen is not derived from the pro-
ducer gas, air can be used in the gasifier; nitrogen cannot contaminate the

hydrogen because of the iron oxide barrier.

The iron oxide circulates between zones of oxidation and reduction. The

following reactions are typical of those occurrihg in the steam-iron reactor

section:
Reductor: FegO04 + CO ~—~ 3FeQ + CO,;
;Fe304 + H?_ L 3FeO + Hzo
Oxidizer: 3FeO + H,O — FesO; + H,
xii
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The oxidizer effluent contains 37% hydrogen and 61% steam plus small
amounts of nitrogen and carbon oxides, Condensation of the steam leaves a
gas containing 95.9% H,, 1.6% carbon oxides, and 2.5% N,. No CO '"shift"
or acid-gas scrubbing is needed. A cleanup methanation step reduces carbon
oxides to 0.2% followed by drying and compressing to 6996 kN/m? (1000 psig)

to give product gas.

Power Generation From Reductor Off-Gas

The carbon monoxide and hydrogeh in the producer gas are not com-
pletely converted in the reduction of iron oxide. Heating value plus sensible
heat at 1100 K (1520°F) in the reductor off-gas represent 54% of the input
coal fuel value. Part of this energy, 15% of the coal fuel value, is utilized
in the plant to compress air and generate steam. A larger amount is used
to generate electric power. After dust removal with cyclone separators and
electrostatic precipita-tors, the effluent gas at 1100 K and 2517 kN/rnz (i520°F
and 365 psia) is used in a combined-cycle gas turbine-steam turbine éystem.
We obtained the services of the United Technologi€s Research Center (UTRC)
of United Technologies Corp. for estimating the amount and cost of this power

recovery,

The gas is burncd in a combustor with excess air at 2000 kN/m? (290
psia); 517 kN/m? (75 psi) control valve loss is assumed. The effluent from
the combustor, at 1589 K (2400°F), is expanded to 114 kN/m? (16.5 psia) and
921 K (1198°F) in the gas turbine, A portion of the expansion power is used
to drive the combustor and producer air compressors. The remaining shaft
power is converted to 1083.8 MW of electric power .'m a generator. At present,
the maximum temperature rangeis 1255 to 1365 K (1800° to 2000°F), but gas
turbines with an inlet temperature of 1589 K (2400°F) are expected to be avail-

able by the time this process becomes commercial.

The expanded gas is used in a steam-power cycle to generate 241.5 MW
of electric power from steam at 16,649 kN/m? and 811 K (2400 psig, 1000°F)
generated in a waste-heat boiler, and also to generate a portion of the re-
quired process steam for the oxidizer. The cooled combustor gas leaves the
steam cycle waste-heat boiler at 450 K (350°F). A total of 1325.4 MW of power
is generated in addition to the shaft power used for air compression. Within
the plant, 95.9 MW of this power is used for motor drives, etc., leaving 1229.5
MW of power as a by-product.

xiv
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Product compositions for the three designs are given in Table ES-2.

Table ES-2, PRODUCT COMPOSITIONS FOR THREE HYDROGEN PROCESSES

Process
Koppers-Totzek U-GAS Steam-Iron
Component mol % (dry basis) ‘
CO 0.1. 0.1 0.1
CO, <50 ppm <50 ppm 0.1
H, 93.1 94.3 95.7
CH, 5.5 4.8 1.5
N, + Ar . 1,3 0.8 2.6
Total 100. 0 - 100.0 ©100.0

METHANE (PIPELINE GAS) FROM COQAL
Pipeline Gas (Methane) by the HYGAS Process (Figure ES-4)

The gasifier design is based on operatio'n at 8030 kN/m? (1150 psig).
A water slurry feed system is used to feed coal into the hydrogasification
reactor, based on successful pilot plant operation of the slurry feed. This
vessel, at the top of the reactor, has a fluidized-bed dryer where the slurry
water is evaporated by hot, gaseous effluent. The reactor coal feed pésses
through three zones of conversion:

1. A low-temperature (811 K, 1000 °F) transport reactor, where the

coal is devolatilized and rapid-rate conversion to methane enriches the
product gas.

2. The main fluidized bed at 1200 K (1700°F), where most of the methane
is formed,

3. The steam-oxygen gasification zone at 1283 K (1850°F) , where synthe-
sis gas is generated from the hydrogasifier char. Oxygen requirements

are 2722 t/d (3000 short tons/d), much less than for hydrogen from
coal.

The effluent gas is scrubbed to remove dust carry-over, then sent to a
CO-conversion reactor where the H,/CO ratio is raised from 1.18 to 3.3 in

preparation for methanation. The catalyst is an oil- and sulfur-resistant,

XV
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high-temperature shift catalyst. Because the dust scrubbing is carried out
at a temperature high enough to prevent condensation of the vaporized slurry
water, it is unnecessary to generate steam for the CO conversion reaction,

This helps raise the overall efficiency.

The CO shift effluent is cooled to remove condensible oils and water,
The remaining B-T-X* is also recovered for sale as a by-product. Most of
the CO, and H,S is removed by scrubbing with a hot carbonate solution.

Final traces of H,S are removed by dry-bed scrubbing prior to methanation.

The methanation step reacts CO and CO, with H, to make 49% of the
total methane in the product gas. Because‘ the reaction is highly exothermic,
a four-sfage recycle quench methanation system that limits the maximum
catalyst-bed temperature to 755 K (900°F) is used. Product gas is available
at 6996 kKN/m? (1000 psig).

Pipeline Gas (Methane) by the CO, Acceptor Process (Figure ES-5)

In this process, coal is gasified in a fluidized bed with stea.in to gener-
ate methane and synthesis gaé (Figure ES-5). He'a,t is supplied by the reaction
of CO, with the acceptor (MgO-CaO), which is showered through the bed of
char and circulates between the gasifier and the regenerator vessels, In the |
regenerator vessels, the acceptor is regenerated by burning residual gasifier
char with air to decompose the CaCO;. No oxygen plant is needed, and the

gasification system operates at 1115 kN/m? (147 psig).

Gasifier effluent is scrubbed to remove dust and H,S prior to methana- .~
tion. No CO shift is necéssary because the H,/CO ratio is more than sufficient
for methanation. CO, is removed after methanation because of the necessity
of reacting it with the excess hydrogen, which would otherwise result in a re-

duced heating value. Final CO, removal occurs after methanation,

The gasifier and regenerator operate at a much lower pressure, 1115
kN /m? (147 psig) than in the HYGAS Process. The pressure is raised to an
intermediate level, 3100 kN/m? (435 psig), prior to H,S removal and methana-

tion, and then to the final pipeline pressure after the final CO, removal.

B-T-X = Benzene-Toluene-Xylene.

xvii
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The methanation step is carried out in the same type of system used
for HYGAS. Because less methane is made in the gasifier than in HYGAS,
63% of the total methane is formed in the methanation reactor. Raw gasifier

effluents and product gases for the two processes are compared below (Table
ES-3).

Table ES-3. COMPARISON OF RAW AND PRODUCT GASES OF HYGAS®AND
CO, ACCEPTOR PROCESSES

Raw Gas Product Gas
HYGAS CO, Acceptor HY GAS CO, Acceptor
Component mol % (dry)

co 26,1 17.2 , 0.1 0.1
CO, 24,1 3.9 0.1 - 0.1
H, 30.6 66.1 4.4 . 4.7
CH, 16,7 12.0 94.7 94,5
C,H, 1.3 -- -- --
NH; - 0.4 0.6 -- ~-
H,S 0.2 -- - ~=
Ny 0.2 0.2 0.7 0.6
B-T-X 0.4 .- : - -
Total 100.0 100.0 100.0 100.0

JET-FUEL COMPONENT FROM COAL

The proposal for this project does not require process designs for jet

fuel, but rather for kerosene. This has been interpreted as allowing us to

design processes for making wide-cut kerosene or to increase the supply of

jet-fuel component.

Liquids derived from the direct conversion of coal by hydroliquefaction,

pyrolysis, and extraction are composed mainly of aromatics, naphthenes,

and cycloparaffins.,

The products are less desirable for jet fuels than the

more paraffinic, petroleum-derived fuels.

The basic coal liquefaction process used in this study is the Consol
Synthetic Fuel (CSF) Process, which produces heavy fuel oil, naphtha, and
high-Btu gas. A published process design based on Pittsburgh seam coal,
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is used here. The use of Eastern coal appears justified by summaries pub-
lished for the H-COAL® Process that show greater advantages for central

bituminous than for Western subbituminous coals.

A block flow diagram for the CSF Process plus an add-on refinery is
shown in Figure ES-6. Coal is ground, dried, and slurried with a coal-
derived solvent, then preheated and extracted at 680 K (765°F) in a staged
vessel, Extract and vaporized solvent are sent to the solvent recovery and
fractionation systems. Undissolved coal residue is sent to residue separators:
Overflow goes to solvent recovery and underflow goes to low-témperature

carbonization.

Solvent recovery is divided into two sections. After the vapor from the
extraction section is condensed, the gaseous stream is Sent to a gés cleanup
section and the recovered solvent is returned to slurry-rﬁix tanks, The hydro-
clone overflow from the residue separation is fractionated in a vacuum still.

Light oil and light spent solvent are sent to low-sulfur fuel production.

The heavy oil (including spent-solvent and fuel oil) is taken overhead
from the fractionator, and a heavier cut from a side stream provides most of
the recycle hydrogen-donor solvent for the extraction section. The bottoms
(which contain the extracf, residué, and tar) are sent to the extract hydro-

conversion system,

Low-Temperature Carbonization

The hydroclone underflow from the residue separation is pumped to the
low-temperature carbonizer (LTC) where it is reacted with steam and air.
The overhead product is quenched, and a gas stream and a solvent/tar stream

 are separated.

The solvent/tar stream is delivered to the tar-distillation section, and
the gas stream is used as a plant fuel after sulfur removal. Char from the
LTC section is delivered to the Bituminous Coal Research (BCR) gasification

system for hydrogen production.

Tar Distillation and Extract Hydroconversion

The heavy liquids from the LTC section are vacuum-distilled in the tar-

distillation section. The overhead product is heavy oil. The bottoms are sent

XX
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to the residue-separation area and the extract from the solvent-recovery
section is hydrotreated to produce the donor solvent and product oil. Extract
hydrogenation is done in four stages operating at 20, 786 kN/m? (3000 psig)
and 700 to 714 K (800° to 825°F) in the presence of a cobalt-molybdenum-
nickel catalyst., The overhead vapors are cooled to separate the hydrogen
from the light oils, The recovery hydrogen is compressed and recycled back
to the reactors. The hydrotreated liquid product is stabilized by removing C,
and then fractionated. In the fractionator, the hydrogen-donor solvent is
separated from the light-oil product. The hydrogen-donor solvent is sent to
the slurry system for makeup solvent, and the light product oil is delivered-

to the add-on refinery to produce gasoline,

Gas Treatment and Sulfur Recovery’

Fuel gas is produced at various sections of the plant, This gas is
treated to remove carbon dioxide and hydrogen sulfide. Some of the fuel gas
is used as a fuel for the plant and refinery operation, and the remaining gas
is a by-product for sale. The hydrogen sulfide stream from the amine system

is passed through the sulfur-recovery system,

Hydrogen Production

Hydrogen is made from synthesis gas generated by the BCR gasifier,
in which char from the LTC section is gasified by steam and oxygen. The raw
gas is passed through quench systems, CO-shift systems, the acid-gas re-
moval section, and the CO removal section. Char from the LTC is gasified

by steam and oxygen in a BCR suspension—fype gasifier,

Products from the CSF Process are:

Heavy Fuel Oil 5,629 m3/day (35,400 bbl/day)
Naphtha 1,940 m3/day (12, 200 bbl/day)
High-Btu Gas 78.59 TJ/day (74.49 X 10° Btu/day)

The overall efficiency for converting coal to the above products is 70%.

Jet Fuel From Coal Liquefaction

These products do not meet the product specifications for increased
light distillate or wide-cut kerosene jet fuel. Two methods to achieve this

objective have been considered in this study:
xxii
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1. Conversion of CSF products to jet-fuel product

2. Conversion of these products to gasoline that is then imported into
the octane pools of petroleum refineries. This added supply of motor
gasoline component will reduce the amount of light distillate normally
catalytically reformed and thus divert some of this distillate into jet
fuel component,

Light Distillate for Jet Fuel

The refinery is shown as a single block.in Figure ES-6. A more de-
tailed flow diagram is given in the main body of the report (Figure 8). In the
refinery, the heavy oil is hydrocracked. The products plus the naphtha are
distilled to yield butane, light ends for gasoline, and a catalytic reformer

feed, Products from the reformer are more butane and C4z+ gasoline.

The overall effect is shown in Figure ES-7. About 56% of the high-Btu
gas from the CSF Process is utilized in the add-on gasoline plant as fuel and
as feed for hydrogen manufacture required for hydrocracking. The products
from the CSF -gasoline complex are gasoline, butane, and the remaining high-
Btu gas. The latter two are sold as by-products; the 7282 m3/SD (45, 805 bbl/
SD) of gasoline is conservatively split among six refineries. In a given re-
finery, the amount cf light distillate normally fed to the catalytic reformer is
reduced in the ratio of 1.195 for each volume of coal-derived gasoline im-
ported. Because of yield losses during reforming, this is the rate of in-
creased supply of jet fuel component (light distillate) resulting from the coal
conversion to gasoline, Thus, an 8703 m3/d (54, 740 bbl/d) increase in jet
fuel supply is achieved from the original coal liquefaction. On the basis of
i estimates of refinery energy consumption, increasing the output of jet fuel
component does not reduce the overall refinery efficiency. Shipping the
gasoline an average distance of 1609 km (1000 miles) uses energy amounting
to only 0.6% of the coal fed to the CSF plant, |

JET FUEL BY HYDROCRACKING

We are indebted to the Process Division of Universal Oil Products Co.
(UOP) for giving us process requirements for upgrading the heavy fuel oil to
jet fuel. A block flow diagram for the overall process is given in Figure ES-8.
In this particular design the naphtha was not used for jet fuel. If naphtha had
been used, jet fuel yields would have increased. However, this would not

raise the overall efficiency but would lower it somewhat, since we have taken
xxiii
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full credit for this streé.m- as a by-product from the CSF Process. A two-
step operation is used to convert 5628.2 m?/SD (35,400 bbl/SD) of heavy oil
to 5750.6 m*/SD (36,170 bbl/SD) of final product. Most of the high-Btu gas
from the CSF Process is used for hydrogen manufacturing and for fuel. The
first step, hydrocracking, reduces the aromatics content from 83.5% to 39%,
raises the API gravity from 15.7 to 41, and reduces the boiling range.
Eighty-one percent of the hydrogen is consumed here. The second step is
aromatics hydrogenation, in which the percentage of these compounds is re-
duced to a final product value of 17% and the smoke-~volatility index is raised
to 57.

OVERALL EFFICIENCY

One of the major tasks of this work is the comparison of overall effici-
encies for the different coal-conversion pfocesses. An overall summary of
material requirements', yields, and overall efficiencies is shown in Table ES-4,
which also appears as Table 53 in the main body of the report. All seven
processes are compéred here, and the overall efficiencies are calculated on
the basis of product heating values as a percentage of coal heating value.
Higher heating values (HHV) are used. Total coal input heating values range
from 363.7 to 591.7 TJ/d (344.8 to 561 X 109 Btu/d).

Hydrogen Processes

The U-GAS Process shows the highest overall efficiency, 66.4%, com-
pared to the Steam-Iron Process at 62.6%, and the Koppers-Totzek Process
at 57%. However, with steam-iron, 18.0% of the coal feed is converted to
electric power, a high-grade product that normally is generated at a low fuel
conversion efficiency. It is essential that some use be made of the large
amount of heat energy that remains in the spent producer gas in order to
raise the overall efficiency from 44.6% for hydrogen alone to the final value.
The generation of electricity is a way of upgrading this heat to a universally
valuable product. If the heat energy input to the power plant could be sold as
by-product, then the overall efficiency would be 81.5%,

Hydrogen by Koppers-Totzek gasification, although a commercially
operating process, requires about 40% more oxygen than the U-GAS Process,

primarily because of the much higher gasifier temperature. The lower oxygen
xxvi
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requirement and higher pressure of the U-GAS gasifier combine to save much
energy and give an efficiency significantly higher than the 57% overall effici-

ency for Koppers-Totzek,

Methane Processes

By the use of water slurry feed for Montana coal, we have achieved
the highest design efficiency for the HYGAS Process reported to date, 74%.
Of this figure, 4% is due to by-products, mostly B-T-X generated in the
HYGAS reactor. The by-products are relatively easy to extract from the
raw gas., The water used to siurry the coal is vaporized in the slurry dryer
and provides the steam for the CO-shift reaction, eliminating the losses that
would result from condensation and subsequent revaporization in a boiler,
Although methanation, an exothermic reaction, is requireci as a final step
in the process, it does not detract much from the overall efficiency because
most of the heat is recovered for use in the process. Reduced oxygen con-
sumption, process steam, and process horsepower are the major reasons
for the higher efficiency for the conversion of coal to methane rather than

hydrogen,

The alternative process, the CO, Acceptor Process, converts 64% of
the feed coal to SNG product, 6% less than the HY GAS Process. The major
reason for this is probably the larger amount of power needed to run the CO,
Acceptor Process, 330,500 kW versus 102,000 kW for HYGAS. The former
figure includes 169, 000 kW to drive the regenerator air compressor. While
power for the latter is recovered from the regenerator off-gas, there are
losses due to inefficiencies in compressors and expanders. We have used a
combined-cycle power recovery system, similar to one in the Steam-Iron
Process, which generates 115 MW of by-product electric power, which
represents 2.4% of the total coal input HV.

Jet Fuel Component

The overall process, of using coal to manufacture ga}sé;lline that is then
imported into the refinery gasoline pool, which allows more refinery output
of light distillate, is more efficient that the direct conversion of coal to jet
fuel. The overall efficiency for the CSF Process is 71%. This drops to 61%
because of the energy required to upgrade the CSF products to gasoline,

Preceding page blank ==
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Importing 7282 m’/SD (45,805 bbl/SD) of coal-derived gasoline results in an
increase in the jet fuel component of 8703 m3/d (54, 740 bbl/d). When re-
ferred to the 6riginal coal, this results in an apparent increase in overall
efficiency to 70% because of the larger volume of jet fuel produced. However,
the increased volume of jet fuel causes a reduction in refinery LPG, coke,
and gas production due to reduced catalytic reforming. The changes in
products and refinery economics have been accounted for in the economic
analysis, so that the unit cost of the increased light distillate can be referred
to the full 8703 m3/d (54, 740 bbl/d). Direct conversion of CSF heavy oil to
jet fuel shows an overall efficiency of only 53% because of the larger hydrogen
and fuel requirements., In. both these cases, the percent conversion to liquid
products leaving the coal plant is less than for either of the two methané-

making processes discussed below.

Liquid Fuels

Although it was not a required part of this study, because of the basic
interest in aircraft fuels, we estimated overall efficiencies for the conversion
of coal to liquid hydrogen and methane for the three hydrogen processes and
for HYGAS. ' These results are given in Table ES-5. The requirements for
hydrogen liquefaction are based on work done by the Linde Division of Union
Carbide Corp. for another NASA project. The energy requirement for
methane liquefaction is typical for LNG plants.

The additional energy load for liquefaction requires additional coal for
producing hydrogen by the Koppers-Totzek and U-GAS Processes, while the
Steam-Iron Process generates more than the necessary electric energy as a
by-product. On the basis of using coal for the generation of hydrogen and
electricity for liquefaction, and with the inclusion of by-product, the Steam-

Iron Process shows the highest overall efficiency for the hydrogen processes.

The power requirement for methane liquefaction is just a fraction of
that needed to liquefy hydrogen., The overall efficiency from coal to liquid is
thus much higher for methane than for hydrogen: 66.7% versus 34% to 48.5%,
depending on the hydrogen process. These numbers include by-products as-

well as liquid hydrogen and methane.
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ECONOMICS OF COAL CONVERSION

Table ES-6 presents an overall economic summary for five of the
. processes. The originé.l plan was to present costs for three processes —
one in each category. However, after the attractive overall efficiencies for
the Steam-Iron Process were presented, funding was added to cost this pro-
cess, As cost information was available for both of the alternative liquid
processes, we decided to include these., The table shows only the major
quantities. Additional details can be obtained from the portion of the text

describing a given process,

The project plan calls for mid- 1974 costs and the use of the private
industr)‘r financial method for calculating product price. We have used the
discounted cash flow method of the Supply-Technical Advisory Task Force-
Synthetic Gas-Coal of the Federal Power Commission (FPC). This method-
is based on 100% equity financing and 12% DCF. Other details are given in
the text.

In summary Table ES-6, daily fuel production includes not only the
major product but significant by-product fuels and, for steam-iron, by-
product electric power. Total plant investment and capital requireménts
are indicated separately. Capital requirements include interest during con-
struction, start-up cost, and working capital. When capital reﬁuirements
are expressed on a unit basis, HYGAS (methang) and increased refinery light
distillate (resulting from importation of coal-derived gaéoline) show the lowest
unit cost, The highest unit cost is the direct conversion of coal-derived heavy

oil to jet fuel.

Annual operating costs are summarized as coal, other operating costs,
by-products, and capital charges. We have shown product prices for coal at
both 28.4¢ and 56.8¢/GJ (30¢ and 60¢/million Btu), representing the basic
costs for the Western coals used for hydrogen and methane and for the Eastern
coals used for liquids in this study. Figure ES-9 shows the effect of coal cost
on product prices. At the lower cost, coal represents less than 25% of the
total revenue for the U-GAS and HYGAS Procesées. At the higher cost it
represents about 40% of the revenue for the liquids. Over the range of coal
costs presented, liquids are the most expensive products. For hydrocracking,

this is due mainly to the small amount of product. For the alternative liquid
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case, the higher cost is due mainly to the net subsidy paid to oil refiners to
compensate for the decrease in revenue resulting from making more light
distillate and less gasoline. In our study, gasoline was assumed to be worth
1.05¢/liter (4¢/gal) more than light distillate. The sensitivity figures shown
for each process are a function of the ratio of major product to total coal

input, expressed in the same energy units,

Hydrogen produced by the Steam-Iron Process differs because of the
large by-product credit resulting from the sale of 1229 MW of power, The
line in Figure ES-9 is based on setting the value of by-product power at 1¢/
kWhr, Because of the great'leverage exerted by the unit value of power, the
effect of both coal cost and electric power by-product value are shown in a
separate figure, Figure ES-10. A variation of 0.5¢/kWhr chahges the hydro-
gen price by 56.84/GJ(60 ¢/million Btu). .

Comparative economics for the U-GAS and HYGAS Processes indicate
that methane from coal costs less than hydrogeh from coal, if a major amount
of methane is made in the gasifier, Methane formation supplieé some of the
heat for gasification,‘ greatly reducing the oxygen requirement. Spent hydro-
gasifier char is used to generate hydrogen. If coal were first gasified (to
CO + H,;) and all methane made by methanation, then this advantage would be
lost. Compared with the U-GAS Procesé, the hydrogasification (HYGAS)
reactor system costs more because of its greater size, its complexity, and
its high operating pressure., However, the difference in reactor system costs
is outweighed by the much higher costs for the oxygen supply, purification,
and the associated utilities necessary for hydrogen produced by the U-GAS
Process.,

_Althoug'h the Steam-Iron Process demonstrates hydrogen production at
a good advantage, we also expect these advantages to benefit methane from

coal if the Steam-Iron Process is used to supply hydrogen for HYGAS.

The direct conversion of coal-derived heavy oil to jet fuel is much less
attractive than the indirect route of using coal-derived gasoline to supply
part of the refinery work, so that the latter can increase the supply of jet
fuel. The main reason is the difference in final product output. The annual
revenue for direct conversion is actually a little less than for the alternafive
method, but this difference is outweighed by the much larger output'for the

alternative methods as reflected in the much lower unit capital cost.
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CONCLUSIONS

1. Coal can be converted to gaseous hydrogen and methane and to normally
liquid hydrocarbon fuels without a serious energy loss. Overall coal
conversion efficiencies ranged from 57% for the least efficient hydrogen
process to 74% for methane production.

2. Based on the processes analyzed in this study, the conversion of coal to’
methane i's more efficient and less expensive than its conversion to
hydrogen. This is not true where all of the methane is generated by the
methanation of synthesis gas (CO + H;). However, if the major part of

 the methane is made during the gasification step, then the amount of
oxygen or other heat source used can be reduced to a fraction of that
needed to make hydrogen only.

3. The results of this study for methane gas and hydrocarbon liquids manu-
facture do not support a generalized conclusion as to which product can
be made more efficiently from coal; this depends on the liquid product.
For the more refined liquid products (such as gasoline), methane pro-

"~ duced from Western coal by the HYGAS Process shows an advantage.

4, When all three products are produced as liquids, then the order of de-
creasing overall efficiency is: liquids (at normal ambient conditions),
methane, and hydrogen., This statement also depends on the liquid
product, as noted in Item 3.  The greatest loss of efficiency occurs in
the liquefaction of hydrogen, which, for the same heating value of gas
liquefied, requires about seven times more energy to liquefy than does
methane.

5. The major items of cost in the conversion of coal are capital investment
and coal. Although Montana coal, at a base cost of 28.4¢/GJ (30¢/
million Btu) is used for hydrogen and methane, and Pittsburgh seam
coal, at 56.8¢/GJ (60¢/million Btu) is used for liquids, when product
prices are compared at equal coal costs, HYGAS and steam-iron show
the lowest costs. At the lower coal cost the range of major product

 prices is $1.57/GJ ($1.60/million Btu) for steam-iron hydrogen to
$2.72/GJ ($2.87/million Btu) for jet fuel. At the higher coal cost the
range is $2.11/GJ ($2.22/million Btu) for HYGAS to $3.53/GJ ($3.72/
million Btu) for jet fuel. Methane and hydrogen are priced as gas at
6996 kN/m? (1000 psig).

6. The Steam-Iron Process rejects a large amount of heat in the form of
hot, spent producer gas. This heat is advantageously used to generate
a large amount of by-product electricity. Because of its high market
value, this electricity exerts a strong leverage on the hydrogen price.
At bus-bar by-product credits of 1.5¢ to 2. 0¢/kWhr, the Steam-Iron
Process shows the lowest product price of any of these processes. How-
ever, further work should be done to determine the economics for the
other processes under conditions of joint power anc major product pro-
duction, at total coal inputs the same as for the Steam-Iron Process, in
order to avoid a biased conclusion.

xxxvii
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7.

The advantages of the Steam-Iron Process can be used to supply hydro-
gen for the HYGAS Process, For the same output of product gas heating
value as methane, only about 40% as much hydrogen is needed as when
hydrogen is the product, so the effect of by-product power will be less,
Further work is needed on this process.

Although methane shows cost and efficiency advantages over hydrogen
when the two are made from coal, the results do not preclude the use of
hydrogen as.fuel. Hydrogen can also be made from water using other .
energy sources, such as nuclear or solar energy, whereas methane
requires a source of carbon. As coal becomes more costly, or its use
reserved for chemicals, hydrogen from nonfossil sources should be-
come more important.

Although jet fuel can be made from coal, it requires that the high
aromatic content of the liquefaction products be reduced at a large

loss in overall efficiency. It appears preferable to use the aromatic
materials asthe gasoline component imported into the petroleum products.
system. This, in turn, will permit the diversion of catalytic reformer
feedstock into the supply of jetfuel. Optimization of this method should
be investigated. :
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STUDY OF THE CONVERSION OF COAL TO HYDROGEN, METHANE , AND
LIQUID FUELS

Introduction and _Projéct Scope

The shortage of U.S. supplies of petroleum and natural gas has greatly
stimulated research and developmental work on the conversion of coal to
fluid fuels. Since aircraft jet fuel is only one of the fuels derived from petro-
leum, the shortéLge of this basic resource plus the increasing demands for

other petroleum products may limit the supply of jet fuel from this source.

The abundance of U.S. coal resources and the ability to convert coal
to many other fuels have prompted the consideration of various alternative
fuels. As a fuel, 'hydrogén has shown a potential advantage for use in the
aircraft itself, It is the purpose of this study to compare overall efficiencies
and costs on a consistent, comparable basis for the conversion of coal to

hydrogen, methane, and kerosene or wide-cut jet fuel.

Processes for Coal Conversion

There are many coal conversion procedures, some available commer-
cially and others currently under development, We have selected processes
that are expected to be available for the production of alternative fuels in the
‘period when hydrogen-fueled aircraft might actually be in use, 1985 to 2000.
The scope of this work covers the manufacture of the above three fuels at a
coal conversion plant located close to the coal mine. Products leave the

plant at pipeline pressure, 6996 kN/m? (1000 psig).

Plant Capacity

A recent study made by Linde for airport supply of liquid hydrogen was
based on 2268 t/d (2500 short tons/d). This is equivalent to 324.8 TJ/d (308
billion Btu/d). Another study, which considered the supply situation for the
San Francisco airport, was based on an input of 6000 MW of electric power
to generate hydrogen — 389 TJ/d (369 billion Btu/d) — equivalent to a
518.9 TJ/d (492 billion Btu/d) energy input and, at 75% overall efficiency,
389 TJ/d (369 billion Btu/d) of hydrogen output. (These numbers are at
the general level of output of standard pipeline gas-from-coal plants,

263.7 TJ/d (250 billion Btu/d). Since the different sections of synthetic
natural (pipeline) gas plants consist of parallel trains, we are probably -

beyond the point where economies of scale are significant. Since the heating

1
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value per SCF of hydrogen is one-third that of methane, the level where
economy of scales has no effect is probably less. Therefore, for the pur-
pose of this study, plant capacity for the manufacturévof hydrogen or pipe-
line gas from coal will be approximately 263.7 TJ/d (250 billion Btu/d).
For kerosene from coal, the equivalent outi:ut would be obtained from about
6757 m*/d (42,500 bbl/d).

Product Quality

‘This is governed partly by the requirements for liquefaction.

1. Hydrogen — A minimal 92% purity; the remainder can be H,, Argon,

'~ CO, CH,, and CO,. It is preferable to reduce the CO, to 0.1% or less
because, while the cost of removing the first four components is mainly
in extracting the last few ppm, the cost of removing CO, is more de-
pendent on the total amount removed, ‘

2. Methane — A typical pipeline gas from coal would be satisfactoiy, i.e.,
a composition of 92% to 94% CH,, and the rest H,, N,, Ar, CO, and
CO,, with the two carbon oxides at the 0.1% level.

Kerosene or Wide-Range Jet Fuel

Although jet fuel is the final desired product, the proposal for this
study did not contemplate the inclusion of facilities to produce a specification
product, and no specifications were proposed. The project plan calls for an
estimate of the energy requirements (overall efficiency) for converting coal
to syncrude and upgrading the crude to a kerosene-type product. We have
‘considered refinery light distillate or wide-cut kerosene as suitable products

for this part of the study.

Type of Coal

The scope of this study does not include the effect of different coals on
a particular product or process, For purposes of comparability, it is desir-
able to keep coal variations to a minimum; however, we have not specified
a single plant location and are not bound to a particular coal supply. Thus,
there is also a good rationale for considering the coal feed best suited for

the particular process considered.

Montana subbituminous coal was selected for the manufacture of hydro-
gen and methane bécause of its greater reactivity and nonagglomerating char-

acteristics during gasification, its abundance, its low-sulfur content, and
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its low cost compared with Eastern coals. For liquefaction, as discussed

in another section of this report, Eastern coal appears to have process

advantages over Western coal. The fact that Eastern coal costs more pre-

sents no problem in comparability because we have presented product prices

as a function of coal cost, so it is possible to make comparisons at the same

coal cost, Tables 1 and 2 present analyses for these two coals,

Table 1. ANALYSIS OF MONTANA SUBBITUMINOUS COAL USED
IN THE PROCESS DESIGNS FOR HYDROGEN AND METHANE

As Received Dry
Proximate Analysis wt %
Moisture 22.0 --
Volatile M atter 29.9 37.7
Fixed Carbon 42.6 54.6
Ash 6.0 7.7
Total 100.0 100.0
Ultimate Analysis (Dry) ,
Carbon 67.70
Hydrogen 4.61
Nitrogen ' : : 0.85
- Oxygen , } 18.46
Sulfur 0. 66"
Ash : 7.72
‘Total 100. 00

Dry Heating Value = 26,251 kJ/kg (11, 290 Btu/1b)
As Received HHV' = 20,475 kJ/kg (8806 Btu/lb)

than the Federal standard, 0.516 kg/GJ (1.2 1b

This is equivalent to 0.503 kg/GJ (1.17 1b SO,/10° Btu), which is less

SO,/ 10° Btu) and the

Montana standard, 0.86 kg/GJ (2.0 1b SO,/10® Btu).

Based upon maximum moisture content of 22.0 weight %.
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Table 2. ANALYSIS OF PITTSBURGH SEAM COAL USED IN
+ CSF COAL LIQUEFACTION PROCESS DESIGN

As Received Di-y
Proximate Analysis —_— wt %
Moisture 14.4 --
Volatile Matter 33.4 39.07
Fixed Carbon 40.9 47,71
Ash 11.3 13.22
Total 100.0 100.00
Ultimate Analysis (Dry)
Hydrogen 4.90
Carbon 68.97
Nitrogen 1.28
Oxygen 7,34
Sulfur . 4.29
Ash 13. 22
Total 100.00

L}

MF Gross Heating Value
As Received HHV*

29, 390 kJ/kg (12,640 Btu/lb)(Dulong)
25,158 kJ/kg (10,820 Btu/1b)

L

Based upon a maximum moisture content of 14,4 weight %.

Project Tasks

There are two major areas involved in this study — analyses of process
efficiency and process economics, These tasks have been subdivided as

follows:

1. Process Efficiency Analysis — Process designs were developed for
seven different methods of converting coal to liquid fuels. To have a
reasonable measure of overall efficiency, one must go into consider-
able detail in developing material balances, energy balances, and
determining utility requirements. Efficiencies for converting coal to
the different products have been developed for the seven processes
considered in this study.

a. Hydrogen — Three processes were evaluated, based on different
gasifier technologies: 1) Koppers-Totzek suspension gasification,
2) U-GAS fluidized-bed gasification, and 3) the continuous Steam-
Iron Process.

4
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b. Methane — Two processes were evaluated, again based on different
gasification technologies: 1) the HYGAS Process and 2) the Consoli-
dation Coal CO, Acceptor Process.

c. Kerosene or Jet-Fuel Component — For this product, two methods
of upgrading syncrude are evaluated, both based on the same coal
liquefaction process, the Consolidation Coal Synthetic Fuel Process
(CSF). A high-aromatic-content gasoline is produced by one
method; this gasoline is exported to petroleum refineries into the
gasoline pool., This reduces the required amount of catalytic re-
forming and permits increased output of light distillate (jet-fuel
component). The second method uses the synthetic crude heavy
fuel oil as feedstock to a two-step UOP processing scheme of
hydrocracking, followed by aromatic saturation to yield wide-range
jet-B fuel.

Process Economics — We originally planned to determine process

economics for one process in each of the product categories. The
U-GAS and HYGAS Processes were selected for hydrogen and methane,’
Both processes are oxygen-based, use fluidized beds, and are new IGT
processes, thus giving comparability and avoiding possible bias in
costing some other firm's process. After the design of the Steam-Iron
Process was completed, the sponsor requested that we include a cost
estimate for this process in the economics work., For the jet-fuel
component, we elected to present economics for the case in which the
manufacture of light distillate from petroleum refineries is increased
by importing coal-derived aromatic gasoline. This offers an attractive
way of incorporating the desirable high-octane, aromatic components
of liquids from coal into motor gasoline, while releasing paraffinic
distillate material for use as je‘t fuel. Economics for the second
method (jet fuel) became available late in the project.

To estimate process economics, it is necessary to size the various

equipment items or sections of the plant to estimate the total plant invest-

ment. The project p'lan stipulates that mid-1974 costs and a private in-

vestor financing method be used,

As a contract requirement, measurements have been expressed in the

International System of Units (Systeme International d'Unités or SI units),

Since most of these units are relatively unfamiliar, and all our calculations

were made using the British system, . the more familiar British units are

shown in parentheses. Table 3 shows relationships between the two systems

of units.
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Table 3. TABLE OF INTERNATIONAL UNITS AND THEIR CORRESPONDING
UNITS IN CONVENTIONAL BRITISH SYSTEM* BASED ON NASA SP-7012

REPORT "THE INTERNATIONAL SYSTEM OF UNITS"

To SI Unit

Kelvin
Kilonewtons /meter®
Kilojoule/kilogram

Kilogram/hour

Kilogram-mole/hour

Metric ton/day
Metric ton/day
Gigajoule /hour
Terajoule/day
Meter®/hour

Mete r3/day
Megajoule /meter’
Meter’/day
Kilogram/mete r’
Kilowatt

Meters3

Gigajoules/meter?

Liter

Joule

%*
Note:

From

British Unit

°F

psig

Btu/lb

1b/h

1b-mol /h
short tons /d
long tons/d
10® Btu/h
10° Btu/d
gpm

gal/d
Btu/SCF
SCF/d

1b-m /3

hp
Petroleum,

barrel (42 gal)

106 Btu /bbl
gal

. Btu

Multiply by

Conversion Factor

(°F +459.67) X5/9

(psig + 14. 7) 6. 894757

2.32517

0. 45359237
0.45359237
0.9071847
1.016046908
1. 05468

1. 05468
0.2271247
0.00378518
0.037246
0.02831685
16, 01846
0, 7457
0.15898 73

6.6336
3.7854
1054.68

Prefix With SI Units

HOog =

kilo

Mega

Giga

Tera

103
108
109
102

SI Units ’
Symbols

K

kN /m?
kJ /kg
kg /h
kg-mol /h
t/d

t/d
GJ/h
TJ/d
m3/h
m3 /d
MJ /m?
m?/d
kg /m3
kW

m3

GJ /m3
Liter

The process design calculations were made using the conventional British
units and then converted to the International System of Units (SI) as re-

quired by the contract,
units, the quantities expressed in parentheses
and text are represented in British units,

K, the corresponding number is (°F), °

1NSTITUTE

Since most people are not familiar with the SI
in the flow sheets, tables,
For example, for an SI unit of
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264-TJ/d (250. 3 Billion Btu/d) HYDROGEN FROM MONTANA SUBBITUMI-
NOUS COAL BY THE KOPPERS-TOTZEK PROCESS

+ The Koppers-Totzek Process employs the partial oxidation of pulver-
ized coal in suspension with oxygen and steam. This design is based on the
use of Montana subbituminous coal for gasification. The coal composition is
given in Table 1. The conversion of coal to hydrogen is a complex process

requiring many operations, These operations can be grouped into four major

sections:

1, Coal storage and preparation

2. Coal gasification to produce synthesis gas

3. Manuf;cture of hydrogen from raw synthesis gas

4, Utilities and other offsites,

Figure 1 shows the processing steps and Tables 4 and 5 give the com-

positions of the solid and gaéeous streams. The various sections of the plant

are discussed below,

Coal Storage and Preparation

The hydrogen plant is assumed to be located near a coal mine that will |
provide at least a 25-year supply of coal. Raw coal is brought from the mine
by trucks to a storage area where provision is made to accurnulate a 30-day
supply of coal broken to 3.8 cm x 0 (1-1/2 inch# 0) size in such a way that
it is uniformly distributed in the storage pile. This plant requires a continu-
ous flow of 22,690 t/d (25,012 short tons/d) raw coal from the mine (22%
moisture). Because of the uniform distribution of coal to the storage piles‘,
the composition of the coal feed to the plant approaches a more uniform con-
dition even though it varies from the mine. About 24.4% of the feed coal is

used as boiler and dryer fuel.

In combination grinder-dryer mills, coal is dried to 2% moisture and
pulverized to 70% through 200 mesh. The pulverized coal is conveyed to the

storage bins before feeding to the gasifiers,

Generation of Synthesis Gas

The pulverized coal is continuously discharged into a mixing nozzle
where it is entrained in oxygen and low-pressure steam. The moderate
temperature and high burner velocity prevent the reaction of the coal and the
oxygen until entry into the gasification zone of the Koppers-Totzek gasiﬁer.‘

The quantities of coal, steam, and oxygen required for the gasifiers are shown

below. 7
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kg/h | 1b/h
Coal (Dry Basis) 557,733 - 1,229,590
Steam 122, 544 270, 164
Oxygen (98% O,) 10, 969 t/d 12,092 short tons/d

The oxygen, steam, and coal react iﬁ a refractory;lined, horizontal,
cylindrical vessel with conical ends at a slight positive pressure and at 2089 K
(3300°F). The fixed carbon and volatile matter of the coal are gasified to
prociuce raw synthesis gas and molten slag at 1772 K (2730°F). About 50%
of the molten slag drops into a water-filled quench pot, forming a slag-H,O
slurry at 366 K (200°F). This slurry is cooled to 325 K (125°F) and sent to
a slag-settling pond. The water is recycled to the slag quench pot. The rest
of the slagged wet ash is carried out as fly ash with the gas and, after waste-
heat recovery from the hot gas, recovered by water scrubbing and electro-

static precipitation. The composition of the raw gas from the gasifiers is as

follows:
Actual Dry Basis
mol %

CcoO 51,3 : 58.3
co, _ 8.8 10.0
H; ' 26.8 30.4
H,O 12.0 --
CH, -- --
N; + Ar . 0.9 1.0
H,S + COS 0.2 0.3

Total 100.0 100.0
Pressure = 144 kN/m?® (6.2 psig)
Temperature =

1772 K (2730°F)

Manufacture of Hydrogen From Raw Synthesis Gas

Synthesis gas leaving the gasifiers is cooled to 1422 K (2100°F) by
direct quench with water that helps solidify the entrained slag droplets. The
quenched gas is cooled to 355 K (180°F) in the waste-heat recovery boiler,
where a significant amount of superheated steam at 8375 kN/m? (1200 psig)
and 755 K (900°F) for turbine drives is generated. The cooled gas is washed
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with methanol already charged with CO, at 319 K (115°F) and 4859 kN/m?
(690 psig). The higher operating pressure of the Rectisol system is favor-
able for the physical absorption of acid-gas in methanol, The regeneration
of this solvent yields an H,S-rich gas containing 25.5% H,S, which yields
87.5 t/d (86.1 long tons/d) of sulfur in the sulfur recovery plant, and 250

ppmv of sulfur in the vent gas to the atmosphere.

After the CO shift, the effluent is cooled to 319 K (115°F) by waste-
heat recovery and cooling water before going to the second-stage Rectisol
system for CO, removal, The CO,-rich stream is vented to the atmosphere

since it contains less than 6 ppmv sulfur,

To reduce the CO to 0.1%, the effluent from the second stage Rectisol
containing 4.8% CO is methanated. A single-stage recycle quench methana-
tion system with a feed temperature of 561 K (550°F) and an effluent tempera-
ture of 755 K (900°F) is used, The methanation effluent is cooled to 325 K
(125°F), with a portion of the gas used as a recycle quench stream. The
product gasis dried in a standard glycol drying unit to 112 kg H,0/Mm?3 (7 1b
H,0/million SCF gas).

The dried gasis.compressed to 6996 kN/m? (1000 psig) in a single-stage
product gas compressor and sent to the pipeline., As the heating value of
hydrogen is approximately one-third that of methane (for each SCF of gas),
the volume of H, product gas is approximately three times that of SNG for a
comparable 264 TJ/d (250.3 X 10° Btu/d) plant. The composition of the H,

product gas is given below:

mol %

CO 0.1
CO, <50 ppm
H, 93.1
CH, 5.5
N; + Ar 1.3

Total 100.0
Pressure = 6996 kN/m? (1000 psig)
Temperature = 333 K (140°F)
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Utilities and Other Offsites

‘The conversion of coal to hydrogen requires large quantities of utilities
like steamn power and cooling water, which are summarized iﬁ Tables 6-8.
The plant is designed to be self-sufficient, based on coal. The boiler duty
is 3444.3 GJ/h (3265.7 X 10% Btu/h). It is designed to supply 5171 kN/m?
(735 psig) saturated steam for the CO shift and 8375 kN/m? (1200 psig) steam

for the plant power requirements.

Table 9 presents the overall process thermal efficiency. Approximately
56.8% of the higher heating value of feed coal is converted to higher heating
value in the product gas; 0.2% goes to the sulfur product. The overall

energy balance is given in Table 10.

In summary, 264 TJ/d (250.3 X 109 Btu/d) of H, produced from Montana
subbituminous coal using Koppers-Totzek gasifiers operating at 143 to 150
kN/m? (6 to 7 psig) and 1755 to 2089 K (2700° to 3300°F) requires 22,690
t/d (25,012 short tons/d) of 22% moisture coal and converts 56.8 % of the
HHV of coal to the HHV of the H, product and 0.2% of the HHV to sulfur.

16
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Table 7. SUMMARY OF POWER REQUIREMENTS FOR 264 TJ/d (250.3
X 107 Btu/d) HYDROGEN FROM MONTANA SUBBITUMINOUS COAL BY
THE KOPPERS-TOTZEK PROCESS ’

Component hp kW

Coal Drying and Reclaiming 3,000 2,238

Coal Crushing - 8,837 6,592
Air Separation Plant 199, 017% 148,467%*
Oxygen Compressor 4, 100% 3,059%
' Synthesis Gas Compressor 272,400% 203, 210%
Rectisol Refrigeration 24, 000* 17, 904*

Rectisol Motive Power 24,000 17,904
Methanator Recycle Gas Compressor 3, 600¥% 2, 686%
- H Compressor 11,800% 8,803%
Cooling Water Pumps and Fans 27,000 20, 142

Boiler Feed Water Pumps 8,000 5, 968

Waste-Water Treatment 2,000 1,492

Other Miscellaneous 10,000 7,460

Total 597,754 445, 925

Power Generation

¥From Steam Driven Turbines 51;}, 917 384,129

Net from Turbo Generator 82,837 61,796

Total 597,754 445, 925

18
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Table 8 . SUMMARY OF COOLING WATER REQUIREMENTS FOR 264 TJ/d
(250.3 X 10? Btu/d) HYDROGEN FROM MONTANA SUBBITUMINOUS COAL
BY THE KOPPERS-TOTZEK PROCESS

Component m3/h* gpm*
Gas Quenching and ScruBbing System 8,829 38,873
Air Separation Plant (In Addition to

Steam Condensors) 10,547 46,437
Rectisol System 1,000 4,400
Interstage Cooling in Syngas Compressor 12,060 ‘ 53,100
Slag Cooling 882 3,884
CO-Shift System S 3,021 13, 300
Methanation System 3,460 15, 234"
For Steam Turbine Condensors 51,784 228,000
Total 91,583 403,228

. .
Cooling water temperature 303°-319°K (85°-115°F),

. Table 9. KOPPERS-TOTZEK PROCESS EFFICIENCY FOR 264 TJ/d
(250.3 X 10° Btu/d) HYDROGEN PLANT USING MONTANA
SUBBITUMINOUS COAL

‘ kg/h _ __Ib/h
Reactor Coal (Dry Basis) 557,733 1,229.590
Fuel Coal (Dry Basis) 179,721 396,218
Total "7137,454 1,625,808
GJ/h 10° Btu/h
HHV Total Coal® 19, 359. 1 18,355.4
HHV Product Gas 10,999.0 10,429.0
7% Converted to Product Gas — 56.8
HHV Sulfur 37.0 32.0
% Converted to Sulfur —_————— 0,2
% Converted to Products — 57.0

At 26,251 kJ/kg (11,290 Btu/lb) dry basis.

19
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Table 10 , SUMMARY OF OVERALL ENERGY BALANCE FOR 264 TJ/d
(250.3 X 10? Btu/d) HYDROGEN FROM MONTANA SUBBITUMTNOUS

COAL BY THE KOPPERS-TOTZEK PROCESS
(Basis: 289 K(60 °F) Liquid H,O) - i

Heat In GJ/h 10°Btu/h %%
Coal to Gasifier — 14641.2 13882.1 75.6
Coal to Boiler and Dryer . 4717.9 4473.3 24,4
Total 19359,1 18,355.4 100.0
Heat Out
Hydrogen-Rich Gas ' 10997.8 10427.6 56.8
Sulfur 33,7 32.0 . 0.2
Heatlost Through Cooling Water 6447.5 6113,2 33.3
Air Cooling 61.5 58.3 0.3
Coal Drying 558.0 529.1 2.9
Boiler Stack Gases, etc. | } : ’
(85% efficiency) ' - 624.1 591.7 3.2
Heat Losses Through Hot Conden-
sate and Deaerator Losses 90. 3 85.6 0.5
Heat Recovery Losses ‘ S 208.3 197.5 1.1
Other Miscellaneous Unaccounted 338.0 320.4 1.7
Total 19359, 1 18,355. 4 100.0
20
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PROCESS DESCRIPTION OF 263.9 TJ/D (250 Billion Btu/d) HYDROGEN
PLANT FROM MONTANA SUBBIT UMINOUS COAL BY THE U GAS PROCESS

The U-GAS Process utilizes smgle-—stage ﬂu1d1zed-bed gasifiers. The

major advantages of this type of operation include —

1. High reaction rates are achieved because of good gas-solids contact.
2. The bed temperature is uniform -and can be easily controlled.
3. The high mass of carbon in the fluid bed assures reducing conditions,

giving good product gas and ensures the conversion of sulfur to H,S,
which is readily removed,

4. The ash removal system is unique because it allows recycling and
subsequent gasification of fines.and removal of only low-carbon ash.
This system results in a high-carbon conversion and, therefore,
higher efficiency.
Our process designs for hydrogen are based on Montana subbituminous
coal, which is noncaking, and so pretreatment is unnecessary. The composi-

tion of this coal is shown in Table 1.

For the description that follows, refer to the flow diagram (F.igure 2)
and the material balances in Tables 11 and 12. Coal containing 22% moisture
is received from the nearby mining area at the rate of 19,453 t/d (21,443
short tons/d). After breaking to 3.8 cm x 0 {1-1/2 in, x 0), the coal is placed
in the storage-reclaiming area where 30 days of storage is maintained. Pro-
visions are made to store the coal in such a way that it is uniformily distrib-
uted in the storage pile. Because of this provision, the reclaimed coal fed
to the gasifiers approaches a uniform composition even though the composi-
tion of coal varies from the mine. In addition to 15,204 t/d (16, 760 short
tons/d) of process coal (22% moisture) for the gasifiers, 485 t/d (535 short
tons/d) of wet coal (22% moisture) are required for the coal-drying system;
the boiler requires 3763 t/d (4148 short tons/d) of coal (22% moisture).

Coal is simultaneously crushed to 0.6 cm x O‘(1/4 in. x 0) and dried
to 10% moisture before being conveyed to the reactor feed system., Lockhop-
pers have been chosen for this feed system because they have been commer-
cially proved in systems operating at this reactor pressure, 2411 kN/m?
(335 psig). Coal is dropped from a feed bin into an open lockhopper. After
being isolated by the lockhopper valves, the lockhopper is pressurized to the
reactor pressure with carbon dioxide from a recycle compressor. The lock-

hopper discharge valve is then opened and the contents flow by gravity into

21
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a continuous reactor feed bin. The lockhopper is then depressurized into a
gas holder upstream of the recycle compressor; this cycle is continuously

repeated.

Generation of Synthesis Gas

This plant design requires two gasifiers with a 9.4-m (31-ft) ID and a
20.9-m (68.5-ft) straight shell. These two units consume 7830 t/d (8631
short tons/d) of 98% oxygen combined with 170,449 kg/h (375,776 lb/b) of
steam. The steam and oxygen serve as a fluidizing -gasifying medium for
the 13,177 t/d (14,525 short tons/d) of gasifier coal feed. The gasifier feed

quantities and steam required for CO-shift conversion ar«v given below,

U-GAS GASIFIER FEED QUANTITIES
LFor 264 TJ/d (250 X 10° Btu/d) Plant Utilizing Montana Subbituminous Coal]

Coal, kg/h (dry basis) 494,143 (1,089,399 1b/h)
Steam, kg/h 170,449 (375,776 1b/h)

Oxygen, t/d _ 7,830 (8,631 short tons/d)

Steam to Shift, kg/h
358,682 (790,758 1b/h)

The coal is gasified in a single-stage fluidized bed at a temperature of
1311 K (1900°F) and a pressureof 2413 kN/m? (335 psig). The reactor resi-
dence time is 80 minutes and the fluidizing velocity is 0.46 m/s (1.5 ft/s).
Because the coal is injected below the fluidized-bed surface, methane forma-
tion is minimized; wvolatiles are decomposed because of the high temperature,
1311 K (1900°F). This gasifier concept is unique for its method of ash re-
moval and its fines handling system. The design resolves the main disadvan-'
tage of coal gasification in a fluidized bed rich in carbon, the problem of
selectively removing low-carbon content ash from the fluidized bed. At the
same time as coal gasification, the ash is agglomerated into larger and
heavier particles for selective separation from the bed, The method for remov-
ing the ash in this manner is described below. Part of the fluidizing stearh-—
oxygenmixture enters the gasifier through a fluidizing gvrid that is sloped
toward one or more inverted cones contained in the grid. The remaining gas

flows upward at a high velocity through a throat at the cone apex. This

Preceding page blank
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creates a small, higher-temperature area above the cone within the fluid-
ized bed. By properly selecting the ratio of oxygen to steam in the gas fed
to the throat of the cone, the temperature above the cone throat can be con-
trolled so that it is greater than that of the rest of the fluidized bed and near
the ash-softening point for the coal. Because the ash in gasified coal particles.
is heated to near its softening point, the surface of the particles becomes
sticky and the particles agglomerate. Ash agglomerates grow in size in the
high-velocity, oxygen-rich jet until they are heavy enough to counter the drag
force of the high-velocity gas stream from the throat of the inverted cone; at
this point, they fall through the cone throat and out of the fluidized bed. Both
the fluidized gasifier and ash agglomeration are being studied in a small pilot
plant at IGT,

Fines (caused by attrition or from the previous crushing operation)
preferentially carried upward and out (elutriated) of the fluidized bed are
returned to the gasifier through cyclones. An internal cyclone leads directly
to the fluidized bed and an external cyclone leads to the bottom of the gasifier,
The fines from the external cyclone are recycled once to extinction. They
are returned to the fluidized bed in a stream of steam and oxygen, rapidly
gasified, and the ash is agglomerated with the normal bed-produced ash in
the high-temperature zone above the inverted cone. The ash agglomerates
fall into a water-filled quench pdt where they form a slurry that is cooled and
then depressurized across a valve before being sent to one of two slurry-
settling ponds., The water is recycled to the slurry quench pot. The partially
dried ash is reclaimed from the unused pond and disposed of in the mining

area.

The raw gasifier product at 1311 K (1900°F) is cooled to 422 K (300°F)
in a waste-heat recovery boiler that generates about 90% of the process steam
requirements; the remaining steam is generated in the CO-shift waste-heat

recovery unit.

Small dust particles (less than 5 microns) carried over from the cyclones
are taken out in a venturi scrubbér that has a high removal efficiency on par-
ticles of 1 to 2 microns. This step is necessary to completely remove partic-

ulate matter from the gas before compression.

30
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Manufacture of Hydrogen From Synthesis Gas

A comparison of raw synthesis gas with the product gas is given below.

U-GAS HYDROGEN FROM COAL PLANT
(Montana Subbituminous Coal)

Gasifier Raw Gas Product Gas
Composition Composition
mol % (Dry Basis)

CO 50.1 0.1

CO, 11,5 <50.0 ppm
" H, 35.3 94.3
CH, ' 2.1 4.8
N, + Ar 0.7 A 0.8
H,S 0.3 . .-
Total 100.0 100.0

To increase the hydrogen yield, the CO is converted by the well-known shift

reaction (CO + H,0 = CO, + H,0), which is carried out in a catalytic reactor.

Commercial catalysts are available for operation at two temperature levels,

450 to 533 K (350° to 500°F) and 589 to 783 K (600° to 950°F). The low-

temperature shift catalyst requires much less steam than a high-temperature

shift system because of the more favorable equilibrium. In this case,

20,536 kg-mole/h (45, 275 lb-mole/h) of CO are shifted. The low-temperature

shift system saves 0.5 to 0.9 million kg/h (1.2 to 2 million lb/h) of shift steam,

depending on whether the system used as a comparison is:

1. An exclusively high-temperature shift catalyst with no liquid water
quench between stages, or )

2. A combination high-temperature/low-temperature shift catalyst with
liquid water quench between stages.,

Also, because the low-temperature shift system decreases steam usage, the

cost of thé boiler is less, and, more importantly, the plant efﬁéiency is

raised 3% to 7%, again depending on the high-temperature shift design used

as a comparison.

31
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Waste-Water Treatment

The condensed water from the process contains H,S, and is sent to a
steam stripper, where the H,S is removed and sent to the sulfur recovery unit,
The processed water is then recycled to the CO-shift unit as quench and the re-

mainder is used as makeup for the cooling tower.

Utilities and Other Offsite Facilities

- The required utilities — stéam, power, and cooling water — are sum-
marized in Tables 13-15, Waste-heat recovery is used to the maximum extent
practicable to generate steam and preheat the boiler feedwater. This cuts
down on both boiler size and coal consumption. The power for the plant is
derived frc;m a coal-fired boiler that generates steam for process turbine
drivers as well as steam for a turbine generator to supply 'the electrical power
needs, 47,600 kW, This design makes the plant self-sufficient, based on the
coal feed. Raw water is treated as required for cooling tower makeup and

boiler feedwater makeup.

Process Efficiency and Plant Energy Balance

The process efficiency calculation is shown in Table 16. About 66.2%
of the high-heating value in the coal is converted to high-heating value in the
product gas. Wé.ste-heat recovery 'units' have been used to the maximum ex-
tent practicable to reduce the amount of heat lost.to the cooling media. The
total high-heating value of coal fed into the process is 16,59 GJ/h (15,736
million Btﬁ/h), of which 2080 GJ/h (1972 million Btu/h), or 12.5%, is re-
covered with waste-heat recovery units. The product gas contains 10, 995
GJ/h (10,425 million Btu/h) HHV, which is 66.2% of the HHV of the total coal.

The plant energy balance is shown in Table 17, which gives an accounting

for the remaining heat input from coal.

In conclusion, the U-GAS Process utilizing a single-stage fluidized-bed
gasifier operating at 2411 kN/m? (335 psig) and 1311 K (1900°F) produces
77.3 t/d (76.1 short tons/d) of sulfur and 264 TJ/d (250 billion Btu/d) of hydro-
gen from Montana subbituminous coal in an environmentally acceptable manner.
The efficiency of conversion of total coal HHV to product gas and sulfur HHV
is 66.4%.
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Table 14. SUMMARY OF POWER REQUIREMENTS FOR CONVERSION OF
MONTANA SUBBITUMINOUS COAL TO 263.9 TJ/d (250 Btu/d)
' HYDROGEN BY THE U-GAS PROCESS

Section

Process Stage

Coal Storage and Reclaiming
Coal Grinding and Drying
Reactor Feed System*
Reactor Discharge System
Gas Cooling and Dust Removal
Syn-Gas Compressors*
Rectisol H.ZS-COZ Removal’

a Motive Power
b) Refrigeration Units®

CO Shift

M ethanation and Drying
Product Gas Compressors®
Oxygen Plant

Air Compressors (4 requ1red)
Oxygen Compressors (4 required)®

Sulfur Recovery

Wastewater Treatment .
Feedwater Pumps for Steam Turbine Drivers.
BFW Feedwater Pumps for Turbine Generator
Cooling Water Pumps

Miscellaneous
Total

Steam Turbine Drivers

Reactor Feed System
Syn-Gas Compressors
H,S-CO, Refrigeration Compressors
Product Gas Compressors
Oxygen Plant

Air Compressors

Oxygen Compressors

' Subtotal

Power From Turbogenerator

Total

Steam Turbine Drive.
34
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Power Required

KW
1,940
5,789
2,984

112
433
33,152

17, 307
17,009

119
52
17,889

105,775
35,741

82

366
3,193
709
10,011
7,460

260,123

2,984
33,152

17,009

17,889

105,775
35,741

212,550
47,573

260,123

hp
2,600
7,760
4,000
150
580
44,440

23,200
22,800

160
70
23,980

141,790
47,910

110
490
4,280
950
13,420
10, 000

348,690

4,000
44,440
22,800
23,980

141,790
47,910

284,920
63,770
| 348,690

TECHNOLOGY




6/76

8963

Table 15, SUMMARY OF COOLING WATER REQUIREMENTS FOR THE
CONVERSION OF MONTANA SUBBITUMINOUS COAL TO 263.9 TJ/d
(250.2 X 107 Btu/d) HYDROGEN BY THE U-GAS PROCESS

Cooling . Water

Reactor Feed System

Reactor Discharge System

Gas Cooling and Dust Removal
CO Conversion

Methanation

Rectisol

Oxygen Plant

Sulfur Recovery

Waste-Water Treating

Steam Turbine Driven Condensers

Turbine Generator Condenser

Total

Table 16. U-GAS PROCESS EFFICIENCY

Reactor Coal, kg/h (dry basis)

Boiler Coal and Dryer Fuel,kg/h
(dry basis)

Total Coal
HHV Total Coal, GJ/h"
HHV Product Gas, GJ/h
HHV Product Sulfur, GJ/h
% Converted to Product Gas

% Converted to Product Gas
and Sulfur

At 26,251 kJ/kg (11,290 Btu/1b).
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494, 143
138,057

m3/h gpm
186 820
522 2,300
1,211 5, 330
513 2,260
438 1,930
3,300 14,530
8,847 38,950
86 380
134 590
25,502 112, 280
5,456 24,020
46,195 203, 390

(1,089,399 1b/h)
(304,363 1b/h)

.632,200

16,596
10,995
30
'66.2
66.4

(1,393,762 1b/h)

(15,736 10° Btu/h)
(10,425 10® Btu/h)
(28.3 X 10° Btu/h)
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The low-temperature shift catalyst cannot be used with sulfur-containing
gas. Moreover, since acid-gases (H;S and CO,) must be removed at some
stage of the process, it is desirable to remove H,S prior to CO conversion

and CO; after CO conversion,

'Prior to H,S removal, the gas is compressed to 4928 kN/m? (700 psig).
This facilitates acid-gas removal because a physical absorption system has
been chosen for the plant — higher partial pressures are favorable for absorp-
tion, The unit selected for acid-gas removal is a two-stage Rectisol plant
similar to units that have been successful in commercial operation, The H,S
absorption system produces an H,S-rich gas that is sent to the sulfur-recovery
unit. This unit produces 77.3 t/d (76.1 long tons/d) of molten sulfur and has

an atmospheric vent containing 250 ppmv sulfur.

After CO conversion, the CO, is removed by the second stage of the -
Rectisol unit, Some of this CO, stream is used as lockhopper gas; the re-
mainder is vehted to the atmosphere. The sulfur content is claimed to be less
than 5 ppmv. A methanation unit is used to reduce the product gas CO con-
centration from 1.5% to 0.1%. This is more economical than converting all
the CO by the shift reaction. The unit is a single-stage adiabatic reactor
similar to those used in ammonia plants to remove carbon oxides. Water in
the gas from the methanator is removed in a standard glycol drying >unit. The
dried gas is compressed to 6996 kN/m? (1000 psig) by the product gas com-

pressor and enters the pipeline.

In terms of volumes of gas handled, this plant is larger than the stand-
ard 264 TJ/d (250 billion Btu/d) SNG plant. This plant produces 20 Mm?/d
(705 million SCF/d) of gas compared to about 7.1 Mm?/d (250 million SCF/d)
of gas for an SNG plant.

36
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Table 17. OVERALL ENERGY BALANCE FOR CONVERSION OF MONTANA
SUBBITUMINOUS COAL TO 263.9 TJ/d (250.2 X 10° Btu/d) HY DROGEN
BY THE U-GAS PROCESS
[Basis: 289 K (60°F) Liquid H,0O]

GJ/h 10° Btu/h
Input
Gasifier Coal 12,971.2 12,299.3
Boiler and Dryer Fuel Coal 3,624.2 3,436.3°
Total 16,595.4 15,735.6
Output _ ‘
Product Gas, HHV ) 10,994.8 10,424.8
Product Gas Enthalpy |  45.8 " 43.4
By-Product Sulfur 29.8 28.3
By-Product Sulfur Enthalpy li. 5 10.9
Residue, HHV ’ 232.1 220.0
Residue Enthalpy ' , . 1.6 1.5
Air-Cooling Heat Rejection 947.9 898.8
Cooling-Tower Heat Rejection 3,217.7 S 3,050.9
Boiler-Stack U-GAS Losses 481.6 456.6
Steam System Blow Down Cobling : 17.’5 16.6
- CO; Removal System Atmospheric " 64.5 61.2
CO, Removal System Atmospheric Vent-HHV 31.7 30.1
Enthalpy .
Coal-vDrying’ System Vent Ent};alpy 334.1 316.8
" Product Gas Dryer Vent Enthalpy 3.6 ' 3.4
Deaerator Vent Enthalpy 21.3 20.2
Waste-Heat Recovery Unit Losses : 109.2 103.5
Miscellaneous and Unaccounted Losses 51.3 ‘ 48.6
Total ’ ‘ 16,596.0 15,735.6

37
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263.9 TJ/d (250.2 F B11110n Btu/d) HYDROGEN FROM MONTANA SUBBITUMI-
NOUS COAL BY THE STEAM-IRON PROCESS

In the Steam-Iron Process, the crushed and dried coal is reacted with
steam and air to ma‘ke producer gas that is used to reduce oxidized iron from
the steam-iron reactor. Hydrogen is derived from water in accordance with
reactions given below, The advantages of this process include —

1, High~purity hydrogen is produced.

2. No oxygen plant is required because air is used directly.
- 3. No CO shift is required.
4. A large amount of electric power is produced as a by-product.

Any type of coal, from bituminous to lignite, can be gasified in this
process. For the caking coals, pretreatment with air is required at 644 to

700 K-(700° to 800°F) to reduce the agglomerating tende‘ncy of coal.

Montana subbituminous coal was used for the gasification in this design,
so no pretreatment is necessary. The compdsition of raw coal is given in
Table 1, The processing steps required in the conversion of coal to hydrogén
are shown in Figurle 3. Tables 18 and 19 give the composition of solid and
gaseous streams corresponding to the streams in Figure 3. The processing
steps may be grouped in the following way:

- 1. Coal storage and preparation ‘

2. Producer gas generator and steam-iron reactor

3. Upgrading of oxidizer effluent to H, product

4, Power generation from reductor off-gas using combined power cycle

5. Utilities and other offsites.
The description of these steps follows.

1. Coal Storage and Preparation

The hydrogen plant is assumed to be located near a coal mine that will
provide a2 minimum 25-year supply of coal. Raw coal is brought from the
mine by trucks to a storage area where provision is made to store a 30-day
supply of coal broken to 3.8 cen x 0 (1-1/2 in. x 0) size. Coal is stored in
such a way that it is uniformly distributed in the storage pile. This plant
requires a continuous flow of 28,896 t/d (30,853 short tons/d) of raw coal
from the mine (22% moisture). Because of the uniform distribution of coal

to the storage piles, the composition of the coal feed to the plant becomes

38
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6/76 8963

more uniform, even though it varies from the mine. About 3.2% of the feed

coal is used as the dryer fuel,

The plant coal feed is ground to 80% below No. 10 U.S.S.Sieve size and
dried to 5767% moisture content in combination grinder-dryer mills. A lock-
hopper feed system, which has been used successfully in commercial Lurgi
plants at 2170 to 2859 kN/m? (300 to 400 psig), is used to feed coal to the pro-
ducer, Coal is fed to a iockhopper from a storage bin. After closing the
lockhopper valves, the vessel is pressuvrized to the reactor pressure by an
inert gas. The lockhopper discharge valve is then opened and the contents of
the lockhopper flow by gravity into a continuous producer feed bin. The lock-
hopper is 'then depressurized and the cycle is repeated. Inert gas is re-

covered, recompressed, and recycled,

2. Producer Gas Generator and Steam-Iron Reactor

The ground and dried coal is continuously discharged to the fluidized-
bed producer gas generator operating at 1339 K (1950°F) and 2549 kN/m?
(355 psig). A high percentage of the carbon is gasified in the fluidized-bed

producer, The following gasification reactions take place in the producer —
C + HbLO ~ CO + H;— Heat

O, + N,

alr

C + - CO + N; + Heat

Small quantities of CO;, CH,, and H;S are also formed. The quantities
of coal, steam, and air required for the producer‘and the steam-iron reactor
are shown in Table 20, The residue from the producer is cooled to 367 K
(200°F) in a water-filled quench tank., The residue-water slurry at 325 K
(12_5°F) is depressurized and sent to a slurry-séttling pond. The water is
recycled to the quench pot and the residue is removed from the pond |

periodically,

The steam-iron reactor con.sists of an oxidizer and a reductor. A
stream'of iron oxide is cyclically reduced with producer gas in the reductor
then reoxidized by the decomposition of steam in the oxidizer, or hydrogen-
forming reactor. Solids circulation rate is about 27.2 million kg/h (60 million

1b/h). The following reactions take place in the steam-iron reactor section.

Preceding page blank 45
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Table 20. STEAM-IRON GASIFICATION SYSTEM FEED QUANTITIES
FOR 263.9 TJ/d (250. 2 Billion Btu/d) HYDROGEN PLANT USING
MONTANA SUBBITUMINOUS COAL

Steam-Iron " Total Steam-Iron
Producer Reactor Gasification System
Coal, kg/hr (dry basis) 909,035 -- 909,035
Coal, 1b/hr (dry basis) 2,004,079 -- 2,004,079
Steam, kg/hr . 120,402 1,965,764 2,086,166
Steam, lb/hr 265,442 4,333,767 4,599, 209
Air, kg/hr 2,786,515 67,845 2,854, 360
Air, 1b/hr . ‘ 6,143,215 149,572 6,292,787

The composition of the producer gas is as follows:

‘ mole %
co 27.4
CcoO, 3.9
H, 1403
H,0 4.3
CH, 0.4
H,S : 0.1
N, " 49,6

Total 100.0

1339 K (1950 °F)
2549 kN/m? (355 psig)

Temperature

1}

Pressure

(Continued from page 45)

Reductor
¥FesOy + CO ~ 3 FeO + CO,

FesO, + Hy = 3Fe0O + HO
Oxidizer

3FeO + Hzo_’ Fe3O4'+ Hz

In addition to the producer gas, additional amounts of steam and air are
required for the steam-iron reactor; these quantities are listed in Table 20.

Two effluent streams, one from the oxidizer and one from the reductor,

46
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are available for further processing. The compositions of both streams are

shown below,

Reductor Off-Gas Oxidizer Effluent

Actual g Dry) gDrx! Actual
mole %

Co 8.8 10.4 1.4 0.5

co, 20.7 24.7 0.2 0.1

H, 6.2 7.4 95.9 37.1

H,0 . 16.0 - - - - " 61,3

CH, 0.4 0.5 - - .-

N, + Ar 47.8 56.9 2.5 1.0

H,S + COS 0.1 0.1 S - -

Total 100.0 100.0 100.0 100.0

Pressure 2515 kN/m? (350 psig) 2512 kN/m? (350 psig)
Temperature 1100 K (1520°F) 1125 K (1565°F)

The oxidizer effluent, which contains primarily H, and steam,is upgraded
to H, product, whereas reductor off-gas (spent producer gas) is used for power

recovery.

3. Oxidizer Effluent Upgrading

The oxidizer effluent contains very small quantities of CO and CO,, and
no H,S. This eliminates the processing steps of the CO-shift and acid-gas
removal, so only methanation is required for upgrading the gas to the hydrogen
product. Since a temperature of 561 K (550°F) for the methanation reactor
feed is desirable, the effluent is cooled to this temperature in a waste-heat
boiler, which generafes about 50% of the steam required for the steam-iron
reactor. Before methanation, dust particles are removed by cyclone separa-
tors and electrostatic precipitators. The gas passesthrough a zinc oxide
bed (as a precautionary step) to prevent poisoning of the methanation catalyst
by sulfur compounds that can be carried by the iron oxide from the reductor

to the oxidizer.

47
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The amounts of CO and CO, methanated are such that the final H,
product contains 0.1% maximum of both CO and CO,. The methanation re-
actor is a single-stage adiabatic reactor. The effluent at 597 K (615°F) is
used in waste-heat reéovery, then cooled to 311 K (100°F), dried in a glycol
dryer to 112 kg/Mm?3 gas (7 1b H,O/million SCF gas), compressed in a product
gas compressor to 6996 kN/m? (1000 psig), cooled to 333 K (140°F), and

finally sent to the pipeline. The composition of the product gas is as follows:

mol %

CoO 0.1
CO, ' o 0.1
H,. 95.7
CH, 1.5
N, + Ar 2.6
Total 100.0

4, Power Generation From Reductor Off-Gas

The carbon monoxide and hydrogen in the spent producer gas are not
completely converted in regenerating the iron oxide, The heating value plus
the sensible heat of this stream represent 54% of the heating value of the input
coal to the process. Part of fhis energy, 15% of the coal fuel value, is utilized
in the plant to compress air for producer gas generation and to generate pro-
cess steam. The remainder must either be utilized or wasted. There is the
potential for generating a large amount of electric power, far more than is

needed for the hydrogen manufacture alone.

We were able to obtain the services of UTRC of United Technologies
Corp. for estimating the amount and cost of this power recovery. Most of the
power is obtained by expansion of the gas through gas turbines and, therefore,
the concentration of iron oxide particles carried err from the reductor must
be reduced as much as possible. We have included in our design a two-stage
cyclone system followed by electrostatic precipitators.' The cleaned gas is
available to the power recovery system at 2517 kN/m? (365 psia) and 1100 K
(1520°F).

Two combined-cycle systems were studied:

1. Expansion to 1331 kN/m? (193 psia) with power recovery, followed by
combustion and a combined-cycle system

48
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2. Combustion at 1999 kN/m? (290 psia) followed by the combined cycle.

The second system showed slightly better power recovery and lower
cost. This scheme, then, is the one selected for the design and analysis, and
is shown in Figure 4. In this system, combustion air is compressed in
Compressor A then introduced into the combustor, where it combines with
the spent producer gas. E=xcess air maintains the exhaust temperature at
1589 K (2400°F). The combustion pressure of 1999 kN/m? (290 psia) results
from allowing a 517 kN/m? (75 psi) pressure drop in the fuel meter, manifold,
nozzle, and related components, as was assumed for Scheme I. A pressure
drop of 103 kN/m? (15 psi) during the combustion process was also assumed.
The temperature of 1589 K (2400°F) is beyond current technology, but by the '
time a steam-iron plant would be built, advanced technology will probably
have made operation feasible at 1589 K (2400°F).

The heat content of this gas, heating value plus sensible heat, is 3.2
MJ/m? or 2688 kJ/kg (85 Btu/SCF or 1156 Btu/lb). UTRC believes utilization
of this gas is possible. In addition to conventional combustors, catalytic com-

bustors offer encouraging possibilities.

. The exhaust gas flows are divided into three streams at the ‘bui'ner exit;
each stream is proportional to the work required in the turbine expanders,

In Turbine C, the net output power is used only to drive Compressor A, and
the unit is completely self-contained. Turbine D, which drives Compressor B,.
the source of pressurized air for the Steam-Iron Process, is similarly self-
contained; Power Turbine'E is the only turbine component intended to drive
an electric generator. All turbine components expand to a common dis-
charge pressure of 114 kN/m? (16.5 psia), which is sufficient to cover losses
in the subsequent heat exchanger units, The common exhaust gas stream is
then divided into two streams, one of which is used to transfer process heat
to water in a heat-to-process heat exchanger; the second exhaust stream
heats water in the steam turbine system. A second heat exchanger in the
heat-to-process stream, which recovers heat from a portion of the methana-~
tion effluent, is shown in Figure 4. Additional heat from the methanation
effluent stream is used to preheat the water from the condenser discharge

in the steam turbine system. Flow rate restrictions and thermodynamic
temperature limits in the steam cycle dictate that the discharge temperature

from the water preheater must not exceed 394 K (250°F).
49
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A tremendous amount of shaft power, 2,05 million kW (2.7 million total
hp), is extracted from the products of combustion of the spent producer gas in
expanding from 1896 to 114 kN/m? (275 to 16.5 psia).

About half of this power is used to supply the power needed to compress
the air for producer gas generation and the air for the combustor. The rest
of the shaft energy powers a generator that produces 1084 MW of electricity.
After expansion to 114 kN/m? (16.5 psia), the gas is at a temperature of 921 K
(1198°F) and still contains substantial energy. This energy is then recovered
in waste-heat boilers, with 46.5% transferred to process steam and 53.5%
fueling the steam-turbine cycle. An additional 241 MW of electricity are
generated, bringing the total to 1325 MW — a major power plant, About 96 MW
are used locally in the hydrogen plant, leaving 1229 MW for export as a by-
product. The heating value of the product hydrogen represents only 44.6%
of the total heating value of the coal fed to the plant. The heat equivalent of
the by-product electricity adds another 18% to give a total heating value out-
put of 62.6%. If one considers the heat input necessary to generate this
amount of electricity as a by-product, then the overall efficiency is sub-
stantially higher. For this combined cycle, the by-product heat energy input
is 36.9% of the total plént coal, Adding this figﬁre to 44.6% gives a total of
81.5%. Since we are taking by-product credit for electric power, which is
worth much more than heat, then the heat equivalent of the electricity output

appears to be the more appropriate figure.

UTRC's complete report is included as Appendix  of this report,

5. Utilities and Other Offsite Facilities

The conversion of coal to hydrogen reéuires large quantities of utilifies :
such as steam, power, and cooling water; these requirements are summarized
in Tables 21-23, The plant is designed to be self-sufficient based on coal. Be-
cause reductor off-gas can provide all the power and steam needs of the plant,
as shown in Figure 4 and Table 21, no separate coal-fired boiler is required.
Table 24 summarizes the overall process efficiency and Table 25 summarizes
the overall plant energy balance, giving an account of the remaining heat in-

put from coal.

51
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Table 21.SUMMARY OF STEAM REQUIREMENTS FOR 263.9 TJ/d (250.2 X
10° Btu/d) HYDROGEN FROM MONTANA SUBBITUMINOUS COAL BY THE
STEAM-IRON PROCESS

Steam Required

H, Plant

High-Pressure,
2654 kN /m? (385)

Producer, 503 K (445)
Oxidizer, 503K (445)
Aeration, 503K (445)

Subtota_l

Power Plant

Turbine Steam for

Power Cycle, 16,547 kN/

m? (2400)
811K (1000)
Subtotal

Boiler Blowdown and
Deaeration Losses

Total

Steam Generated

Waste-Heat Recovery Froml, 105, 300
Oxidizer and Methanation ‘

Effluents for Preheating
BFW and Generating
"Process Steam

Combustor Effluent Waste

Heat Boiler for Process
Steam Generation

Combustor Effluent Waste-

Heat Boiler-Superheater
for Power Generation

Total

-~

I'N ST I TWUTE

kg/h 1b/h GJ/h 10% Btu/h
120,402 265,442 329.4 312.3
1,826,958 4,027,753  4997.8 4738.7
138,806 306,014 380.3 360.6
2,086,166 4,599,209 5707.5 5411.6
731,170 1,611,953  2352.0 2230.1
731,170, 1,611,953 2352.0 2230.1
22.7 21.5
2,817,336 6,211,162 8082.2 7663.2
# #*
2,436,771  3817.8 3619.9
1
980,856 2,162,438  2098.3 1989.5
731,170 1, 611,953 2166.1t  3053,8t.

BT7 356 6,211,162~ 8082, 2 7663, 2

52
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* About 47.57¢ o. :he duty is used for BFW preheat

A S

T About 28.3,» of the duty is used for Superheating turbine steam.
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‘Table 22, SUMMARY OF POWER REQUIREMENTS FOR 263.9 TJ/d (250.2 X
10% Btu/d) HYDROGEN FROM MONTANA SUBBITUMINOUS COAL BY THE
STEAM-IRON PROCESS

kW hp
Component
H, Plant
Coal Storage and Reclaiming ' 2,781 3,730
Coal Grinding and Drying 10,716 14,370
Lock Hopper System 6,465 8,670
Methanation Effluent Air Cooler | 1,268 1,700
Product Gas Compressor 48,471 - 65,000
Product Gas Air Cooler 112 150
Residué Handling 746 1,000
Cooling Water Fans and Pumps 686 - 920
Boiler Feedwater Pumps 2,423 3,250
Power Recovery Section
Boiler Feedwater Pumps 4,922 6,600
Cooling Water Fans and Pumps 6,838 9,170
Turbine Blades Cooling 2,297 3,080
Miscellaneous for Both Sections 8,202 11,000
Subtotal L 95, 927 128,640
Producer Air Compressor 438,458 587,982
Combustor Air Compressor - 501,175 672,086
Total Power Required 1,035,561 1, 388,708
Power Recovery From Spent Reductor Gas
" From Combustor Gas Expansion 2, 045, 551 - 2,743,129
(on shaft)
Less Power for Producer Air Compression (438,458) _ (587: 982)
Less Power for Combustor Air Compression (501, 175) (672,086)
Net Power Available From Gas Turbine 1,105,918 1,483,061
Power Recovery From Generator (98%) 1,083,800 1,453,400
Power Recovery From Steam Cycle 241,600 323,991
Total 1,325,400 1,777,391
Electric Power to Plant . (95,927 (128, 649)

By-Product Power 1,229,473 1,648,751

53
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Table 23, SUMMARY OF COOLING WATER REQUIREMENTS FOR 263.9 TJ/d
(250.2 X 10? Btu/d) HYDROGEN FROM MONTANA SUBBITUMINOUS COAL BY
THE STEAM-IRON PROCESS

Component m3/h : gpm
H, Plant ¥*
Lock Hopper System 409 1,800
Residue Handling 1,862 f 8,200
Methane Effluent Water Cooling 909 4,000
Subtotal ’ 3,180 14,000
Power Plant System (From UTRC 31,541 138,870

Report by Heat Balance)l

Total : 34,721 152,870

* .
Cooling water temperature, H, plant,303°-319°K (85°-115°F),

‘rCooling water temperature, power plant, 303°-314°K (85-105°F).

54
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Table 24. STEAM-IRON GASIFICATION — PROCESS EFFICIENCY FOR
263.9 TJ/d (250. 2 Billion Btu/d) HYDROGEN PLANT USING MONTANA
SUBBITUMINOUS COAL

kg/h © 1b/h
Reactor Coal/ (dry basis) 909,039 2,004,079
Boiler and Dryer Coal (dry basis) . 30,094 66, 347
Total Coal, (dry basis) 939,133 2,070,426
. GJ/h 10°/h
HHV Total Coal, . : 24,653 23, 374.5
HHYV Product Gas 10,993.1 10,423.2
% Converted to Product Gas 44.6
HHV of By-Product Power, (1,229,473 KW) 4,425.6 4,196.2°
"% Converted to By-Product Power | 18.0
HHV Total Products, 15,418.7 . 14,619.4

% Converted to Total Products 62.6

" At 26,251 kJ/kg (11, 290 Btu/1b) dry basis.

Summarizing, a 263.9 TI/d (250. 2 billion Btu/d) H, plant using Montana
subbituminous coal for the steam-iron gasification process requires
28,896 t/d (31,853 short tons/d) of raw coal containing 22% moisture. Of the
coal HHV, 44.6% is converted to HHV of H, product and 18.0% to by-product

power,
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Table 25. SUMMARY OF OVERALL PLANT ENERGY BALANCE
263.9TJ/d (250.2 X 10? Btu/d) HYDROGEN FROM MONTANA
SUBBITUMINOUS COAL BY THE STEAM -IRON PROCESS
[BASIS: 289 K (60 °F) Liquid H;O ]

GJI/h 10° Btu/h %

Heat In
Process Coal - 23,862.7 22,625.5  96.8
Dryer Fuel : 790.0 749.0 3.2

Total 24,652.7 23,374.5 100.0
Heat Out‘:
Product Gas 10,993.1 10,423.2 . 44,6
By-Product Power 4,425.6 . 4,196.2 18.0
Heat to Cooling Water, H, Plant 221.5 210.0 0.9
Heat to Cooling Water, Power Plant 1,464.6 1,388.7 5.9
Heat to Air Cooling v ' 1,897.3 1,798.9 7.7
Dryer Off-Gas 565.9 . 536.6 2.3
Heating Value of Char Residue 1,270.1 1,204.2 5.2
Stack Gas at 460K (368) 1,479.2 1,402.5 6.0
Stack Gas at 510K (459) ©1,947.4 1.846.4 7.9

Subtotal , ' 24,264.7 . 23,006.7 98.5
Assumed Waste-Heat Recovery 317.4 300.9 1.3
Losses A , . '

Subtotal 24,582.1 23,307.6 99.8
Heat Unaccounted for 70.6 66.9 0.2

Total 24,652.7 23,374.5 100.0
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254.7 TJI/d (241.5 X 10° Btu/d) SUBSTITUTE NATURAL GAS (SNG) FROM
MONTANA SUBBITUMINOUS COAL BY THE HYGAS STEAM-OXYGEN
PROCESS

This design; based on the HYGAS Process, provides a reference over-
all efficiency and cost for manufacturing methane from coal for comparing
hydrogen and methane processes. This process is béing studied in a large
pilot plant in Chicago under the sponsorship of ERDA and the A,G.A. The
second methane design is based on the Consolidation Coal CO, Acceptor

Process., .

The HYGAS Process produces a gas of pipeline quality, containing

94.7% methane. The product composition is as follows:

mol %

CH, 94.7
H, 4.4
CcO 0.1
co, 0.1
N, + Ar 0.7
H,O <0.1

Total 100.0

The methane can be liqﬁeﬁed after pipeline transmission to the point

of destination.

Crushed and dried coal is reacted with steam and oxygen to produce
methane-rich raw gas in a fluidized-bed reactor., This raw gas is upgraded
to pipeline quality in several steps following the reactor. Any type of coal,
from bituminous to lignite, can be gasified in this process. For the caking
bituminous coals, pretreatment with air at 644 to 700 K (700° to 800°F) is

required to reduce the agglomerating tendency of the coal.

Since Montana subbituminous coal is used for this study, no pretreat-
ment is necessary. The processing steps required in the conversion of coal
to SNG are shown in Figufe 5, and the compositions of various streams are
shown in Tables 26 and 27. These steps can be grouped into the following

sections:
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Coal Storage and Reclaiming

Coal Grinding and Drying

Coal-Watér Slurry Feed System
HYGAS Reactor System

Dust Removal System

CO Conversion
B-T-X Recovery

Acid-Gas Removal System

W =3O W
-

O
[

Methanation and Drying

[
<
.

Waste-Water Treatment
11, Sulfur Recovery
12. Utilities and Other Offsite Facilities

1. Coal Storage and Reclaiming

The SNG plant is assumed to be located near a coal mine that will pro-
vide a minimum 25-year supply of coal. Raw coal is brought from the mine
by truck to a storage area where provision is made to store a 30-day supply
of coal broken to 3.8 cm x 0 (1-1/2 in. x 0) size. Coal is stored in such a
way that it is uniformly distributed in the storage pile. This plant requires
a continuous supply of 17,763 t/d (19, 580 short tons/d) of the raw coal from
the mine (22% moisture). Because of the distribution of coal to the storage
pileﬂs, the composition of the coal feed to the plant approaches a uniform
condition although it varies from the mine. About 15.7% of the feed coal is .

used as boiler fuel and 2.6% as the dryer fuel.

2. Coal Grinding and Drying

The plant coal feed is ground to less than No.8 U.S.S. sieve size —
80% below sieve size No. 12. (Ten percent to 11% below 100 sieve size is
desirable.) It is then dried to 10% moisture content in combination grinder-
dryer mills., The dried coal at 366 K (200°F) is pneumatically conveyed to

the slurry preparation section,

3. Coal-Water Slurry Feed System

In this section, the feed is mixed with water to form a coal-water slurr
of 50:50 consistency. Large reciprocating pumps are used to pressurize the

slurry to the reactor pressure. The slurry is preheated and the water is
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partially vaporized at 561 K (550°F) using recovered waste heat and a fired
heater before entering the vaporizer section of the HYGAS reactor. The
slurry preheat step is necessary because the heat in the gasifier effluent is

not enough to vaporize all the slurry water,

4. HYGAS Reactor System (Hydrogasifier)

The preheated coal-water slurry at 561 K (550°F) comes in contact
with the hydrogasifier effluent in the fluidized-bed vaporizer, where all the
slurry water is vaporized at 589 K (600°F). The dried coal then drops from
the vaporizer through a feed standpipe to the bottom of the low-temperature
reaction zone (LTR) where, together with recycle char, it is picked up by the
effluent gas from the high-temperature reactor (HTR) at 1211 K (1720°F).
The LTR is a transport reactor with a 10-second residence time in which
the char is devolatilized, which enriches the gases from the HTR. The en-
riched gases leave the LTR through a cyclone separator at 811 K (1000°F) and
are used to vaporize slurry water, The char from the cyclone separator is
divided into HTR feed and recycle feed by a splitter valve, The HTR feed
drops into the-HTl.’\ bed through a dipleg, Of the total methane made into the
hydrogasifier, 8.8% is made in the LTR. All of the ethane, ammonia,
B-T-X,and most of the hydrogen sulfide are made in the LTR.

In the HTR fluidized bed, char from the LTR reacts at 1211 K (1720°F)
with the synthesis gas produéed in the gasiﬁer. The following equivalent
reactions take place, with the methane-forming reaction supplying heat for
the steam-carbon reaction:

C + 2H, = CH, (Exothermic)
CO + H,O0 " H, + CO, (Slightly Exothermic)
C + H,O - CO + H, (Endothermic)
The HTR is designed for a char residence time of 29 minutes and gas

velocity of 15.24 cm/s (0.5 ft/s). About 67.2% of the methane in the hydro-
gasifier effluent is generated in the HTR.

The char from the HTR is reacted with steam and oxygen in the fluid-bed -
steam-oxygen gasifier at 1283 K (1850°F) to produce the synthesis gas re-
quired for supplying hydrogen for hydrogasification, The equivalent reactions

taking place in this section are:
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C + HHO~ CO + H, (Endothermic)
C + O, = CO, (Exothermic)
C + CO; = 2CO (Endothermic)
C + 2H, = CH, (Exothermic)
CO + H,O —~ CO2 + H, (Slightly Exothermic)

The oxygasifier is designed for a char residence time of 17 minutes and
a gas velocity of 30.48 cm/s (1 ft/s).  About 24% of the total methane formed
in the hydrogasifier is generated in the oxygasifier, The char from the oxy-
gasifier bed is cooled from 1283 K (1850°F) to 866 K (1100°F) by heating the
455,013 kg/h (1,003,131 1b/hr) of incoming steam from 839 K (1050°F) to 866 K
(1100°F) in a mixing zone. The oxygen used for gasification is 2720.1 t/d
(2998.5 short tons/d), containing 98% O, and 2% N, + Ar. Oxygen is supplied
to the gasifier at 8375 kN/m? and 478 K (1200 psig and 400°F) from two 1361
t/d (1500 short tons/d) air separation plants, ‘

Two hydrogasifiers, each weighing over 1814 t (2000 short tons) are
required for this plant. The feed quantities required for the gasifier opera-

tion are given below:

Input_
Coal (Dry Basis) 471,613 kg/h (1,039,729 Ib/h)
Steam | 455,013 kg/h (1,003,131 1b/h)
Oxygen _ 2720.1 t/d- (2,998.5 short tons/d)
Slurry Water 471,613 kg/h (1,039,729 1b/h)

OQutput '

CO +H, 18,170 kg-mol/h (40,057 1b-mol/h)
CH, , 6027 kg-mol/h (13,288 lb-mol/h)

Carbon Conversion to- Gases =98%

5. Dust Removal System

The effluent from the slurry water vaporizer at 589 K (600°F) is cooled
to 535 K (503°F), or 11 K (20°F) above the dew point of the gas by waste-heat
recovery. Small dust particles (less than 5 microns) carried over from the
cyclones in the gasifier are taken out in a jét venturi scrubber that has a high
efficiency for removing particles 1 to 2 microns in size, The composition of

the gas stream after dust removal is given below,
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COMPOSITION OF RAW GAS FROM HYDROGASIFIER

mol %
CO 13,03
CO, 12,07
H, 15.32
H,O 49.95
CH, 8.33
C,H, 0.64
NH, 0.22
H,S 0.13
N, + Ar 0.12

B-T-X 0.19 .
Total 100.00

The system maintains the gas at a temperature above 524 K (483 °F)
so that most of the water is retained for the CO conversion (shift) reaction,
This makes it unnecessary to generate the large amounts of steam in a boiler

and raises the overall plant efficiency.

6. CO’ Conversion

In order to upgrade this gas to pipeline quality, itis necessary to ad-
just the H,/CO ratio from 1,18 in the gasifier effluent to above 3.2 for metha-
nation of CO, by the well-known CO-shift reaction —

CO + HO = CO, + H,; (Exothermic)

As the gasifier effluent contains both B-T-X and H,S, neither the con-
ventional high-temperature chromium-promoted iron oxide nor the low-
temperature zinc- and copper-based CO-shift catalyst can be used. The
catalyst used must be either Girdler's G-93 Co-Mo or an equivalent that can

operate satisfactorily in the presence of oil and sulfur,

The effluent from the dust removal system is split into two streams,
with two-thirds going to the CO-shift reactor and one-third used as a bypass

stream for control purposes,

Based on laboratory tests, a minimum steam-to-dry gas ratio of 1 is

required when oil is present in the gas. The operating temperature range is
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from 547 to 755 K (525° to 900°F). The CO-shift feed has a steam-to-dry
gas ratio of 1. It is preheated to 561 K (550°F) by the shift effluent. The
CO-shift effluent.temperature is 640 K (692°F).

The CO-shift effluent is cooled to 325 K (125°F) by preheating the
boiler feed water, regenerating the hot potassium carbonate solution, and
generating low-pressure steam, The condensed water containing H,S, CO,,

NH;, and B-T-X is sent to the waste-water treatment step (Step 10).

7. B-T-X Recovery

The CO-shift effluent at 325 K (125°F) contains 0.73% B-T-X, 52 kg-
mole /h (114 1b-mole /h);.this is a valuable by-product. The effluent is
scrubbed with straw oil to remove most of the B-T-X, The remaining B-T-X,
5 kg /mole /h (10 1b-mole /h), and a small amount of straw oil, 3 kg-mole /h,

(6 lb-mole /h) are recovered after the first stage of the hot carbonate acid-

gas removal system in the activated carbon tower, which contains BPL-type
activated carbon. B-T-X is recovered from straw oil by stripping'with
steam, The stripping steam and a portion of the B-T-X are condensed, v
separated, and the B-T-X is sent to storage. The uncondensed B-T-X and
other vapors are passed over another activated carbon bed containing BPL-
type activated carbon for recovery. The activated carbon beds operate on a
4 -hour cyclé with 2 hours for adsorption and 2 hours for regeneration of the

bed with steam.

8. Acid-Gas Removal System

The effluent from the straw oil B-T-X recovery system at 325 K (125°F),
which contains 31.3% CO, and 0.08% H,S, goes to the first stage of the two-
stage HIPURE hot carbonate acid-gas removal system. This process is a
typical method used for acid-gas removal., It is not necessarily the optimum
methdd; such a determination is beyond the scope of this study. This gas is
scrubbed with hot potassium carbonate solution. The effluent leaving the
absorber at the top contains about 1% CO, and about 5 ppm H,S at 350 K
(170°F). '

The rich carbonate solution containing H,S and CO.;_ is depressurized to
1703 kN/m? (10 psig) and regenerated in a stripper operating at about 389 K
and 170.3 kN/m? (240°F and 10 psig), with heat supplied by the CO-shift

effluent étream in a reboiler.
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Acid gases stripped from the hot carbonate solution are sent to a Stret-
ford Process unit, where the H,S is converted to sulfur. The lean solution
from the stripper bottom is pumped to 8030 kN/m? (1150 psig), cooled, and
returned to the top of the absorber. About 50% of the power required to pump
the hot carbonate to the absorber pressure is recovered by dei;ressurizing the
rich solution through a hydraulic turbine. The other power is supplied by an

electric motor drive.

- The absorber effluent at 350 K (170°F) is cooled to 325 K (125°F) before
going to the activated carbon and ZnO beds for trace H,S removal, which is

necessary to avoid poisoning the methanation catalyst.

9. M ethanation and Dry'ugg_'

The purified gas, which conté.ins no sulfur but 17.45% CO, passes over
the high-nickel catalyst where most of the CO and some of the CO, react with

H, to form methane by the following reactions:

CO + 3H, = CH, + HO
CO, + 4H, -~ CH, + 2H,0

This step increases the heating value of the gas to 36.25 MJ/m?3 (973
Btu/SCF) for the final preduct and reduces the CO content to 0.1%, as re-
quired to meet the pipeline gas speciﬁc‘ations. The methanation reaction is
highly exothermic; therefore, it is essential to control the temperature to
prevent catalyst deactivation. This is accomplished by using recycle quench
methanation with four stages, each with an inlet temperature of 561 K (556°F)
and a product-recycle to fresh-feed ratio such that the CO content in the feed
to each stage is about 4%, which limits the maximum catalyst-bed tempera-
ture to 755 K (900°F). |

The methanation wet product at 751 K (893°F) is cooled to 366 K (200°F)
in a series of exchangers that utilize the waste heat for preheating the meth-
anation lst stage feed to 561 K (550°F) and preheating the coal-water slurry.
Further cooling of the gas to 325 K (125°F) is accomplished by air and water
cooling. The cooled gas is split into two streams: 68.6% of the gas is re-
cycled to mix with the feed strearn and the remaining gas goes through a final
hot potassium carbonate solution (HIPURE Stage II) to reduce the CO, to 0.1%.
The purified gas is cooled to 311 K (100°F) and then dried to the pipeline
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standard of 112 kg H;O/Mm? (7 1b H,O/10° SCF) in a glycol drier. The product
pipeline gas leaves the plant at 6996 kN/m? (1000 psig). =~

10, Waste-Water Treatment

The condensates from the CO-shift effluent after the separation of
B-T-X go through the Chevron waste-water treatment process. The acid gases
-and NH, are stripped from the condensed water by stream. The stripped gases
go to the ammonia recovery system where 62,9 t/d (69.3 short tons/d) of am-
monia are recovered as a by-product; the acid gases go to the sulfur-recovery
‘system, The stripped water at 311 K (100°F) is used as makeup for the coal-
water slurry feed and for the cooling tower,

11, Sulfur Recovery

The acid gases from the waste-water treatment system are combined
with the acid gases from the hot carbonate stage, which contains the H,O, for
sulfur removal, Since the H,S concentration in the sulfur recovery feed
stream is only 0.7%, the Stretford Process for the recovery of sulfur is used.
In this process, an aqueous solution of sodium carbonate reacts with IH,S to

form sodium hydrosulfide by the following reaction —
H,S + Na,CO; - NaHS + NaHCO,

The hydrosulfide is oxidized to sulfur by sodium vanadate, which is also

in solution, by —

NaHS + NaHC03 + ZNaVO3 - S + Na.zVZOs + Na2C03 + Hzo

The Na,V,0; is oxidized back to the pentavalent state by blowing with air con-
taining anthraquindne disulfonic acid (ADA) or sodium anthraquinone disulfonate,
which acts as an oxidizing catalyst in the regenerator — '

Na,V,0; + 1/20, ADA 2Navo,

During the regeneration of the solution, tiny particles of sulfur collect as a
froth on top of the solution., The froth is skimmed off the solution and filtered.
The filtered sulfur amounts to 66.3 t/d (65.3 long tons/d) of by-product sulfur.
The vent gases from the absorber contain about 250 ppmv of total sulfur,
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12. Utilities and Other Offsite Facilities

, The conversion of coal to pipeline gas requires large quantities of
utilities such as steam, power, and cooling water; these requirements are
swnmarized in Tables 28-30. The plant is designed to be self-sufficient
based on coal. The boiler duty is 1978 GJ/h (1875 X 106 Btu/h). It is de-
signed to supply 8375 kN/m? (1200 psig) steam for the gasifier and for the
production of plant power requirements. Most of the low-pressure steam
. is generated through waste-heat recovery. A small coal-fired boiler with
a duty of 103.5 GJ/h (98.5 X 10° Btu/h), is used to supplement waste-heat
recovery in preheating the coal-water slurry to 561 K (550°F).

The overall plant thermal efficiency is 74%; of this figure,70% repre-
- sents pipeline gas and the rest is in by-products like B-T-X, ammonia, and

sulfur. Table 31 presents the overall process efficiency.

The overall heat balance summary, Table 32, gives the overall energy

balance.

In summary, the production of 254.7 TJ/d (241.5 X 10? Btu/d) of pipe-
line gas from Montana subbituminous coal using the HYGAS Steam-Oxygen
Process, with the reactor operating at 8135 to 8203 kN/m? (1165 to 1175 psig)
and 811 to 1283 K (1000° to 1850°F), requires 17,763 t/d (19, 580 short tons/d)
of 22% moisture coal., In this design, 70% of the higher heating value (HHV)
of the coal is converted to HHV of pipeline gas and 4% goes to by-products,

for a total overall efficiency of 74%.

72

I'NS T I T UTE 0O F G A S TECHNOLOGY



8963

6/76

>
*sures)s aurqan) pue ssavoxd Surjesyradns 10y pasn st Anp aYy JO 9§ °L7 NOqY | o
| *jesyoad 1ajem paayg 121109 103 pasn sI Aynp ay3 Jo 948°cG MOqY o
€°L20¢ 8°261¢ 061297 ‘2 960°920°1  T1®i0L o
+¥°6L81 | 6°LL61 0ST ‘9p6° 1 £Z¢ ‘10L 19jeayradng-a9(I0g 9Y} UI UOTIRISUID WIRd}S ©
#6 1911 6"F121 000 .oﬂ L €LL‘b2g UOIJBIDUIN) WIEBIIG 2INSSAIJ MO pue jesyatd z
: Idje M poag IOTIog IO0T ‘ °039 ‘juaniyyg uoljeueylsN T
‘quUanIIId WIYS OO WOJIJ PSISA0DSI }BOH 93sB M) v
. pojeiauan weals w
. [ d
€°L20¢ 8°261¢ 0ST ‘292 ‘2 960°920°1 1e30L
vo16L L ve8 000912 €LL'vee feoiqng
—_— —_— _ - "
AN S'ed 00L°LZ $96°21 Axonooey X-1-9 <
0°92 92 ) 01¢ ‘02 . 21Z6 . [eaoway anjyng
2°061 ¥ 841 : 0L8°P9T1- P8LPL o JUSUWIIRD I ], IO9IBM-IISBM Q ©
: (0g) d ;wa/NY 9%% @anssaxd mor]
9°¥¥ 0°L¥ 059 ‘09 GL6 ‘22 wrea}g uorjelaus oy sjeuocqien 30H
. _ (00T) ;W/N> T6L 2anssdxd Mo w
v°oce - ¥°68S 0LY ‘2S¥ L£2 ‘502 . ©(909) 9¢§ saurqany 03 wredlg °
} (062) ;WI/NY 6281 2anssaid MO
6°5£22 . 1°86¢€2 06T °9%G ‘1 €z¢ ‘10L - Tejolang
B aum———— B am———— et . et - [11] oy
_— - -- - : (auen(yzd aaryIsen wWoxg FH + -
. O%H P93z AxanlS pazixodeA) wesls IYS OD
vriel PrilL 020 ‘€¥%S 01¢€ “9%2 (006) 3165L dutqanyg, >
§°Y0ST L9861 0€T1°€00 ‘T €10°GS¥ (0501) 316€ 8 1o1y1sedoapiy =
‘ . . {00Z1) ;W/ NP 8L¢8 @anssaid YsiH -
q/mad 401 q/ID q/at g8 | poimboy Wiealg "
SSADO¥d NIADAXO-WVHLS SVOAH THL A9 TVOD SNONIWNLIFINS VNVINOW WOH A z

SVD ANITAJId (P/03d (01 X §°1%2) P/LL L'$52 YO4 SINTWIAIINOTE WVILS 40 AAVININAS *87 2Iq® 1L




6/76

8963

Table 29. SUMMARY OF POWER REQUIREMENTS FOR 254.7 TJ/d
(241.5 X 10° Btu/d) PIPELINE GAS FROM MONTANA SUBBITUMINOUS

COAL BY THE HYGAS STEAM-OXYGEN PROCESS

Section kW

Coal Storage and Iieclaiming . 1,723
Coal Grinding -and Drying 5,528
Slurry Feed System - 4,834
Quench System, CO-Shift Effluent 194
Air Cooling
Benzene Recovery (Straw Oil + 1,775
Activated Carbon I + II1) .
Prepurification (Hot K,CO; + ‘ 9,758
Activated Carbon II) :
Sulfur Recovery, Stretford ' 3,685
Methanation and Drying 1,738
Boiler Fuel Conveyor (Assumed) 149
Waste-Watér Treatment 1,679
Oxygen Plant Air Compressor 36,748
Oxygen Compressor . 18,464
Turbine Steam Feedwater Purﬁps 1,201
Boiler Feedwater Pumps | 1,485
Oxygasifier Char Slurry-Water Pump 597
Cooling-Water Pumps 4,804
Miscellaneous : 7,460

Total Power Required -~ 101,814

Power From Turbines

Oxygen Plant Air Compressors 36,748
Oxygen Compressor 18,464
Subtotal . 55,212

Power From 250 psig steam turbogenerator 37,710
Power From 1200 psig steam turbogenerator 8,892

Total Power Generated 101,814

74

_hp
2,310
7,410
6,480

260

2, 380
13,080

4,940
2,330
200
2,250
49,260
24,750
1,610
1,990
800
6,440
10, 000

136,480

49,260
24,750

74,010

50, 550
11,921

136,480
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Table 30. SUMMARY OF COOLING WATER REQUIREMENTS FOR 254.7 TJ/d
(241.5 X 10? Btu/d) PIPELINE GAS FROM MONTANA SUBBITUMINOUS COAL
BY THE HYGAS STEAM -OXYGEN PROCESS ‘

Section- _m?/n* gpm*
Oxygasifier Char Cooling 434 1,910
Straw Oil System 28 120
Benzene Recovery Activated 711 . 3,130

Carbon I and 1II _ .
Hot K,CO; | 2,215 9,750
Trace H,;S Removal : 273 1,200
‘CO-Shift Cooling : 216 950
Condensates Cooling 284 1,250
Methanation | 359 1,580
Final Gas Drying 34 . 150
Oxygen Plant, Compressor Coolers 3,416 15,040
Waste-Water Treatment 325 . 1,430

Subtotal _ 8,315 - 36,610
Steam Turbine Condensers ‘ 6,607 _ . 29,090

Turbogenerator, 250 psig Steam (6, 082 _ - 26,780

Turbogenerator, 1200 psig Steam 1,143 ' 5,030
Total Cooling Water : 22,147 97,510

*Cooling water temperature 303-3199 K (85-115% F),

75
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Table 31. HYGAS STEAM-OXYGEN PROCESS EFFICIENCY
FOR 254.7 TJ/d (241.5 X 10? Btu/d) PIPELINE GAS PLANT
USING MONTANA SUBBITUMINOUS COAL

kg/h » 1b/h

Reactor Coal (Dry Basis) 471,613 1,039,728

Fuel Coal (Dry Basis) 105,675 232,974

577,288 1,272,702

GJ/h 10° Btu/h

HHV Reactor Coal® : 12,380.2 11,738.3

HHV Fuel Coal® 2,774.1 2,630.2

. HHV Total Coal® 15,154.3 14,368.5

HHV of Product Gas 10,611.8 10,061.6
% Converted to Product Gas = 70.0 )

HHV of By-Products 602, 2 570.9

% Converted to By-Products = 4.0

Total Overall Efficiency 74. 0

At 26,251 kJ/kg (11,290 Btu/lb) on 2 dry basis.

REPRODUCIBILITY OF THE
ORIGINAL PAGE IS POOR
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Table 32. SUMMARY OF OVERALL ENERGY BALANCE FOR 254.7 TJ/d
(241,5 X 109 Btu/d) PIPELINE GAS FROM MONTANA SUBBITUMINOUS COAL
BY THE HYGAS STEAM-OXYGEN PROCESS

[Basis: 289 K (60°F) Liquid H,0 ]

Heat In
Process Coal
Dryer Fuel
Boiler Fuel

Total

Heat Qut

Heating Value of Pipeline Gas.
Sensible Heat of Pipeline Gas
Heating Value of B-T-X

Heating Value of NH;

Heating Value of Oxygasifier Char
Heating Value of Sulfur B&—-Product
Heating Value of Stretford Off-Gas
Sensible Heat of Stretford Off-Gas
Heat Loss to Air Cooling

Heat Loss to Cooling Water

Heat Loss to Boiler Stacks

Heat Loss With Dryer Flue Gas

Assumed Waste-Heat Recovery lL.osses

B-T-X Losses

Ammonia Losses

* Heat Loss With H,O Vapor With Stretford

Effluent
Subtotal

Heat Unéccou.nted for

Total

I'N ST I TUTE O F

4
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A

% of

Coal

GJ/h 10® Btu/h Input
12, 380. 2 11,738.3 81.7
394, 7 374.2 2.6
2,379.4 2,256.0 15.7
15, 154, 3 14, 368.5 100.0
10,611.8 10, 061.6 70.0
9.9 9.4 0.1
517.6 490.7 3.4
59.0 55.9 0.4
221.6 210.1 1.5
25.6 24.3 0.2

96. 2 91.2 0.6
18.0 17.1 0.1
1,066.1 1,010.8 7.0
1,542.1 1,462.7 10.2
318.6 302. 1 2.1
270.4 256.4 1.8
141.3 134.0 0.9
28.7 27.2 0.2

1.4 1.3 --

41.1 39.0 0.3

14, 970.0 14,193.8 98.8
184.3 174.7 1.2
15, 154. 3 14, 368.5 100.0
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264.4 TJ/4 (250.7 X 102 Btu/d) SUBSTITUTE NATURAL GAS (SNG) FROM
MONTANA SUBBITUMINOUS COAL BY THE CONSOLIDATION COAL CO.
(CONSOL) CO, ACCEPTOR PROCESS

This process is the second of the two proceés designs for manufactur-
ing methane from coal that were analyzed. It is a novel process, designed
to avoid the use of high-purity oxygen by generating heat in the gasifier
through the reaction of CO, *;Jvith calcined dolomite (the acceptor). CO,
‘is supplied by gasification reactions plus the injection into the gasifier
of mé.terial scrubbed from the regeneration of off-ga.s.' The process is
somewhat analogous to the Steam-Iron Process in that a stream of material
circulates between reactor and regenerator, with air supplying the basic
source of oxygen for burning the gasifier residual char to provide heat for
. regenerating the acceptor, The process is currently being studied in a

largé pilot plant at Rapid City, S.D., sponsored by ERDA and the A.G.A.

In the gasifier, the crushed and dried coal is reacted with steam in ‘
the presence of CO, and MgO-CaO to generate methane and synthesis gas.
. Heat is supplied by the reaction of CO, with dolomite, which is showered
through a fluidized bed of char operating at a gasification temperature-of
1139K (1590°F). The raw gas is upgraded to pipeline gquality in several
steps following the reactor. The spent dolomité is thermally regenerated
to MgO-CaO at about 1311 K (1900°F) in the regenerator, At present, this
process is applicable only to lignite and low-rank Western coals. For this
sfudy, we based the process design on Montana subbituminous coal using
material and energy balances around the gasifier and the regenerator
supplied by Consol, whose assistance in this work is gratefully acknowledged.
Figure 6 shows the processing steps required for the conversion of coal to
methane pipeline gas. The compositions of the solid and gaseous streams
corresponding to the streams in Figure 6 are shown in Tables 33 and 34,

The processing steps may be grouped in the following way:

Coal storage and reclaiming
. Coal grinding and drymg

Coal preoxidation

. Lockhopper feed system

I

Gasification reactor
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6. Dolomite regenerator

Gasifier effluent dust removal and syngas compression
8. H,S removal ‘

9. Methanation, drying, and final CO, removal

10. Regenerator off -.gas power recovery system
11, Waste -water treatment
12, Sulfur recovery

13. Utilities and offsite facilities

1, Coal Storage and Reclaimin_g_

The SNG plant is-assumed to be located near a mine that will provide
a minimum 25-year supply of coal. Raw coal is brought from the mine by
the trucks to a storage area with the capability of storing a 30-day supply
of material broken to 3.8 cn x 0 (1-1/2 in. x 0) size. Coal is stored in
such a way that it is uniformly distributed in the storage pile. This plant
requires a continuous supply of 20,175 t/d (22,239 short tons/d) of raw
coal (22 % moisture) from the mine. Because of the distribution of the coal
in the coal storage pile, the feed to the plant has a more uniform composition
even though it varies from the mine, About 3% of the feed coal is used as
dryer fuel. Extra boiler fuel is not required because the steam and power

requirements for the plant are met by the waste streams.

2. Coal Grinding and Drying

The plant coal feed is ground to 8 x 100 mesh size and dried to 5.26 %
moisture content in combination grinder -dryer mills, using coal fines plus
flue gas from a fluidized-bed preoxidizer operating at 533 K (500°F). The
ground and dried coal at 366 K (200°F) is conveyed to the preoxidizer with
air at 150 kN/m? (7 psig).

3. Coal Preoxidation

Since subbituminous coal at process conditions forms coke in the
gasifier near the feed point, preoxidation at the conditions described below

will completely suppress the formation of coke,

Preceding page blank 5
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The preoxidizer operates at approximately atrhospheric pressure
and 533K (500°F). Air is added to the vessel for burning a portion of the
raw coal to maintain the Iﬁreoxidizer temperature, The flue gas from the
pre-oxidizer is used to dry coal, thus recovering thermal losses. The

composition of the preoxidized coalis given below:

wt %

Carbon 67.62
Hydrogen 4,38
Nitrogen 0.86
Oxygen ° 18.68
Sulfur ' ' 0.67
Ash 7.79
Total 100, 00

HHV =25,872 kJ/kg (11,127 Btu/lb)

4, Lockhopper Feed System

Because the reactor operates at a low pressure, 1115 kN/m?
(147 psig)a lockhopper feed system, similar to the one used successfully
in commercial Lurgi plants, is used to feed coal to the gasifier, Coal is
fed to a lockhopper from a storage bin., The vessel is pressurized by the

flue gas from the regenerator. The flue gas is vented to the atmosphere,

5. Gasification Reactor

The preoxidized coal at 533K (500°F) is fed to the bottom of the
gasifier, where the fixed carbon of the coal is gasified with steam after
rapid devolatilization, The reaction steam is at 922 K (1200°F) and
1379 kN/m? (185 psig). The gasifier operates at 1115 kN/m? (147 psig)
and 1139 K (1 590°F). A circulating stream of dolomite supplies heat for

the gasification reaction by the exothermic CG, aéceptor reaction:
MgO-CaO + CO, » MgO- CaCO; (exothermic)

'~ In addition to the CO, generated in the gasifier, CO, from an external
source is supplied for the acceptor reaction. About 61,8% of the carbon

in the preoxidizer coal is gasified, The residual char and spent dolomite

86
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are transferred to the regenerator by the lift gas and the regenerator air,
respectively, The composition of the gasifier effluent is represented by
Stream 1 in Figure 6 and Table.34., It contains only a small portion of
sulfur in the feed char as H;S. The remaining sulfur goes to the regenerator
either with spent dolomite as MgO-CaS or with residual char, Thirty-seven
perc,.ent of the product gas methane is made directly in the gasifier; the re-
maining amount is produced by methanation, The feed quantities required for

the gasifier operation are given below:

Component ' kg/h , 1b/h
Preoxidized Coal ‘ 630,072 _ 1,389,070
Steam 499,460 1,101,120
Carbon Dioxide h 110,912 244,520
Acceptor From Regenerator 4,204,284 9,268,860
Qutput kg-mol/h l1b- mol/h
CO + H, 31,305 69,016

CH, 4,497 9,915

% carbon converted to gas = 61,8,

The CO, acceptor loses reactivity as it circulates between the gasifier
and the regenerator, A portion of spent acceptor is withdrawn from the
gasifier and replaced with fresh dolomite, The spent acceptor is cooled,

slurried with water, and disposed to the residue settling pond.

The gasifier effluent contaihs a H,/CO ratio of 3.85 and only 3.27% CO,,
indicating’a sufficient amount of H, from the gasifier for the methanation of
both CO and CO,. Thus neither CO conversion nor CO, removal before
methanation is required in this process. Some of the CO, in the effluent is
removed with the H,S in the Rectisol (Stage I) for H,S removal, but the rest
is needed to react with the excess hydrogen to make methane after all the

CO is converted,
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6. Dolomite Regenerator

The CO, acceptor regenerator operates at 1115 kN/m? (147 psig) and
1293 K (1867°F). The spent dolomite from the gasifier is calcined and the
CO, acceptor reaction is reversed in the regenerator by the following

reaction:

MgO-CaCO; - MgO-CaO + CO, (endothermic) -

The heat for this reaction is supplied by burning the gasifier residual char
with air, Ash and spent char are elutriated from the regenerator by the
flue gas and collected via an external cyclone-lockhopper system. The ash
is rich in calcium; at the reducing conditions in the regenerator, the calcium
accepts most of the sulfur released from the acceptor., Consequently, three-
fourths of the sulfur in fhe original feed coal is found in the regenerator ash
stream. This ash cannot be disposed of as water slurry because H,S would
slowly evolve, creating a pollution problem. In order to avoid this problem,
the ash is treated with CO, and H,0 in a simple chance reaction to convert
the calcium and magnesium to the carbonate. Specifically the reactions
are:
CasS + CO, + H,O~ CaCO; + H,S
CaO + CO, » CaCO0;,
MgO + CO, = MgCO;,

The regenerator off-gas (Stream 2, Figure 6)at 1293 K (1867°F) and
1115 kN/m? (147 psig) has a large potential for power recovery, which is

discussed below,

7. Gasifier Effluent Dust Removal and Syngas Compression

The gasifier effluent at 1139 K (1590°F) is cooled to 396 K (253°F),
or 11 K (20°F) above the dew point, by the waste-heat recovery, Small dust
particles (less than 5 microns) carried over from the cyclones in the
gasifier are taken out in a jet venturi scrubber that has a high efficiency
for removing particles 1 to 2 microns in size., It is necessary to remove
dust particles from the gas before ¢ompression. The scrubber effluent is-
cooled to 311 K (100°F) by air and water cooling., The condensate containing

dissolved ammonia and other gases is sent to waste-water treatment.

88
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The clean gasat 311 K (100°F) and 930 kN/m? (120 psig) is compressed
to 3204 kN/m? (450 psig) in order to facilitate acid-gas removal in a two-
stage Rectisol system and methanation of CO. The higher pressure facili-
tates these éteps.

8. H,S Removal

The compressed syngas at 3204 kN/m? (450 psig) and 469 K (385°F)
is cooled to 319 K (115°F) before going to the first stage of the
Rectisol system for the selective H,S removal, The H,S-rich gas with 6.5%
H, S from the stripper is sent to the Claus sulfur recovery plant, The H,S-
free synthesis gas passes over a bed of ZnO to remove trace amounts of

sulfur before methanation,

9. Methanation, Drying, and Final CO, Removal

The sulfur -free gas containing 17,32 % CO and 3.65% CO, passes over a
high-nickel catalyst where essentially all the CO and some of the CC, react

with H, to form methane by the following reactions:

CO + 3H, » CH, + H,O
COZ_ + 4H2 - CH4 + ZHzO

This step increases the heating value of the gas to 36.2 MJ/m3 (972 Btu/
SCF) for the final product and reduces the CO content to 0.1%, as required
by &1e pipeline gas specifications. As the methanation reaction is highly
exothermic, it is essential to control the temperature to prevent catalyst
deactivation. This is accomplished by using recycle -quench methanation
with four stages, each with an inlet temperature of 561 K (550°F) and product-
recycle to fresh-feed ratios such that the carbon monoxide content in the
feed to each stage is about 4%, This limits the catalyst bed temperature to
755 K (900°F). This is analogous to the system use~ in the HYGAS design,
The methanation wet product at 716 K (830°F) is cooled to 386 K (235%F) in
a series of exchangers, utilizing the waste heat in preheating the first stage
methanation feed to 561 K (550°F), as boiler feed-water preheat, and in
steam generation. The product is further cooled to 325 K (125°F) by air
and water cooling., The cooled gas is split into two streams; 85.1% of the
gas is recycled to mix with fresh feed to the four methanation stages. , The
remaining gas is cooled to 319 K (115°F") and the residual CO, is removed.
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- The product gas from methanation contains 0.98% CO,; this is reduced to
0,1% in the second stage of the Rectisol acid-gas removal system. The efflu-
ent (after CO, removal) is compressed to 7033 kN/m? (1005 psig), cooled to
311 K (100°F), and then dried to the pipeline standard of 112 kg/Mm3 (7 b/

106 SCF) water in a glycol dryer; the dry gas leaves the plant at 6996 kN/m?
(1000 psig).

10. Regenerator Off -Gas Power Recovery System

The regenerator off-gas at 1293 K (1867°F) and 1115 kN/m? (147
psig) which contains small quantities of CO, H,, and sulfur compounds, also
contains a large amount of energy which can be recovered in a combined
cycle system, as is d;‘me in the Steam-Iron Process. A’I‘he sulfur con-
centrations in the gas are low enough that the amount of SO, after combustion,
based on total coal fuel value to the plant, is below the specified limit; thus,

no sulfur removal system is specified.

After dust removal with cyclone separators and electrostatic pre-
cipitators, the off-gas is burned with a stoichiometric amount of air in a
combustor. A pressure drop of 517 kN/m? (60 psig) is assumed for con-
trolling the combustion. Also, a pressure drop of 5% in the combustor is
assumed, About 3,5% of the combustor effluent is cooled, compressed to
1379 kN/m? (200 psig) and then used as lift gas., The remaining effluent
at 1422 K (2100°F) and 550 kN/m? (65 psig) is expanded to 114 kN/m?

(1.8 psig) and 1089 K (1500°F) in a gas turbine to recover power, A portion
of this expansion power is used to drive the combustor and regenerator

~ air compressors on the same shaft. The remaining power is converted to

' 117,270 kW of electric power in a generator. A maximum temperature
range of 1255 to 1366 K (1800°to 2000°F) is probably the limit today, but

gas turbines with inlet temperatures of 1589 K (2400°F) are expected to be
available by the time this process becomes commercial. Since the-
steam-iron gas turbine operates at 1589 K (2400°F), 1422 K (2100°F)

is certainly acceptable. '

The expanded gas is used in a steam power cycle to generate 159,610 kW
of electric power from steam at 8375 kN/m? (1200 psig) and 755 K (900°F)
that was generated in a waste-heat boiler, A total of 276.9 MW of power is

generated in addition to the shaft power used for air compression. From -
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the total power generated, 161.4 MW is used within the plant for motor
drives, etc.,, leaving 115.5 MW as by-product power.

The cooled combustor gas leaves the waste-heat boiler at 450 K
(350°F). CO, is recovered from 13,1% of this gas by the hot carbonate
process. This CO, is required in the gasifier and in the Chance reaction
to recover H,S from the regenerator residue. Another 1% of the stack
gas is cooled, compressed, and used for the lockhopper feed system,

The remaining cooled combustor effluent is vented to the atmosphere.

11, Waste-Water Treatment

The condensate from the gasifier effluent contains ammonia that is
stripped with steam in a Chevron-type waste water treatment system.
Ammonia is recovered as a by-product,and the water is used as cooling-

tower makeup.

12, Sulfur Recovery

The.HzS-rich stream from Stage I of the Rectisol acid-gas removal
system is combined with the H,S stream from the Chance reaction. The
concentration of H,S in the combined gas is 15.4%. Thus, a Claus plant with
a tail-gas clean-up system is used to recover 82.0 t/d (79.9 long tons /d)

of sulfur. The vent 'gas from the Claus plant contains less than 250 ppm sulfur.

13, Utilities and Offsite Facilities

The conversion of coal to pipeline gas requirés large quantities of
steam, power and cooling water. These requirements are summarized in
Tables 35-37. The coal-based plant is designed to be self-sufficient. The
waste-heat recovery provides all the steam needs of the plant, and power
recovered from the regenerator effluent (using the gas turbine and steam
power recovery cycle) provides by-product power in addition to the power

required in the plant,

The overall plant efficiency is 67. 1% of which 64, 0% is pipeline
gas and the rest represents by-products such as power, ammonia, and
sulfur. Table 38 presents the process efficiency.v The overall energy balance
summary (Table.39) gives the accounting for the reinaining heat inpufl from

coal.
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In summary, production of 264.4 TJ/d (250.7 X 10? Btu/d) pipeline gas
from Montana subbituminous coal using the CO, Acceptor Process with the
reactor operating at 1115 kN/m? (147 psig) and 1139 K (1590°F) requires
20,175 t/d (22,239 short tons/d) of 22% moisture coal. The design converts
64.0% of the HHV of coal to pipeline gas and 3.1% to by-products.
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Table 36. SUMMARY OF POWER REQUIREMENTS FOR 264.4 TJ/d (250.7 X
107 Btu/d) PIPELINE GAS FROM MONTANA SUBBITUMINOUS COAL BY
: THE CO, ACCEPTOR PROCESS

Component . i kW hp
Coal Storage and Reclaiming : , 1,939 2,600
'Coal Grinding and Drying 7,457 10, 000
Air Blower for Preoxidizer 1,439 1,930
Coal Feed Lock Hopper Gas Compressor 3,110 4,170
Compressor for CO, Feed to Gasifier 10,029 13,450
Lift Gas Compressor ‘ 3,132 4,200
Acceptor Makeup Air Blower 224 300
Venturi Scrubber, Effluent Air Cooling, 418 v 560
and Quench Tower Feed Water '
CO, Removal From Stack-Gas (Feed 25,406 34,070

Compression and Solution Pumps) Hot
Carbonate System

Methanation Feed Compressor and . 54,846 - 73,550

After Air Cooler

Methanation Recycle Compressor and 8,956 12,010

Effluent Air Cooling

Product Gas Compressor 14,660 ' 19,660

Rectisol System Motive Power 373 500

Rectisol System Refrigeration 9, 396 12,600

Ash and Spent Acceptor Slurry Water Pump 410 550

Ammonia Recovery Condensates 1,417 1,900

Boiler Feed Water Pumps 447 600

Turbine Feed Water Pumps (for Power 2,446 3,280

Generation) ' o

Cooling Water Pumps . ) 7,822 10,490

Miscellaneous : 7, 457. 10,000
Total Power Required ' 161, 384 216,420

Power Recovery Frorh Reductor Off-Gas

From Comtustor Off-Gas Expansion 304, 909 408,890
I.rss Combustor Air Compressor (16, 085) (21,570)
* Net Power Available From Gas Turbine 288,824 387,320

Less Powe - for Regenerator Air (169, 162) (226,850)
Compre<sor (on ohuft) _ o
Net for Power Recuovery {on shatt) 170,662 - 160,470

Power Recuvery (98°)) 117, 269 157,261
Power From Waste-Hedt Stcam Power Cycle 159,614 214,046
Total Power Generated 276,883 371,307
Electric Power to Plant (161, 384) (216,420)
Total By-Product Power 115,499 15.1, 587
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Table 37.SUMMARY OF COOLING WATER REQUIREMENTS FOR 264.4 TJ/d
(250.7X 10°Btu/d) PIPELINE GAS FROM MONTANA SUBBIT UMINOUS COAL

BY THE CO, ACCEPTOR PROC3E/3§§ &

Component m —gpm
Lock Hopper Gas- Cooling After 59 260
Compression
Methanation Feed Compressor 232 , 1,020
Product Gas Coinpressor 740 3,260
Methanation Effluent Cooler 522 2, 300
Regenerator Air Compressor 5,167 . 22,750
Interstage Cooling 4
Coal Feed Lock Hopper Gas Cooling 114 500
Before and After Compression
CO, Removal System - 7,230 31,830
Ash and Spent Acceptor Slurry Cooling 2,448 10,780
Ammonia Recovery Condensate Cooling 509 - . 2,240
Rectisol System Cooling Water 170 750
Subtotal 17,191 75,690
Cooling Water for Power Generation 18,906 83,240
Cycle — -_—
Total 36,097 158,930

Cooling water temperature 303-319 K (85°-115°F),

Table 38. PROCESS EFFICIENCY FOR PIPELINE GAS PLANT USING
CO, ACCEPTOR PROCESS

Component . _ kg/h 1b/h
Reactor Coal (dry) . 630,072 1,389,070
Fuel Coal {dry) 25,619 56,483

Total Coal (dry) 655,691 1,445,553

GI/h 106 Btu/h
HHV Total Coal 17,212.3 16,319.9
HHYV of Product Gas . 11,018.6 10,447, 3
7% Converted to Product Gas _ 64,0
By-Product Power 415.8 394.1
% Converted to Power ' ' 2.4
By-Product Ammonia + Sulfur ' 117.7 - 111.6
% Converted to By-Product - 0.7
Total Plant Efficiency e 67,1
95
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Table 39, SUMMARY OF OVERALL ENERGY BALANCE FOR

264.4 TJ/Day (250.7 X 10? Btu/D) PIPELINE GAS FROM
MONTANA SUBBITUMINOUS COAL BY THE CO, ACCEPTOR PROCESS
(BASIS: 289 K (60) LIQUID H,0)

Heat In GI/h 106 Btu/h %
Process Coal 16,696.7 15,831.0 97.0
Dryer Fuel 515.6  488.9 3.0

Total Heat In 17,212.3 16,319.9 .100.0
 Heat Out

Pipeline Gas Sensible Heat 15.6 14.8 0.1

Pipeline Gas Heating Value ’ 11,018.6 10,447.3 64,0

By-Product Power, 415.6 394.1 2.4

Sulfur, . 31.3 29.7 0.2

Ammonia, ’ 86.4 81.9 0.5

Heat to Cooling Water 2,514.4 2,384.0 14.6

Heat to Air Cooling 1,080.56 1, 024.6 6.3

Heat Lost With Stack Gas . 391.4 371.1 2.3

Heat Lost With Dryer Effluent 583.7 553.4 3.4

Heating Value + Sensible Heat of .

Ash and Spent Acceptor 141.5 134.2 0.8
Assumed Waste-Heat Recovery Losses 259.1 245.7 1.5
Heat Lost With Power Generation ) 23.3 22.1 - 0.1
Heat Loss With Sulfur Recovery _

Vent Gas L1 1.0 --
Assumed Loss in Power 28.6 27.1 0.2
Heat Loss in Regenerator 36.6 34,7 0.2
Heat Loss in Gasifier 55.7 52.8 - 0.3
Condensate Losses 91.5 ‘ 86.8 0.5
Hot Carbonate Absorber Effluent - 26.5 25.1 0.2
Heat Lost With Water Along With :

Ash Disposal 14.1 13.4 0.1

Subtotal 4 16,815.6 15, 943.8 97.7

Heat Unaccountéd for 396.5 376.1 2.3%

Total Heat Out C17,212.2 16,319.9  100.0

The balance is 2. 3% off, 1% of which can be accounted for from gasifier
balance, :
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LIQUID FUELS FROM COAL

Introduction

The manufacture of hydrogen and methane from coal requires new
technology and produces a new product for aviation fuel, which requires new
methods of transportation and storage as well as new engines. The manu-
facture of liquid fuels from coal is directed toward developing a new source
to supplement the fuel currently used in today's airplanes, which is derived

from petroleum.

The proposal for this project requires that we set up process designs
for kerosene, but not for jet fuel manufacture. Kerosene manufacturing has
been interpreted as being a somewhat less stringent process than jet fuel
manufacture, allowing us to design processes for increasing the supply of

light distillate material or for making wide-cut kerosene or jet fuel.

Table 40 gives specifications for civil jet fuel and kerosene, We have
considered jet-B or wide-cut kerosene as reasonable targets for the coal-

derived liquid products required in this portion of the study.

Fischer-Tropsch {Synthol) Process

The conversion of coal to liquid fuels has been of interest for many
years, Prior to World War II work was carried out in Germany on the
hydrogenation of coal and the catalytic conversion of synthesis gas (CO + H,)
to liquid products. The catalytic conversion process is known by the generic
term Fischer-Tropsch. This process converts synthesis gas(but not coal)
directly to the desired products. Coal or some other fossil fuel is used to
generate the synthesis gas. By the proper selection of catalysts and operat-
ing conditions, a very large variety of products can be made. These pi‘oducts
include chemicals, subsitute natural gas (SNG), liquefied petroleum gas (LPG),
gasoline, kerosene, diesel oil, and fuel oil. As is well known, a commercial
plant (SASOL) has been in operatioh since 1955 in Sasolberg, South Africa,
Synthesis gas, generated from coal, is converted in fixed-bed and entrained-
‘bed reactors to yield a variety of products similar to those based on highly
paraffinic mineral oils. The entrained-bed reactor is based on the Kellogg
Synthol Process, which produces a wide spectrum of products but very little

aromatics.
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Table 40, CIVIL JET FUEL SPECIFICATIONS*

ASTM, D IATA
D-1655-70 November 1969
Properties JET A and
) JET A1 JET B Kerosene Wide uut
Freezing Point,°F (°C) Max. A- -36 (-38) =56 (~49) <58 (-50)  -58 (-50)

Distillation

Initial Boiling Point,°F (°C)
10% Evaporated, °F(°C) iax.

20% Evaporatecd, °F(°C) Max.

50% Evaporated, °F(°C) Hax.

90% Evaporated, °F(°C) Max.
Final Boiling Point ,°F(°C) Max.
Residue, % vol. Max.

Loss, % vol. Max.

Flash Point, °F (°C) Min.
Max.

Reid Vapaur Pressure, psi,Max
Specific Gravity, 60/60°F

A-1 -54(~48)

400 (204)
450 (232)

550 (288)
1.5

1.5

105 (41}

150 (66}

API Gravity 51-39
Viscosity at -30°F(-34.4°C)cSt.Max. 15
Aromatics, % vol. Max. 20
Olefins, % vol. Max. -
Sulfur, % Wt. Max. 0.3
Mercaptan Sulfur,% Wt.Max. 0,003
or Doctor Test hzgative
Copper Strip Corrosion
© 2 hrs. at 212°F-(1920°C)Max. #1

3 hrs. at 122°F -
Silver Corrosion, Max. -
Existent Gum, mg/100 nl. Hax. 7
Thermal Stablility-5 hr.at 61lb/hrs.

300/400°F(148,9/204.4°C)~ iPm"Hg, 12

Maxz :
Preheater Tube Deposi®t Rating <3
Heat of Combustlon,iie% BTU/1b.Min. 18,400
Ariline-Gravity Product Min. -
Luminometer Number in. a5

or Smoke Polnt, mm. Min. 25

or Smoke Volatility Index,Min. -

or Naphthalenes, % vol ¥ax. ®
Hatgr‘Reactlon,vol.change,nl.Hax. 1

Interface Rating, Max. +1b
Electrical Conductivity,

picomho/m at time, place and

temperature of delivery into

aircraft -
Total Acidity, mg KCH/g Max. n.1
Additives
Antioxidant Option
Metal Deactivator Option
Corrosion Irhititor Zy Agreement
Static Dissipator . By Agreement
QOthers 8y Agreement

Source: Gardner, L. and Whyte, R. B.,

By Agreement

- 400 (208) -
290 (143) - 290 (142) -
370 (188) 450 (232) 370 (188)
470 (243) - 470 (243)
- 550 (288) -
1.5 1.5 1.5
1.5 1.5 1.5
- 100 (38) -
- 150 (66) -
3 - 3
.0.7753-C.8299 0.7505-0.8017 0.775-0.830 0.751-0802
57-45 51-39 57-45
- 15 -
20 20 20
5 - -
0.3 0.2 0.2
0.003 0.001 .0.001
Negative Negative - Hegative
,l #1 4]
- Open Open
- Open Open
7 7 7
12, 3 3
<3 <3 <3
18,400 18,400 18,400
- 5250 5250
50 4s i5
- 25 -
S54 - 1]
- 3 -
T 1 1
+1b it 1b
- 50-300 50-300
0.1 0.1 0.1
Option Onticn Cption
Cption Cption Cotion
Ty Arreemant T oigrecrent  Tv Ao
2y Arreerant Eejuired  Reguired

1Jet Fuel Specifications.'" Paper

No. AGARD-CP-84-71 presented at Advisory Group for Aerospace Re-
search and Development Conference Proceedings No. 84 on Aircraft Fuels,

Lubricants, and Fire Safety,

NSTITUTE O F

n.d.
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Liquids derived from the direct conversion of coal By hydroliquefaction,
pyrolysis, and extraction are composed mainly of aromatics, naphthenes, and
cycloparaffins. Specifications for jet fuels derived from petroleum show a
maximum aromatic content of 20% and smoke points of 25 or better (Table 40).
Aromatics and naphthenes, which are produced by hydrogenation of aromatiés,

have low smoke points.

Thus, the Syntﬁol Process is of interest in this application because the
products would meet the specifications for jet fuel and kerosene better than
products of coal liquefaction. We contacted the M. W. Kellogg Co. for infor-
matioﬁ on the application of the Synthol Process to the production of wide-cut
jet fuel. The Synthol plant built by Kellogg for SASOL was designed to pro-
duce gasoline and naphtha, which are considered the most desirable products.
Information on the Synthol Process was obtained from Dr., B. G. Mandelik of
the M. W, Kellogg Co. Kellogg believes that the Synthol Process can convert |
synthesis gas (CO + H,) to the desirable products at an overall efficiency of
as high as 80%. Based on the generation of synthesis gas by IGT's U-GAS
Process, and using the same process coal feed and g'a.'siﬁer operation as in
the hydrogen case, we calculated a production of 53,708 kg-mole/h (118,406
lb-mole/h) of synthesis gas containing 68.2% H, + CO in the ratio 2.4:1 as
desirable for Synthol feed, The overall efficiency for generating this gas,
converting it to jet fuel, and other products via the Synthol Process, and
supplying some additional steam and power is 57.5%. This efficiency is
significantly less than the overall efficiency indicated for the newer coal
conversion processes. The Synthol section produces 3289 m3/d (20,690 bbl/d
of kerosene-type jet fuel plus 2068 t/d (2280 short tons/d) of other products.

Consol Synthetic Fuel Process

The newer coal liquefaction processes include the Consolidation Coal
Co. Synthetic Fuel (CSF) Process, Solvent-Refined Coal (SRC), H-COAL,®
COED, and Synthoil. None of these processes are in commercial operation;

however, all but Synthoil have been carried into the pilot plant stage.

We selected the CSF Process as the basic coal conversion process for
this study. The liquid products from this process are reported to be similar
to those produced by Hydrocarbon Research Inc.'s (H-OIL ) Process when

using coal extract. The CSF Process produces some aromatics and less
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naphthenes than the HRI Process, but the sum of aromatics plus naphthenes
is about the same, around 90%, with a very low paraffin content., The overall

efficiencies of the processes are similar, around 70%.

This favorable comparison with H-OIL processing of coal extract plus
the availability of a fairly detailed process design for the CSF Process design?
prompted the choice of the latter as a basis for the coal-to-liquid fuel pro-
cess in the present study. The design studyz referred to concluded that the

CSF Process as contemplated is technically feasible.

At the beginning of this project, we decided that we would not study the
effect of different coals on a given process. However, we would select the
coal or coal type that appear'ed to be the most advantageous for a particular
process, Within the scope of the projecf, the choice is made between Eastern
and Western coals. For purposes of comparability it is desirable to keep
coal variation to a minimum. For the manufacture of hydrogen and methane,
.Montana subbituminous coal was selected because of its greater reactivity,
abundance, low-sulfur content, nonagglomerating characteristics during

gasification, and its lower cost compared to Eastern coals.

The process design for the CSF Process is based on Pittsburgh seam
coal from Consolidation Coal Co.'s Ireland mine, which was used in the de-
velopment of the process. An analysis of this coal is given in Table 2 in the

first section of this report,

Based on published summaries of studies of the H-COAL Process, the
use of Illinois bituminous coal gives more favorable results, from the sta:"zd-
point of both overall efficiency and ecoriomics, than Wyoming subbituminous
coal.? As the Illinois coal is more similar to Pittsburgh seam coal than to
Wyoming subbituminous coal, it appears that Eastern bituminous coals should
be more favorable for liquefaction than Western subbituminous coals., There-

fore, the use of Eastern coal is a reasonably good basis for the CSF Process.

Description of CSF Process

The basic CSF Process design used for this section of the study is
shown diagramatically in Figure 7. Tables 41 and 42 show solid, liquid,
and gaseous streams for this design. IGT has utilized the products of the

coal conversion plant in a refinery add-on to produce C;+ aromatic gasoline, .
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This operation is discussed in more detail below. The products from the
CSF plant proper are based on the conversion of 21,195 t/d (23, 364 short
tons/d as received, 20,000 dry) of process coal to the following products —

Heavy Fuel Oil: 10.3 °API, 5628 m3/d (35,400 bbl/d)
Naphtha: 58 °API, 1939,6 m3/d (12,200 bbl/d)
High-Btu Gas:  78.56 TJ/d (74.49 X 10% Btu/d), 34.7 MJ/m3 (931.5 Btu/SCF)

The CSF Process extracts a de-ashed fuel from the coal that is hydro-
genated to desulfurize the fuel and also to saturate the aromatics, in order to
provide a solvent for the extraction step. Hydrogen is added to the coal by
the hydrogen donor solvent, which is coal-derived, and regenerated and re-

cycled within the process. The process description follows,

Coal Preparation and Extraction

The boiler fuel requirement is 834 t/d (919 short tons/d). The raw
process coal (Pittsburgh seam coal), 21,195 t/d (23, 364 short tons/d), is
crushed in the hammer-mills to a size of about 5.08 to 0.95 cm (2 to 3/8 in.),
then partially dried By contact with the flue gas. The partially dried coal is
dried further ih the fluid—bed‘dryers. Fines smaller than 14 mesh are re-
covered in multiple-stage cyclones and bag filters. The crushed coal is
combined with the recovered fines and heated to 505 K (450°F) in fluidized-bed
dryers to remove the remaining moisture. The preheafed coal is then slur-
ried with a coal-derived solvent and purnpéd at 1136 kN/m? (150 psig) through
a tubular furnace, where it is heated to the extraction temperature of 680 K
(765°F). - Extraction occurs principally in a staged extraction vessel., The
hot vapor from the extractor is sent to the solvent-recovery area‘and the

slurry phase is sent to a residue-separation section,

Residue Separation and Solvent Recovery

The undissolved coal residue is removed from the slurry in the residue-
separation section by two-stage hydroclones. Overflow from the first stage
goes to the solvent-recovery section and the underflow passes to a second
stage, the wash stage. The overflow from this stage is fed back to the first

stage. The underflow is sent to the low-temperature carbonization system.
Solvent recovery is divided into two sections, After the vapor from
the extraction section is condensed, the gaseous stream is sent to a gas
104
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cleanup section andthe recovered solvent is returned to slurry mix tanks.
The hydroclone overflow from the residue separation is fractionated in a
vacuum still. Light oil and light spent solvent are sent to low-sulfur fuel

production.

The heavy oil (inclﬁding spent solvent and fuel oil) is taken overhead
from the fractionator, and a heavier cut from a side stream provides most
of the recycle hydrogen donor solvent for the extraction section. The bottoms,
which contain extract, residue, and tar are sent to the extract hydroconver-

sion system.

Low-Temperature Carbonization

The hydroclone underflow from the residue separation is pumped to the
low-temperature carbonizer (LTC) where it is reacted with steam and air.
The overhead product is quenched, and a gas stream and a solvent/tar stream
are separated out. The solvent/tar stream is delivered to the tar-distillation
section, and the gas stream is used as a plant fuel after sulfur removal. Char
from the LTC section is delivered to the Bituminous Coal Research (BCR)

gasification system for hydrogen production.

Tar Distillation and Extract Hydroconversion

The heavy liquids from the LTC section are vacuum-distilled in the tar-
distillation section. The overhead prqdu.ct is heavy oil. The bottoms are
sent to the residue-separation area. The extract from the solvent- récovery
section is hydrotreated to produce the donor solvent and product oil. Ex-
tract hydrogenation is done in four stages that operate at 20,786 kN/m?
(3000 psig) and 700 to 714 K (800° to 825°F) in the presence of a cobalt-

" molybdenum-nickel catalyst. The overhead vapors are cooled to separate
the hydrogen and light oils, The recovered hydrogen is compressed and re-
cycled back to the reactors. The hydrotreated liquid product is flashed to
136 kN/m? (5 psig). The fuel gas is sent to the gas treatment plant, and
gas liquor is sent to the wastewater treatment plant to recover ammonia and
hydrogen sulfide. The hydrotreéted liquid product is stabilized by removing
C, and then fractionated. In the fractionator, the hydrogen-donor solvent is
separated from the light-oil product. The hydrogen-donor solvent is sent to
the slurry system for makeup solvent, and the light product oil is delivered

to the refinery to produce gasoline.
105
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Gas Treatment and Sulfur Recovery

Fuel gas is produced at various sections of the plant, This gas is
treated in the amine system to remove carbon dioxide and hydrogen sulfide.
Some of the fuel gas i.s used as a fuel for the plant and refinery operation,
and the remaining amount is a by-product for sale. The hydrogen sulfide
stream from the amine system is passed through the sulfur-recovery system,

which consists of a modified Claus plant and a Beavon tail-gas plant.

Hydrogen Production

Hydrogen is made from synthesis gas generated by the BCR Process.
Char from the LTC is gasified by steam and oxygen in the BCR suspension-
type gasifier. The raw gas is passed through the quench system, the CO-shift

system, the acid-gas removal section, and a CO removal step.

Tables 43-45 summarize the utility requirements for the CSF Process.-
The plant is essentially sclf-contained except that in the original design,3
\61, 180 kW of electric power is purchased. In order to keep this design on
the same basis as the others in this study, we have added equipment to supply
this power onsite. This requires a coal-fired boiler and turbine-generator
plus an added cooling water supply. Additional coél is calculated using a
basis of 35% overall conversion efficiency from coal to electric power. The
original design calls for steam turbine drives for oxygen supply and hydrogen
compression. We have added the requirements for these services to the
power summary for completéness only because the original design includes
steam to drive the turbines as part of the utility balances. Table 46 is the

overall en'e‘rgy balance.

Kerosene — Jet Fluel Manufacture

The products of the CSF Process, heavy fuel oil, naphtha, and high-Btu
gas, do not meet the product specification for kerosene or jet fuel, Two ways
are presented for increasing production of these fuels through coal liquefaction:
1. Modify the CSF products to get the desired ones, This will require a

hydrocracking step and the generation of large amounts of hydrogen,
which means expensive equipment and lowering the overall efficiency.

2. An alternate method involves the conversion of the products of coal
liquefaction to gasoline and importing this material into the petroleum
refinery octane pool., This gasoline would then allow release of

106
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material in the kerosene boiling range from the catalytic reforming
feedstock and, ‘in this way, increase the supply of jet fuel components,
Because the products of coal liquefaction are highly aromatic, they
should produce a high-octane material, a desirable contribution to the
refinery gasoline pool. Such aromatics are not desirable in jet fuel,
as discussed above, but are satisfactory as a gasoline component.
Even if all the aromatics were hydrogenated to naphthenes (saturated
cyclic compounds), the material might still be marginal in meeting smoke
point specifications, A sample of decalin (C;,H,3) had a smoke point value
of 21.6, which is below the civil jet fuel specifications of 25, but avae the
military JP-5 requirement of 19. However, this is one of the lighter naph-

thenic compounds. Heavier ones might give lower smoke point readings.

Gasoline: From Coal for Export to Petroleum Refineries

The heavy fuel oil stream can be hydrocracked and combined with the
naphtha to yield a C;-478 K (C; -400°F) gasoline that could be sold to conven-

tional refineries to meet part of their gasoline outputs.

The first s'tep in the process is the manufacture of gasoline from the
products of the coal conversion plant in a2 refinery attached to the plant. O_rie
of IGT's engineers, Mr, R, Donald Oberle, a petroleum engineer with many
years' experience in the petroleum industry, has made the calculations for
the conversion of CSF liquid products to gasoline and also for the modifica-
tion of a conventional petroleum refinery operation resﬁl’cing from the im-

portation of the coal-derived gasoline.

The coal product refinery is shown as an a-épendage to the CSF plant in
Figure 7. Movre details are given in Figure 8. All three of the products
from the coal plant are utilized. This process scheme was available to our
study from earlier IGT work., This particulér section does not represent as
detailed a process design as the other parts of the work but represents con-
ventional refinery practice. Overall results and net fuel requirements are

based on generalized requirements for refinery operations.

The naphtha, 1939.6 m3/d (12, 200 bbl/d), is distilled to give three
streams. About two-thirds of the feed yields a 355 to 478 K (180° to 400°F)
stream for catalytic reforming. The C;3-355 K (C;-180°F) is routed to the
motor gasoline pool. Butane, 217.8 m3/d (1370 bbl/d), is a fuel by-product.

i
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SUMMARY OF STEAM REQUIREMENTS FOR CONVERSION OF

COAL TO 378.6 TJ/d (359 X 10° Btu/d) LIQUIDS PLUS HIGH-Btu GAS BY
THE CONSOL SYNTHETIC FUEL PROCESS

Steam Required

1250 psig, 1200°F
BCR Gasifier

Used to Preheat Oxygen, then
Depressured to 600 psia,486°F

1200 psig, 900° F
Turbine Steam

600 psig, 750° F

Low Temperature Carbonization
Hydrogenation Letdown and Absorption
Compression and Gas Treating Plant
Hydrogen Manufacture

Hydrogen Compression

Waste-water Treating

150 psig, 366° F

Low Temperature Carbonization
Tar Distillation

Gas Treating Plant

Hydrogen Manufacture
Hydrogen Compression
Wastewater Treating

25 psig, 267° F
Gas Treating Plant
Hydrogen Manufacture

Steam Generated

1200 psig, 1200° F
Fired Boiler

1200 psig, 900° F
Fired P'.iler

Stcam Generated

600 psag, 750° F
Extraction Hydroconversion

Waste' Heat Recovery
Fired Boiler

150 psig, 366° F

Solvent Recovery
Sulfur Plant
Fired Boiler

25 psig, 267° F

- Solvent Recovery

Sulfur Plant

I NS TITUTE ;0 F
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kg/h

161,025
19, 050
180,075

237,180

27,530
42,320
29,760
342,915
96,615
9,115

548, 255

5,490
180
8,480
11,570
905

78,015
104,640

75,750
45, 360

121,110

180,075

237,180

kg/h

1‘30, 770
116,120
301, 365

548, 255

58, 150
21,680

’ 24,810

104,670

171,590
57,880

229,470

S

.. 1bsh

355,000

42,000

397,000
523,900

60,700
93, 300
65,600
756,000
213,000
20, 100

1,208,700

13,100
400
18,700
25,500
2,000

172,000

230,700

167,000
100,000
267,000

397,000

522,900
1b/h

288, 300
256, 000

664,400

1,208,700

128,200
47,800

54,760

230,700

378,300
. 127,600

505, 900
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Table 44. SUMMARY OF POWER REQUIREMENTS FOR CONVERSION OF
COAL TO 378.6 TJ/d (359 X 10% Btu/d) LIQUIDS PLUS HIGH-Btu GAS BY
' THE CONSOL SYNTHETIC FUEL PROCESS

Section _ kW hp

Feed Preparation 12,202 16, 363
Extraction 2,109 2,828
Residue Separation " 1,273 1, 707
Solvent Recovery 493 661
Low-Temperature Carbonization 1,710 2,293
Tar Distillation . . , 237 318
Extract Hydroconversion . 1, ]:79 1, 581
Hydrogenation Letdown 3,310 . 4,439
Hydrodistillation 1,533 . 2,056
Gas Recovery and Treating Plant 960 1,287
Hydrogen Manufacture 23,100 30,978
Hydrogen Compression 19, 761 - 26, 500
Oxygen Supply . 60,983 81, 780
Waste~Water Treating 104 139
Sulfur Plant - 2,116 2,838
Steam Generation 4,117 5,521
Water Treating ‘ . 800 1,073
Cooling Water 7,130 1, 561
Miscellaneous ' ' 1,200 1,609

Total Power 144,317 | 193, 532

109
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Table 45, SUMMARY OF COOLING WATER REQUIREMENTS FOR
CONVERSION OF COAL TO 378.6 TJ/d (359 X 107 Btu/d) LIQUIDS
PLUS HIGH-Btu GAS BY THE CONSOL SYNTHETIC FUEL PRCCESS

Section m?3/h gnm*

Residue Separation 727 3,200
Solvent Recovery 456 2,009
Low-Temperature Carbonization 1,043 4, 590
Tar Distillation ) 3 13
Extract Hydroconversion 2,091 9,207
Hydrogenation Letdown _ 3, 500 ' 15,410
Hydrodistillation ‘ 40 175
Gas Recovery and Treating Plant 3,647 16,057
Hydrogen Manufacture 20,123 . 88,600
Hydrogen Compression 3, 589 15, 800
Waste-Water Treating 2,498 11,000
Sulfur Plant ' 368 1,620
Power Plant 7,371 32,452

Total 45,456 200,133

* » :
302°K to 316 °K temperature rise (85° to 110°F).

110
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Table 46, OVERALL ENERGY BALANCE FOR PROCESS STREAMS,
CONSOL SYNTHETIC FUEL PROCESS

In
Process Coal
Fuel Coal

Total

Out_

High-Btu Gas
| Naphtha

Fuel Oil

NH,

Sulfur

H; L.oss

Heat to Coolant

Heat Losses (by
Difference)

Total

I' NS TITUTE

(Basis: 289 K (60°F), Liquid H,0)

% of

TJ/d 10° Btu/d 10° Btu/h  Coal Input
533,25 505.60 21,067 96.2
20.97" 19.88 828 3.8
554,22 525.48 21,895 100.0
78.56 74.49 3, 104 14,18
65.86 62.45 2,602 11.88
233.98 221.85 9,243 42,22

2.62 2.48 103 0.47

7.00 6.64 277 1.26

1.32 1.25 . 52 0.24
63.47 60.18 2,508 11,45
101,39 96. 14 4,006 18. 30
554, 20 525.48 21,896 100,00
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The 10.3 °API, 478 to 672 K (400° to 750°F) boiling-range stream
must undergo considerable hydrogenation to make it suitable for gasoline.
It is first hydroéré.cked at high severity. The products are then separated
into the same three boiling-range cuts as the naphtha, Combined 355 to 478 K
(180° to 400°F) streams, 6768.7 m3/d (42,574 bbl/d), are sent to catalytic
reforming to increase the gasoline octane number., Reformate and C5;-355 K
(C5-180°F) streams are combined to yield 7282.4 m3/SD (45, 805 bbl/SD) of

high-octane gasoline for export to petroleum refinery gasoline pools.

About 56% of the high-Btu gas from the CSF plant is utilized in the
gasoline plant as fuel and feed for manufacturing hydrogen required for
hydrocracking the heavy oil. Butane from hydrocracking and reforming is

sold as a by-product. Products after the refining opetration are —

Gasoline C45-478 K (C5-400°F), 7282.3 m?/d (45,805 bbl/d)
Butane 1356.8 m3/d (8534 bbl/d)
High-Btu Gas 34.79 X 108 TJ/d (32.99 X 10° Btu/d)

The high—Bi:u gas is 44% of that generated by the CSF Process; the
rest is used as fuel in the manufacture of the gasoline. Table 47 gives the

product summary.

Light Distillate for Jet Fuel

The increase in jet fuel as a result of coal liquefaction is obtained from
a modification of conventional refinery operation by reducing the amount of
light distillate (422 to 478 K, 300° to 400°F) fed to the catalytic reformer
(Figure 9). Calculations are based on a 23,848 m3/SD (150,000 bbl/SD)
" petroleum refinery in which the feed to the catalytic reformer is 6677.5 m?/SD
(42,000 bbl/SD). Production of catalytic reformate is 5176.6 m3/SD (32, 560
bbl/SD). By reducing this feed by 1431 m?® (9000 bbl), the reformate produc-
tion, in turn, is reduced by 1197 m3 (7530 bbl). The reduction of petroleum-
derived reformate is made up by coal-derived reformate, Viewed another
way, the reduction in demand for reformer gasoline releases light distillate
feed as a suitable component of jet fuel. In this preliminary analysis, we
assumed that the C;+ gasoline derived from coal is a satisfactory material
that can be imported to compensate for the reduction in reformate from t.he
catalytic reformer. Since 7282 m3/SD (45, 805 bbl/SD) aromatic gasoline is
available from the coal liquefaction complex, this will supply six 23,848 m3/SD
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(150,000 bbl/SD) refineries and release a total of 8702.9 m3/SD (54, 740 bbl/SD)
of light distillate for jet fuel. The overall effect is shown in Figure 10.

The conventional refinery benefits from this modification from an energy
standpoint, and there are also savings in capital and operating costs because

of reduced reforming.

Table 48 summarizes the refinery products for typical refinery oper-
ations and for those importing aromatic gasoline from coal. The product
quantities for the refinery given here are those derived by Mr, Oberle from
generalized refinery concepts. The scope of this project did not permit a
more detailed examination of refinery operations. However, the numbers
were derived using conservative bases and show what appears to be a very
reasonable way to use the highly aromatic coal products where they can best

contribute to the supply of refinery products,

The fact that there are six refineries that import gasoline from one
coal plant should not be a serious hindrance because the gasoline can be pipe-
lined to refineries or to a blending location, depending on the logistics of
supply. Using as a basis an average pipeline transmission distance of
1852 km (1000 mi) and an energy consumption of 4.1 kJ/m3-km (50 Btu/bbl-
mi), the total energy consumed is only about 0.6% of the total coal feed to
the CSF plant.

As is indicated in Table 48, the modified refinery saves fuel costs
and produces more light distillate than the conventional refinery while meet-
ing 9% of its gasoline needs by imports. For the modified refinery we have
assumed payment for the importation of coal-based aromatic gasoline at the
same price as the product — 9. 1¢/liter (34.5¢/gal). As a result, to keep
the refinery revenues constant, a subsidy of 0.55¢/liter (2.1¢/gal) of im-
ported gasoline must be applied and charged to the increased production of
light distillate via the coal-based route to calculate the costs for this pro-

cessing scheme,

Overall Efficiency

The refinery operations obviousl&r make an essential contribution in
increasing the supply of jet fuel component (light distillate) by the substitu-
tion of 9% of the refinery-derived reformate gasoline with coal-derived

aromatic gasoline,
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Since our study is based on the conversion of coal to various fuéls,
the overall efficiency of the increased jet fuel production should be referred
back to the coal conversion operation in order to be on the same basis as the
other processes. Any net debits or credits in the overall refinery operations

should be included in the costs,

Table 49 presents overall efficiencies for the three steps in increasing
the supply of jet fuel by this method. All product outputs are expressed as
percentages of the coal feed to the CSF plant. The overall efficiency is 70%
for this process, including 1.73% conversion to ammonia and sulfur, which
is carried as a constant for each of the three tabulations. In making the
aromatic gasoline, 56 % of the high-Btu gas is used and 1356.8 m?® (8534 bbl)
of butane are made as by-products. As a result, the overall efficiency drops
to 60.85%. However, when the aromatic gasoline is imported into the re-
finery system, resulting in an increased output of jet fuel, the amount of this
product is greater than the imported gasoline because of the larger volume
of jet fuels even though it sells for less; when referred to the coal, this
represents an apparent increase in overall efficiency. The increased vol_ﬁme
of refinery light distillate is accompanied by reductions in refining LPG, coke,
- and gas production., The modified refinery operation saves a little fuel when
there is less reforming, so there is no efficiency loss. The differences in
products resulting from the change in refinery operations are shown in
Tables 48 and 49 and aécou.nted for in the economics, so the unit cost of the
increased light distillate can be referred to the full 8703 m3 (54, 740 Bbl).
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THE MANUFACTURE OF JET FUEL FROM THE PRODUCTS OoF
COAL LIQUEFACTION

The direct conversion of coal to jet fuel requires as the final step
the upgrading of the products of the CSFProcess to meet the jet fuel
specifications. In order to meet specifications, the aromatic content
must be reduced to 20% or less, and the boiling range and freezing point
must be lowered (Table 40 ).

We were fortunate in obtaining the process requirements for up-
grading the heavy fuel oil to jet fuel from the Process Division of Universal
Oil Products Co. (UOP). ‘

The process desi.gn3 for the CSF Process did not include detailed
analyses of the liquid products. Therefore, in order to give UOP sufficient
information for their work, we supplied them with analytical data for
synthetic crude fractions determined by Consolidation Coal Co, (Consol)
in 1965 from a sample of synthetic crude obtained from laboratory studies
of the Consol Synthetic Fuels Process., During the bench-scale research
effort, Consol had worked with UOP in evaluating their synthetic crude in
a pilot plant study of the UOP's Isomax Process. Therefore, it is logical

to consider UOP a good source of information on this subject.

A two-step operation is specified by UOP for the manufacture of
jet fuel from the heavy fuel oils. The first step is hydrocracking (HDC
Unibon Process) followed by an aromatics hydrogenation step (AH Unibon).
Figures 11 and 12 show typical flow diagrams for these processes. Overall
process requirements and investment costs were estimated by UOP from
process correlations based on a composite feed analysis derived from the
analytical data mentioned above. Since a detailed process design was not
prepared, these two flow diagrams represent schematically the flow

sequences involved in manufacturing jet fuel,

Figure 13 is an overall block flow diagram, starting with the CSF
coal conversion plant and its three products (heavy oil, naphtha, and high—
Btu gas) and continuing with their subsequent utilization in making jet
fuel, Figure 7, presented earlier in this report, shows the CSF Process.

- The processing scheme developed here does not utilize naphtha to make
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jet fuel, Some of the naphtha could be used to increase the volume of jet-
fuel pfoduced, but it would not raise the overall efficiency, as we have
taken full credit for this stream as a by-product from the CSF Process.
Table 50 summarizes the process flow quantities and analytical data V

from the information supplied by UOP.

Hydrocracking (HDC)

HDC Unibon is a highly versatile process for the conversion of a
variety .of petroleum fractions to yield more valuable, lower boiling
products. Concomitant with the hydrocracking reaction is the almost
.complete conversion of sulfur -, nitrogen-, and oxygen-containing com- _
pounds., Thus, the process yields products that are essentially mixtures
of only paraffins, naphthenes, and aromatics., Some applications are:

1. Conversion of the petroleum fractions ranging from kerosene to -
solvent-extracted oil to yield principally naphtha, either for motor

fuel or for aromatics production; LPG is a by-product of such an
operation, '

2. Conversion of vacuum gas oil and/or solvent-extracted oil to
maximize the yield of diesel/light oil and/or kerosene,

3. Production of conventional or high viscosity index (VI) lube oil
base stocks from vacuurn gas oil and/or solvent-extracted oil,
The process is carried out at elevated temperature and pressure

over a fixed catalyst bed, where the fresh feed is cracked in a hydrogen

atmosphere. The exact process conditions vary widely depending on the

properties of the charge stock and the products desired,

Hydrogen is consumed in all hydrocracking reactions. The carbon-
carbon bonds in the paraffins are broken, and the fragments are hydro-
genated to form two or more lower molecular weight paraffins, Polycyclic
aromatics are partially saturated and ring opening in one or more places

follows, although at least one ring is usually retained,

A large variety of flow schemes have been employed in different
installations; a two-stage, ''series flow" system was chosen for this
application. In this system there are two separate reaction zones, each
employing a different type of catalyst, but essentially within a single

reaction section., 'In other words, there is a single charge-pump, heater,
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recycle compressor, etc, This system will normally utilize at least two
reactors arranged for series flow, with the total effluent from the first
reactor flowing directly to the second. The first state reactor decomposes
nitrogen and sulfur compounds, saturates olefins, and partially saturates
polycyclic aromatics, The second ieactor carries out the hydrocracking

in the presence of H,S and NH,.

In the hydrocracking operation, 5628 m3/d (35,400 bbl/d) react with

3.23 X 106 m3/d (113.9 X 10 SCFD) of process hydrogen (98% purity). Be-
cause of the reduction in density that accompanies the formation of lighter '
compounds, the volume of liquid products (C, and heavier) is increased to
7057.1 m3/d (44,388 bbl/d). Out of a total effluent of 235,741 kg/h
(519,721 1b/h), 80.2 weight percent is C4 and heavier material. Another

- 16% is C, and C; material, and the remaining 3.8% is lighter hydrocarbons,
Gases are flashed off for fuel-and the liquid product is depentanized and
fractionated to yield 5541.5 m3/d (34,855 bbl/d)' of C; and heavier material
that is then fed to the second step in the overall conversion process, the
aromatics hydrogenation step., The change in properties due to the hydro-
cracking step can be seen in Table 50, The aromatics content is reduced
from 83,5% to 38.7%, the boiling range is reduced from 480 to 632 K
(406° to 678°F) to 347 to 505 K (165° to 450°F), and the API gravity is
raised from 15.7° to 41.2°,

Aromatics Hydrogenation (AH)

As it is typically applied to the production of jet fuel, the AH Process

follows a Unibon operation,

The HDC Unibon product fractionator overhead is mixed with recycle
and makeup hydrogen, heated, and charged to the aromatics saturation
reactor, which contains a highly active hydrogenation catalyst that
selectively saturates the aromatics contained in the feed. The reaction is
carried out at an intermediate pressure and space velocity, with the specific
conditions determined by the feed characteristics and the extent of aromatic
saturation necessary to meet product smoke point requirements. The
reactor effluent is cooled and then flows to a separator for the recovery of
recycle hydrogen, Separator liquid is stripped for the removal of dissolved

hydrogen and light ends that may have entered the unit with the makeup gas.
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Operating conditions may be selected to yield a treated product almost
entirely free of aromatics, Minor amounts of light ends are produced,
essentially all of which are a result of fracturing the contaminant-carrying

organic feed compounds.

For aromatics saturation, 5541, 5 m3/d (34,855 bbl/d) of hydrocracked
product react with 0,85X 10® m3/d (30.1 X 10® SCFD) of process hydrogen,
The increased product weight and the reduced density, due to hydrogen
absorption, result in a product volume of 5751 m3/d (36,173 bbl/d).

Hydrogen Supply and Offsites

In addition to the HDC and AH units, the other major unit in the jet
fuel add-on is the hydrogen plant. UOP supplied information on the
chemical consumption of hydrogen plus an estimate of the losses. The
hydrogen plant capacity is 4.08 X 10°® m3/d (144 X 10® SCFD) of 98% pure
hydrogen at 1480 kN/m> (200 psig). The hydrogen input and utility require-

ments are summarized below:

Process
Hydrogen Cooling
Input Power Water Fuel Input
Unit 10°m3/d 108 SCFD kW m?/h gpm GJ/h 108 Btu/h
Hydrocracking 3.23 113.9 22,500 636 2800 284.8" 270
Aromatics ' .
Hydrogenation 0.85 30.1 ~ 5,410 227 1000 100.2 95
Total 4.08 144,0 27,910 863 3800 385.0 365

The high-Btu by-product gas from the CSF Process is sufficient to
meet these fuel reqﬁirements and to supply the reformer feed and fuel for
the hydrogen plant, This gas has a higherr heating value of 34.7 MJ/m?

(932 Btu/SCF) and is composed of 7.1% CO, 30.9% H,, 38.7% CHy,

11,7% C,He, 8.1% C3Hg, and 3.4% N, (Table 42). The high-Btu gas is
converted to hydrogen by the steam hydrocarbon process. Many commercial
plants currently in operation are based on natural gas feedstock. The basis
for the steam-hydrocarbon hydrogen manufacturing process is the fact that

the above hydrocarbons (alkanes) react catalytically with steam as follows:

CnHén-i-z +n H,O - nCO + (2n+1) H, (1)
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Some CO, is produced by the conversion of CO:

CO+ HO - CO, + H (2)

Figure 14 shows a typical hydrogen plant Bé.sed on natural gas re-
forming and indicates the major steps in the process. Because this type of
plant is so well established, we have treated this section of the coal con-
version plant as a package item, as raw material requirements and capital

costs are available on an overall basis,

The reformer effluent passes through the steps of waste heat recovefy,
CO conversion by Reaction 2, CO, removal, and ‘5cleanup" methanation to
remove residual carbon oxides. Because there is 38% H, + CO in the reformer
feed gas, the estimates of fuvel requirements based on natural gas feed
to the hydrogen plants are therefore conservative, Onv.this basis, there is
more than enough gas to supply the 385 GJ/h (365 X 106 Btu/h) fuel input
to the HDC and AH units, to supply the hydrogen plant, and to provide fuel

for the power requirements. The distribution of this gas is as follows:

GJ/h 108 Brm/h  TJ/d 104 Btu/d  lb-mol/d kg-mol/d

Hydrogen Plant 2105 1996 50. 51 47,90 804.5 364.9
Process Fuel 385( © 365 : 9.24 8.76 1048, 8 475,17
Power ) :

Generation 295 280 7.09 6.72 5735.3 ’ 2601.5
Excess |

(by-product) 488 463 11,72 11,11 1330.4 603,.5

Total 3273 3104 78.56 74. 49 8919.0 4045.6

Table 51 'gives the product summary for the conversion of coal to jet
fuel (the majbor product) and the other by-products, The major by-product
is the naphtha from the CSF Process. All by-products have been priced
conservatively to represent the value at the conversion plant, which is

located near the coal mine,

The overall conversion efficiency for coalis summarized in Table 52,
The naphtha heating value is 19,253 GJ/m? (121,900 Btu/gal) and the jet
fuel heating value 20,217 GJ/m?® (128,000 Btu/gal),
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Total liquefaction by the CSF Process shows an overall efficiency of
70.0%. In converting the heavy fuel oil to jet fuel, 13, 3% of the former is
lost. In making hydrogen and supplying fuel, 75% of the high-Btu gas is
consumed. The overall efficiency is 52, 7%. This efficiency is lower than
for conversion of coal to aromatic gasoline, and much less than the alter-

native method for increasing the supply of jet fuel.
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PROCESS EFFICIENCY ANAL;YSIS

Tables 53 and 54 present comparative summaries of the major

ma.tei'ial requirements, energy balances, overall power yields, and
overall efficiencies for the processes analyzed in this study. Since coal
is the base energy source, all product percentages are based on the total
coal input, It is important to remember this, particularly in the case of
liquids from coal, as the products irom the CSF Process are further up-

graded into gasoline or jet fuel.

Although some of the processes produce significant amounts of by-
products, which are included in the overall efficiency, none are considered

to be multi-product plants.

It should also be remembered that overall efficiency is not the only
criterion; both the overall efficiency and the process economics should be

considered in assessing a process,

Hydrogen Processes

The U-GAS Process shows the highest overall efficiency (66.4%), com-
pared to the Steam-Iron Process (62.6%) and the Koppers-Totzek Process
(57%). However, with steam-iron, 18.0% of the coal feed is converted
to electric power, a high-grade product that norrhally is generated at a
low fuel conversion efficiency. It is essential that some use be made of |
the large amount of heat energy remaining in the spent producer gas in order
to raise the overall efficiency from a low valué of 44, 6 % for hydrogen alone
to the final value, Generation of electricity is one way of upgrading this heat
to a universally valuable product. I the heat energy input to the power plant
could be sold as a by-product, then the overall efficiency would be 81,5%.

Hydrogen by Koppers-Totzek gasification, although a commercially
operating process, requires about 40% more oxygen than the U-GAS Process,
primarily because of the much higher gasifier temperature. The lower
oxygen requirement and higher pressure of the U-GAS gasifier save much
energy and give a significantly higher efficiency (66.4%) than the 57% over-
all efficiency for the Koppers-Totzek Process.
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Methane Processes

By the use of a water slurry feed for Montana coal, we have achieved
the highest design efficiency for the HYGAS Process reported to date, 74 %.
Of this figure, 4% is due to by-products, primarily B-T-.X generated in
the HYGAS reactor, These compounds are relatively easy to extract from
the raw gas, The water used to slurry the coal is vaporized in the slurry
dryer to provide steam for the CO shift reaction, thus eliminating the
losses that would result from condensation and subsequent revaporization
in a boiler, Although methanation, an exothermic reaction, is required as
a final step in the process, it does not detract much from the overall effici-
ency because most of the heat is recovered for use in the process, The re-
duced oxygen consumption, process steam, and process horsepower require-
ments are the major reasons for the higher efficiency for the conversion of
coal to methane relative to hydrogen,

The alternative process, the CO, Acceptor Process, converts 64% of
feed coal to product, 6% less than the HYGAS Process. The major reason
for this is probably the larger amount of power needed to run the CO,
Acceptor Process compared to HYGAS, 33,500 versus 102,000 kW, The
former figure includes 169,000 kW to drive the regenerator air compressor,
While power for the latter is recovered from the regenerator off-gas,
there are power losses due to inefficiency in the compressors and expanders,
We have used a combined.-cycle power recovery system, as in the Steam-
Iron Process, which generates 115 MW of by-prodizct electric power and
2.4% of the total coal input heating value,

- Jet Fuel Component

The overall process of using coal to manufacture gasoline that is then -
imported into the refinery gasoline pool, which allows more refinery output
‘of 1ight distillate, is more efficient than the direct conversion of coal to jet
fuel, The overall efficiency for the CSF Process is 70%. -This drops to 61%
because of the energy required to upgrade the CSF products to gasoline,

The importation of 7282 m?3/SD (45,805 bbl/SD) of coal-derived gasoline
regults in an increase in the jet fuel component of 8703 m?/d (54, 740 bbl/d),
‘When calculated as a percentage of the original coal, this results in an
apparent increase in the overall efficiency (to 71%), because of the larger
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volume of jet fuel, However, the increased volume of this material is
accompanied by reductions in refinéry LPG, coke, and gas because of
reduced catalytic reforming. The refinery suffers no loss in efficiency; in
fact, there ié a siight improvement. The changes in products and refinery
economics have been accounted for in the economics of coal conversion, so

" that the unit cost of the increased light distillate can be referred to the full
8703 m? (54,740 bbl) jet fuel component.

Direct conversion of CSF heavy oil to jet fuel by hydrocracking and
aromatics hydrogenation shows an overall efficiency of only 53% because
of the larger hydrogen and fuel requirements. In both cases, the
efficiency for the conversion to liquid products leaving the coal plant is

less than for the two methane-producing processes,

Liquid Fuels

Although not a required part of thls study, because of our basic
mterest in aircraft fuels, we have estimated overall efficiencies for the
conversion of coal to liquid hydrogen and to methane for the three hydrogen

" processes and for the HYGAS Process. The results are given in Table 55.
The requirements for hydrogen liquefaction are based on work done by the
Linde DiviSion, Union Carbide Co,, for another NASA project.” The energy

requirement for methane liquefaction is typical of LNG plants.

The additional energy load for ligquefaction requires additional coal
for hydrogen production by Koppers-Totzek and U-GAS Processes, while
the Steam-Iron Process generates more than the needed electric energy as
a by-product. On the basis of coal required for the generation of hydrogen
and electricity for liquefaction, and including by.products, the Steam-Iron

Process shows the highest overall efficiency.

The power requirement for methane liquefaction is just a fraction of
that for hydrogen liquefaction, The overall efficiency from coal to liquid is
thus much higher for methane than for hydrogen, 66, 6% versus 34 % to
48% , depending on the hydrogen process. While this efficiency is lower
than the overall efficiency for the CSF Process, it is higher than the

efficiency for upgrading the oils. to gasoline or jet fuel. N

Linde Division, Union Carbide Co., ""Survey Study of the Efficiency
and Economics of Hydrogen Liquefaction,' n.d.
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ECONOMICS OF COAL CONVERSION TO FLUID FUELS

We decided in the initial smges of this study to cost one process in
each of the categories of hydrogen, methane, and kerosene production. We
chose the U-GAS Process as the hydrogen process and the HYGAS Process
as the methane process because both are new processes, both are processes
in which oxygen gasification is employed, and both are IGT processes,
which gives a good basis for comparability. As both are IGT processes,
we felt that we had the best information available, and would not be biasing
someone else's process. After the process designs for the three hydrogen
processes were completed, the very favorable outlook for the Steam-ron
Process prompted the sp;)nsor to request that we add the cost estimation for

the steam-iron hydrogen process to the project tasks.

The CSF Process for coal liquefaction was chosen as the basis for
making jet fuel component from coal. Economics for the manufacture of
aromatic gasoline from coal and its use as an import to increase the

petroleum refinery supply of light distillate for jet fuel are also pr.esented;

The project plan calls for mid-1974 costs and the use of private-
investor financing method of calculating the return on the investment.
We have used the discounted cash flow method of the Supply — Technical
Advisory Task Force — Synthetic Gas-Coal of the FPC. The basic features

of this method are summarized bélow:'

Project life 25 years
Depreciation 16 -year sum of the digits on total
: , plant investment

Capital 100% equity

DCF return rate 12% :

Federal income tax (FIT) 48% -

Return on investment DCF return rate X 1,875% years X
during construction total plant investment

Other factors we used in the cost estimates are:

Plant stream factor 90% :

Contingencies 15% of installed plant cost

Contractor's overhead 15% of total plant cost
and profit :

* 10% for 3 years, 90% for 1, 75 years.
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Start-up cost 5% of total plant investment ‘
Working capital a) Coal inventory (60-day feed

at full rate)

b) Material and supplies (0.9%
of total plant investment)

c) .Net receivables (1/24 X annual
revenue received)

Results are presented as a 25-year average revenue requirement

and product price, The following equation is used to calculate the

quantities,

P=

N+0,23531+ 0,1275 S+ 0.2308 W _ Revenue

where —

0O =0+ 2w
|

G : - G

25-year average product price
Annual operating costs
Total plant investment

Start-up cost

"Working capital

Annual product output

The Annual Revenue (REV) required is the sum of the following

components:

a) Net operating coSt {gross operating cost less by-product credit)
b) Annual depreciation
c) 25-year average net income after FIT

d) FIT

To calculate the 25-year average value for capital charges, the

25.year average net income is calculated by the following formula:

where —
X
REV

L}

FIT =

_[13(REV —N) —0.52 (I +8)]
X = 5

Net income '
25-year average annual revenue = (P)(G)

(X) (48)

(52)

A 25-year average equivalent depreciation is given by I/25. The difference
equals REV— N — X — (FIT) — Depreciation, or 1/25 of the initial start-up
cost, distributed over the 25-year plant life,
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As discussed in the section on process designs, we have used
two coals in this study, Montana subbituminous coal for the manufacture
of hydrogen and methane and Pittsburgh seam bituminous coal for the
manufacture of jet fuel component, A study of coal prfices is beyond the
scope of this study. Prices have increased very rapidly since 1970-72,
The cost of coal from a mine integrated with the ownership of the gasification

plant could easily be less than the prices quoted by individual mine operators,

We believe that a mid-1974 base cost of 28.4¢/GJ (30¢/10% Btu) for
Montana coal is reasonably representative, Following the example of the
Synthetic -Gas Coal Task Force in regard to coal pricing, we have doubled
this cost for Eastern coal., As we have presented graphs for each process
showing the effect of coal cost in product price, any variations from or

disagreements with these prices can easily be adjusted for.

Cost estimates for hydrogen and methane manufacture, based on
Montana coal, do not include costs for stack gas cleanup, as the sulfur
content is low enough to meet state and Federal standards. "If more
stringent pollution standards must be met, additional investment will be

required,

For the CSF Process, based on high-sulfur Eastern coal, costs for
SO, removal are included,
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ECONOMICS OF THE U-GAS PROCESS

Table 56 summarizes investment costs for hydrogen by the U-GAS
Process. The total installed plant cost (ex-contingency) is $310 million,
which, after the addition of the various factors shown in the table, results
in a total capital requirement of $540 million, The largest cost items are
oxygen supply, acid-gas removal, steam generation, and electric power
supply; together, they amount to about 63% of the total plant cost, Of the
total cost, coal preparation is 5%, gasification plus oxygen supply is
30.9%, purification and upgrading are 31,9%, and utilities and offsites
are 32.3%. The reactor is a relatively inexpensive vessel, compared to
the more complex HYGAS reactor. However, the large investment
necessary to supply 7829 t/SD (8630 shorttons/SD) of high-purity oxygen
at 2585 kN/m? (375 psia) costs $73 million, The large amount of CO,
generated by the reaction of this oxygen with coal and the conversion of CO .
must be scrubbed out of the hydrogen stream; this results in a large in-
vestment for acid-gas removal, The large amounts of oxygen and CO, '
are reflected in high utility costs.

Annual operating costs and revenue requirefnents are summarized
in Table 57, With coal at 28,4¢/GJ (30¢/10¢ Btu), the 25-.year average
price of gas is $2,06/GJ ($2.17/10¢ Btu), Coal at this base price re-
presents about half of gross operating costs but only about 20% of the
total revenue because of the.high capitai charges, Figure 15 shows the
effect of varying coal cost on the price of gas, a 16¢ change in gas price

for a 10¢ change in coal cost,

The effect of variations in plant investment is essentially the same as
that shown in Figure 16, which shows relationships derived earlier in this
study for the HYGAS Process.
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Table 56. CAPITAL INVESTMENT SUMMARY FOR 263.9 TJ/d
(250.2 X 10? Btu/d) HYDROGEN FROM MONTANA SUBBITUMINOUS COAL
. BY THE U-GAS PROCESS
(Timing: Mid-1974 Costs) :
; . Installed Cost,

Section ’ ' $10°

Coal Storage — Reclaiming , 3,31
Coal Grinding and Drying 11,76
Reactors, Dust Removal, Feed and Discharge Systems 22.92
Gas Cooling and Final Dust Removal 7.91
Syngas Compressors 6.69
CO, and H,S Removal _ 65,15
CO Shift : ~ 8.55
Product Gas Compressors . | 5.35
Methanation and Drying 5.52
Process Waste-Heat Recovery for Process Steam . 14,05
Oxygen Plant 72.68
Process and Turbine Steam Generation (Roiler and 29.32
BFW pumps)
Turbogenerétor :
Electric Power Distribution Electric Power Supply : 12.52
Cooling and Plant Makeup Wat—c’er 7.11
Sulfur Recovery — Stretford 3.19
Wastewater Treatment ’ 5.03
Particulate-Emission Control : 3,44
General Facilities v 25.00

Installed Plant Cost, excluding contingencies 309.50
Contingencies at 15% ' 46.43

Total Bare Cost : 355,93
Contractors' Overhead and Profits (15%) » 53.39

Total Plant Investment (1) 409, 32
KReturn on Investment During Construction 92,10
(12% X 1.875 years X 1)
Start-Up Cost (5% of Total Plant Investment ) 20.47

60 days' coal at full rate ‘;
Working Capital 0.9% of Total Plant Investment  * 17.90
. 1/24 X Annual Revenue Required
Total Capital Required 539,79

Note: No stack gas cleanup required because of low sulfur coal;SOZ in
stack gas <1.2 1b SO,/10° Btu of Feed Coal, ‘
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Table 57. ANNUAL OPERATING COSTS AND REVENUE REQUIRED FOR
263.9 TJ/d (250. 2 X 10? Btu/d) HYDROGEN FROM MONTANA

- SUBBITUMINOUS COAL BY THE U-GAS PROCESS

(90% Plant Service Factor,Mid-1974 Costs, 25-Year Project Life)

Component : ’ : Annual Cost, $1000

Purchased Materials

Coal Feed at 28.44¢/GJ (30¢/10° Btu)

Catalysts, Chemicals, and Other Direct Materials
Raw Water at 3.96¢/m? (15¢/1000 gal)

Labor

Process Operating Labor (61 men/shift at $5.50/h
and 8760 man-hrs/yr)

Maintenance Labor (1.5% of Total Plant Investment)

Extra Maintenance Labor for Lock Hopper System

Supervision (15% of Operating and Maintenance Labor)

Administration and General Overhead (60% of Total Labor,

including Supervision)
Supplies .

Opérating (30% of Process Operating Labor)
Maintenance (1.5% of Total Plant Investment)
Extra Maintenance for Lock Hopper System

Local Taxes and Insurance (2.7% of Total Plant Investrnent)

Total Gross Operating Cost

By-Product Credits, Sulfur at $10/long ton

Net Operating Cost
1/25 Start-Up Cost*

| Depreciation, 25-yr average equivalent
Net Income

Federal Income Tax

Total Annual Revenue
Annual Gas Production, TJ (10 Btu)
25-yr Average Hydrogen Price, $/GJ ($/10° Btu)

#*

37,218
1,636
593

2,939

6,140

376
1,418
6,524

882
6,140
376

11,051

75,293
—250

75,043

820
16,372
44,648
41,213

178,09

86,691 (82,191)
$2.06 ($2.17)

Spread over 25-year period as addition to annual operating cost.
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Figure 15, EFFECT OF COAL COST ON FUEL PRICE BY
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ECONOMICS OF THE HYGAS PROCESS

Table 58 summarizes investment costs for methane produced by the
HYGAS Process, Although thé plant produces 254. 7 TJ/d (241. 6 billion
Btu/day) of pipeline gas, it also makes an additional 12.4 TJ/d (11. 77 billion
Btu/d) of B-T-X liquids which have fuel value, but are more valuable as
chemicals, The total direct installed cost (ex-contingency) is approximately
$250 billion; after addition of the various factors shown in Table 58, this '

. gives a total capital requirement of $436 million. The larger items, which
represent 60% of the total plant cost, are hydrogasification, acid gas
remo.val, oxygen supply, and steam and electric power supplies. Of the
total installed plant cost, the coal feed preparation cost is 10%, the hydro-
gasification plus oxygen supply cost is 27.9 %, purification and upgrading
is 22.5% and utilities and offsites is 39.6%. Compared with the U-GAS
Process, (the oxygen-based hydfogen process), the hyc.;lrogasiﬁcation reactor
system costs more because of its greater size, complexity, and much
higher operating pressure., However, the differences are overbalanced by
the much higher costs for oxygen supply and purification required for the
hydrogen plant, Lower oxygen and acid gas removal costs mean lower
utility costs also. The total capital investment for methane by the HYGAS
Process is $104 million less than for hydrogen by the U-.GAS Process.

Annual operating costs are summarized in Table 59, With coal
at 28.4¢/GJ (304/106 Btu), the 25-year average price of gas is $1.68/GJ
($1,77/10% Btu), which is 38¢/GJ (40¢4/108 Btu) less than the similar cost
for hydrogen. Coal at 28.4¢/GJ (30¢/10° Btu) represents about half of the
gross operating costs but only about one-fourth of the total revenue due to
the high capital charges. The lower plant investment and the higher con-
version efficiency give the economic advantage to HYGAS rather than to
U-GAS. Figure 15 shows tue effect of varying coal costs on the manufacture
of both hydrogen and methane from coal. The sensitivity for HYGAS is 15¢
change in gas price for each 10¢ change in coal cost, compared to a .

sensitivity of 16¢ for U-GAS. Table 60 gives the products summary,

In Figure 16 are shown sensitivities of gas price to changes in capital

cost, Because the term capital cost can mean different things, we show the
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Table 58. CAPITAL INVESTMENT SUMMARY FOR 254.7 TJ/d (241.5 X
109 Btu/d) PTPELINE GAS FROM MONTANA SUBBITUMINOUS COAL BY
THE HYGAS STEAM -OXYGEN PROCESS

(Timing: Mid-1974 Costs)

Installed Cost,

Section : . : $10°8
Coal Storage — Reclaiming 3.00
Coal Grinding and Drying o 11,63
Coal-Water Slurry Feed System 8.94
Slurry Feed Preheat (fired Heater) 1.42
Slurry Water Vaporizers
Hydrogasifiers Integral Reaction Vessels 36.40
Steam-Oxygen Gasifiers )
Char Residue and Plant Ash Disposal 2. 00
Gasifier Effluent Dust Removal System 2, &0 .
Carbon Monoxide Conversion 9. ()
Benzene Recovery 4,70
Prepurification (Hot K,CO,; Bulk, Activated Carbon, 28.90
. Zinc Oxide)
Methanation and Drying 12,87
Process Waste-Heat Recovery ’ 16, 26
High-Pressure Oxygen Supply . 29,00
Process and Turbine Steam Generation 22,11
Turbogenerater _ 6. 50
Electric Power Distribution . . 6.50
Cooling and Plant Makeup Water ' 4,20
Sulfur Recovery — Stretford . : 3. 80
Waste-Water Treatment . 11, 10
Particulate-Emission Control : 3,17
General Facilities ] 25, 00
Installed Plant Cost, Excluding Contingencies 249,60

Contingencies at 15% ' 37.44

Total Bare Cost 287, 04
Contractors' Overhead and Profits (15%) 43,06

Total Plant Investment (I) - ) 330,10
Return on Investment During Construction 4. 27
(12% X 1,875 years X I) :
Start-Up Cost (5% of Total Plant Investment) 16.51
Working Capital 60 days' coal at full rate 6,21 }

0.9% of Total Plant Investment 2,97 415,04
1/24 X Annual Revenue Required 5, 85 J
Total Capital Required 435,92

Note: No stack~gas cleanup required because of
low-sulfur coal — SO, in stack gas <1, 2 1b SO, /10% Btu of feed coal

150

I' NS T I T UTE 0O F G A S TECHNOLOGY



5/75 963

Table 59 ANNUAL OPERATING COSTS AND REVENUE REQUIRED FOR
254.7 TJ/d (241.5 X 10% Btu/d) PIPELINE GAS FROM MONTANA
SUBBITUMINOUS COAL BY THE HYGAS STEAM-OXYGEN PROCESS i

(90% Plant Service Factor — Timing: Mid-1974 Costs,
25-Year Project Life)
Annual Cost,

Component _ $1000

Purchased Materials

Coal at 28.44¢/GJ (30¢/10° Btu) 33,984
Catalysts, Chemicals, and Other Direct :
Materials : : 2,075
Raw Water at 3.96¢/m3 (15¢/1000 gal) _ 303
Labor
Process Operating Labor (58 men/shift at 2,794
$5.50/h and 8760 man-hrs/yr)
Maintenance Labor (1.5% of Total Plant Investment) 4,952
Supervision (15% of Operating and Maintenance Labor) 1,162
Administration and General Overhead (60% of Total 5, 344
Labor, including Supervision) '
Supplies )
Operating (30% of Process Operating Labor) 838
Maintenance (1.5% of Total Plant Investment ) 4,952
Local Taxes and Insurance (2.7% of Total Plant Investment) 8,913
Total Gross Operating Cost , 65,317

By-Product Credits (Table 60), §

Sulfur 214,500
Ammonia 796,800
Light Oil (B-T-X) 6,910, 300
Subtotal 7,921,600 7,922
Net Operating Cost 57,395
1/25 Start-Up Cost™ 660
Depreciation (25-year average equivalent) . 13,204
Net Income 36,087
Federal Income Tax : 33, 311
Annual Revenue Required 140,657
Annual Gas Production, TJ (10° Btu) 83,669 (79, 333)
25-Year Average Gas Price, $/GJ ($>/105 Btu) : % 1.68 ($1.77)

*
Spread over 25-year period as addition to annual operating cost.
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sensitivity of gas price as functions of both the installed equipment cost and
 total capital required. The abscissa shows two scales that relate the in-
stalled equipment cost to the capital investment, The installed plant cost
is the basic value; the ratio between the two is 1.74.- A $10 million change
in installed plant cost changes the gas price by 5.3¢, whereas the same change
in total capital requirement changes the gas price by 3.1¢. For the U-GAS
Process, sensitivity of gas price to changes in the two costs are éssentially
the same as for HYGAS., '
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ECONOMICS FOR THE STEAM-IRON PROCESS

'Capital investment for hydrogen by the Steam-Iron Process is sum-
marized in Table 61A. The total direct cost for the combined-cycle power
recovery section, $142.7 million, is taken directly from the UTRC Report
in tae appendix. The capital cost summary from that report is presented as
Table 61B, Scheme II was used for our study. Its costis 39% of the total
plant cost, The producer gas generator is about 10% and the steam-iron
reactor 20% of the total plant cost. Hydrogen upgrading, utilities, and
offsites make up the remaining 31% of the total plant cost, For consist-
ency with the hydrogen section and all the other cases, our allowances for
contingency, contractor charges, and other factors for the power recovery
section are incorporated into the general factors for the entire steam-iron
plant, Since these factors add a total of approximately 72 % of the total direct
or installed plant cost, the equivalent figure for the power reéovery system
would be $245 million, a little higher than the UTRC figure, $223 million,
but still giving the low unit investment cost of $185/kW. The total installed
plant cost is $363.4 million. The total capital investment cost of $623
million is higher thar, U-GAS or HYGAS, but not high when one considers
the value of the products produced. Annual operating costs and revenue
requirements are presented in Table 62. Operating costs for the hydrogen
plant are calculated on the sé.me basis used for the other processes 1n this -
study. For the power recovery plant, we have used the UTRC costs for
operation and maintenance. In Table 62, we show a unit by-product credit
value of I¢/kWhr, not a particularly high price in the current period of high
fuel costs and power plant investment costs. The income from this power

will pay for 90% of the gross operating costs.

To allow for residual amounts of finekparticles in the reductor off-gas,"
even after cleaning, and for unexpected upsets, we have calculated the effect
of shortened turbine blade life, in the range of 1 to 5 years, compared to
the 25-year life for the rest of the plaht. Based on the costs in the UTRC
study, we have calculated replacement costs for the blades and vanes for all
the drive turbines, the turbines powering the two air compressors, and the
turbine that drives the power generator. The base case calculation given in

Table 62 includes replacement every year — a very conservative assumption,
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Table 61A. CAPITAL INVESTMENT SUMMARY FOR 263.9 TJ/d
(250.2 X 10? Btu/d) HYDROGEN FROM MONTANA SUBBITUMINOUS COAL

BY THE STEAM-IRON PROCESS
(Timing: Mid-~1974 Costs)

Section

Hydrogen Plant

Coal Storage and Reclaiming

Coal Grinding and Drying

Lock Hopper Coal Feed System

Producer Gas Generator, Asl: Disposal
Steam-Iron Reactor, Includiny Dust Removal
Methanation and Drying

Hydrogen Compression -

Process Waste-Heat Recovery

Electric Power Disfribution

Cooling + Makeup Water + Boiler F cedwater Pumps

Power Plant: Direct Cost for Power Recovery Scction
(From UTRC Table 59A)

Waste-Water Trecatment and Particulate Emission Control

General Fac_ilitie s

Installed Plant Cost Excluding Contingencies

Contingencies at 15%

Total Barc Cost

Contractors' Overhead and Profits (15%)

Total Plant Investment (I)

Return on Investment During Construction
(12% X 1.875 years X I)

Start-Up Cost ( 5% of Total Plant Investment)
60 days Coal at Full Rate
Working Capital < 0.9% of Total Plant Investment

PR

L 1/24 X Annual H, Revenue Required
. J

Total Capital Required

Cost, $10°

4.90
18.70
6.03
31.53
71.97
17. 14
5.64
14. 34
13.43
3.08

142.70

8.95
25.00

363.41

54,51

. 417.92

62.69

480.61
108.14

24.03

10,10 |

4.33 » 19.90
5,47 |

632.68

Note: No stack-gas cleanup required, because of low-sulfur coal - SO,

in stack gas < 1.2 lb, SO,/10% Btu of Feed Coal.

155

I'NSTITUTE 0O F G A S T ECHNOLOGYY

; ~ HEPRODUCIBILITY OF THE
ORIGINAL PACE IS POOR



6/76

8963

Table 61B. (TABLE VIII FROM UTRC REPORT)
CAPITAL COST SUMMARY FOR COMBINED-CYCLE POWER

(}EEJEE{AUIIDHE'SYX?TEEAS

System
Steam Cycle

Gas Turbine Cutput (&w)
Steam Turbine Output (mw)
Total System Output {mw)

Federal Power Commission
Account Number

Boiler Plant Eg.

312
Steam Turbvine Ger. 31k
Struct. & Improv'ts.,  3h1

Prime Mover (Gus Turb.)3L43
Generator (Gas Turb.) 3bb
Acc. Elect. Eg. 2h5
Misc. Power Plan® FEg. 34u
“+ution Eg. . 353
Other Expenses

Total Direct Cost

Engineering and Supervision
Contingency

Escalation

—

Interest Huring Construction 43,785

Total Instalied Power
Station Cost

Cepital Cos: per kw (%)

I NS T I T UTE

Scheme I Scheme II Scheme 111
Reheat - Reheat Nonreheat
865.3 1,083.8 1,083.8
420.1 241.6 _237.0
1,285.4 1,325.4 1,320.8
Capital Cost
(Thousands of 197k Lollars)
54,179 : 43,502 k2,561
27,335 18,90k 20,079
12,598 11,450 11,236
L2,212 37,409 37,409
2,887 12,125 12,129
15,380 15,825 15,767
670 680 679
In Acet 345 In Acct 345 In Acct 3L5-
3,245 2,798 2,797
é
165,51k 142,697 142,657
2k ,825 21,405 21,399
13,240 11,416 11,413
93203 ’{,71;2 7,678
31,723 37,690
\ .
256,567 220,972 220,837
199.6 166.7 167.2
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- Table 62, ANINJAL CPERATING COSTS AND REVENUE REQUIRED FOR
263.9 TJ/d (250.2 X 10° Btu/d) HYDROGEN FROM MONTANA
SUBBITUMINOUS COAL BY THE STEAM-IRON PROCESS
(90% Plant Service Factor -Timing: Mid-1974, 25-Yr Project Life)

Component Annual Cost, $1000
Purchased Materials .

' Coal at 28.44¢/GJ (304/10° Btu) 55, 286
Catalyst and Chemicals 2,006
Replacement Cost for Blades and Vanes for 10,053

Power Recovery Turbines (1l-year life)
Raw Water at 3.96¢/m3 (15¢/1000 gal) 570
H, Plant
Labor
Process Operating Labor (40 men/shift at 1,927
$5.50/h and 8760 man-hrs/yr) ,
Maintenance Labor (1.5% of Total Plant 4,378
Investment for Hydrogen Plant) )
Supervision {15% of Operating and Maintenance Labor) | 946
Administrative and General Overhead (60% of Process " 4,351
Operating Labor + Maintenance Labor + Supervision) :
Supplies
' Operating (30% of Process Operating Labor) 578
Maintenance (1.5% of Total Plant Investment for . 4,378

Hydrogen Plant)

Power Plant

From UTRC Annual Cost of Operation 1 :
Supplies and Maintenance at 0. 95 mills/kWh j 9,921
Local Taxes and Insurance (2.7% of Total Plant Investment) 12,976
Total Gross Operating Cost 107, 376
By-Product Power at 1¢/kWh (1, 229,473 kW) . , 96,932
Net Operating Cost : : A 10,444
1/25 Start-Up Cost® 961
Depreciation (25-year average equivalent) : ,. 19,224
Net Income 52,291
Federal Income Tax . 48,269
Annual Revenue Required 131,189

Annual Hydrogen Production, TJ (107 Btu) 86,691 (82, 1¢1

25-Yr Average Hydrogen Price, $/GJ ($/10°% Btu) P 81.51 ($1.60:

Spread over 25-year period as addition to annual operating cost.
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We expect longer service than a l-year life, but have used this figure only
to show that blade and vane replacement is not a major item, but well under
‘io% of the annual costs. Replacement every year adds about 11.4¢/GJ (12¢/
10° Btu) to the product price. Figure 17 shows that, if blade and vane life
extends to 5 years, the effect on hydrogen price is reduced by 9.5¢, to only
a 2.5¢ penalty,

This curve does not take into consideration the effect of reduced
power recovery due to blade and vane deterioration during the period
between blade replacement, because the amount of power lost is currently
unknown. The main problem appears to be getting the gas clean enough
to allow a reasonable work life of the turbine blade and vanes before
deterioration reduces the power recovery to an unacceptable level, There
is a three -way relationship among the costs for dust removal, the cost of
replacing turbine components, and the frequency of replacement, which is
influenced by the loss of power due to erosion of the blades and vanes. We do .
not have sufficient information at this time to calculate any trade-off; this

is a development problem.

Figures 18 and 19 show the tremendous leverage exerted by the by-
product power, Because of the predominant effect of the large amount of
by-product power, we have calculated the effect of a fourfold variation
in its unit cost at the plant gate, from 0,5 to 2¢/kWhr, The potential
economic importance of this by-product power emphasizes the necessity
of further work to more firmly establish the characteristics of the Steam-

Iron Process.

Currently a large pilot plant to study the Steam-Iron Process is being
built in Chicago; it is expected to be in operation in 1976, Substantial data
to support the feasibility of the prdcess have é.lready been obtained in a
small pilot unit, Operation of the large pilot plant, followed by design,
construction, and operation of a larger demonstration plant, will probably

require 6 to 8 years.

As shown in Figure 18, a variation in the by- product value of 0, 5¢/kWhr
changes the hydrogen price by 57¢/GJ (60¢/million Btu). Figure 19 shows
the sensitivity of the hydrogen price to the coal cost at various by-product

power values, Because of the much larger amount of coal feed to this
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Fig.19. EFFECT OF COAL COST ON HYDROGEN PRICE, FROM MONTANA

SUBBITUMINOUS COAL BY THE STEAM-IRON PROCESS
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hydrogen plani: compared to the others, the sensitivity to coal cost is
much greater than for the other processes —22, 7¢ per 10¢ change in
coal cost, The upper limits of the 0. 5¢ and 1. 0¢ curves end before the
curves extend to regio.ns where the coal cost would be all, or nearly all,
of the power cost, Simila.r‘ly, the lower ends of the curves end to avoid
coal costs that are disproportionately low for a particular power cost.

Figure 20 shows the effect of variation in the capital investment on the
gas price.
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Fig. 20. EFFECT OF PLANT COST ON HYDROGEN PRICE FROM MONTANA
SUBBITUMINOUS COAL BY THE STEAM-IRON PROCESS
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ECONOMICS OF LIQUID FUELS FROM COAL

Increased Petroleum Refinery nght Distillate Through Importation of
Coal-Derived Gasoline

Table 63 summarize capital investment for the CSF coal lique -
faction process plus the add-on gasoline plant and the effect of importing
the gasoline into petroleum refineries to allow increased production of
light distillate, Most of the costs presented here are derived from the -
design of the CSF Process.? The costs have been updated to mid-1974
from the third quarter of 1971, for which the original costs are baséd.
For those criteria which were escalated directly, a factor of 1,26 was

used,

To be consistent with the other processes in this study (hydrogen
and methane processes), the costs of items in the hydrogen section such as
oxygen supply, CO, removal, CO conversion, and hydrogen compression,
were adjusted to make them more comparable with our hydrogen estimates,
Costs for onsite power generation — boiler, SO, removal, turbine generator,

and power distribution costs —have been added.

Two cases are presented: 1) the manufacture of aromatic gasoline,
and 2) a calculation that includes all the costs for gasoline but allows a
reduction in the plant investment and operating costs due to saving at the
refinery as a result of importing coal-derived gasoline, Table 63 presents
investment costs and Table 64 presents operating costs and revenue require-

ments for these two cascs,

Major items in the CSF Process are the hydrogen section (including
the oxygen supply at $30.2 million), hydroconversion, hydrogen letdown
and absorption, and power generation, The refinery add-on, including
reformer, hydrocracker, distillation, auxiliaries, and offsites, amounts
to a total of $125 million, an addition of 38. 5%. The addition of 15%
contingency, interest during construction, start-up costs, and working

capital brings the total capital requirement to $694 million,

In calculating the capital cost chargeable to the increased production

of light distillate at the pei:roleum refinery, we have taken credit for the
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Table 63. CAPITAL INVESTMENT SUMMARY FOR THE LIQUEFACTION
OF COAL BY THE CSF PROCESS AND SUBSEQUENT MANUFACTURE OF

AROMATIC GASOLINE AND LIGHT DISTILLATE FOR JET F UEL d
(Mid-1974 Cost)
Light Distillate
, by
Gasoline Gasoline Import
Section $10°
Coal Prcparation - 14.49
Extraction ’ 13.05
Scparation and Solvent Recovery 13.91
Low-Temperature Carbonization ahd 17.43 ’ \
Tar Distillation @
Extract Hydroconversion 43. 28
Hydro Letdown, Absorption, and Diétillation 22.99
Gas Plant 11.09
Hydrogen Manufacturce and Compression 93,23
Boiler 28.20 ;
Turbine Generation 5. 77 ,
Power Distribution ‘ 8,55 :
Boiler Feed and Waste-water Treatment 5.24
Cooling Water 7.23
Sulfur Recovery Plant 8.82 ‘
Liquid Product Storage . 10.00 :
Other Offsites and General Facilities ' LO._OB
~votal Installed Plant Cost for Coal
Conversion, Inciuding Contractor Charge 324,29
Refinery Add-on to Coal Plant . 125.00
 Net Savings at Conventional Pctfc?ll:}\%fl 449.29 449.29
Refinery by Importation of Gasoline - --
From Coal -52.00
Total Installed Plant With 449,29 397. 29
Contractor Charges i .
Contingency at 15% 67.39 59.59
Total Plant Investment (T.P,1,) 516,58 456.88
Interest During Construction (22.5%, 116.25 102.80
of T.P.1.)
Start-Up Cost (5% of T.P.1.) 25.83 22,84
Working Capital
Coal, 60-Day Supply 18.92 18,92
0.009 X T.P.I 4,65 4.11
1/24 Annual Revenuce . 11,99 11.00
Total Capital éequircmcnt 694.33 _'0—173:;

Ultimate product is increased jet fuel component (light distillate)
8703 m*/d (54,740 bbl/d) equivalent to 310. 37 TJ/d (394.3 X 10? Btu/d).
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reduction in reformer capital (ai’nounﬁng to $52 million in installed plant

cost) as a result of importing the gasoline into the refineries,

In assessing the economics of this increased light distillate (jet

fuel component) with ;eference to coal liquefaction, we are faced with a
somewhat unusual situation. Gasoline is the product from coal, and its
importation into the refinery products system releases the additional jet
fuel component at the refinery, making gasoline an indirect product of coal
liquefaction. All products are to be sold at refinery prices. However, a
price must be calculated for light distillate, referred to the coal plant,
that includes any benefits in refinery operation plus any subsidy charges

necessary to keep the refinery revenue balance intact,

As shown in Table 64, the revenue requirement for gasoline from
coal results in a price of 10, 6¢/liter (40,2¢/gal), which is 1. 5¢/liter
(5. 7¢/gal) higher than the refinery price. Note in Table 48 that, with the
unit costs used, the conventional refinery shows a little more revenue
than the modified refinery, Even though the modified refinery makes more
light distillate, no profit is made on that portion of the gasoline output
supplied by coal-derived imported gasoline. The revenue difference, when
divided by 7282 m3/d (45,805 bbl/d) of import amounts to 0, 6¢/liter
(2.1¢ gal). This refinery subsidy plus the price differential, 10. 6 minus
9.1¢/liter (40.2 minus 34, 5¢/gal), amount to a total subsidy charge to
the coal liquefaction plant of $49 million/yr, which is added to the other
operating costs. This subsidy charge is equivalent to 1, 7¢/liter (6. 6¢/
gal) light distillate, The subsidy considerably overbalances the savings in
refinery capitai and operating costs credited to the light distillate case, so
that the required revenue for the increased light distillate is higher than
for gasoline, However, because of the larger amount of light distillate,
the unit price is lower, 9.4¢/liter (35,5¢/gal). This is actually a

reference price, to be used only as a factor for comparing this particular

case to hydrogen, methane, and other fuels derived directly from coal,

The refinery selling price of light distillate is 8, 1¢/liter (30, 5¢/gal).

The reference price of the light distillate is equivalent to $2.64/GJ
($2.78/10° Btu) with coal at 56.4¢/GJ (60¢/10® Btu). This price is compar-
able to $2.51/GJ ($2.65/10° Btu) for U-GAS and $2.09/GJ ($2.20/10° Btu)
for HYGAS at the same coal cost.
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Table 64. ANNUAL OPERATING COSTS AND REVENUE REQUIREMENT FOR

THE CSF PROCESS AND SUBSEQUENT

MANUFACTURE OF AROMATIC GASOLINE TO YIELD 310.37 TJ/d

(294.3 X 10% Btu/d) OF LIGHT DIST

ILLATE FOR JET FUEL

(90% Stream Factor, Mid-1974 Costs, 25-Yr Project Life)

Compenent

Purchased Materials
Coal:554,213 GJ/d X 56.8€/GJ

cquivalent Cost of Light
Distillate Considered

Gasoline . . as a Product of
FromCoal Coal Liquefaction

Annual Cost, $1000

(525,480 X 10° Btu/d X 60¢/10¢ Btu)

Catalyst and Chemicals

Raw Water: 54,550, 12 m3/d (14,411,500 gal/d)

at 3.96¢/m* (15¢/1000 gal)
Labor

Operating Labor (102 men®/Shift at $5.50/h)

* Maintenance Labor (1.5% of Total Plant
Investment)

Supervision (15% of Operating and
Maintenance Labor)

Administration and General Overhead

(60% of Total Labor, Including Supervision)

Supplies
Operating (30" of Operating Labor)

Maintenance (1. 5% of Total Plant Investment)

Local Taxes and Insurance (2. 7% of Total
Plant Investment)

Total Gross Opurating Cost

By-Product Credits Swoo
High-Btu Gas 18,422.9
Butane - 14,129.2
Sulfur 2,440.8
Ammonia 1,476.3

36,469.2

Savings Due to Reduced Catalytic Reformipg

in a Refinery That Imports Gasoline
From Coal

Subsidy to Make up for Price Differential
Between Gasoline Prices and to Make up

for Lost Refinery Revenue

Total Net Annual Operating Cost
1/25 Start-Up Cost t

Capital Charges
Equivalent Annual Depreciation

Net Income

Federal income Tax
Annual Revenue

Annual Production
Light Distillate, m? (bbl)
Gasoline, m' (bbl)
TJ (10° Btu)

25-Year Average Product Price
$/m? ($/bbl)
‘¢ Niter (¢/gal)
$/GJ ($/10° Btu)

86 men for coal liquefaction, 16 men for

103,572
7,120
710
4,914
7,750 ’ 6,853
1,900 1,765
8,738 8,119
1,474 1,474
7,750 6,853
13,950 12,33~
N i
157,878 153,716
— 36,469 -36,469
-17,000
49,799
121,409 150, 046
1,034 914
20,667 18,275
57,789 51,520
53,1343 47,557
254,242 268,312
2,858,920 (17,982,090)
2,392,270 (15,046, 940)
83,307 (78, 988) 101, 964 (96,671)
106, 3 (16.9) 93.8 (14.92)
10.6 (40.2) 9.138 (35.52)
3,05 (3.22) 2.64 (2.78)

gasoline plant.

Spread over 25-year period as addition to annual operating cost.
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If the prices of refinery products rise due to the tighter supply
relative to products from coal, -then the need for a subsidy will decrease,
If the refinery gasoline price were 10, 6¢/liter (40¢/gallon), then to keep
the refinery revenue for typical and modified refineries equal, the light
distillate would sell for 9, 7¢/liter (36.9¢/gal) at the réfinery. The
subsidy would then be eliminated because the coal-derived and refinery
gasoline prices would be the same, 10.6¢/liter (40¢/gal), and the 2, 1¢ differ-

ential between modified and typical refineries would also be eliminated.

In Figure 21 we show the sensitivity of gasoline and light distillate
prices to variations in coal cost. When referred to a basis of cents per
unit heating value, these prices are: for gasoline, 23¢/10¢ in change in
coal cost and for light distillate, 18,8¢/10¢ change in coal cost.

Jet Fuel by Direct Conversion of Products of CSF Process

Table 65 summarizes capital investment for the CSF coal lique-
faction process plus the addition for jet fuel manufacture, The basic
cost for the CSF plant, including contractor charges, is $324,29 million,
UOP estimated battery limits costs for the hydrocracking and aromatics
hydrogenating units plus the cost for the initial catalyst charges, We have
added costs for the hydrogen unit and for utilities and general facilities that
are estimated as incremental costs with respect to similar items in the CSF
plant. The total add-on for jet:-fuel manufacture is $99.5 million, which,
with the 15% contingency, gives a total plant investment of $487. 35 million.
The addition of interest during construction, start-up, and working capital
cost brings total capital réquirement to $655 million, This number is
between the capital costs for the two cases given in Table 63, However, the -
differences in the total capital requirement for jet fuel and the other two

cases is less than 10 %,

Table 66 presents annual operating costs and revenue requirements,
The required annual revenue is lower for the jet fuel cost than for the others.
However, because the output.is much less, the product cost is significantly

higher, In fact, the output of product, a function of overall efficiency,
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Table 65.CAPITAL INVESTMENT SUMMARY FOR THE LIQUEFACTION

OF COAL BY THE CSF PROCESS AND THE SUBSEQUENT UPGRADING OF

_HEAVY FUEL OIL TO JET FUEL )
(Mid-1974 Costs)

Section $108

CSF Plant, including contractor charges ,
from Table 60 ' 324.29

Added Plant for Jet Fuel Manufacture

Hydrocracking Unit (HDC Unibon) 28.20
Aromatics Hydrogenation (AH Unibon) 5.50
Hydrogen Unit ) oo 23.13

Additional Utilities and General Facilities 25.75

Subtotal 82.58
Contractor Charges at.15% 12,38
Initial Catalyst : 4.50 .
Total Add-On to CSF Plant - 99.45 99.46
Total Installed Plant with Contractor Charge 423,75
Contingency at 15% 63,60
Total Plant Investment (T,P.1.) | 487.35
Interest During Construction, 22.5% of T.P.L 109.65
Startup Cost, 5% T. P. L 24.37
Working Capital ‘ .
Coal — 60-day supply 18,92
0.009 Avg, X T.P.1. 4,38
1/24 Annual Revenue ' ‘ 9. 90
Total Capital Requirement : 654,57
169
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Table 66. ANNUAL OPERATING COSTS AND REVENUE REQUIREMENTS
FOR THE LIQUEFACTION OF COAL BY THE CSF PROCESS AND
SUBSEQUENT MANUFACTURE OF 5751 m3 (36, 173 bbl) PER DAY
' OF JET FUEL (205.1 TJ/d; 194.5 X 109 Btu/d)
(90% Stream Factor, Mid-1974 Cost, 25-Yr Project Life)

Purchased Materials . Annual Cost, $1000

Coal: 554,213 GJ/d X 56.8¢4,GJ . 103,572
(525,480 X 10° Btu/d X 60¢/10° Btu) '

Catalysts and Chemicals 7,120
Raw Water: 54,550.1 m3/d (14,411,500 gal/d) 710

Labor V ’

~ Operating Labor (102 men/shift at $5.50/hr) o 4,914
Maintenance Labor (1.5% of Total Plant Investment) 7,310
Supervision (15% of Operating and Maintenance Labor) 1,834
Administration and General Overhead (60% of Total 8,435

Labor, including Supervision)

Supplies »
Operating (30% of Operating Labor) ~1,474
Maintenance (1.5% of Total Plant Investment) v ' 7,310

Local Taxes and Insurance (2.7% of Total Plant Investment) 13,158

Total Gross Operating Costs 155,837

By-Product Credits, $ 1600

Naphtha 33,664.7
High-Btu Gas 6,204.3
Sulfur 2,440.8
Amrmonia’ 1,476.3

43,786.1 ) —43,786

Total Net Operating Cost , 112,051

1/25 Start-Up Cost® 973

Capital Charges

Equivalent Annual Depreciation ' 19,494.
Net Income _ . 54,599
Federal‘ Income Tax 50,400
Annual Revenue 237,517 _
Annual Production, m? (bbl) 1,889,215 (11,882,030)
TJ (109 Btu) ' ' 67.38 (63.88)
25-Yr Average Product Price . .
$/m3 ($ /bbl) , 125.73 (19.99)
¢/liter (¢/gal) 12.57 (47.6)
$/GJ ($/10° Btu) : 3.53 (3.72)

*
Spread over 25-year period as addition to annual operating cost.
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seems to be the major factor in determining product prices. The resulting
product price is $125, 7/m3($20/bbl). This is equivalent to $3,53/GJ
($3.72/10° Btu), making this jet fuel the most expensive of all the products

from coal studied in this project.

The effect of coal cost on the price of the different liquid products
from coal is shown in Figure 2. Because all three products are based on
the same amount of coal feed to the base CSF liquefaction process, the
sensitivity of the product price to variations in coal cost depends on the
product-to-coal ratio. For jet fuel the sensitivity is 27.4¢/10¢ charge in
coal cost; the ratio is 1.9 for light distillate,
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Figure 21. EFFECT OF COAL COST ON THE PRICE OF
LIQUID PRODUCTS
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ECONOMIC COMPARISON OF COAL CONVERSION PROCESSES

Table 67 and Figure 15 present comparative economics for the
processes for which investment and operating costs were determined
during this study., The economics have been presented in more detail in

the discussions of the individual processes.

The hydrogen and methane process designs were sized to make
approximately 263, 7 TJ/d (250 billion Btu/d) of product gas. The Steam -
Iron Process produces a large amount of by-product electric power. and
the HYGAS Process produces a small amount of B-T-X; both are included
with the indicated total product in order to put the unit capital investment
on a more comparable basis. The different products are explained in the
footnotes of Table 67. The capacity of the liquids from coal process is
basically a result of the capacity of the CSF coal con;fersa'.on process,

We used the published process design’ and cost estimate? as a basis for
this part of the work, This énergy output is in line with the general level
of the other processes, so the economics should be typical for a plant of
this capacity. Unit capital costs, based on product output, range from
1604 to 2316 $/GJ (1691 to 2442 $/108 Btu). The highest unit cost is for
jet fuel by direct conversion, and the lowest is for light distillate obtained
from increased refinery output due to the importation of gasoline derived
from coal. The unit capital investment for the HYGAS Process is only
slightly higher than for light distillate,

With coal at 28.4¢/GJ (30¢/10° Btu), hydrogen by the Steam-Iron
Process shows the lowest price and jet fuel the highest. The effect of coal
cost on’ product price is shown graphically in Figure 15, As the cost of
coal rises above the 50¢ level, the HYGAS Process shows the lowest cost
of all the processes and jet fuel the highest, With coal costing below 50¢,
the Steam-Iron Process shows the lowest product price. At higher coal
costs, it shows the second lowest product price. The figures for the Steam-
Iron Process are based on by-product electric power at 1¢/kWhr, Recall
from the economics for steam-iron that an increase in by-product power of

0.5¢/kWhr will reduce the hydrogen price by 56.8¢/GJ (60¢/10° Btu).
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In all cases the sensitivity of product price to changes in coal cost
depends on the ratio of the product to total coal input, both expressed in
the same energy units, A proéess may produce a substantial amount of
by-products, which raise the overall efficiency, but the slope of the lme

is a function of the product ratio.
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CONCLUSIONS

1. Coal can be converted to gaseous hydrogen and methane and to normally
liquid hydrocarbon fuels without a serious energy loss. Overall coal
conversion efficiencies ranged from 57% for the least efficient hydrogen
process to 74% for methane production.

2. DBased on the processes analyzed in this study, the conversion of coal to
methane is more efficient and less expensive than its conversion to
hydrogen. This is not true where all of the methane is generated by the
methanation of synthesis gas (CO + H,;). However, if the major part of
the methane is made during the gasification step, then the amount of
oxygen or other heat source used can be reduced to a fraction of that
needed to make hydrogen only. ’

3. The results of this study for methane gas and hydrocarbon liquids manu-
facture do not support a generalized conclusion as to which product can
be made more efficiently from coal; this depends on the liquid product.
For the more refined liquid products (such as gasoline), methane pro-
duced from Western coal by the HYGAS Process shows an advantage.

4. When. all three products are produced as liquids, then the order of de-
creasing overall efficiency is: liquids (at normal ambient conditions),
methane, and hydrogen. This statement also depends on the liquid
product, as noted in Item 3. The greatest loss of efficiency occurs in
the liquefaction of hydrogen, which, for the same heating value of gas
liquefied, requires about seven timmes more energy to liquefy than does
methane. '

5. The major items of cost in the conversion of coal are capital investment
and coal. Although Montana coal, at a base cost of 28.4¢/GJ (304/
million Btu) is used for hydrogen and methane, and Pittsburgh seam
coal, at 56.8¢/GJ (60¢/million Btu) is used for liquids, when product
prices are compared at equal coal costs, HYGAS and steam-iron show
the lowest costs. At the lower coal cost the range of major product
prices is $1.57/GJ ($1.60/million Btu) for steam-iron hydrogen to
$2.72/GJ ($2.87/million Btu) for jet fuel. At the higher coal cost the
range is $2.11/GJ ($2.22/million Btu) for HYGAS to $3.53/GJ ($3.72/
million Btu) for jet fuel. Methane and hydrogen are priced as gas at
6996 kN/m? (1000 psig).

6. The Steam-~Iron Process rejects a large amount of heat in the form of
hot, spent producer gas. This heat is advantageously used to generate
a large amount of by-product electricity. Because of its high market
value, this electricity exerts a strong leverage on the hydrogen price.
At bus-bar by-product credits of 1.5¢ to 2. 0¢/kWhr, the Steam-Iron
Process shows the lowest product price of any of these processes. How-
ever, further work should be done to determine the economics for the
other processes under conditions of joint power and major product pro-
duction, at total coal inputs the same as for the Steam-Iron Process, in
order to avoid a biased conclusion.
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7.

The advantages of the Steam-Iron Process can be used to supply hydro-

gen for the HYGAS Process. For the same output of product gas heating

value as methane, only about 40% as much hydrogen is needed as when

hydrogen is the product, so the effect of by-product power will be less.
Further work is needed on this process.

Although methane shows cost and efficiency advantages over hydrogen
when the two are made from coal, the results do not preclude the use of
hydrogen as fuel. Hydrogen can also be made from water using other

energy sources, such as nuclear or solar energy, whereas methane

requires a source of carbon. As coal becomes more costly, or its use
reserved for chemicals, hydrogen from nonfossil sources should be—
come more 1mportant

Although jet fuel can be made from coal, it requires that the high
aromatic content of the liquefaction products be reduced at a large

loss in overall efficiency. It appears preferable to use the aromatic
materials as the gasoline componert imported into the petroleum products
system., This, in turn, will permit the diversion of catalytic reformer
feedstock into the supply of jet fuel, Optimization of this method should
be investigated. ) '
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APPENDIX, ANALYSES OF ELECTRIC POWER SYSTEMS
FOR THE IGT STEAM-IRON GASIFICATION PROCESS

In the Steam-Iron Process for the manufacture of hydrogen, a large
amount of energy remains in the spent producer gas as heating value and
sensible heat. This energy is recovered as shaft horsepower and electric
power. We obtained the services of United Technologies Research Center
for estimating the amount and cost of this power recovery; the results of
this work have been incorporated into our study. The results of Scheme I

were used in the IGT design. UTRC's full report comprises this Appendix,
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Analyses of Electric Power Systems For The
IGT Steam-Iron Coal Gasification Process

SUMMARY

An analysis is described in which technical and economic characteristics of
electric power producing systems using spent producer gas and process waste heat
from a steam-iron coal gasification system were examined. Three separate combined-
cycle systems incorporating differing turbomachinery and steam turbine components
intended for initial operation in the early 1980's were considered. The performance
results are presented in terms of system flow rates, state-point conditions, '
installed machinery power, and net production of electricity. ZEconomic results
are presented in terms of detailed turbomachinery manufacturing costs and selling
prices, power station component costs by FPC Account Numbher, and net costs of busbar
power.

This project was underteken by the United Technologies Research Center under
IGT Purchase Order No. 7055L as part of their prime contract with HASA Langley
Research Center. :

12
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1.

CONCLUSIONS

A combined-cycle, electric-power-producing system using waste energy from an
ICT-designed, steam-iron coal gasification system intended to produce hydrogen

‘as an aircraft fuel, is technically feasible and economically attractive. There

appear to be no major restrictions which would preclude the combined-cycle system
from becoming operational by the mid-1980's.

Although the economic analyses of the combined-cycle systems were based on the
production. of at least fifty of each of the turbomacuinery components in the
system, estimates be..ed on manufacturing costs of significantly fewer units would
not generally alter the economic attractiveness of the system.

If relativel, few gasification-power producing systems are envisioned, the turvo-
machinery development costs most likely could not be recovered completely from

gross engine sales receipts, and therefore, some Government subsidy may be required -
before prototype desig.s can be transformed into production units.

For the initial design conditions'supplied by IGT, it appears that gas tufbine,
steam turbine, and heat exchanger components can be combined in such a manner
that up to 1325 Mw(e) can be produced from the combined-cycle system.

For the combined-cycle electric-power-producing ,jstems examined, the installed
capital costs, including allowances for escal.tion and interest expenses, are
below $200 per kw.

The estimated busbar power costs, including capital, operating, and maintenance
charges, for the electric-power-producing systems was significantly less than one
cent per kwhr, a result due primarily to the fact that fuel costs are charged to
the gasification system and not to the power-produc.ng system.

1877
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INTRODUCT ION

The scarcity of readily-available, inexpensive energy has made its impact upon
many sectors of the economy, and today, several approaches including conservation,
greater exploration, and synthetic fuel production are being investigated in efforts
to alleviate the projected scarcities expected in the mid- and late-1980's.

Although air travel presently affects a smaller portion of this nation's economy
than such other energy-consuming sectors as auto transportation and space heating,

it is none-the-less an important sector which is projected to grow at a faster rate
than any other segment within the transportation sector of the U.S, economy (Ref. 1).
It is for this reason that the U.S, Government, through NASA is presently concerned
whether future energy supplies will be adequate to meet the anticipated demands of
the air travel industry. There may be a need for drastic action which relies on-
advanced technology not now considered state-of-the-art, but which would be the
logical result of technical developments now under investigation in laboratories
throughout the nation.

One approach peing investigated jointly by NASA-langley and the Institute of
Gas Technology (IGT) in Chicago is the production of hydrogen from the gasification
of coal by means of the steam-iron process. The gaseous hydrogen could be trans-
ported in pipelines to airports where subsequent liguefaction and storage could
result in an attractive, pollution-free aircraft fuel. Investigations conducted by
IGT indicate that basically, the steam-iron process for the production of hydrogen
fuel is technically feasible and economically attractive. Furthermore, these
investigations reveal that the system tail gases contain substantial amounts of
energy in a chemical form (heat of éombustion in the carryover of small amounts of
producer gas), in potential energy form (the high pressure of this tail gas), and in
thermal form (waste heat from the steam-iron component processes). IGT investigators
believe that if this energy could be utilized in a combined-cycle system to pro-
duce electrical power, the overall attractiveness of the gasification system would
be enhanced.

The object of the investigation program reported herein was to review system
performance estimates provided by IGT and to develop capital and operating cost
estimates for combined-cycle, electric power generating systems which could operate
in association with an IGT-developed, steam-iron, coal ga31f1cat10n system for the
production of hydrogen.

REPRODUCBBILITY OF THE
ORIGINAL PAGE IS POOR 139
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SYSTEM DESCRIPTIONS

The IGT investigators supplied the basic system boundary conditions such as
producer gas flow rate, temperature, and pressure, parasitic air compressor power
and flow rate, and heat-to-process energy reauirements (Table I). Technical
discussions between IGT and UTRC representatives defined three systems which in-
corporated turbomachinery components, combustors, heat exchangers and steam turbine
components for the production of electric power.

Scheme I -~ Expansion Prior to Combustion

The first combined-cycle, power-producing system, defined as Scheme I, is shown
schematically in Fig. 1. 1In this system, spent producer gas from the steam-iron
process is expanded in Turbine A from 365 psia to 193 psia. The net power output
of Turbine A is used entirely to drive Compressor C which supplies air at 118 psia
to a combustor where the air and fuel are combined and burned. A 75 psi pressure
drop is assumed through the gaseous fuel control valves, manifolding nozzles, ete.
prior to combustion, and an additional 5 percent pressure drop (6 psia) is assumed
during combustion. (rhe pressure losses are consistent with experimental values
determined by the Power Systems Division of UTC for low-Btu fuels). The heat content
of the spent producer gas is estimated to be no greater than 85 Btu/scf.

The combustion exhaust is divided into iwo streams with a portion being directed
to Turbine D which drives Compressor B supplying process air at 400 psia to the
steem-iron process. The second exhaust stream from the combustor is directed through
Power Turbine E which is directly coupled to-a synchronous-speed electric generator.
The exhaust streams from Turbines D and E are recombined and then passed through two
heat exchangers which remove additional thermal energy. A total of 2170 x 10 Btu/ﬁf
is transferred back to the steam-iron process, while more than 3520.7 x lO Btu/hr
of additional exhaust heat is transferred into a reheat steam cycle operating at
2L00 psi with primary and reheat temperatures at 1000 F. Heat from the methanization
effluent (356.7 x 10 Btu/hr) in the fuel-gasification system is used to heat the
feed water in the steam system. Industrial practice has shown that an exhaust gas stack
temperature of approximaic:;- 300 F, the minimum level at which potentially harmful
condensates will not be produced at stack exit. Heat content of the exhaust at 300 F

is considered sufficiently small as not to have a significant effect on the overall
system output and efficiency.

Except for Power Turbine E and the steam turbine, all available shaft energy is

reused within the overall system itself. For purposes of this analysis, a dual
process train system was sssumed, and all componerts shown schematically in Fig. 1

139
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are assumed to be incorporated in each of two identical systems, rated at one-half
the total for each component. This practical approach allows greater combined-cycle
system control and flexibility of operation, particularly during shutdowns for
overhaul and repair, and during part-load, steam-iron process operation. .

s

Scheme II - Combustion Prior to Expansion

- In Scheme II, the turbine and compressor components are combined as shown
schematically in Fig. 2. In this system combustion air is compressed in Compressor
A, introduced into the Combustor where it combines with the spent producer gas and
burns at such & rate that the exhaust temperature of 2400 F is attained. The
combustion pressure of 290 psia results from an allowance of a 75 psi pressure drop
in the fuel meter, manifold, nozzle, and related components in a manner similar to
that assumed for Scheme I. A 15 psi pressure drop was also assumed during the com-
bustion process.

The exhaust gas flows are divided into three streams at the burner exit, each
of which is proportional to the work required in the turbine expanders. In Turbine
C, the net output power is used only to drive Compressor A, and the unit is com-
pletely self-contained. Turbine D which drives Compressor B, the source of
pressurized air for the steam-iron process, is similarly self-contained, aﬁd Power
Turbine E is the only turbine component intended to drive an electric generator.

All turbine components expand to a common dischaerge pressure level of 16.5 psia

- whieh is sufficient to cover losses in subsequent heat exchanger units. The common
exhaust ges stream is then divided into two streams, one of which is used to transfer
process heat to water in a heat-to-process heat exchanger; the second exhaust stream
heats water in the steam turbine system. Not shown in Fig. 2 is a second heat ex-
changer in the heat-to-process stream which recovers heat from a portion of the '
methanization effluent heat exchanger. Additional heat from the methanization
effluent stream is used to preheat the water from the condenser discharge in the
steam turbine system. Flow rate restrictions and thermodynamic temperature limits
in the steam cycle dictate that the discharge temperature from the water preheater
should not exceed 250 F.

In Scheme II, two steam cycles were considered. The first, a steam reheat
cycle, had thermodynamic characteristics identical to those in Scheme I. A second,
nonreheat steam system was also investigated. The steam cycle efficiency of the
nonreheat cycle is slightly less than that of the reheat cycle, but is is also
less complex than the reheat cycle. Depending on the operating conditions, a slight
efficiency loss may be compensated by lower installed costs and carrying charges.

-5~ 190
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METHOD OF APPROACH

The methods used to investigate the systems discussed in this report incorporated
combustion, thermodynamic, stress, sizing, and cost analysis programs. Although
several of the analysis programs are proprietary to UTRC, each has had extensive
prior use on Government contracts as well as Corporate study programs. (c.f., Refs.

2 and 3).

Scheme I

In order to meet the work requirements of the Compressor C-Turbine A unit in
Scheme I, analysis of the combustion of the producer gas and inlet air at the
state-point conditions indicated in Fig. 1 resulted in an air-to fuel flow ratio
of 0.575 at a pressure of 193 psi. Adiabatic component efficiencies of 85 percent
and 88 percent were assumed for the compressor and turbine respectively. (Such
high efficiencies are expected to be well within the state-of-the-art by 1980 for
rotating machines of the size considered for this system.) Because of the necessity
to match pressures, flow rates, and work requirements, a combustor discharge temper-
ature of 2406 F was required. This value was compatible with the original IGT goal
of 2400 F. All combustion calculations were performed by means of a digital com-
puter program developed in the Chemical Sciences Department of UTRC.

The performance of Compressor B was determined on a trial-and-error basis by
using the thermodynemic properties of air from Ref. 4. This approach was mede
necessary because of the requirement to match a discharge pressure of 40O psia with
the work split of a two-stage turbine. Although an intercooler between the two spools
of the compressor would have allowed the compressor discharge temperature to exactly
match a process requirement of 1000 F, the added cost of incorporating this unit
into the system was not believed worth the slight improvement in system outPut
which might have resulted. Furthermore this assumption adds conservatism to the re-
sults, The thermodynamic properties of the combustor exhaust gases were based on
the mole-percent, weighted averages of the constituent gases assuming complete com-
bustion, and, these properties, including those for water vepor, were also based on
data from Ref. 4. The work output from and the flow rates through Turbine D were
determined by matching exactly the requirements of Compressor B so there would be no
excess power from this unit. The exhaust flow not required in Turbine D was directed
through other ducts and expanded through Power Turbine E which was assumed to be
connected to a 98 percent efficient electric generator. An adisbatic efficiency of
88 percent also was assumed for the power turbine which is the only unit in the
exhaust gas stream from which net power is extracted.
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The mixed turbine exhaust flow at a common pressure of 16.5 psia was subse-
quently divided into two different streams which passed through heat exhangers in
the system. The first of these heat exchangers extracted exhaust gas energy to heat
process water from 235 F to saturated steam conditions at 40O psia. Because of
favorable temperature difference between the exhaust gas and water streams, it was
possible to reduce the exhaust gas temperature to 300 F. The remaining portion of
the turbine exhaust gas flow was passed through a steam boiler/superhester/reheater,
and because of the characteristics of the steam cycle selected, the temperature of
the exhaust geses at the discharge of this unit could also be reduced to 300 F. All
intermediate-state-point conditions shown in Fig. 1 and discussed subsequently in
this report were based on the enthelpy differences in the exhaust gas mixture. All.
heat exchanger performence calculations followed conventionsl log-mean-temperature
difference relationships.

The steam cycle performa.nce was based on the heat inputs and the selected
steam operating conditions of 2400 psia/1000 F/lOOOF. A1l steam cycle calcula-
tions were results of systems studies being conducted for a concurrent EPA contract
(Ref. 3) at UTRC. :

Scheme II

In Scheme II, an approach similar to that just described was undertaken to
accommodate the thermodynamic performance analyses of the components shown in Fig. 2.
A separate set of combusion calculations conducted with the aid of the UTRC digital
computer program resulted in an air-to-fuel flow ratio match point of 0.845 at
290 psis and a discharge temperature of 2400 F. These overall thermodynamic calcu-
lations were less complicated relative to those in Scheme I, since it was not simu-
taneously necessary to match the work output characteristics of turbomachinery
components in the Scheme I system.

The flow from the combustor was divided into three streams, the first of which
was directed to Turbine C whose output power was exactly matched to the requirements
of Compressor A based on conventional thermodynamic analysis techniques., (The dis-
charge pressure common to all turbine components in Scheme IT was assumed to be
16.5 psia, avalue identical to that assumed in Scheme I.) The -second exhaust gas
stream was directed to Turbine D whose output power was matched exactly with the
requirements of Compressor B, The remaining flow stream from the combustor was
directed to Power Turbine E, the output power of which was used to drive the only
electric generator in the exhaust gas stream of Scheme II.

As a rule of thumb, turbine design experience has shown that above a pressure
ratio of approximately 5.8, three stages of turbine expander are required, and
beyond a pressure ratio of approximately 12.3, four expander stages are necessary.
Although the system designs selected in this analysis may not be at exactly optimum
conditions, the use of this and other empirical guidelines assured that the turbo-
machinery design would be practical and viable.

-1- 19
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Component Sizing and Matching

Whenever possible during turbine expansion calculations in both Schemes I and
11, it was assumed that the same amount of work would be extracted from each turbine
stage on a common shaft (i.e., that of the high, the low or the power turbine.) For
each turbomachinery component, the work per turbine stage was used to determine the
rotational speed, blade and vane discharge angles, and blade rotational stresses
from standard sets of turbomachinery equations. The stress level and averege blade
metal temperature then correlate directly with the selection of the blade material
from creep-stress vs temperature reletionships, a typical set of curves for which
is shown in Fig. 3. In order to design for long system life and to assure maximum
gas turbine rotating component life, an averaged metalltemperature of 1500 F was
assumed to be the maximum allowable in all system designs considered during this
present analysis. ‘

Stress and rotational speed are based on mean flow-path diameters, and once
determined, the disk (hub) diameters and blade lengths can be calculated directly
from the stress-related hub-tip ratios. With rotational speeds established, a trial-
and-error process is used to select a corrected airflow per unit area and corrected
compressor tip speed which result in an integral number of compressor stages whose
performance matches that of the turbine. Similar sets of stress-speed matching
analyses were undertaken for other compressor-turbine combinations in the system,
In the power turbine, the requirement of equal work per stage allowed a design to
be determined directly since the output rotational speed of 3600 rpm was specified
by generator requirements. In all systems, it was assumed that metallurgical
developments would have advanced sufficiently that specialty or exotic materials
of today would be state-of-art materials by the time a systems such as those
considered herein would be ready for operation. Blade cooling techniques consid-
ered common today were expected to be sufficient to accommodate the requirements
of the turbomachinery systems as contemplated.

System Costing

Each ihdividual system component was costed in as great a detail as was possi-
ble. In most cases, cost models developed at UTRC were used to estimate manufac-
turing costs, and then mark-up ratios, known to be typical of those in the industry,
were applied to these costs to arrive at the selling price (i.e., the cost to the
final customer). A gas turbine manufacturing cost digital computer program, which
was developed on Corporate funds, was used to estimate the cost of all rotating
machinery. This program, which currently is being exercised on a NASA-related
(Ref. 5) contract by UTRC, was developed in cooperation with a large number of
vendors who service United Technologies Corporation Divisions. The progrem is capa-
ble of predicting, with great accuracy, the total menufacturing costs (including

192
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indirect items) for components, such as blades, vanes, disks, shafts, bearings,
casings, burners, and accessories, which account for over 80 percent of the engine
componehts, or essentially all the major cost items in an engine. Within the pro-
gram, allowances are made for blede and vane cooling, when necessary, material
changes, burner can shrouds, and even changes in the base year of cost estimates
desired. All correlations are in equation form, and input data requirements are
primarily based on engine component dimensions, unit production rates, and materials
selection. -

Heat exchanger costs are based on overall heat transfer coefficients and ma-
terials selection cost allowances at $6 per sq. ft. This estimate, the choice of
appropriate heat transfer coefficients, and an addition allowance of 35 percent
for fabrication and erection are based on information obtained from vendor contacts
made during the fulfillment of technical studies for the EPA contract of Ref. 3.
The costs of steam turbines and electric generators were takeh directly from manu-
facturers published price data (e.g., Ref. 6).

The estimating procedure which allows the cost of an entire power system to
be made was developed at UTRC with the assistance of Burns and Roe, Inc., a large
East-coast architectural and engineering firm, during the fulfillment of a NAPCA
contract (Ref. 2) in 1970.  Subsequent contacts with Burns and Roe personnel, in
addition to using the updating correlations from industry-accepted sources such
as Ref. 7, allows this system cost estimating procedure to be kept up to date.
Although such power station estimates must be considered as budgetary values, they
correlate well with more detailed estimates made when actual bids are later estab-
lished. At the request of NASA and IGT, all values presented in this report are
typical of those representing a mid-197L4 time period. As noted, subsequent use of
industry indexes, such as those in Ref. 7, can be used to update the results pre-
sented herein, if so desired.
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DISCUSSION OF RESULTS

The results of Scheme .I and those of two versions of Scheme II are discussed
separately in the following sections. Although certain similerities are common to
all or the systems, each section contains a complete discussion of performance and
detailed cost estimates. ‘

Scheme T

Scheme I encompasses a set of turbomachinery components arranged in such a
manner that the high (365 psia) pressure of spent producer gas from the steam-iron
gasification process is partially expanded prior to its combustion. (This arrange-
ment differs from that of conventional gas turbine components which is typified
more by the arrangement defined as Scheme IT.) Because of the relatively low tempera-
ture (1520 F) of the spent producer gas, less work can be extracted from Turbine A
“than if this gas were expanded from a temperature of 1800-2000 F which is more
typical of that used in gas turbines of today. However, the attractiveness of the
approach used in Scheme I is that low-priced materials can be used in the turbine
section, and blade cooling is not required. Also, for a fixed combustion tempera-
ture, more heat energy remains in the exhaust gases to be captured in subsequent
heat exchangers. ’

The net output power from the exhaust gas Power Turbines E is calculated to
be 865.3 MW after allowing for a 2 percent loss in the electric generators. The
system was assumed capable of accommodating the total flow of Yhol 1b/ sec in two
identical streams, thereby providing greater operating flexibility and continued,
partial operation in case of a failure in one stream. Although the 2400 F tempera-
ture at the inlet to Turbine D and to the Power Turbine E is considered advanced by
standards of today, normal progress within the gas turbine industry will make
temperatures of this magnitude commonplace in eight-to-ten years. Where possible,
conservative design practices which did not compromise costs, were selected for the
systems analyzed,

The Compressor B - Turbine D units would resemble conventional gas turbine
engines without a burner. However, the flow rate, temperature, and speed require-
ments of the power turbine dictate that these latter units must be double-ended,
that is, a "mirror" set of rotating components on a single shaft driving a single
electric generator. Because of the large fuel gas and air flow requirements, a
large, single-chamber combustor design, nearly 15 f£ in diameter and 45 £t long, is
indicated. Ducts would lead in a scroll-like fashion from the burner exit to the
inlets of Turbine D and of Power Turbine E located close by to assure compactness
and a high overall efficiency. The high volume flows of the air and fuel and the
low energy content of the fuel necessitate a large pressure drop through the fuel
controls and fuel manifolds prior to combustion. A loss of 75 psi in the expanded
producer gas stream is considered average for this type of gas based on recent
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United Technologies Corporation Power Systems Division test data. Such a loss is
obviously detrimental to overall system performance, but it would be unrealistic
and unfair to assume more optimistic conditions for the analysis.

The performance of the reheat-type steam turbine system is based on the tempera-
ture-heat energy diagram of Fig. 5. It can be seen that throughout the entire heat
energy range, sufficient temperature differences exist so the minimum difference can
be established at the exhaust gas heet exchanger exit, thereby achieving a 300 F
stack temperature. The heat energy added to this cycle in the boiler/superheater/
reheater represented by that of F:Lg 4, is approximately 89.3 percent of the total;
the remainder (equal to 356.7 x 10° Btu/hr as noted in Table II) is obtained from
the methane effluent stream (see Fig. 1). After a total output of 210,050 kw per
stream is produced, the rema:.n:.ng olak i x 106 Btu/hr are rejected in cooling tower
heat exchangers. .

The overall manufacturing costs of the major components shown by major categories
are presented for the three separate exhaust gas turbomachinery units in Tables
I1T, IV, and V, respectively. The major categories are self-explanitory with poss:.ble
exception of miscellaneous parts, a general categbry which incorporates such items
as assembly and testing labor, the starter, the lubrication system, a major X-ray of
the basic unit, and internal miscellaneous parts such as seals, spacers, clutch
assemblies, and fasteners. Further details of some major design features material
selections, and cooling choices for the three respective units are presented in-
Table VI, The estimated manufacturing costs which ¥ange from approximately $0.75
million per unit for the Compressor C - 'Iurblne A unit to nearly $2.0 million for
each end of the power turbine are believed typical of those for similarly-sized
large units today. Prime reasons for the high costs of these units are their large
sizes and the requirement for relatively expensive turbine components, many of
which must be cooled. The estimates shown for these units correspond to that of
the 50th unit of a long-run production setup where systemdesignis fully established.
Values typical of the.second (i.e., each of the first two produced since a two-stream
system was selected) and the sixth units would be approximately 122 and 69 percent
greater respectively, than those presented in Tables IIT, IV, and V.

The estimated selling price of over $15 million for the fiftieth unit (and those
beyond since a "learned-out" cost most likely would be reached by this point) including
combustor and fuel control is presented in Table VII. These estimates include a
mark-up of approximately 100 percent over total manufacturing cost to cover general
and administrative expenses, amortized. engineering expenses, selling costs,
warrantee costs, and gross profit. ‘A markup of similar percentage magnitude can
not be expected at the low unit production rates of two or six units unless the
development expenses, which could amount to several hundred millions of dollars,
are absorbed by an agency other than the manufacturer of these units. Production
of such large units represents a risky undertaking for one commercial orgenization,
and unless a guaranteed market exists, or the development expense is underwritten,
it is unlikely that a private organization will undertake this development.
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Production of heat exchanger equipment is based on an entirely different philo-
sophy, however. Since most heat exchangers in electric power generating stations
today are custom designed and built, their costs can be estimated with a greater
degree of confidence. A typical layout of the heat-to-process heat exchanger and
the steam cycle boiler/superheater/reheater are shown diagramatically in Fig. 4 for
Scheme-I. For the systems-shown, the selling prices of the fabricated units, the
heat transfer areas, and the heat capacities of the units are presented as part of
Table II. Heat exchangers represent a large investment, and often this is a sub-

- stantial portion of a typical electric steam station cost. It is partly because
of the necessity to incorporate these large heat exchanger units that the capital
costs of steam power stations will be higher than an all-gas turbine system which,
of course, requires no such equipment. The combined-cycle systems, typified by
Schemes I and II, represent a compromise between increased costs and increased
overall system output and efficiency. -

When the overall set of system components are incorporated in a station capable
of producing large amounts of electrical power based on its thermodynamic characteristics,
an estimated overall system installed investment of nearly $260 million,including
escalation and interest, would be required as shown in the first column of costs
in Table VIIT. Based on the net output of 865.3 MW from the exhaust gas portion of
the system and 420.0 MW from a 2400 psia/1000F/1000F steam reheat cycle operating
at 37.72 percent efficiency, this capital cost is equivalent to $199.60 per net
kilowatt output. Details of this composite estimate are presented in first columns
of cost data in Tables IX through XII. This total systemcost estimate is quite near
that of other combined-cycle system estimates of $200 per kilowatt published
recently (c.f., Ref. 8), thereby adding to the confidencé in the estimates of this
analysis.

The details presented in the individual tables are shown by overall FPC Account
Numbers; only those account number totals shown are applicable to a combined-cycle
electric power generating station. For brevity, some estimates within accounts have
been combined, but from an overall standpoint, the results represent the costs of
all required individual items. Sewveral points should be mentioned in connection °
with these tabularized results. In Account 341, Table XI, the item entitled Tank
Farm is included to insure an adequate fuel supply should an abnormal interruption
in the primary fuel system develop. Sufficient fuel energy would still be available
t0 meet contractural arrangements to sell electrical power. Elimination of this
item would reduce the Total Installed Power Station Cost (Table VIII) by only approx-
imately $1.14 million.

The installed price for Gas Turbines (Table XII) corresponds to that for the
50th unit and includes a 5 percent additional allowance for installation. The cost
of the overall system with the first two units or the sixth and seventh units can
be estimated using cost factors discussed in an earlier section of this report.
Whereas steam turbine and generator prices were taken directly from manufacturers'
catalogues, appropriate discounts were applied to these published prices to represent
typical industry practice. Discount factors were obtained through proprietary UIRC

-12-
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contacts and therefore are not published here in order to maintain the confidentisl
nature of both the values and the contacts. 7Items included in the general category
entitled Escalation (Teble VIII) include the Waste Heat Boiler (FPC Account 312-01),
the Process Steam (Heat-to-Process) Heat Exchanger (FPC Account 312-07), and the
Cocling Towers (FPC Account 314-06), each of which were assumed to be subject to a
three-year escalation period, and the Steam Turbine-Generator (FPC Account 31L4-01)
and the Generator-Gas Turbine (FPC Account 34li), each of which had a two-year
period of fixed price followed by a two-year escalation period. All escalations
were calculated using an 8 percent per year rate; if another value is thought more
typical of future rates, it is a simple matter to calculate the net effect of such
a change on the overall capital cost. Similarly, the interest rate of 9 percent
per annum and a four-year applicable construction period were selected for all systems,
but this also can be changed if its effect on the overall installed capital cost
must be examined.

Scheme II

The system defined schematically in Fig. 2 combines, as noted previously, the
turbomachinery components in a conventional arrangement. However, because the
exhaust gases in this configuration expand directly from a pressure greater than that
in Scheme I, their temperature, when recombined after expansion, is lower in Scheme
II than in Scheme I. This temperature, calculated to be only slightly below 1200 F,
was adequate to be used in a reheat steam cycle similar to that selected for Scheme
I. However, because of the relative steam-side and gas-side temperatures (Fig. 6)
the exhaust gas temperature could not be reduced below 459 F. Therefore, it was
thought that in an attempt to recover a greater amount of heat energy from the
exhaust gases, the selection of a simple nonreheat steam cycle (see the temperature-
heat diagram, Fig. 7) which would be accompanied by an exhaust gas temperature below
that at the exit of the reheat cycle may be a viably attractive alternative system
to examine. Therefore, the following discussionof Scheme IT systems incorporates
the results of analyses of two steam systems, noted Scheme II with Reheat-Steam
Cycle and Scheme II with nonreheat Steam Cycle, each of which incorporates the
same base set of exhaust-gas turbomachinery components.

Turbomachinery System

Since the turbine inlet temperatures of all three expanders is the same (2L0O
F), the assumption was made that the work per stage (on a Btu/lb basis) on the
respective common shafts of Turbines C and D would be equal. This assumption then
made it necessary only to find the work splits across the low and high sections of
Compressor A and Compressor B, respectively, which corresponded to the airflow ef,
these respective components. The flow of 864 1b/sec/unit through Compressor B is
specified as a gasification process requirement, whereas, the flow of 1169.1 lb/sec/
unit in CompresSor A is dictated by the fuel-air ratio in the combustion necessary
to achieve a combustion temperature of 2400°F. Both turbine and compressor units
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are assumed to be self-contained, and there is no net production of power from
either. Again, two streams were selected for redundancy, ease of maintenance,and
flexibility of operation.

The third exhaust stieam is ducted to Power Turbine E which incorporates four
stages because of the expansion ratio of 16.7-to-1.0 across this entire unit. The
net output of these units, after allowing for a 2 percent loss in the electric
generator, is estimated to be 1083.8 MW, When the output power from these exhaust
gas turbines is compared with that from the Scheme-I units, it can be seen that there
is & nearly 220 MW power increase. -This is due to two factors. First, it was cited
in an earlier discussion that expansion from a low temperature results in less output
power than a similar expansion from a higher temperature. Although Turbine A in
Scheme I is operating between different pressures than the turbines in the Scheme II
system, the general concept of lower work from a lower initial temperature still

‘applies. Becond, because of the work and flow rate matching between the combustion -
air and fuel in Scheme I, a lower airflow per pound of fuel passes through its com-
bustor, than in Scheme II. This greater total mass flow of exhaust gas in the
Scheme ITI system has a significant influence on the increase of net output power.

As noted, the greater expansion ratio across the turbine components of Scheme
IT results in a lower temperature of the exhaust gas mixture entering the heat-to-
process and the boiler/superheater heat exchangers. A complicated phenomenon exists
with the arrangement of components shown in Fig. 2. Because of the need to extract
2170 x 10 Btu/hr from the exhaust stream(s) to satisfy process steanm requifements
in both Scheme I and in Scheme II, a greater mass of exhaust flow must pass through
the heat-to-process heat exchanger in Scheme II than in Scheme I, Despite the fact
that the flows through the boiler/super-heater units are nearly identical in both
schemes, the incoming heat content of the flow in Scheme II is lower than that of
Scheme I, and therefore, the steam which can be raised in Scheme IT is less than in
the Scheme I system. Since the waste heat available from the methanization effluent
heat exchanger is fixed, the lower steam cycle flow means the heat in the methaniza-
tion effluent must be divided between the water in the steam cycle and that in the
heat-to-process heat exchanger. Characteristics of the heat exchangers incorporated
in the Scheme II systems are presented in Table XIII.

The total estimated installed horsepower of the turbomachinery of Scheme II is
2,741,930 hp. ‘This is divided as follows: 672,086 hp in Turbines C; 587,982 hp
in Turbines D; and 1,481,862 hp from the Power Turbines E. This compares directly
with a total of 2,049,330 hp installed in the Scheme I system. This latter total
is divided among Turbines A: 278,846 hp; Turbines D: 586,434 hp; and the Power
Turbines E: 1,184,050 hp. Of course, it should be realized that in the case of
the turbine and compressor components, the compressor power absorbed is the same
as that developed by the driving turbine.
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Reheat Steam Cycle

A steam reheat cycle operating at conditions of 2400 psia/1000F/1000F could
be installed in Scheme II. The output power of each of two identical systems
would be 120,800 kw, and the steam flow rate would be slightly in excess of 1.412
million pounds per hour. Overall steam cycle efficiency was estimated at 37.72 per-
cent based on extensive studies conducted at UTRC (Bef. 3). Because of the 1200 F
inlet temperature, the minimum allowable steam-to-gas temperature difference of SOF
occurs at the inlet to the boiler component (see Fig. 6). A total of 2230.1 million
Btu/hr are transferred into the steam cycle of Scheme II, and of this total, slightly
more than 2053 million Btu/hr are transferred in the boiler/superheater. The
remaining load is transferred from the methanization effluent heat exchanger. It
can be seen from Fig. 6 that because of the temperature-heat requirements of the
steam cycle boiler/superheater, an exhaust temperature considerably higher than
300°F results. Whereas there still exists a large amount of thermel energy in the
exhaust gases at the exit of the boiler/superheater, it was assumed that this heat
would be exhausted directly to the atmosphere. Actually, the cost of recovering
this heat may not be practical, because its low temperature would require a large
and expensive heat exchanger. Furthermore, only the process water could act as a
heat sink, and its requirements can be accommodated with the thermal energy from
the methanization eft'luent heat exchanger.

Nonreheat iiteam Cycle

Because the heat energy in the exhaust at the exit of the boiler/superheater
of the Scheme II reheat cycle system is discharged to atmosphere, it was decided
to examine a nonreheat steam system with a peak operating pressure of 1600 psi
and a peak temperature of 1000°F (see Fig. 7). In this system, as in that of the
reheat system, the minimum allowable temperature difference between exhaust gas
and steam working fluid occurs at the inlet of the boiler section. However, because
of the steam temperature profile, it is possible to reduce the exhaust gas tempera-
ture tc 388°F, approximately 55 degrees below that of the reheat steam cycle just
discussed., Note that on both Scheme II systems, the water from the condenser is
preheated to 250°F in the methanization effluent heat exchanger. The thermal
efficiercy of the simple-cycle system is estimated at.33.32 percent, and a total
net output,  after allowing for 2 percent losses in the electric generator, is
estimated to be 237 MW for the two identical steam units. The total steam flow
is estimated at 1.775 million lb/hr or approximately 363 thousand lb/hr greater than
that in the reheat steam system. Of the 2477 million Btu/hr transferred to the
steam cycle working fluid, an excess of 2243 million Btu/hr are extracted from the
exhaust gases; the remainder is transferred from the methanization effluent heat exchanger
As in previous steam system analyses, basic performance analyses data were taken
from Ref. 3.
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System Costs

The estimated turbomachinery manufacturing cost on a major component basis for
Compressor A - Turbine C, Compressor B - Turbine D, and Power Turbine E components
are shown in Tables XIV, XV and XVI respectively. Although the Compressor B conm-
porients of Scheme II and that of Scheme I handle the same flows and operate between
the same pressure ratio, it must be realized that compressor section costs cannot
be considered in iseolation. The difference in performances of Turbine D in System
IT and Turbine D in System I, is due to the differing match points in both work/lb/
stage and *he rotational speeds. Therefore, the $266,000 (Table XV) estimate for
‘the inlet, disk, and airfoils of the Scheme II Compressor B can only casually be
compared with the approximately $340,000 (Table IV) manufacturing cost for the
same components of Compressor B in Scheme I. It should be noted that neither time
nor funds of this subcontract allowed a true optimum system to be designed. However,
when considered in relation to the overall system cost in which the gas turbine com-
ponents are installed, the differences noted are of minor consequence; their values
still are reasonable indications of the costs expected to be encountered. In Tables
XIV, and XV and XVI, all allowances have been made for the proper material selections
and airfoil cooling schemes necessary to achieve the performance levels indicated.

A general, overall review of these major selections is presented in Table XVII,

In Table XVIII an estimate of the selling prices (the cost tothe ultma.te
customer) are shown for all exhaust gas turbomachinery components plus the combustor
and fuel control systems. The total price includes an estimated industry markup
factor of 100 percent, and is the sum for all of the units installed in the Scheme-
IT system Lased on the production of at least 50 units. As is noted for the
Scheme-I turbomachinery selections, the estimated costs (and prlces) for the first
two and the sixth and seventh units would be approximately 122 percent and 69 percent
higher than the values indicated in Table XVIII. However, the fact that development
costs write-offs would play an important part in establishing the level of price
for total production runs of less than 50 units may lessen the reliability associated
with the lower-production-rate price estimates as discussed earlier in this report.

The total installed cost of the reheat steam cycle systemrated at 1325.4 MW
is estimated to be in excess of $220 million including escalation and interest as
shown in the center column of results in Table VIII. In the third column of results
the total costs of the nonreheat steam system, including the same component selections
is estimated to cost slightly in excess of $220 million for a net power output of
1320,8 MW. Tables IX through XII present the detailed cost estimates ‘by component
category for the Scheme II reheat cycle and nonreheat steam systems. Note that
FPC Account Number 343, Table XII, relates strictly to the gas turbine system com-
ponents, and as such columns two and three are appliceble to both the reheat cycle
steam system and {ihe nonreheat steam systems of Scheme II. Chenges in total sys-
tem cost due to alterations to the escalation rate, interest rate, or to the produc-.
tion rate (f gas turbines can be undertaken in a manner similar to that discussed
earlier under Scheme I results.

2wl
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A seemingly contradictory set of economic data appear to be present when a
»c_ozgxparison between the total prices of the gas turbine units in Schemes I and IIT
is made (c.f., Tables V, XII and XVIII). The Scheme-II systems rated at a total
of 1083.8 MW are estimated to sell for $26,026,684 (plus 5 percent installation),
whereas the Scheme-I turbomachinery price estimate is $30,868,568 (plus 5 percent
installation) for systems rated at a total of 865.3 MW. The reason for this difference
is that gas turbines are volumetric flow machines, and since the largest part of
the total installed power of the Scheme-I turbomachinery hendles flow at a lower
pressure than that of the Scheme-II turbomachinery (the total flow of both systems
being nearly the same), the former units are physically larger and run somewhat
slower than do those units in the Scheme-II systems. Price has been found to relate
to machinery dimensions and to material selection so.it can be seen that the larger
rotating devices (as well as the larger, low-density burner) in the Scheme-I systems
have higher associated costs/prices relative to those in the smaller machines of
Scheme II. :

A comparison of the estimated capital cost results in Teble VIII indicates
that the Scheme-II system incorporating the reheat steam system is only sllghtly
more costly than is that system incorporating the nonreheat steam equipment.
However, comparison of the specific costs reveals the advantage to be in favor
of the system incorporating the reheat steam equipment. The higher specific
cost of the nonreheat system can be attributed primarily to the steam turbine
and generator equipment which are larger than the corresponding equipment in
the reheat system with its thermal higher efficiency and lower steam flow per
net kilowatt output. In direct contrast to this, the increased exhaust gas exit
temperatures associated with the reheat cycle directly influence the heat which
can be transferred to the steam cycle from the methanization heat exchanger, and
therefore, the net remaining heat which can be delivered to the heat-to-process
heat exchanger. Because of the higher cycle temperatures, a higher heat-to-
process heat exchanger cost estimate is therefore associated with the reheat
cycle. However, for purposes as a budgetary estimate such as that presented
herein, the total installed package price of $166.7 per kw and $167.2 per kw
for the Scheme-II systems can be assumed equal, and the ultimate choice of
system likely would be a matter of other con51deratlons taken into account during
the overall system design.

A comparison of the capital and operating charges for all three systems con-
sidered in this analysis is presented in Table XIX for systems located at a Middletown
 USA site (an A.E.C. definition) and explained in more detail in Ref. 3. A summary
of the annual owning and operating costs for these systems is shown at the bottom
of this table. The capital charges assume an owning cost of 17 percent of the
capital investment and a load factor of 70 percent values which are quite typical
of those selected in present power plant analyses. Based on data from Ref. 3 the
annual operation, supplies, and maintenance charges were assumed to be 3.5 percent
of the capital cost of the plant, a conservative estimate, yet one which is nearly
double that presently assumed for modern steam plant designs. Finally, the charge
for fuel to the power station was assumed to be zero since the installation of a
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power system to the basic steam-iron coal gasification process is an added benefit
whose real value comes in the sale of power at a price exceeding the total busbar
power cost. The charge for the fuel is made onlyonce, and that occurs in the basic
conversion process preceding the power systems considered in this analysis. The '
total estimated cost of busbar power costs of less than 7 mills/kw hr for the three
systems are quite attractive, particularly when considered relative to the estimated
power generating costs being made today for similar advanced systems which are
between two and three times greater, even for the most attractive of advanced sys=-
tems (Ref. 3). Of course, the great factor contributing to the low cost of busbar
power is the lack of a fuel charge. The economic results shown in this table
should not be considered. in isolation since they only explain a portion of the
entire story. Only when these charges, or more specifically, the profits estimated
to accrue from the sale of energy generated at these costs, plus the return from
salable products from the basic coal gasification process comprising the primary
portion of this system, are examined and compared with competing systems will the
ultimate economic advantages be identified.
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CONCLUDING REMARKS

. Three separate power systems are shown which have characteristics and operating

- purameters vhich are extremely attractive relative even tc the best of modern systems
being considered today. Although the results presented may not be representative of -
the optimum combination of machinery or operating conditions, they are, however,
sufficiently representative of viable systems such that improvements should result

in even more attractive designs. Whereas the results are presented in terms of mid-
1974 dollar values, analyses in terms of current dollars can be made by applying
appropriate inflator factors from reliasble, published industry sources. No recommen-
dations as to the type of system which is appropriate since it is believed to be a
matter of individual choice depending possibly on the availability of critical com-
ponents at the time of the actual system design. Proof of the entire concept, of
course, will come at the time when the results presented herein are combined with
technical and economic data for the gasification system, and providing these appear
attractive, the ultimate construction of demonstration systems in the field. It can
be concluded, however, that by incorporating a system whose primary purpose is to '
generate a salable gaseous fuel with an electric power generating system, an important
benefit of meeting a portion of this nation's future electric power needs at costs
which are reasonable and within reach of many electric power systems should result.
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TABLE 1

BASIC INPUT DATA SUPPLIED BY IGT FOR
COMBINED-CYCLE PERFORMANCE AND COST ANALYSES

Producer Gas Availability

Flow Rate - 354,989.Lk moles/hr
Temperature - ‘ 1520 F
Pressure - 365 psia
Composition (Mole Percent)

co - '8.76

COop - 20.7L

H, - 6.21

H,0 - 16.00

CH, - 0.38

HoS - 0.12

N, - b47.82

Process Alr Requirement

Flow Rate - 217280 moles/hr
Temperature - 1000F
Pressure - LoO psia

Process Heat Requirement (Steam)

Flow Rate - 2,162,440 1b/hr
Temperature - LYhsF

Pressure - 400 psia
Energy Content - 2170 x 10° Btu/hr

Waste Heat Availability (Methane Effluent Heat)

Temperature - Approximately 3LOF
Energy Content - 356.7 x 100 Btu/hr
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Unit

Boiler
Economizer

Total

© Unit

. Methane Effluent
Economizer
Boiler
Superheater
Reheater

Total

¥Refers to Fig. b

30T

TABIE II
CHARACTERISTICS OF HEAT EXCHANGERS IN SCHEME I

Heat-To-Process Heat Exchanger

Heat Exchanged

(millions of Btu/Hr) Surface Area Total Price

-1694.5 (Qg)* 676,500 $5,412,300
475.5 (Qg)* 450,100 3,646,000
2170.0 1,126,600 $9,058,300

Steam Cycle Heat Exchanger

Heat Exchanger

(millions of Btu/Hr) Surface Area Total Price

356.7 369,900 $2,996,200

1,281.5 2,969,600 24,053,800

813.3}(Qs)* 559,500 4,532,200

929.5 469,400 3,802,300

Lo6.k (Qp)* 1,400 1,169,800

3,877.4 4,512,800 $36,554,300
BREPRODUCELILE -
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TABLE III

MANUFACTURING COSTS OF COMPRESSOR C - TURBINE A COMPONENTS

. Scheme I
Costs Shown are for One Unit Only

Inlet Section $ 12,202
Compressdr (11 Stages)
Blades 2k ,650
Vanes 39,698
Disks and Front Hub ' 89,562

Turbine (1 Stage)

Blades 11,608
Vanes 6,353
Disks and Hubs 106,830
Cas ing i 21"‘3 ’283
Bearings . - 1h4,335
Miscellaneous Parts : 206,095

Total Assembled Engine Manufacturing Cost  $754,616

23~
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Teble IV

MANUFACTURING COSTS OF COMPRESSOR B ~ TURBINE D COMPONENTS

Scheme I

Costs Shown are for One Unit Only

Inlet Section

Low Compressor (9 Stages)
Blades
Vanes :
Disks and Front Hub

High Compressor (1l Stages)
Blades ’
Vanes
Disks and Rear Hub

High Turbine (1 Stage)
Blades
Vanes
Disks and Hubs
Low Turbine (2 Stages)
Blades
Vanes
Disks and Hubs
Casing
Shafts
Bearings

Miscellaneous Parts

Total Assembled Engine Manufacturing Cost

~ $ 10,639

30,165
59,211
58,677

L7,524
77,107
57,453

27,694
18,120
81,661

495,380
126,065
126,950
237,547

16,762

19,988
403,240

. $1,894,183



TABLE V
MANUFACTURING COST OF POWER TURBINE E COST COMPONENTS

, Scheme I
Costs Shown are for One Unit Only

Turbine (3 Stages)

Blades ‘ ' $487,824

Vanes . . ' 595,992
Disks, Hubs, and Tie Rods 175,832
Casings ' | ?37,036-
Bearings : 14,760
Miscellaneous Parts . 397,846
Total Assémbled Engine Manufacﬁuring Cost . . $1,909,290

25~
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Compressor Section

| Stage
No. of Blades
No. of Vanes

TABLE VI

MAJOR FEATURES OF TURBOMACHINERY UNITS OF SCHEME I

Compressor C - Turbine A

2 3 s 2 .
35 4 51 70 112
37 L4 54 74 118

Blade and Vane Material - AMS 5616
Disk Material - Cameron Z 4h8

Turbine Section

No. of Blades - 148 (uncooled)

No. of Vanes -~

81 (uncooled)’

Blade and Vane Material - IN 713
Disk Material - Cameron Z 448

Compressor Section

'Stage
No. of Blades
No. of Vanes

‘Stage '
No. of Blades
No. of Vanes

1
33
35

11
76
80

2
35
37

12
78

82 -

Compressor B -'Tln'bine D

3k 5 |
39 43 48 55 64 7 29
b1 k6 51 58 68 81 1ok
13 14 16 17 18 19

i L
81 83 .86 90 95 100 107
86 88 o1 95 100 105 113

Blade and Vane Materials - AMS 5616 and INT718
Disk Materials - Cameron Z 448 and AMS 5616

26~
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- TABLE VI (continued)

High Turbine Section

No. of Blades - 63 (codled)
No. of Vanes - 29 (cooled)

Blade and Vane Material - B1900
Disk Material - AMS 5719

Low Turbine Section

Stage 2 2
No. of Blades 110 106
No. of Vanes 79 53

Blade and Vane Material -~ Stellite 31, B190O
Disk Material -.AMS 5616

Power Turbine

Stage 1 2
No. of Blades 156 110
No., of Vanes 12k 87

Blade and Vane material -~ Stellite 31 °
Disk Materials - AMS 5719, AMS 5616

=27~
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(First Stage Cooled)
(First Stage Cooled)

(First 2 stages cooled)
(First 2 stages cooled)
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TABLE VII

SELLING PRICES OF TURBOMACHINERY UNITS IN SCHEME I

Compressor C - Turbine A (2 units) . $3,018,470

Compressor B - Turbine D (2 units) . | 7,576,720

Power Turbine (2 double-ended units) 15,274,300

Combustor (2 units) 3,999,080

Fuel Control (2 units; estimated price) | | 1,000,000

Total Assembled Selling Price | $30,868,570
U3

=28~
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TABLE VIII

CAPITAL COST SUMMARY FOR COMBINED CYCLE POWER

System
Steam Cycle

Gas Turbine Output (mw)
Steam Turbine Output (mw)
Total System Output (umw)

Federal Power Commission
Account Number

Boiler Plant Eg. 312
Steam Turbine Gen. 314
Struct. & Improv'ts. 3kl
Prime Mover (Gas Turb.)343
Generator (Gas Turb.) 3bk

Acc. Blect. Eq. 345
Misc. Power Plant Eq. 346

Station Eq. 353
Other Expenses

Total Direct Cost
Engineering and Supervision
Contingency

Escalation

Interest During Construction

Total Installed Power
Station Cost

Capital Cost per kw ($)

GENERATING SYSTEMS

Scheme I ~ Scheme II. Scheme ITI
Reheat Reheat Nonreheat
865.3 1,083.8 1,083.8
420.1 241.6 237.0

1,285.4 1,325.4 1,320.8

Capital Cost -
(Thousands of 1974 Dollars)

54,179 43,502 k2,561
27,335 18,904 20,079
12,598 11,450 11,236
k2,212 37,409 - 37,409
9,887 12,129 12,129
15,388 15,825 15,767
670 680 679
In Acct 34 In Acct 345 " In Acct 345

3,245 - 2,798 2,797
165,514 142,697 ‘ 142 ,'657
- 2k4,825 21,405 _ 21,399
13,240 ° 11,6 11,413
9,203 - 7,742 7,678
256,567 220,972 220,837
199.6 166.7 | 167.2
aw

29—
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TABLE IX

BREAKDOWN OF FPC ACCOUNT 312 - BOILER PLANT EQUIPMENT

Total for Two Identical Systems

AUS

~30-

System Scheme I Scheme II Scheme IT
Steam Cycle Reheat: Reheat QSEESEEEE__
Gas Turbine Output Power (MW) 865.3 1083.8 1083.8
Steam Turbine Output Power (MW) 420.1 241.6 237.0
Total System Qutput Power (MW) 1285.4 1325.k 1320.8
Waste Heat Boiler $36,354,300 $20,486,800 $20,691,900
Boiler Feed Pumps 725,000 406,600 383,500
 Boiler Feed Tank Deaerator 134,000 75,500 ok, 900
Water Treatment-Demineralization 696,800 392,700 493,600
Condensate Storage Tank 35,100 19,300 26,800
Process Steam Heat Exchanger 9,058,300 18,073,700 16,874,600
Miscellaneous Pumps 105,650 84,500 108,400
Piping 5,839,400 - 3,358,200 3,294,300
Insulation for Piping 467,200 268,700 263,500
Controls} 584,000 335,800 329,400
Computer
Total: Account 312 $54,174,750  $43,501,800  $u2.560,900

e imAnTICETLITY OF THE

augl, Paarn
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TABLE X

BREAKDOWN OF FPC ACCOUNT 314 - STEAM TURBINE GENERATOR

Total for Two Identical Systems

System Scheme I Scheme II Scheme IT
Steam Cycle Reheat Reheat Nonreheat
Gas Turbine Output Power (MW) 865.3 1083.8 1083.8
Steam Turbine Output Power (MW) o 420.1 2k1.6 237.0
Total System Output Power (MW) - 1285.4 1325.% 1320.8
Steam Turbine and Generator $17,170,800 $11,942,500 $11,435,000
Condenser and Tubes 1,220,600 688,000 864,600
Condensate Vacuume Pump and Motor 135,700 76,500 96,100
Condensate Pump and Motor 153,200 86,400 108,500
Cooling Tower 7,946,300 5,633,400 6,461,100
Circulating Water Pump :
Make-up Structure; Screens and Pumps 709,100 476,700 1,114,000
Chlorination Egquipment
Miscellaneous Pumps

Total: Account 314 $27,335,700  $18,903,500  $20,079,300

-31- SRl
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BREAKDOWN OF FPC ACCOUNT 341 - STRUCTURES AND IMPROVEMENTS

TABLE XI

Total for Two Identical Systems

- Systenm
Steam System

Gas Turbine Output Power (MW)
Steam Turbine Cutput Power (MW)
Total System Output Power (MW)

Site Preparation
Administration Building
Condensate Polishing System
Turbogenerator Building
Stack

Tank Farm

Total, Account 3h1

K7

Schemel
Rehesat

865.3
420.1
1285.4

$1,2k45,700
828,000
1,5uk4,600
7,557,000
452,200

970,900

$12,598,4%00

-32~

Scheme II

Reheat
11083.8

241.6
1325.4

$1,272,700
846,000
1,047,100
6,720,000
535,500

1,028,400

$11,5449,700

Scheme II
Nonreheat

1083.8

237.0
1320.8

$1,269,600
843,600
839,100
6,720,000
535,500

1,028?uoo

$11,236,200
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TABLE XII
BREAKDOWN OF FPC ACCOUNT 343 - PRIME MOVERS (GAS TURBINES)

Total for Two Identical Systems

Systenm Scheme 1 Scheme II Scheme II
Steam Cycle Reheat Reheat Nonreheat
Gas Turbine Output Power (MW) 865.3 1083.8 1083.8
Steam Turbine Output Power (MW) 420.1 241.6 237.0
Total System Output Power (MW) - 1285.4 1325.h 1320.8
Gas Turbines (installed) $32,412,000 $27,328,000 $27,328,000
Starting Motors 64,200 © 64,200 64,200
Torque Convertors 201,000 201,000 201,000
Lube Oil Purfication System 201,600 201,600 201,600
Lube Oil Fire Protection 168,000 168,000 168,000
Turbine Airfoil Cooling System 672,500 637,600 637,600
Compressor .Service and Instrumentation 140,000 140,000 140,000
Breeching:
Intake Silencers and Insulation 798,050 532,950 532,950
Enclosure 786,300 692,200 692,200
Exhaust Hoods " 61,000 70,400 70,400
Ductwork 903,700 1,010,100 1,010,100
Accoustic Insulation 123,420 137,900 137,900
Inlet Air Filters 386,800 464,800 464,800
Turbine Enclosure Aircooler 168,000 168,000 168,000
Emergency Cooling Water Tank, etc. 11,200 11,200 11,200
Fuel Oil Heaters and Pumps 15,400 15,400 15,400
Miscellaneous Pumps and Tanks 42,000 42,000 42,000
Control Panels 140,000 140,000 140,000
Computer Controls 560,000 560,000 560,000
Fuel Piping , 1,630,600 1,630,600 1,630,600
Fuel Pipe Insulatio: 2kk, 700 24, 700 24k 700
Airfoil Cooling Compressors 2,482,200 2,948,800 2,948,800
Total: Account 343 $42,212,670 $37,409,350 $37,409,350
-33- A”%
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TABLE XITIT

CHARACTERISTICS CF HEAT EXCHANGERS IN SCHEME II

Unit Heat Exchanger Surface Area
(Million of Btu/hr)
Preheater (Methane Effluent) 180.5 629,500
Economizer 301.7 81k ,900
Boiler 1687.8 786,900
& TOTAL 2170.0 2,231,300

Heat~to-Process Hezt Exchanger - Nonreheat Steam System

Preheater (Methane Effluent) 123.h 292,600
Economi zer 358.8 976,300
Boiler 1687.8 81k, 300

TOTAL 2170.0 2,083,200

‘Steam Cycle HeatAExchanger - Reheat Steam System

Methane Effluent 176.3 178,900
Economizer : T47.6 984,000
Boiler L7k 4 521,300
Superheater ‘ 540.2 674,200
Reheater 291.6 170,800

TOTAL - 2230.1 2,529,200

Steam Cycle Heat Exchanger - Nonreheat Steam System

Methane Effluent 233.3 238,600
Economi zer 740.3 1,201,600
Boiler 1002.8 781,90C
Superheater 500.3 332,400
TOTAL 2476.7 2,554,500
U9

=34~

Total Price

$ 5;099,100
6,600,500
6

2374 ;100

$18 ,073,700

2,370,400
7,908,200

6,596,000

$16,874,500

$ 1,449,500
7,970,800
4,222,200
5,461,000

1,383,300

$20,486,800

$ 1,932,400
9,733,300
6,333,400

2,692,800

$20,691,900
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TABLE XIV

MANUFACTURING COSTS OF COMFRESSOR A - TURBINE C COMPONENTS

Scheme IT

Costs Shown Are For One Unit Only

Inlet Section
Low Compressor (13 Stages)
Blades
Vanes
Disks and Front Hub
High Compressor (11 Stages)
Blades
Vanes
Disks and Rear Hub
High Turbine (2 Stages)
Blades
Vanes
Disks and Hubs
Low Turbine (2 Stages) .
Blades
Vanes
Disks and Hubs
Casings'
Shafts
Miscellaneous Parts

Total Assembled Engine Manufacturing Cost

-35-

$ 15,635

75,396
100,007
134,067

43,686

81,935
69,617

67,276
54,383
46,862

143,701
k2,380
59,559

180,504
17,684

333,716

$1,492,309

320
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TABLE XV

MANUFACTURING COSTS OF COMPRESSOR B-TURBINE D COMPONENTS
" Scheme II

Costs Shown Are For One Unit Only

Inlet Section $ 10,998
Low Compressor (8 Stages)
Blades ' 29,007
Vanes ' : 50,768
Disks- and Front Hub 71,725
High Compressor (7 Stages)
Blades: : . ' 25,632
Vanes 46,662
Disks and Rear Hub : 31,906
High Turbine (2 Stages) _
Blades k2 725
Vanes ' 53,360
Disks and Hubs 35,279
Low Turbine (2 Stages)
Blades ' B 64,024
Vanes : 16,527
Disks and Hubs ° 62,458
Casing 162,389
Shafts : 9,406
Bearings ) 18,866
Miscellaneous Parts ' _ 2kl 427
Total Assembled Engine Manufacturing Cost : $ 976,153

-36-
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TABLE XVI
MANUFACTURING COSTS OF POWER TURBINE E COMPONENTS
Scheme II

Costs Shown Are For One Unit Only

Turbine (4 Steps)

Blades $ 621,225
Vanes ] 333,407
Disks, Hubs, and Tie Rods 126,140
Casings . ' _ 125,767
Bearings . 10,728
Miscellaneous Parts 340,439,
Total Assembled Engine Manui‘a.ctuz"ing Cost "~ $1,557,706

37~
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TABLE XVII
MAJOR FEATURES OF TURBOMACHINERY UNITS OF SCHEME IT

Compressor A - Turbine €

gompressor Section

Stage X2 3 % s 6T
No. of Blades 23 N 26 28 30 32 35
No. of Vanes 25 26 28 30 32 - 34 37
Stage . 2. 0 1 12 i3 14 1
No. of Blades L2 46 52 59 68 L7 50
No. of Vanes 45 Lo 55 62 72 50 53
stage 7. 18 1 2 a2 23
No. of Blades 56 f1 66 72 80 89 103
No. of Vanes 59 65 70 76 8l 9k 109

Blade and Vane Material - AMS 5616 and IN718
Disk Material - Cameron Z L48 and AMS 5616

High Turbine Section

Stage Loz o
No. of Blades 112 82 (Both Stages Cooled)
No. of Vanes - 50 52 (Both Stages Cooled)

Blade and Vane Material - B190O
Disk Material - AMS 5719

Low Turbine Section

Stage . 1 2_
No. of Blades 132 95 (Uncooled)
No. of Vanes 37 28 (First Stage Cooled)

Blade and Vane Material - U700
Bisk Material - AMS 5616

o Jo B

-38-
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TABLE XVII- Continued

Compressor B - Turbine D

Compressor Section

Stage 1 2 3 L

1 2, 3 L 5. & T 8
No. of Blades 28 32 36 b1 L8 58 73 99
No. of Vanes 30 3k 38 L 51 61 77 10k
Stage 9l w12 13 1k 1
No. of Blades L5 49 55 62 72 87 113
No. of Vanes 48 52 - 58 66 76 92 119
Blade and Vane Material - AMS 5616
Disk Material - Cameron 7 U4li8
High Turbine Section
Stage 1 2
No. of Blades 6l 55 (Both stages cooled)
No. of Vanes Lo 29 (Both stages cooled)
Low Turbine Section
Stage 1 2_
No. of Blades 134 110 (Uncooled)
No. of Vanes ' 49 4o © (Uncooled)
Blade and Vane Material - B1900
Disk Material - AMS 5616

Power Turbine E
Stage | 1 2 3 L3
No. of Blades 171 151 149 102 (First two stages cooled)
No. of Vanes 56 5k 57 36 (First two stages cooled)
Blade and Vane Materials - Satellite 31; IN713, BL900
Disk Materials - AMS 5719 and AMS 5616
224
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TABLE XVIII

SELLING PRICE OF TURBOMACHINERY IN SCHEME II

Compressor A - Turbine C (2 Units) $ 5,969,236

Compressor B - Turbine D (2 Units) 3,904,608
Power Turbine - (2 Double Ended Units) 12,461,640
Combustor - (2 Units) ~ 2,691,200
Fuel Control (2 Units; Estimated Price) 1,000,000
Total Assembled Selling Price  $26,026,684
QA5
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. TABLE XIX

"COST SUMMARY FOR POWER GENERATING SYSTEMS

Scheme II Scheme II
Scheme I Reheat Steam Honreheat
Net Power Station
Output, mw - 1,285.4 . 1325.% 1,320.8
Capital Investment
‘Thousands of $ 256,567 220,971 223,837
Net Capital Cost,
$/kw 199.6 166.7 . - 167.2
Annual Owning and
Operating Cost,
mills/kwhr (1) 5.53 4.62 L. 6k
Capital Charges ’
Operation, Supplies S 1.1h4 : Q.95 : 0.96
intenance
Fuel% %a 0 0 0
Busbar Power Cost, - 6.67 5.57 . _ 5.€0
mills/kwhr ‘

(1) Capital charges at 17% and a 70% load factor
(2) The cost of coal fuel charged against the gasxficatlon system

el
.1
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STRESS TO PRODUCE 1% CREEP IN 100,000 HR—KS!

CREEP STRENGTH FOR TURBINE ALLOY MATERIALS
SPECIFIC MATERIALS NOTED ARE REPRESENTIVE OF THEIR RESPECTIVE CLASSES

FIG. 3

100

AN

AN

N
N

N

B1900/IN738

ADVANCED—MATERIAL ALLOYS

20

AN
<

WASPALOY/IN718

=X

/

N

) \\
5 \\\\
2
1200 1300 1400 1500 1600 1700 1800
METAL TEMPERATURE~F
R09-92-4
a3

~hl -



R76-952234-1 ) FiG.4

SCHEMATIC DIAGRAMS CF SCHEME--| HEAT EXCHANGERS
HEAT-TO-PROCESS HEAT EXCHANGER

EXHAUST GAS
1686 LBISEC o o o e o e e e e o e o ——— — ——— - -
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' T
SATURATED ; . WATER,
STEAM 400 PSIA
; : : 600.7 LB/SEC
STEAM CYCLE HEAT EXCHANGER
EXHAUST GAS
2735 LB/SEC
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FIG.b
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FIG.6
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