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APPENDIX C
INTRODUCTION

This appendix contains studies of three different approaches for
the production of alternate products from the TVA coal gasification
facility. The appendix 1s divided into three parts. The production of
methane, methanol, gasoline, and hydrogen are discussed in three sections

as follows:
1. Appendix C-1
This contains the study of the production of methane, methanol,
gasoline, and hydrogen by an add-on facility to a Koppers-Totzek based
MBG plant. Applications to a Texaco facility are inferred by evaluation
of delta effects from the K-T case.

2. Appendix C-2
This contains studies of the production of methane from an

add-on facility to a Lurgi based MBG piant and of the co-production of
methane and methanol from a Lurgi based system,

3. Appendix C-3
This contains studies of the production of methane from up to

50 percent of the MBG produced in an integrated K-T based piant and the
production of methane from up to 50 percent of the MBG produced from an
integrated plant in which module 1 is based on K-T technology and modules

2, 3, and 4 are based on Texaco technclogy.
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APPENDIX C-1
PREL IMINARY DESIGNS:
KOPPERS-TOTZEK AND TEXACO
SINGLE PRODUCT FACILITIES
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SUMMARY

Tae purpose of this study was twofold; to provide system level engineering
design and evaluation of a Kc:ers-Totzek and Texaco based gasification facility
’ producing methane, methanol, gasoline, and hydrogen as an alternate to medium
Btu gas (MBG), and secondly, to determine the facility capital costs associated
with each alternate product to provide relative alternate product costs. A summary
of alteraate product costs are provided in Table 1 for Koppers-Totzek and Table 2

b for Texaco gasification facilities.

Two options were considered for the integration of the add-on alternate-
product module(s) with the gasification facility. First, the add-on of the
module(s) would be done with minimal integration of the inplant utility and
process systems and is the basis of this report. A second, lower level study
effort considered a maximum integration of the total facility utility systems

} and 1s discussed in another report.

’ 0f the gasification processes considered for the production of MBG from
coal, the Koppers-Totzek (K-T) process was dealt with in greatest detail. The
various aspects of the Texaco process were evaluated in terms of increments

of change from those of the K-T process.

System level costs, based on cost-versus-capacity factoring, are presented
on a modular basis. Facility costs were then determined based upon the study

design results and single module costs.

Capital costs are provided in 1980 dollars for each system, both onsite
and offsite, as well as project contingency, owner's engineering and G&A, and
the contractors fee. Operating costs were calculated based on the K-T MBG

facility where possible, and on reference literature otherwise.

Detailed technical results are presented for the design of the four add-
on modules required for the manufacture of the four alternate products (methane,
nethanol, gasoline and hydrogen) of interest to TVA. For each process, these

results are presented in four major segments;

Block Flow Diagram
Process Description

Material Balance

Conversion Efficiency.
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TABLE 1

TOTAL SYSTEM CAPITAL INVESTMENT
TOTAL FACILITY INVESTMENT

¢-1-2

TOTAL DEPRECIABLE INVESTMENT
TOTAL CAPITAL REQUIREMENTS

ANNUAL OPERATING COSTS

FACILITY ANNUAL PRODUCTION, 1012 BTU

PRODUCT COST, 1980 $/MILLION BTU

METHANE
1520.1
1853.1
2344, 4
2410.5
345.0
76.11

8.03

METHANOL
1508.6
1839.0
2334,3
2399.8
373.2

79.18

8.0§

ALTERNATE PRODUCTS COST SUMMARY
ADD-ON TO KOPPERS-TOTZEK FACILITY

MILLIONS OF 1980 DOLLARS
GASOLINE

1747.1
2129.7
2690.2
2759.5
379.9
61.40

11.21

HYDROGEN

1865.3
2273.8
2858.4
2925.5

350.3

74.97

8.94
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TABLE 2

ALTERNATE PRODUCT DELTA COST SUMMARY

TEXACO VERSUS K-T BASED FACILITY
METHANE METHANOL  GASOLINE  HYDROGEN

TOTAL CAPITAL REQUIREMENT, 100 DOLLAKs 2827.27  2816.10 3130.31  3547.47

DELTA K-T BASE, % + 14,7 + 14,8 + 11.8 +17.5
TOTAL OPERATING EXPENSE, 10° DOLLARS 335.08 364,77  374.24 340,73
DELTA K-T BASE, % - 3.0 - 23 - 15 - 2.8
FACILITY ANNUAL PRODUCTION, 1012 BTU 83.84 88.65 79.46 94,97
DELTA K-T BASE, % -+ 9.2 +10.7 +22.7 +21.1
PRODUCT COST, 1980 $/MILLION BTU 7.63 7.54 9.04 7.61
DELTA K-T BASE, % - 5.0 - 6.7 -19.4 -14.9




The major tradeoffs considered during this effort include the areas of
system selection and system configuration. The systems selected for use in

various combinations for the production of the four alternate products include:
Shift Conversion
Acid Gas Removal (AGR)
Methanation

°
.

v

e Methanol Synthesis
) Gaéoline Synthesis
)

Hydrogen Purification

In the area of system configuration, the most significart tradeoffs were found

in the relative position of the compression and gas conditioning systems.

It was found that less than a 5% product cost variation exists among the
various tradeoffs studied. Further cost reduction opportunities exist if
the ground rules are changed to allow the use of larger scale systems or modules,
In addition, at least one clearly viable choice for each alternate product case

was found, with the possible exception of gasoline.
The key conclusions obtained from this study can be summarized as follows:

¢ Methanol, hydrogen, and methane plants that will work can
be engineered today.

e Based on many detailed engineering studies, the cost
estimates obtained are within normal conceptual design
uncertainty limits.

e ihe add-on system product costs provide an acceptable
basis for evaluating market competitiveness of the alternate

products.
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DESI( v+ APPROACH

Introduction

The purpose of this study was twofold; to provide system level engineering
design and evaluation of a Koppers-Totzek and Texaco based gasification facility
producing methane, methanol, gasoline, and hydrogen as an alternate to medium
Btu gas (MBG), and secondly, to determine the cost associated with each alternate

product to provide relative alternate product costs.

An add-on, modular approach was used as the design basis for design and
costing of each alternate product. Each alternate product was based on the
output of net MBG, derived from 5,000 Ton/day coal feed to one module of
the base facility, as ‘'efined by TASK 5.2.1. The facility level costs and

capacities were then determined based on a four module facility.

Two options were considered for the integration of the add-on alternate-
product module(s) with the gasification facility. First, the add-on of the
module(s) would be done with minimal integration of the inplant utility and
process systems and is the basis of this report. A second, lower level study
effort considered a maximum integration of the total facility utility systems

and 1is discussed in another report.

Of the gasification processes considered for the production of MBG from
cozl, the Koppers-Totzek (K-T) process was dealt with in greatest detail.
The various aspects of the Texaco process were evaluated in terms of increments
of change from those of the K-T process. In addition, a qualitative assessment

was made of a number of other gasifiers.

In all cases where Task 5.2.1 results were utilized, those results were
modified to include the replacement of the MBG-fired boiler witii purchased
electrical power. Tuis action utilized the results of system level trades
and provides a similar basis for comparison with the base cases provided in
Task 5.2.1.

System level costs, based on cost-versus-capacity factoring, are pre-
sented on a modular basis. Facility costs were determined based upon the study

design results and single module costs.

There are eight basic process operations that, used in various combinations,

are capable of producing any of the alternate products. These include:

e High Temperature Shift Conversion

C-1-5
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Low Temperature Shift Conversion
Acid Gas Removal

Methanation

Gas Drying

Methanol Synthesis

Gasoline Syntliesis

Hydrogen Purification (PSA Adsorptic.:,

Table 3 summarizes the state of development of each of these process

operations as it might be applied to each of the 1lternate products.

The approach to the process design tradeoff study consists of four
steps. The first step is to enumerate all of the options that can be
considered for the design. The next step is to limit the choices by
selecting reasonable options according to explicitly defined criteria.
Third, the selected options are further defined through a design process.
Finally, the selected options are compared according to explicitly defined

criteria and a final choice is made.

To more fully understand this tradeoff study and its level of
completeness, it is of interest to know how the available options are
identified. The approach taken for each alternate product has five parts.
The first is definition of the required process operations (e.g., shift
conversion, methanation, etc.). The second is to optimize the operational
sequence. Third, the unit operations (e.g., feed preheat, sieam injection,
catalytic reaction, etc.) for each process operation is identified. Next,
the sequence of these unit operations must be defined. Finally, vendor
restrictions on and availability of special materials (such as catalysts)

must be considered.

KOPPERS-TOTZEK BASED GASIFICATION PLANT

General
Details of the design appr~ach for the four add-on alternate product modules
to the K-T gasifier facility are presented in this section. Each of the

alternate-product module designs was considered independently. However,

c-1-6
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TABLE 3

SYSTEM TECHNOLOGY ASSESSMENT
ADD-ON FACILITIES

PRODUCT
SYSTEM IDENTIFICATION METHANE  METHAIIOL  GASOLIME  HYDROGEH
99 SHIFT COHVERSION |

HIGH-TEMPERATURE CcP CP CP CcP

LOW-TERPERATURE - - - cP
91 HMETHANATION CA/CP - - -
92 GAS DRYING CP cp CP CP
95 HETHAHOL SYWTHESIS - (0 cP -
9y GASOLINE SYWTHESIS - - CA/RD -

95 HYDROGE{ PURIFICATION
PSA ADSORPTIOM - - - cP

KEY: CP = COMMERCIALLY PROVER, CA = COMMERCIALLY AVAILABLE, RD = READY FOR
DEMONSTRATION
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the results presented here do not include unnecessary redundancies.
For example, design tradeoffs for the Shift Conversion unit and Acid
Gas Removal unit that must be considered for more than one alternate

product will be presented for the first case only.

Methane

The objective of this design is to define the process and costs
related to the production of pipeline~quality (high BTU) gas. The input
to the process is MBG consisting primarily of Hz, co, COZ’ HZO' HZS and
COS. The output is fully interchangeable high BTU gas (HBG) or methane

(CH“). Methane is produced from MBG by the methanation of CO and CO
according to the relations:

2

—

Cco + 3H2 ” CH4 + HZO
—p

CO2 + 4H2< CHA + ZHZO

The theoretically required Hz to CO ratio for the methanation process is 3.0,

There are four general design constraints that must be considered in
the design of this methane production facility. The first constraint is
that the methanation reaction does not go to completion. This effect is
minimized if excess Hz is supplied to the methanation reaction. This implies
that the Hz to CO ratio leaving the shift system must be greater than the
3.0 value previously identified as the theoretically optimum. Hydrogen is
produced and the HZ/CO ratio adjusted to 3.2 for this process by means
of a shift reaction given by

—>
€O + H,0 2> CO, + H,.

The second constraint involves gas mixture quality and its inter-
changeability with pipeline gas. The first factor is that CO content must
be less than 0.1 percent by volume. This is achieved due to 99.9 percent
of the CO being converted to methane in the methanator. The second factor is
the water content of the product gas which must be less than seven pounds of
water per million standard cubic feet (SCF) of gas. This is accomplished by
use of a triethylene glycol gas drying unit. The final factor is that the
higher heating value of the product gas must be greater than 900 BTU/SCF.
This is accomplished by a reduction in the amount of CO2 in the methanation

feed stream.
C
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The next constraint is that the methanation catalyst is deactivated
by sulfur compounds in the feed gas. Therefore, the amount of HZS and
COS in the methanation feed gas must be less than 0.02 parts per million
by volume (ppmv). Use of a deep sulfur removal process provides for this.
COS hydrolysis is a possibility to consider in removing COS by conversion

to HZS’ However, COS hydrolysis catalysts are not commerically proven.

The final constraint is that the product gas must be delivered at
a pipeline pressure of 1,000 psig. Use of a gas compressor will satisfy

this requirement.

There were three process-step sequences considered for methane.
The first approach was to shift the CO to C02. remove the acid gas,
and then perform methanation. The advantage here is that proven
technology can be used.  The disadvantage is that water is condensed

from the process stream twice, requiring extra steam,

The second was to combine the shift process with methanation,
This results in a process sequence of acid gas removal, combined shift
and methanation, and a final CO2 removal. The advantage of this approach
is that the steam inje:ted ahead of the shift stays in the gas. However,
an extra CO2 removal step is required. In addition, this combined step

process is not yet commercially demonstrated.

The third approach cons’-ered was to modify the first approach
such that acid gas removal precedes shift followed by methanation and a
final CO2 removal. The advantage is the same as for the combined shift/
methanation scheme discussed above, with the added benefit of being able to
use proven equipment. However, there is still an extra 002 removal step

required.

In evaluating these approaches with respect to each other, a previous
team study* was found to be pertinent. This study showed that
shift and methanation recovers more high temperature energy than the
combined shift/methanation. Also, the extra cost of CO2 removal makes
the third approach of acid gas removal before shift not cost effective.

It was, therefore, decided to use the first scheme, as shown in Figure 1.

*FE-2240-101

C-1-9
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Once the process steps and their sequence are fixed, it is necessary
to more fully define how each process step will be performed. This is
done by looking at the various parts of eacl process step where design
choices are available. For the shift conversion process, the design
choice is that of the catalyst. Three alternates are available. These

are compared to each other by means of a specific set of criteria in

Table 4.

An evaluation of this comparison reveals that the iron-chrome catalyst
has a lower cost than the cobalt-moly catalyst, while the partial deactivation
of iron-chrome offsets its lower cost per pound. Also, the cobalt-moly
catalyst offers a possibility of COS hydrolysis, which can lower acid gas
removal costs. Finally, a design* done by team members using cobalt-moly
is available for this study. It has therefore been decided to use the

cobalt-moly catalyst for shift conversion.

There are five acid gas removal systems available. These include
Selexol, Rectisol, Benfield, Sulfincl and Stretford. They are compared
according to the various criteria in Table 5. A previous team study** shows
that the overall attractiveness of the removal processes varies with the
partial pressure of the acid gas in the feed stfeam. In addition, at
pressures near those of this study (600 psig), the Benfield, Selexol, and
Rectisol processes are preferred. For sulfur removal from a high-sulfur
coal gas, selective acid gas removal is preferred. Finally, the Benfield
and Selexol processes are limited in their ability to get to less than

one ppmv total sulfur with streams containing COS.

Based upon this information, if 200 ppmv sulfur in the treated gas
is acceptable, Selexol should be used since Benfield has formate problems.
For less than 1 ppmv sulfur, the Rectisol process is required. However,
1f a proven COS hydrolysis catalyst can be found, then the Selexol process
looks slightly more attractive. While the Sulfinol has looked attractive

*  FE-2240-31
*% FE-2240-49
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TABLE 4

SHIFT CONVERSION TRADES

ALTERNATIVE RO. -
DESCRIPTION
CRITERION

MEETS PERFORMANCE CRITERIA

CAPITAL COST MINIMIZATION

COMMERCIALLY PROVEN
COMPLEXITY
APPLIED DEVELOPMENT NEEDS

COULD DELAY IMPLEMENTATION
DESIGN DATA AVAILABLE
OPERATING COST
ENVIRONMENTAL PROBLEMS
BYPRODUCT MARKETABILITY

1

'IRON-CHROME

CATALYST (H-T)
PARTLY DEACTI-
VATED BY SULFUR

LESS COSTLY/LB
YES
SAME

NO
LITTLE

- SAME

NO
NO

2
COBALT-MOLY
CATALYST (H-T)

HIGHER SPACE
VELOCITY
YES

SAME

TEST COS
HYDROLYSIS
NO

MOST

SAME

NO

NO

3
COPPER
CATALYST (L-T)
NO; CANNOT TOLERATE
SULFUR

REQUIRES SULFUR
REMOVAL AHEAD
YES

SAME

NO

LITTLE
NOT KHOWN
NO

NO
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TABLE §

- -

ACID GAS REMOVAL TRADES

ALTERNATIVE NO.

CRITERION

MEETS PERFORMANCE CRITERIA
CAPITAL COST MINIMIZATION
COMMERCIALLY PRG'EN
COMPLEXITY

APPLIED DEVELOPMENT NEEDS

COULD DELAY IMPLEMENTATION
DESIGN DATA AVAILABLE
OPERATING COST

ENVIRONMENTAL PROBLEMS
BYPRODUCT MARKETABILITY

1

2

3

4 5

SELFXOL  RECTISOL  BENFIEID = SULFINOL  SIRETFORD

{6 NekGVE chs nd PROBLER AC

T
Heve
<1PPMV

T0 <1PPMV
ABQUT=
RECTISOL
PARTLY
MODERATE

COS HYBRg:

Saly

POSSIBLY
YES
MODERATE

NO

VERY COSTLY [NTERMED-
lATE COgT

PARTLY

MODERATE

YE

HIGHEST

S

NONE

NO

YeS
HIGH

NO

ER%
(Y318
YES
YES

i

MODERATE

NO

MAX ﬁ%HIEVE CANNOT RE-

MOVE C0S OR
{§¥ER%%QT HIGH COST
PARTLY LOESSURE
MODERATE

cbs REHB@AL

LR 5 7

YES YES

NO YES
T Yl
© Bl

- SULFUR
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in past studies, little detailed design information is available at this
time. Since deep sulfur removal is required, the decision is to use the
Rectisol process. Acid gases were routed to the base plant for processing

since the relatively small quantity does not justify a separate sulfur plant.

There are three methanation systems available, including fixed-bed,
hot recycle; fixed-bed, cold recycle; and liquid phase. These systems
are compared in Table 6. Of the three systems only liquid-phase
methanation has not been commercially »nroven. The hot recycle, fixed-bed
scheme uses commercially available catalysts and equipment (except possibly
the hot recycle compressor), aud recovers more high level energy than the
other schemes. A design* done on this methanator by team members is
available for use., For these reasons, and since the capital cost differences

between hot and cold recycle methanators is not significant, the hot recycle

methanator was selected.

Compression and drying is required to meet final pipeline specifications.
Drying is a low cost item and needs to be the la.ut process in the overall
system. However, the position of the compressor(s) in the system must be
determined and several locations are possible. Compression prior to acid
gas removal lowers the AGR cost, but requires the compression of the sulfur
gases and the C02. Compression between the AGR and methanation lowers
methanation costs and there is less gas to compress after CO2 and sulfur gas
removal. However, it is still necessary tc compress H2 and CO rather than
the CH&‘ Compression after methanation requires that only one-half the volume
of gas be com;iessed. Based on these factors, it was decided to compress to

pipeline pressure of 1000 psig after methanation. Since the synthesis gas i3
available at 600 psig.

Methanol

The design objective for methanol production is to produce a fuel-

grade methanol with a purity of more than 95% (wt.) from MBG consisting

primarily of Hz, Co, C02, HZO’ HZS and COS. Extra high purity (greater than

* FE-2240-31
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99/, wt.) is not required. Methanol 1s produced from MBC according to

the reaction:

-
2H2 + CO 2 CH30H.

The theoretically required H2/C0 ratio for this reaction is 2.0.

There are three general design constraints that were considered in
conjunction with this methanol production facility. The first is that
the methanol production synthesis reaction does not go to completion.
This effect is minimized 1if excess Hz is supplied to the synthesis process.
This is accomplished by increasing the H2/60 ratio above the previou .ly
indentified value of 2.0 to approximately 2.50. The hydrogen necessary to
achieve this ratio is obtained by means of a shift reaction, as it was in
the case of methane production. In addition, unreacted gas and inerts in
the recycle gas stream lower the convaersion efficiency of the reaction.
This effect can be minimized by removing CO2 from the process stream in

the AGR system.

A second general constraint is that the methanol synthesis catalyst
cannot tolerate sulfur. This requires that total sulfur compounds (HZS and
COS) have a concentration of less than one-half ppmv. This requirement

can be met by designing the AGR system for deep sulfur removal.

The final constraint is that higher pressures, on the range of 50
atmospheres, favor reaction equilibrium. This means that compression of the

process stream is required.

There are two process step alternatives for a methonol synthesis system,
The first is AGR followed by shift, CO2 removal and methanol synthesis.
The second is a shift followed by AGR and nen methanol synthesis. An
evaluation of these alternatives in a previous team study indicated that
the additional cost for another CO2 removal step in option 1 made option 2
more attractive. Therefore, the sacond alternative was chosen as shown in

Figure 2.

There were three methanol synthesis processes considered. These include
low pressure synthesis (50-70 atmospheres), high pressure synthesis (more
than 300 atmospheres), and liquid phase methanol synthesis. These are
compared with respect to the evaluation criteria in Table 7. An evaluation

of these systems indicates that although the per-pass conversion is higher
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TABLE 7

METHANOL SYNTHESIS TRADES

ALTERNATIVE NO.

CRITERION

MEETS PERFORMANCE CRITERIA
CAPITAL COST MINIMIZATION
COMMERCIALLY PROVEN
COMPLEXITY

APPLIED DEVELOPMENT NEEDS
COULD DELAY IMPLEMENTATION
DESIGN DATA AVAILABLE
OPERATING COST
ENVIRONMENTAL PROBLEMS
BYPRODUCT MARKETABILITY
COMPARISON AMONG CASES

1
LOW-PRESSURE
_LURGL

YES
NO
YES

NONE
NO
YES
LOWER

BEST

2 3
LOW-PRESSURE  HIGH-PRESSURE
ICI ICI
YES YES
NO NO
YES YES
NGHE NONE

NO NO
NO NO

LOWER

HIGHEST




......

in high pressure synthesis, the syngas compression and recycle energy is
over twice that of the low pressure processes. Furthermore the high
pressure process is considered obsolete and the liquid-phase process is

not yet commercially demonstrated. The Lurgi and ICI low pressure synthesis
processes are similar, and design information on the Lurgi process is
available to team members., The decision was made to use the Lurgi methanol

synthesis process for evaluating the add-on costs of methanol.

Gasoline
The objective of this design is to produce a motor quality gasoline

while creating a minimum of byproducts that have maximum marketability.

There are two alternate process-step sequences available. The Mobil M

process uses methanol and dehydrates it according to the relatjonship:
xCH3OH-——>(CH2)x + xHZO.

The second alternate, Fischer-Tropsch synthesis, is direct synthesis

according to:

XCO + xH, —>(CH) ~ + § H,0 + F coO
2 ¥x,
3

Fischer-Tropsch synthesis requires upgrading of the reaction products by

e
-~

means of one or more of the refinery-type processes, including hydrotreating,

isomerization, reforming and polymerization.

There are two general constraints associated with gasoline preduction.
First, a motor quality gasoline must be produced and by products minimized.
A motor octane of at least 82 and an average of the motor and research
octanes of at least 87 must be achieved. Sulfur content must be no more
than 0.1 percent by weight. This requires that both processes include an AGR
system. The second constraint is that environmental quality must be
preserved, which requires that waste waters from both processes be sent

through a treatment system,

€-1-19
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Both Fischer-Tropsch and the Mobil-M processes consist of three main
steps. Each of these steps includes a number of distinct processes.

These steps and processes are shown in Table 8.

The two gasoline synthesis processes are compared according to the
evaluation criteria in Table 9. The Mobil-M process has been selected
over Fischer-Tropsch for a New Zealand synfuels complex. Based on this
and a comparative economic study* reviewed by the team, Mobil-M was chosen

for the gasoline synthesis process, and is shown schematically in Figure 3.

Hydrogen
The objective of this design is to produce high purity hydrogen ( 99%)

for fuel-cells or hydrotreating service.

The required process steps include shift conversion to produce

hydrogen, and acid gas removal to minimize CO, content.

There are two general constraints associated with this hydrogen production
facility. The first is that the shift conversion process does not go to
completion. To minimize the CO content in the shift effluent, the highest
actir ity catalyst is used. The second constraint is that the AGR is not
completely effective in removing CO2 from the process stream. This requires

the use of a deep 002 removal process.

There are three alternate process-step sequences available. The first is
conventional processing which consists of a high temperature shift, fol-
lowed by sulfur removal, a low temperature shift, CO2 removal and methanation.
A modified conventional process has AGR followed by a low temperature shift,
CO2 removal and metharation. The third alternative, as shown in Figure 4,
is AGR followed by a high temperature shift and a pressure-swing-adsorption

(PSA) process.,

Methanation is used in the first two alternatives to convert the
remaining process stream impurities of CO and CO2 to methane. The PSA unit
uses molecular sieves to pass the smaller H2 molecules through while re-
taining the larger H20, CO and CO2 molecules. The unit is regenerated by
lowering the pressure and purging. This approach results in high losses,

15 to 40%, of the product H,.

*FE-2447-13
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TABLE 8

PROCESS SEQUENCE
ALTERNATIVES FOR GASOLINE

FISCHER-TROPSCH

- GAS PURIFICATION + F-T SYNTHESIS +  PRODUCT UPGRADING
--SHIFT --REACTION ~--PRODUCT HYDROTREATING
--AGR -~FRACTIONATION --PRODUCT FRACTIONATION

-~CATALYST PREPARATION  --Co/Cg ISOMERIZATION
-~CATALYTIC REFORMING
--CATALYTIC PCLYMERIZATION
--POLY GASOLINE HYDROGENATION
--ALKYLATION
--ALCOHOL RECOVERY
--GASOLINE BLENDING

MOBIL M-GASOLINE PROCESS
- GAS PURIFICATION + METHANOL SYNTHESIS +  GASOLINE SYNTHESIS

--SHIFT --LP OR HP SYNTHESIS --SYNTHESIS
(INCL. COMPRESSION)
--AGR --FRACTIONATION
--ALKYLATION

--WASTEWATER TREATING



2¢-1-2

TABLE 9

GASOLI!NE SYNTHESIS TRADES

ALTERNATIVE NO.

CRITERION

MEETS PERFORMANCE CRITERIA
CAPITAL COST MINIMIZATION
COMMERCIALLY PROVEN

COMPLEXITY
APPLIED DEVELOPMENT NEEDS

COULD DELAY IMPLEMENTATION
DESIGN DATA AVAILABLE
OPERATING COST
ENVIRONMENTAL PROBLEMS
BYPRODUCT MARKETABILITY
COMPARISON AMONG CASES

1
FISCHER-
TROPSCH

YES
POORER
YES

HIGHER
COMMERCIAL
U.S. PLANT

NO
YES
HIGHER
MORE
POORER
EQUAL

2
M-
GASOLINE

YES
BETTER
NO (FIXED-BED READY FOR
COMMERCIAL DEMONSTRA-
TION)
LOWER
COMMERCIAL - SCALE
DEMONSTRATION
YES
YES
LOWER
LESS
BETTER
EQUAL
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FIGURE 4. KOPPERS-TOTZEK BASE TO HYDROGEN
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TABLE 10

HYDROGEN PURIFICATION TRADES

ALTERNATIVE NO.

CRITERION

MEETS PERFORMANCE CRITERIA
CAPITAL COST MINIMIZATION
COMMERCIALLY PROVEN
COMPLEXITY

APPLIED DEVELOPMENT NEEDS
COULD DELAY IMPLEMENTATION
DESIGN DATA AVAILABLE
OPERATING COST
ENVIRONMENTAL PROBLEMS
BYPRODUCT MARKETABILITY
COMPARISON AMONG CASES

1 2
CONVENTIONAL ~ MODIFIED
COHVENTIOHAL
YES YES
APPROXIMATELY THE SAME
YES YES
HIGHEST HIGHER
NO NO
NO NO
LOWER

LOWER

3
AGR + SHIFT
+ PSA

YES

YES
LOWER

NO
YES
HIGHER
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These three sequences are compared in Table 10. An evaluation of
the systems includes the fact that the PSA unit has high H2 losses in
the purge gas which reduces net plant output. However, the steam required
for CO shift and AGR requires fuel for generation and the purge gas can be
used as the required fuel. In addition, design and cost data were not
available from the study data base at a level consistent with other systems
under study. The decision was made to go with PSA, recognizing the

potential adverse impact caused by the H2 losses,

TEXACO-BASED GASIFICATION PLANT

The technical approach used for the evaluation of the four modules

for add-on to the Texaco gasifier facility is discussed here. There are
several points to be made in this discussion. First, the basis of the
evaluation is the K-T add-on facility costs. Also, as with the K-T case,
the Texaco base MBG facility design was adjusted to delete the MBC boiiers.
Third, the costs of the main process systems in the Texaco add-on facility
were scaled from corresponding systems in the K-T case. Next, offsite
costs for Texaco were factored from K-T offsite costs based ¢n the ratio

of main process costs. Finally, operating costs (other than coal and
electrical power) were assumed to be proportional to system capital invest-
ment. Coal cost was assumed to be constant and the electrical power cost

was obtained by factoring by the ratio of net product BTU's.
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EVALUATION RESULTS

In this section, detailed technical results are presented for the
design of the four add-on modules required for the manufacture of the
four alternate products (methane, methanol, gasoline and hydrogen) of
interest to TVA. For each process, these results are presanted in four
major segmentas.

The first segment is a block-flow diagram. This diagram not only
defines the sequence of processing steps, but also identifies the major
process and utility streams within the add-on facility. In addition, a
process description is presented for each major pfocess system identi-
fied in the block diagram that i{s required to produce the alternate
product from MBG. Third, a material balance is provided in the form of
a table. This shows how flow rate and composition of the major streams
change throughout the process. 1t also provides sufficient information
to allow proper equipment sizing and cost analysis, as well as calculation
of process conversion efficiency.

The final information presented is the expected conversion efficiency
(in terms of BTU's out versus BTU's in) for the MBG plant alone, and for
the entire plant (MBG plant plus add-on facility). Efficiency data are
presented in tabular form. These efficiencies are calculated using coal

alone and coal plus electric power as the input to the plant.

Methane

The block flow diagram for methane production from MBG is detailed
in Sketch 290-514-SK-001A. The major process units required for the add-on
facility include a CO shift, acid gas removal (Rectisol), methanation and

gas drying. These units are described in detail below.

c-1-27

o st 'ih‘»:t‘l ol xd Kratzs LIS e , " . \




&Mb SEPI

The CO shift unit utilizes a high-temperature cobalt-molybdenum
catalyst to shift stream composition from carbon monoxide to hydrogen

according to the reaction:

€O + H,0 7> CO, + H

<« 2

The inlet gas (MBG product from the K-T plant) has a H2 to CO
ratio of 0.646., 9291 moles of CO and H20 are reacted to produce a H2 to
CO ratio of 3.20. The shift reaction requires an inlet gas temperature
of 660°F and a pressure of 650 psig. The water required for the reaction
is added to the process s ream in the form of 900°F steam. A steam=-to-dry
gas mass tatio of 0.65 is required. The process stream is then preheated
to the required inlet temperature by means of a heat exchange with the
outlet stream,

This shift unit consists of two parallel fixed-bed reactors through
which most of the process stream passes. In addition, there are two
fixed-bed COS hydrolyvsis reactors through which flow that portion of the
process stream that by-passes the shift catalyst beds. After passing
through the CO shift process, the process stream is ready for acid gas
removal.

Acid gas removal is accomplished by the Rectisol process licensed
by Lurgi. HZS and COS are removed to less than a one part-per-million
by volume (ppmv) concentration. This is accomplished by gas absorption
at 600 psig. Sufficient CO, is removed so that it constitutes 172 by
volume of the eftfluent gas.h

A selective removal design in the Rectisol unit yields one stream
of acid gas of at least 50% by volume H,S, and a waste CO, stream suit-
able for atmospheric venting. Once che-sulfur cowmpounds ;nd sufficient
CO, have been removed, the process stream is passed through a methanation
pr;cess. The methanator is designed for conversion of 99.9% of the CO
and 68.8% of the CO2 to CHA' This conversion is accomplished according

to the chemical reactions:
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CO+ 3H, TZ CH +H,0
and Co, + “H, = CH, + 2H20

The methanator consists of two parallel sets of three fixed-bed
catalytic reactors in series with intermediate waste heat boilers be-
tween them. Temperature control of the reaction is accomplished by
means of hot gas recvcle. The catalytic reactors are protected from sulfur
dearrivation by upstream zinc oxide guard beds. The methanator unit also in-
cludes compression equipment to pressurize the methanated gas from about
460 to 1000 psig.

The methanated gas next flows to a drying unit. This unit, using
triethyleneglycol as a drying agent, removes water from the methanated
gas such that the product gas contains no more than seven pounds of
water per million standard cubic feet,

The specific effects of the various process units on process stream
compositicn and properties can be obtained from the material balance for
methane production from MBG presented in Table 11. Based upon these
stream flow rates and composition and the electrical power required by
the process, an overall conversion efficiency for the methane product

gas 1s found to be 41.5%Z., Detailed data are presented in Table 12.

Methanol

The block flow diagram for methanol production from MBGC is detailed
in Sketch 290-514-SK-001B. The major process units required for this add-on
facility include a CO shift, acid gas removal (Rectisol) and methanol
synthesis. In addition, there is a tankage requirement for 30 days
storage of the methanol product.

The CO shift unit is similar to that required for methanation,
except that a HZ to CO ratio of 2.5 is required for the outlet process

stream. Therefore, only 9105 moles of CO need be shifted.
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TABLE 1}
MATERIAL BALANCE
ALTERNATE PRODHCTS ANALYSIS
CASE 1-A
KOPPERS-TOTZEK BASE TO METHANE
STREAM NUMBER A-2 A-3 o A-6
STREAM NAME

RAW FUEL STEAN ACR ACID METUANATION GAS

GAS GAS T0 FEED GAS FEED DRY 1R
COMPONENT SYMBOL Wi~ 1 ‘e O SHIFT FLED
(COMPONENT QUANTITIES REFORTED IN 1b MOLES/HR)
NYDROGEN H, 2.016 9,865 1.120 19,156 77 19,079 Ay
NITROGER N 28.016 s a7 415 415 e
CARBON MONOXTDE ob 28.01 15,279 1.735 5,988 1t 5,977 “
CARBON PIOXIDE co 44.01 1,652 165 10,743 10,486 257 a0
UYDROGEN SULFIBE 1.8 35.076 0.12 0.01 0.12
HETHARCL ch.on 32.042 o
CARRONYL, SULFIBE  coS 60.075 0.60 0.06 0.60 0.60
METH, .S i 16.042 6,14
ETHANE "zﬁe 30.068
ETNYLENE coH, 28.052
PROPANE cong %4.094
FROPYLENE c;u ] 42.078
1S0 BUTANE ciy, 58.12
N BUTANE cone 58.12
BUTENES Callg 56.104
TS0 PENTANE ) 72.146
N PENTANE o 72.146
PENTENES cn 70.13
GASOL INE c410
TOTAL _DR% 18 morEs/ur 27,012 3,06/ 36,303 10,575 25,728 7,10
WATER HOo 18.016 5.5 0.6 13,393 L] %0 " B XA
TOTAL WET 16 HOLES/HR 27,018 3,068 15,395 16,383 10,615 25,728 8,01
TOTAI M POUNDS/HR $23.521 59.448 277.386 691.890 461.992 228.816 11,53
MOLECULAR WEIGHT 19.4 19.4 18.¢ 19.0 43.6 8.9 16,5
TFMPERATURE, °F 60 60 900 100 100 15 i
PRESSURE, PSIA 615 615 1500 75 575 500 101
IRISCEN 10.253 1.164 $.862 11.800 4.036 9.764 1,054
GPM - - - - - - -

7,108

7.109
114,885
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TAELE 11 (Cnninuwed)
MATERIAL BALANCE
ALTERNATE PRODUCTS AMALYSIS
CASE 1-A

VOPPERS-TOTZEK BASE TO METHAKE

3 O
¥
: STRFAM NITHELR A‘> A-1 @ A1
1 .
¢ —
%
;: STEAM STEAM STEAM RAW BOILER FEFN CDOL ING
] convumiur 10 FROM TO WATER WATER VATER
1 e AGR METHARATEION| GAS DRYING SUrPLY RAKEUP HAYFUP
% (€O 058 LT QUANTITIES REPORTED IN 1b MOLES/MR)
. e
z TIRIrRT: " 2,018
IR N3 ] 28.016
Ceorl WNnX1DE 28.01
X P €21V DIOXIDFE co 44.01
f Wil At SUNFIDE H, 34.076
3 —_ [T CcR, o8 32.042
3 "» CA1ianitl, SAMLFIDE cod 60.075
{ e HET 1AL (o] 16.042
ETient c i 30.068
| FliiE CoMly 28.052
Frais .} CJ"B 44.094
RO HE CyHe §2.078
1S9 V5 AR cl.uw 58.12
|1 AN CL")O 58.12
B s C Hg 56.104
190 1 VLIARE (:Su12 72.146
N PL%WIARE cHys 72.146
[ARTIRIE: Chio 70.13
CA e 1t C.+
TOs AL _1NY 16 HOLES/HR
WAIL é0 18.016
W Wi 16 MOLES/HR
1014, M POUNDS/HR 219.9 725.3 1.7 12060 318.2 1200
: o 8.016 | 18.016
a H LU AR WEIGHTY 18.016 18.016 18.016 18.016 1
THRrLATORE, OF 900 596 596 100 250 170
PYE EUFE PSIA 1500 1560 1500 100 1515 75
Ry - - - ~ - -
'('!'.PH\ i - - - 2400 16 2400
» " -

TN o ahe b i
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TABLE 12

CONVERSION EFFICIENCY
KOPPERS-TOTZEK TO METHANE

COAL-TO-MBG FACILITY

ELECTRIC PGWER TO MBG FACILITY
SUBTOTAL

MBG PRODUCT

COAL TO MBG EFFICIENCY

OVERALL MBG EFFICIENCY

MBG TO ALTERNATE PRODUCTS

ELECTRIC POWER TO ALTERNATE PRODUCTS

ALTERNATE PRODUCT

COAL-TO-ALTERNATE PRODUCT EFFICIENCY

OVERALL FACILITY EFFICIENCY

10° BTU/HR EFFICIENCY,
INPUTS  OQUTPUTS _PERCENT
4575
1345,5
5920,5
3196.2
69.9
54,0
3196.2
(98.7)
2413,3
52.8
41,5




T T T e T e

The Rectisol process is used for acid gas removal. Its require-
ments are the same as those for methane production, except that HZS and
COS must be removed to less than a one-half ppmv concentration.

The methanol synthesis unit is based on a low pressure process
licensed by Lurgi. This unit compresses the inlet process stream to
1100 psig. The stream then passes through two parallel fixed-bed reac-

tors where methanol is produced according to the reactions:

; —>
CO + 2H, > CH,OH
Co, + 3H

) , <= CH,OH + H,0

Following the reaction, waste heat is recovered and a portion of the
outlet stream is compressed and recycled. The final product stream is
957 methanol by weight and is produced at a rate of 3143 short tons per
day.

The material balance for methanol production from MBG is presented
in Table 13. The conversion efficiency for the methanol production

process is 39.3%. Detailed data are presented in Table 14.
Gasoline

The block flow diagram for gasoline production from MBG is presented
in Sketch 290;514—SK«001C. The major process units required for this add-on
facility include all those required for methanol synthesis (CO shift,
acid gas removal and methanol synthesis) plus gasoline synthesis and
biological treatment. In addition, there is a tankage requirement for
30 days storage of the gasoline and byproduct liquids. It should be
noted here that this process yields not cnly a gasoline product, but
also liquid petroleum gases (LPG).

As might be expected, since methanol is an intermediate product of
gasoline production, the CC shift, acid gas removal and methanol synthesis
units are identical to those described above for the production of

methanol.
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: el
3 pre] TABLE 13
E. nt MATERIAL BALANCE
: @] ALTERNATE PRODUCTS ANALYSIS
: m CASE 1-B
3 9 KOTPERS-TOTZEK BASE TO HETHANOL
2 T 1
o) g :
o — -6 . ;
- STREA LUIBER B-1 83 ¥ .8
s, 3 ) \\ ,‘
' £ STREAM NAME RAW STEAM AGR KETHANGL STEAN ACID METHANOL STEAM ;
1 fue] GAS 70 FEFD SYNTHESIS 10 CAS PROMICY FROM ;
E G HETHANOL ;
i r.;’ ConroREnT SYMBOL M. MW FEED €o smer FRED 3 'R SYNTHESES
fan H
3 55\ (COMPORENT QUANTITIES REPORTED IN 1b MOLES/HR) i
ol : T i
: = WY DROCEY H, 2.016 10,965 20,090 20,082 8 - :
Q NUTEOCT N N 28.016 462 462 462 “is -
4 CARLO: HONOY IDF, cb 28.01 17,034 7-902 7,89 s . '
- o CARLON DIOXTDE co 44.01 1,617 10,722 1,050 9(-‘ 1 {
: = ) MYDEC SRR SULFEDE u $ 34,076 0.13 - - : - ;
i — MEVHAKOL chi on 32,042 - - - —w 7,776 H
g e (L, CAKLOWYL SULFIDE  cod 60.075 0.60 0.60 0.
' ©O HET cuﬂ 16.042
l-sz‘:.'v: ) c2 s 30.068
ENNG PR c,M, 28,052
! TROFALY C,",; 44,094
: PROVYLLQE c.‘ub 42,078
E IS BUIADE c;llm 58.12
E N BULARE ca“m 58.12
; BT RS cn 56.104
e e Y [/
' 150 VLETAUF c;n‘:z 72.146
f N PHUTANE (:su12 72.146 !
PEIINES cSII'0 70.13 !
GASOLINE o+
TOFAL DRY 16 woLes/mR 30,079 39,184 29,488 9,696 7,793
MATT R w0 16,016 6.1 15,087 65 65 SOt
TOIAL AT lg HOLES/UR 30,085 15,087 39,249 29,488 9,761 8,2?6
TOTAS M TOUNDS/HR 582.966 271.807 748.06) 320.750 271.8 461.141 258.933 341.6
MOLECIHTE AR A '(J"T |9ég ‘gf)g l‘;o:) 1();: 18.(9)‘1,8 ‘:(;(: Jlé; 18.2;2 ;
TEMPEKATUR :
PRESSURE l';‘.ll\r 615 1500 575 500 1500 575 20 1515 é
wEern 11.417 ) - 14.895 11.191 - 3.704 3.148 -
M - N

LT
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TARLE 13 (Continucd)
MATERIAL BALANCE
ALTERNATE PRODUCTS ANALYSIS
CASE 1-8
KIPPERS-TOTZEK BASE TO METHAROL
o STREAM HAME
FUEL BOILER FEED] COOLING RAW
GAS WATER MATER WATER
E COMI UL ERT SYMBOL H. MAKEUP HAXEUP SUPPLY
;Xi (Ui b T QUANTITIES REPORTED IN 1b MOLES/MR)
E
; HYDROGEN ", 2.016 3,830
NI EROGED u 28.016 462
CAKNYE IONOXTDE b 28.01 520
o CAKBON DIUXEDE co 44,01 532
] Wit SULYIDE H,g 34.076
— HEDHAROL ch_on 32.042 99
& CAPWIY), SULFIDE  cOS 60.075
o HETIALLE w 16.042
£t czﬂs 30.068
ETH I Nk oo, 28.052
1 PROANGE C)Il8 44.094
4 PROVVI FIF i 42.078
: 150 KUV AHE ckulo 58.12
N BUTANL cb"m 58.12
WrES (o 36.104
150 PERTARE csnn 712,146
N PEETANE CSM12 72.146
PENIICN csuw 70.13
P AL T Co+
TOTAL DY 1b_MOLES/HR 5,344
WATIR no 18.016
TO1AL  UET lé MOLES/HR 5,463
: TOTAL 1 POUNDS/HR 18 1,009 1,027
' MOLFCUL AR WEIGHT 1.3 18.016 18.016 18.016
TENPFYATURE, F 95 250 100 100
PRESSHRE, FSIA ) ;‘; 1515 5 100
P Z % 2,017 2,053
et
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TABLE 14
CONVERSION EFFICIENCY
KOPPERS-TOTZEK TO METHANOL

COAL-TO-MBG FACILITY

ELECTRIC POWER TO MBG FACILITY
SUBTOTAL

MBG PRODUCT

COAL TO MBG EFFICIENCY

OVERALL MBG EFFICIENCY

MBG TO ALTERNATE PRODUCTS

ELECTRIC POWER TO ALTERNATE PRODUCTS

ALTERNATE PRODUCT '

COAL-TO-ALTERNATE PRODUCT EFFICIENCY

OVERALL FACILITY EFFICIENCY

10° BTU/HR
INPUTS  OQUTPUTS
4575
1345,5
5920.5
3196.2
3196.2
468.9
2510.7

EFFICIENCY,
—PERCENT

69.9
54,0

54.9
39.3




=

The gasoline synthesis unit is based on the Mobil M process which
consists of two stages of fixed-bed catalytic reactors. In addition,
the system also contains fractionation and alkylation units. The
first scage of catalytic reactors has two parallel beds, while the
second stage consist of six parallel beds. ,

Production capacity of the unit is 7350 barrels of gasoline per
day, plus 1500 barrels of light hydrocarbon by-products (LPG) per day.
To produce these products, 3143 short tons of methanol feed per day is
required.

The biological treatment unit is designed to treat waste water from
the gasoline synthesis process. Treatment capacity is 322 gallons per
minute containing 3900 parts per million by weight (ppmw) of organic
acids and phenols, and 5000 ppmw of acetone and gasoline.

The material balance for gasoline production from MBG is presented
in Table 15. The overall conversion efficiency for gasoline produc-

tion is 30.9%. Detailed data are presented in Table 16.

Hydrogen

The block flow diagram for hydrogen production from MBG is presented
in Sketch 290-514-SK-001D. The process units required for this add-on facility
include acid gas removal, CO shift and hydrogen purification.

The Rectisol process is used for acid gas removal. Its requirements
are the same as those for methanol production.

The CO shift unit utilizes a high temperature iron-chromium catalyst
to shift stream composition from carbon monoxide to hydrogen. The inlet
process stream is mixed with steam to produce a steam--to-dry gas ratio
of 2.0, This stream is preheated to 600°F and passed through two
fixed-bed reactors in series. The inlet gas stream hydrogen-to-carbon
monoxide ratio is 0.64. 14,460 moles of CO are shifted to produce a

hydrogen~to~carbon monoxide ratio of 40.14 in the outlet stream.

C-1-42
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TABLE 15
HATERIAL BALANCE
ALTERHATE PRODUCTS AMALYSIS

CASE

1-C

KOPPERS-TOTZEX BASE TO GASOLINE

STREAN KUMBER c-1 c-3 c-6 Q
RAV STEAM AGR HETHARNOL STEAN ACID GASOLINE STEAN
GAS TO0 FEED SYNTUFS1S T0 CAS sm;’ugls FROM
TOHCONE | s 2
COMUONENT FEED CO SHIFT FEED AGR L TN o;:t"mq
(COMPORERT QUANTITIES REPORTED N 1b MOLES/HR)
——— —_—
HYDROGCEN U, 2.016 10,985 20,090 20,082 8 -
NLFRer AN N 28.016 462 462 462 - -
CARFON WONOXIDE €O 28.01 17,254 7,909 7.894 15 -
CARKON DIOXINDE co 45.01 1,617 10,722 1,050 9,672 17
WOUROGEN SULEIDE 1§ 34.076 0.13 2 = 0.13 -
HE | HANGY, chon 3z.042 - - - - 7.776
CALRONYS. SWLFIGE €08 60.075 0.60 0.60 0.60
METHANE o, 16 42
T EINAN CZI|6 30.068
__ETWVLERE cn, 28.052
PROVANT. [N 46.094
PROPYLENE cMe 42.078
150 BUTANE <M 58.12 .
B puran. ca"lo 58.12
RO S C.lig 56.104
IS0 PENTANE oy, 72.146
N TENTANE c;-:n 12.146
PENTILLS cs"m 10.13
CASO! 1K C+
TOTAL _DRY 18 woLes/uR 30,019 39,18¢ 29,488 9,69 7,193
WALER no 18.016 6.1 15,087 65 65 50}
TOTAL  WET lé MOLES/HR 30,085 15,087 39,249 29,488 9,761 8,294
10TAl M FOUNDS/NR 582.966 271.807 748.063 320.750 n.s A61.141 258.933 341.6
MOLECULAR WEIGHT 19.4 18.0 19.9 10.9 18.0%6 43.7 3.2 18.016
TEMPLRATORE, °F 60 900 100 75 900 100 93 596
PRESSURE, PSIA 615 1500 375 500 1500 575 20 1513
MUSCH 11.617 - 14.895 11,191 - 3.704 3.148 -
CPM - -

k.. .
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TABLE 16

CONVERSION EFFICIENCY
KOPPERS-TOTZEK TO GASOLINE

COAL-TO-MBG FACILITY

ELECTR'” POWER TO MBG FACILITY
SUBTOTAL

MBG PRODUCT

COAL TO MBG EFFICIENCY

OVERALL MBG EFFICIENCY

MBG TO ALTERNATE PRODUCTS

ELECTRIC POWER TO ALTERNATE PRODUCTS

ALTERNATE PRODUCT

COAL-TO-ALTERNATE PRODUCT EFFICIENCY

OVERALL FACILITY EFFICIENCY

10 BTU/HR
INPUTS  OUTPUIS
4575
1345.5
5920.5

3196.2
3196.2
385, 4

1947.0

EFFICIENCY,
—PERCENT

69.9
54.0

42.6
30.9

k..




The hydrogen purification process is based on a pressure swing
absotpﬁion process licensed by Union Carbide. This unit is ¢ igned to
recover 99.99% pure hydrogen from an inlet stream of 9950 moles per hour
of 60.7% hydrogen by volume. The purge gas hydrogen loss is 20% of the
inlet stream hydrogen.

The material balance for hydrogen production from MBG is given in
Table 17. The overall conversion efficiency for hydrogen production

is 490.0%. Detailed data are prasented in Table 18.
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RAW
WATER
SUPPLY

()
1
[
]
w
—

KOPPERS-
TOTZEK
BASED

GASIFICATION

FACILITY

(NOTE V)

UNIT OP 85-A

WATER
TREATMENY

D-7

>
)

BLOWDOWN
(NOTE )

&

v

UNITOP 22.A UNIT OP S0 UNIT OP 95
ACID GAS _’_.® CO SHIFT | _‘__..@ HYDROGEN
AEMOVAL PURIFICATION

{RECTISOL) PSA)

@ HP STEAM ‘
FUEL GAS
@—.’
UNITOPBAA UNIT OP 33-A
P ———————
STEAM PROCESS
SUPERMEAT & CONDENSATE
DISTRIBUTION TREATING
BLOW DOWN (NOTE 1}
UNIT OF 39-A UNIT OF 88.A
11 4PORT
COOLING p———8q cws BUILDINGS & ELECTRICAL
TOWER ELECTRICAL POWER
T__—r—;cwa DISTRIBUTION 0.2 MW

BLOWDOWN AND DRIFT

({NOTE 1)

PROCESS,
USER

NOTES: (1) BLOWDOWN IS ROUTED TO BASE PLANT FOR TREATMENT.

HYDROGEN
PRODUCT
176.1 MMSCFD

[

HASA (ONTRACT

COAL GASIFICATION SYSTEMS

WASH- 13824 ENGINEERING & ANALYSIS STUDY
T8s meme s
5.1.4 ALIZANATE PRODUCT ANALYSIS
r—r XOPPERS-TOTZEX ADD ON CASE
MDD/ HYDROGEN PRODUCTION
pror— MODULE BLOCK SLOW DIAGRAM
MDD, JVF

290-514-SK-001D l

"It eemve

-t
° I 7.16/80
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TARLE 17
HATERIAL BALANCE
ALTERNATE PRODUCTS ANALYSIS
CASE 1-D
KOPPERS-TOTZEK BASE TO HYDROGEN
STREAM NUMBER n-1 <:> @ b-5 b-¢ b-8
yd
STREAM NAME
RAW N SHIFY PSA HYDROGEN ACID RAW POILER FFED] COOLING
GAS FEED FEED PRODUCT GAS WATER WATER HATER
COMPONENT FEED SUrPLY MAKREUP HARELP
(CONPONENT QUANTITIES REPORTED IN 1b MOLES/HR)
HYDPOGEN 1 2.016 9,744 9,705 24,166 19,313 19
NICROGEN n? 28.016 410 410 410 - -
CARRON MONOX IDE o8 28.01 15,092 15,0613 602 2 29
CARWON DIOXIDE co 44.01 1,434 156 14,617 1,278
WYDBROGEN SULFIDE n,§ 34.076 0.12 0.12
ME THATIOL ch o 32,042
CARBONYL SULFIDE cod 60.075 0.53 0.53
METHANE cn 16.042
E1HANE cz_ﬁ . 33.068
ETHYLENE (0 28.052
FROPARE Cilg 44.094
PROVYLENE Cyie 42.078
1S0 BUTANE o 58.12
N BUTANE cl."m 58,12
| BUTENYS C g 56.104
IS0 PENTANE [ 72.146
N PFNTANE cns 72,146
PENTENES cS“lO 70.13
CASOM.INE C. 1
TOTAL Ry 18 HOLES/HR 26,681 25,33 39,795 19,335 1,347
UATLR 1.0 18.016 5.4 - 76 - 5.4
10TAL WET Y MOLES/HR 26,686 25,334 39,871 19,335 1,152
TaTAL. " FOUNDS/NR 517.101 459.832 271.731 39.031 $7.172 762.5 307 455.5
MOLYCULAR WEJGHT 19.4 18.2 18.1 2.0 42.3 18.0 18.0 18.0
TENPLRAVIURE, °F 60 15 100 100 15 100 250 75
PRESSURE, PSIA 615 540 500 300 $40 100 1515 %
MISCEN 10.127 9.614 15.131 7.338 0.513 - - -
Gy - - - - - 1525 614 911
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STRLAN HUMBER

ALTERNATE PRODUCTS ANALYSIS

KOPPERS-TOTZEK BASE TO HYDROGEN

> & O O

TABLE 17 (Lortinued)

MATERIAL BAIANCE

CASE I-D

STREAM HAME
STEAM COOLIRG LBG
10 UATER FUEL
UOHPONENT CO SHIFT USERS
(COMPONENT QUANTITIES REPORTED IN 1b MOLES/HR)
HYDROGEN u, 2.016 4,833
RETPOGEN N 28.016 410
CAPLON HONOXIDE D 28.01 600
Cabml BIOXIDE co 44.01 16,607
WYDKOUEN SULFIDE i 8 34.076
HE.. HANOL, CH_OH 32.042
CAEBON'(L. SULFIDE co? 60.075
MFTHANE cit 16.042
ETHANE c,fi, 30.068
ETHYLENF, (S 28.052
TROFANE Cig 44,094
PROFYLENE CiMe 42.078
150 LiKiANE Cl."]o 58.12
N LU ANE cL"lo 58.12
BUIEMES C.Hg 56.104
10 'EHIANE Cehyy 72.146
N VEHIANE Csll‘2 12.146
SEHITLES CS“IO 70.13
GALOL THE C_+
T AL LRY 18 moLES/HR 20,384
WATER 1,0 18.016 50,668 6
TAL  WET 18 HOLES/NR 50,668 20,460
TOTAL H POUNDS /HR 912.835 682.699
MWILECULAR WEIGHT 18.0 33.4
TENPFRATURE, °F 596 100
PRESSURE, PSIA 1500 20
MISCER - 7.765
[BLT

o wr AL TR
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TABLE 18

CONVERSION EFFICIENCY
KOPPERS-TOTZEK TO HYDROGEN

105 BTU/HR
\ INPUTS OUTPUTS
g COAL-TO-IBG FACILITY 11575
ELECTRIC POWER TO IBG FACILITY 1345.5
3 SUBTOTAL 5920.5
] IBG PRODUCT 3196, 2
) COAL TO IBG LTFICIENCY
v OVERALL IBG EFFICIENCY
& IBG 70 ALTERNATE PRODUCTS 3196.2
ELECTRIC POWER TO ALTERNATE PRODUCTS 24,6
ALTERNATE PRODUCT 2377 .4
"COAL-TO-ALTERNATE PRODUCT EFFICIENCY

OVERALL FACILITY EFFICIENCY

EFFICIENCY,
_PERCENT




COST ANALYS1S AND RESULTS

Costs were determined for two separate areas: initial capital
and operating costs. The methodologies used for both areas, as well as

the results of the analysis are presented in this section,

Approach To Capital Costs

The first step in the analysis is to select a base or reference system
from the design data base., There are two criteria that were adhered to
in this selection process. First, the capacity of the reference system
should be as close as possible to current capacity needs. This minimizes

errors associated with the use of an incorrect cost-capacity exponent.

The second criteria is that the reference system configuration should

closely match current design needs. Any design adjustment required by

a mismatch should be straightforward.

The second step in the analysis is to select the appropriate size

parameter with which the reference unit can be scaled. The parameters

chosen for each of the required reference systems are presented in Table 19.

Once the appropriate reference systems were selected and the sizing
parameters identified, the costs were scaled using a cost-capacity
exponent of 0.6. Final cost adjustments were then made to account for
escalation to January of 1980, indirect costs not included in the reference

cost, and the engineering and design costs.

Two examples of the use of this methodology are presented below.

Example 1 - Acid Gas Removal Unit Cost Adjustment

System: Rectisol

Reference: FE-2542-10 "Conoco Demonstration Plant
For High BTC Gas,"

Date: April, 1978

Several subsystems in this design were needed for purification of
Lurgi-derived gas that are not required for a K-T system. These include
Naphtha Recovery (there is no naphtha in K-T MBG) and CO, off gas compression
(there are no lock hoppers in the K-T gasifier). The co;t of this equip-
ment was deducted from overall equipment cost and the system cost estimate

was then rebuilt using the same techniques as in the reference. This

C-1-56
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TABLE 19
SCALING PARAMETERS SELECTION

SHIFT CONVERSION, USE MOLS/HR CO SHIFTED,

ACID GAS REMOVAL, USE MOLS/HR ACID GAS (H,S + COS + CO9) REMOVED.
METHANATION, USE MOLS/HR CHy PRODUCED.

METHANOL, USE MOLS/HR CHzOH PRODUCED.

GASOLINE SYNTHESIS, USE MOLS/HR CH3OH FED TO SYSTEM.

HYDROGEN PURIF'CATION, USE MOLS/HR PRODUCT H, PRODUCED.




-

resulted in a reference system capital reduction of 15 percent,

The utilities required by these subsystems were deducted from the

totals for the AGR system. This resulted in a reduction of system steam

comsumption of 20 percent.

Cost of the system is vbtained by scaling on moles per hour of HZS’
COS and CO, removed. Cost adjustments including scaling, escalation,

indirect factor, and engineering and design costs result in

Single Module Cost = $32.27 x 10° x (13,556/13,827)0°% x 1.22
x 1.241 x 1.08
- §52.14 x 10°
where $32.27 x 106 is adjusted cost of reference system,

13,556 {s moles per hour of acid gas removed by
add-on facility system,

13,827 is moles per hour of acid gas removed
by reference system,

0.6 is scale factor,
1.22 is escalation factor,
1.241 is indirect factor,
and 1.08 is engineering and design factor.

D

Example 2 - CO Shift Unit

System: Shift Conversion
Reference: FE-2240-31 "Factored Estimates for Eastern
Coal Commercial Concepts'

Date: January, 1976

This system was selected because it has a reasonable configuration
that has a scale close to the current design and uses proven concepts
and equipment. Cost of the system is obtained by scaling on moles per

hour of CO shifted.

C-1-58




iost adjustments result in

6 _ [9,291\°°°
Single Module Costs = $14.5 x 10 «x (7?121) x 1,30 x 1.00
x 1,08
= $23.84 x LO6
where $14.5 x 106 is cost of reference system,

9,291 is moles per hour of (O shifted
by add-on facility system,

7,141 1is moles per hour of CO shifted
by reference system,

0.6 is scale factor,
1.30 is escalation factor,
1.00 is indirect factor (none),

1.08 is engineering and design factor,

Capital Cost Results

The capital costs tor the four alternate-product modules for the K-T
add-on facilities are detailed in Tables 20, 21, 22 and 23. Costs are
given in 1980 dollars for each system, both onsite and offsite, as well
as project contingency, owner's engineering and G&A, and the contractors

fee.

Approach To Operating Costs

Uperating costs were calculated based on the K-T MBG facility where
possible, and on reference literature otherwise, Operating labor is
linearly scaled from system labor costs found in the design data base.
Power consumption is calculated by means of a utility balance. The main-
tenance labor and supplies are calculated as a percentage of system capital
investment. These percentages amount to 3% for onsites and 1% for offsites.
Supervisory costs are added according to engineering judgment. Other labor
costs are calculated as percentages of operating and maintenance labor, or

as a percentage of subtotal operating costs.

Operating Cost Results

The first year operating costs for the four alternate-product modules for
the K-T add-on facilities are detailed in Tables 24, 25, 26 and 27. Costs

are given in 1980 dollars on a facility basis. Costs are broken down in

C-1-59
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terms of operating labor, operating supplies, maintenance labor, main-
tenance supplies, supervision, general plant staff, catalyst and chemical

makeup, electric power, and administration and general cverhead.
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TABLE 20

CAPITAL COSTS FOR METHANE
KOPPERS-TOTZEK, ADD-ON FACILITY

SYSTEM DESCRIPTION MILLIONS OF 1980 DOLLARS
PER MODULE PER FACILITY
90 SHIFT CONVERSION 23.84 95.36
22-A  ACID GAS REMOVAL (RECTISOL) L4y,70 178.80
91 METHANATION 26.89 107.5%
92 DRYING .36 12
SUBTOTAL ONS!TES 95.79 383.14
39-A  COOLING TOWER 3.96 15.84
84-A  STEAM SUPERHEATERS 3.62 14.46
85-A  RAW WATER TREATMENT 4,70 18.78
87/88 GENERAL AND SUPPORT FACILITIES _1.50 30,02
(INCLUDES TURBOGENERATOR SET)
SUBTOTAL OFFSITES 19.78 79.10
TOTAL SYSTEM CAPITAL INVESTMENT 462.24
PROJECT CONTINGENCY 69.34
OWNERS ENGINEERING, GgA 10.63
CONTRACTOR'S FEE 21,26

TOTAL FACILITY INVESTMENT 563.47
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TABLE 21

CAPITAL COSTS FOR METHANGL
KOPPERS-TOTZEK, ADD-ON FACILITY
SYSTEM DESCRIPTION

90
22-A
93

39-A
85-A
37/88

SHIFT CONVERSION
ACID GAS REMOVAL (RECTISOL)
METHANOL SYNTHESIS
SUBTOTAL ONSITES
COOLING TOWER |
RAW WATER TREATMENT
GENERAL AND SUPPORT FACILITIES
(INCLUDING METHANOL STORAGE-30 DAYS)
SUBTOTAL OFFSITES

- TOTAL SYSTEM CAPITAL INVESTMENT

PROJECT CONTINGENCY
OWNERS ENGINEERING, GgA
CONTRACTOR'S FEE

TOTAL FACILITY INVESTMENT

MILLIONS OF 1980 DOLLARS
PER MODULE PER FACILITY
23,55 9.21
42,59 170.34
2,2 129,64
98.56 394.19
3.56 14,25
4,23 16.92
6,33 25,31
14,12 56.48
450,67
67.60
10.37
20,74
549,37
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TABLE 22

CAPITAL COSTS FOR GASOLINE
KOPPERS-TOTZEK, ADD-ON FACILITY

SYSTEM DESCRIPTION MILLIONS OF 1980 DOLLARS
PER MODULE PER FACILITY
ADD-ON FACILITIES FOR METHANOL 112.67 450.67
94 GASOLINE SYNTHESIS 53.35 213,40
37-A WASTE WATER BIOLOGICAL TREATMENT 5.62 22,50
ADDITIONAL GENERAL AND SUPPORT FACILITIES, 2,60

INCLUDING GASOLINE AND BYPRODUCT
STORAGE IN PLACE OF METHANOL STORAGE

TOTAL SYSTEM CAPITAL INVESTHMENT 689.17
PROJECT CONTINGENCY 103.38
OWNERS ENGINEERING, GRA 15.85
CONTRACTOR’S FEE 3170

TOTAL FACILITY INVESTMENT 840.10
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TABLE 23

CAPITAL COSTS FOR HYDROGEN
KOPPERS-TOTZEK, ADD-ON FACILITY

SYSTEH DESCRIPTION MILLIONS OF 1980 DOLLARS
PER MODULE PER ZACILITY
; 22-A ACID GAS REMOVAL (RECTISOL) 12.65 50.59
5 90 SHIFT CONVERSION 31.09 124,35
: 95 PRESSURE - SWING ADSORPTION _86.96 347,85
| SUBTOTAL ONSITES 130.70  522.79
. 39-A COOLING TOWER 2.21 8.85
o 33-A  PROCESS CONDENSATE TREATMENT 18 1.92
2 84-A  STEAM GENERATION 58.80  235.21
85-A  RAW WATER TREATMENT 3,58 14.32
87/88 GENERAL AND SUPPORT FACILITIES 6.07 24,28
SUBTOTAL OFFSITES 714 284.58
TOTAL SYSTEM CAPITAL INVESTHENT 807.37
PROJECT CONTINGENCY 121.10
OHNERS ENGINEERING, GgA 18.57
CONTRACTOR’S FEE 314

TOTAL FACILITY INVESTHENT 984.18
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TABLE 25

OPERATING COSTS FOR METHANOL
KOPPERS-TOTZEK, ADD-ON FACILITY

MILLIONS OF 1980 DOLLARS
PER FACILITY

CATEGORY QUANTITY
OPERATING LABOR 25 PERSONS PER SHIFT P
FAcIEiTY :
OPERATING SUPPLIES 15% OF OPERATING LABOR
MAINTENANCE
TOTAL 3% OF OHSITE SYSTEM
_ CAEJTA
£ 12 OF OFFSITE SYSTEN
CAPITA
LABOR 40% OF TOTAL MAINTERANCE
SUPPLIES 607 OF TOTAL MAINTENANCE
SUPERVISION 3 ADDITIONAL SUPERVISORS

GENERAL PLANT STAFF ﬁR%N?ENREE@AEAggR&
CATALYST & CHEMICAL MAKEUP SYSTEM REQUIREMENTS

£ _ECTRIC POWER 34,344 KW PER MODULE
éDMINé%TéABlON & GENERAL 5% OF OPERATING COSTS
OVERHEA

TOTAL ANNUAL ADD-ON OPERATING EXPENSES

2,67
40

4,96
7.44

A4
2,29

3.15
26,383

50.27
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TABLE 26

OPERATING COSTS FOR GASOLINE
KOPPERS-TOTZEK, ADD-ON FACILITY

MILLIONS OF 1980 DOLLARS

CATEGORY QUANTITY PER FACILITY
OPERATING LABOR PERSONS. PER SHIFT b,
W PR FACILITY ”
OPERATING SUPPLIES 157 OF OPERATING LABOR 61
MAINTENANCE
TOTAL 3§ F ONSITE SYSTEN
£ Tgf OFFSITE SYSTEM
LABOR 40% OF TOTAL MAINTENANCE 8.05
SUPPLIES 60% OF TOTAL MAINTENANCE 12.07
SUPERVISION 4 ADDITIONAL SUPERVISORS 18
GENERAL PLANT STAFF 307 OF OPERATING & 3.64
RAENTENANCE  LAEGR
CATALYST & CHEMICAL MAKEUP  SYSTEM REQUIREMENTS 3.5
ELECTRIC POWER 28,233 KW PER MODULE .10
ADMINISTRATION & GENERAL 7 OF OPERATING COSTS 2
MNLSTRAT ENERA 5 ERATING COST 2,71
TOTAL ANNUAL ADD-ON OPERATING EXPENSES 56.95
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TABLE 27

CPERATING COSTS FOR HYDROGEN
KOPPERS-TOTZEK, ADD-ON FACILITY

MILLIONS OF 1980 DOLLARS

CATEGORY QUANTITY PER FACILITY
OPERATING LABOR 5 PERSONS PER SHIFT PER 78
| daciEy ! |
OPERATING SUPPLIES 157 OF OPERATING LABOR 72
MAINTENANCE
TOTAL 3% 0F QUSITE SYSTEM
CAPITAL
+ 14 0 OFFSITE SYSTEN
CAPITA
LABOR 40Z OF TOTAL MAINTENANCE 7.41
SUPPLIES 60% OF TOTAL MAINYENANCE 11,12
SUPERVISION 3 ADDITIONAL SUPERVISORS 14
GENERAL PLANT STAFF 302 OF OPERATING 3.66
R inTERRIEE Eafon
CATALYST & CHEMICAL MAKEUP  SYSTEM REQUIREMENTS 2.31 |
ELECTRIC POWER 1800 KW PER MODULE 1.41 |
ADM ION & GENERA 7 OF OPERATING COSTS %
DMJISTRATION & GENERAL 5 ERATING C 130 i
TOTAL ANMUAL ADD-ON OPERATING EXPENSES 27.35 ‘




ALTERNATE GASIFIERS

The original scope of this task called for a qualitative assessment
of the remaining gasifier technologies (Lvrgi, BGC Lurgi, and Babcock and
Wilcox) as to the alternate product each was best suited. This scope has
been modified, in that the Lurgl techtology has been used to design and
cost an add-on facility to produce methane and methanol, and will be
reported in a later report. The following is a description of the B&W

Lurgi gasifier technologies in regard to alternate products.

Babcock and Wilcox

The B&W gasifier is an entrained flow gasifier, similar to the
Texaco and K-T gasifiers. The typical gas product is a medium BTU gas
(300 BTU/SCF) consisting primarily of H2’ cn, COZ’ and sulfur compounds.
There is essentially no methane, or ammonia or tars formed in the gasification
process. The HZ/CO ratio of the gas is approximately 0.43., The B&W product
gas is best suited for MBG or as synthesis gas for methanol, ammonia, hydrogen,

etc., rather than synthefic natural gas (SNG) production as compared to the

Lurgi or BGC/Lurgi cases.

BGC Lurgi

The BGC Lurgi slaggging gasifier is a moving bed gasifier similar in
operation and product gas yield to the Lurgi (dry bottom) gasifier. The product
gas contains significant amounts of methane, tar, and oils and has a higher
heating value (HHV) of greater than 300 BTU/SCF. The clean gas product has
an H2/00 ratio in the range of 2.0 to 2.3. The methane content of the
gas (9.0%Z) and the high HZ/CO ratio make SNG production a significant
candidate for this gasifier technology. A difference between the BGC
Lurgi and the Lurgi (dry bottom) gasifiers is that the Lurgi gasifier
requires more steam injection in the gasification process. This results
in a higher HZ/CO ratio (2.5) and consequently a stream more suitable for
SNG production.

C-1-69
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METHANE/METHANOL PRODUCTION:
LURGI GASIFICATION BASED PLANT
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1.0 INTRODUCTION

This report presents the results and a discussion of the process design
of units necessary to produce methanol and/or methane from Medium BTU Gas
(MBG) produced in a Lurgi-based gasification facility. The purpose of this
studv was twofold: to provide system level engineering design and evalua-
tion of a Lurgi-based gasification facility producing methane or methane-
methanol as an alternate to MBG; and, secondly, to determine the capital and
operating costs associated with each alternate product, which would be used
to develop relative alternate product costs.

The alternate product systems described in this report have been
designed as add-on units to the Lurgi facility definition design that has
been reported to the Marshall Space Flight Center (MSFC) in an earlier
report] on September 3, 1980. The same level of design and methodology that
was used in the Koppers-Totzek and Texaco-based alternate product analysis
have been used in this study.

Each of the case designs for the production of methane or methanol from
Lurgi MBG is intended as an extension of previous contract subtasks. For
each case of the system design, available technologies were identified and
comparative trade-off studies preformed to select the preferred technologies
for design. Each system design was based on published data, engineering
experiences and judgment, and design calculations specific to this study.

There are two cases of alternate product analysis presented in this
report. Lurgi-derived MBG contains an appreciable amount of methane
(8.97 per cent) due to the Lurgi gasification process. Case II-A is the
study designated to produce methane from MBG. Case II-B is the study
designated for the co-production of methane/methanol. The co-production
case was prompted by two factors. First, methanol production results in an

C-2-1
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off-gas suitable for a methanation reaction. Second, since TVA has ar
apparent market for methane, it was decided that it was more economically
feasible to synthesize additional methane rather than breakdown the existing
methane into a synthesis gas.

System level costs, based on cost-versus-capacity factoring, are
presented on a modular basis. Facility costs were determined based upon

the study results and module costs.

The discussion that follows describes the process design and results
of this analysis at the module level.

C-2-2
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2.0 SUMMARY

A definition level process design to produce methane or methanol has
been prepared based on Lurgi-derived MBG. The process design has been
performed on module level capacities. The Lurgi based module receives
5,000 tons/day sized coal at the gasifiers and produces 290 MM SCF/Day of
MBG with a heating value of 380 BTU/SCF. This net quantity of MBG is con-
verted into methane or methinol. Detailed material balances are included in
a later section of this report, along with their associated overall block
flow diagrams. However, the key material input and outputs are summarized
in Table 2-1.

The facility costs- to produce methane or methane/methanol, presented
in Tables 2-2 through 2-5 respectively, present the costs of a facility
(4 modules) necessary to produce 100% of the alternate product.

Based on the data presented in these tables and the methodology described
in BDOM/W-80-258-TR-RV2, "Cost Estimation and Economic Evaluation Methodology,"
the 1980 cost of product is $7.69/MM Btu for methane and $6.81/MM Btu for a
co-product slate of methanol and methane.

The following sections of this report provide more details concerning the
process design of key elements of the alternate product facility.

c-2-3
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TABLE 2-1. KEY MATERIAL INPUT AND PRODUCTS
LURGI-DERIVED PRODUCTS
MBG CASE 11-A CASE 11-8
FEED GAS _METHANE METHANE /ME THANOL

PRODUCT COMPOSITION, MOLE |

Hy 46.77 4.96 9.12 / -

N, 0.44 1.59 2.73/ -

co 17.09 0.05 NIL /-

o, 26.02 0.89 0.05 / 0.16

SULFUR 200 PPMV NIL NIL / NIL

CH, 8.97 92.50 88.08 / 0.04

Cot 0.68 - -/ -

CH, 0K ; - - 97.64

HyO 114 PPMY 100 PPMV 160 PPMV /  2.16
MMSCFD - FEED GAS 289.5 - -/ -
MMSCFD - METHANE ( 26.0)% 75.6 6.8 / ( 0.08)*
M BARREL/DAY - METHANOL . ] -/ 14.25
GAS HHV - BTU/SCF 308 950.3 918.9 / -
IMPORT POWER - KW 29.4 20.2 24.1
IMPORT WATER - M GAL/DAY 2,999.5 411.8 1,137.6

NOTE:

*Included in feed

THE BOM CORPORATION
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Results are representative of one module.
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THE BDOM CORPORATION Table 2-2

TABLC 2-2. TOTAL CAPITAL REQUIREMENTS --
ADD-ON METHANATION FACILITY

UNIT OPERATION CAPITAL INVESTMENT
MILLION DCLLARS

SHIFT CONVERSICN

ACID GAS REMOVAL

METHANATION

GAS DRYING

COOLING WATER

STEAM SUPERHEAT

RAW WATER TREATING

SOLIDS TREATING

BUILDINGS AND ELECTRICAL DISTRIBUTION

SYSTEM CAPITAL INVESTMENT (ADD-ON METHANATION FACILITY)
PROJECT CONTINGENCY
OWNERS ENGINEERING & G AND A
CONTRACTOR'S FEE

SYSTEM CAPITAL INVESTMENT (LURGI BASE FACILITY)
TOTAL FACILITY INVESTMENT
ROYALTIES
AFUDC
START-UP AND TESTING
TOTAL DEPRECIABLE INVESTMENT
NON-DEPRECIABLE {NVESTMENT

TOTAL CAPITAL REQUIREMENTS

*Includes coal used during start-up and testing.

C-2-5
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20.4C
160.26
98.44
1.60
53.12
18.79
14.55
23.80
12.12

403.10
60.47
9.64

18.54
491.75

1,879.00
2,370.75
11.85

506.31
483.09*

3,372.00
1016

3,473.16
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THE BDM CORPORATION Table 2-3

TABLE 2-3. OPERATING AND MAINTENANCE COSTS --
ADD-ON METHANATION FACILITY

S e T W

MILLION DOLLARS

OPERATING LABOR 1.88
OPERATING SUPPLIES 0.28
MAINTENANCE LABOR 1.97
MAINTENANCE SUPPLIES 2.95
SUPERVISION 0.14
GENERAL PLANT STAFF 1.20
CATALYST AND CHEMICALS 6.76
ELECTRIC POWER 12.30
ADMINISTRATION AND GENERAL OVERHEAD 1.04
ANNUAL OPERATING COSTS (ADD-ON METHANE FACILITY) 28.52
ANNUAL OPERATING COST (LURGI BASE PLANT) 366.38
TOTAL ANNUAL OPERATING COSTS 429.99

C-2-6
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TABLE 2-4. TOTAL CAPITAL REQUIREMENTS --
ADD-ON METHANE/METHANOL FACILITY

UNIT OPERATION

METHANOL SYNTHESIS

ACID GAS REMOVAL

METHANATION

COMPRESSION

GAS DRYING

CO2 REMOVAL

COOLING WATER

STEAM SUPERHEAT

RAW WATER TREATING

BY-PRODUCT STORAGE

BUILDINGS AND ELECTRICAL DISTRIBUTION

SYSTEM CAPITAL INVESTMENT (ADD-ON METHANATION/METHANOL
FACILITY,
PROJECT CONTINGENCY
OWNERS ENGINEERING & G AND A
CONTRACTOR'S FEE

SYSTEM CAPITAL INVESTMENT (LURGI BASE FACILITY)
TOTAL FACILITY INVESTMENT
ROYALTIES
AFUDC
START-UP AND TESTING
TOTAL DEPRECIABLE INVESTMENT
NON-DEPRECIABLE INVESTMENT

*Includes coal used during start-up and testing.

C-2-7

CAPITAL INVESTMENT

MILLION

100.
153.
4y.
23.
1
40.
70.
14.
27
15

DOLLARS

76
12
16
36

.16

20
11
48

.96
.24

36

15.

510.

76.
12.

91

64
22

.50

23
623.

1,879.

2,502.
12.

534.

408.

3,457.

102.
3,559.

z7
00
27
51
38
27*
43
16

PROPOSTRNES
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TABLE 2-5. OPERATING AND MAINTENANCE COSTS --
ADD-ON METHANE/METHANOL FACILITY

OPERATING

OPERATING SUPPLIES

MAINTENANCE LABOR

MAINTENANCE SUPPLIES

SUPERVISION

GENERAL PLANT STAFF

CATALYST AND CHEMICALS

ELECTRIC POWER

ADMINISTRATION AND GENERAL OVERHEAD

ANNUAL OPERATING COSTS (ADD-ON METHANE FACILITY)
ANNUAL OPERATING COST (LURGI BASE PLANT)
TOTAL ANNUAL OPERATING COSTS

MILLION DOLLARS

.43
.36
.49
.74
.14
.52
.32
.13
.29

N O M

—_ N N — O Ww

32.42
366.3&

398.80
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3.0 DESIGN BASIS AND SCOPE

3.1 Background

The alternate product analyses have been predicated on a desire to
provide the TVA Gasification Project Team sufficient data on cost and pro-
cess requirements to make a decision on whether to add alternate product
capability to their proposed gasification facility. Earlier team work2 on
alternate product analysis considered a wide spectrum of alternates (methane,
methanol, hydrogen, and gasoline) derived from MBG produced in a Koppers-
Totzek or Texaco-based gasification facility.

The objective of this study was to provide system level definition
of a facility that produced methanol and/or methane from MBG derived from a
Lurgi-based gasification facility.

3.2 Design Basis

The alternate project analysis presented in this report has been
performed at the same level of design as the previous work on Koppers-Totzek
and Texaco toc provide a similar base for comparison. The Lurgi facility
definition design has been designed in accordance with the TVA Design
Criteria, April 1980. This design and the results have been submitted to
MSFC in an earlier report.

As in the earlier alternate product analysis, BDM/H-80-481-TR, the
alternate product units have been considered "add-on" units with minimal
integration to the base facility. The base facility is considered to be the
Lurgi-based MBG facility.

Several engineering design studies have been performed and reported

in open literature. These sources provide an excellent basis for the

c-2-9
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factored systems designs reported herein for the CO shift unit3, the Rectisol
unita, the methanol synthesis units. and the methanation unit3. These
designs were appropriately scaled for our feed quantities, as was done in

the earlier alternate product analysis, and used to develop the expected
product yields and utility requirements, as well as systems costs. The

module systems costs were then used to develop the facility level capital
and operating costs.

The net MBG from one Lurgi module was used as feed to the alternate
product facilities. Fuel gas required for internal consumption (steam super
heat) in the alternate facilities was taken from the net methane product.
This was done because (1) no apparent cost savings were observed for reduced
through-put in the alternate product facilities and (2) the HHV of the

methane product requires less gas volume and utilizes a high efficiency
fired heater.

3.3 Approach to Design

The approach taken in this study to develop a process design of
the facilities necessary to produce methane/methanol from Lurgi-derived MBG
was essentially the same as that in the K-T and Texaco alternate product
analysis done ear1ier2. In any continuing process engineering study, earlier
tradeoff studies and design results are utilized in the later studies which

tend to produce a more optimum design.

The facilities to produce methanol and/or methane from Lurgi-
derived MBG have been designed as an add-on facility to the Lurgi base
facility*. There was no intent to integrate the two facilities, which
resulted in duplication of some units, both in the process units and in the
off-site units. However, observations resulting from the K-T and Texaco
alternate product analysis indicatud that a ~ore realistically economic

*The Lurgi base facility is considered to be the stand-alone Lurgi-based
gasification facility that produces MBG as its prcduct gas.

C-2-10
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design could be achieved by processing small waste water and solid slurry

streams in the Lurgi base facility. These considerations are identified

and discussed in later sections of this report.

The purpose of this alternate product analysis was twofold: first,

to provide system level engineering design and evaluation of a Lurgi-based
gasification facility producing methane and/or methanol as an alternate to
MBG; and secondly, to determine the capital and operating costs associated

with each alternate product.

An add-on, modular approach was used as the design basis for

design and costing of each alternate product. Each alternate product

facility was based on the net output of MBG, derived from 5,000 tons per
day coal feed, as defined in the Lurgi facility definition design]. The
facility level costs and capacities were then cetermined based on a four

module facility.

The trade~off studies performed in the K-T and Texaco alternate
product analysis concerning each of the unit operations necessary to pro-
duce methanol and/or methane are still valid for this study.

The processing scheme selected includes CO shift to adjust the
HZ/CO ratio to the value necessary for the catalytic reaction, a selective

Rectisol unit to remove CO2 and sulfur compounds and the catalytic reaction

to produce methane or methanol. Also, a gas drying unit is provided for the

methane product to meet water content requirements.

Furthermore, the steam and water requirements of the alternate
product facility are met within the alternate facility boundary.

c-2-1
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3.3.1 Lurgi Base to Methane - Case II-A

Case II-A was designated as the analysis of facilities
to produce methane from Lurgi-derived MBG. The process units necessary to
produce methane are shown on drawing 571-SK-001A, Methane Production Module
Block Flow Diagram. The associated material balance is provided in Table 3-1.
The nrocess sequence is similar to that provided in the Koppers-Totzek

alternate product analysis.

Lurgi-derived MBG at 100°F and 615 PSIA is mixed with HP
steam and fed to a CO shift conversion unit. CO shift effluent is fed to a
selective rectisol unit, which is used to remove CO2 to 1.0 per cent of the
treated gas and essentially all of the sulfur compounds. The shifted, surfur
free synthesis gas is then fed to the methanation unit where 99.9 per cent of
the C0, 68.8 per cent of the COZ' and 100 per cent of the ethane/ethyiene
components are converted to methane.‘ The final step in the process is a TEG
drying unit to dry the product methane to pipeline specifications.

High pressure steam, 1525 PSIA and 5859F , is generated by
waste heat recovery in the CO shift and methanation units. This steam is
superheated in a gas (CH4) fired superheater and used for turbine drivers and
the CO shift steam requirement. Process condensate, not used for cooling
tower make-up water, boiler blowdown, and water treatment sludge are treated
within the alternate product module. Solids are routed to the Lurgi base
facility for disposal and the excess treated water (315 GPM) can be used in
the Lurgi base facility to reduce import raw water or dumped. This alternate
product design requires 266 GPM of raw water only during start-up. The water
requirements for this facility can be met by utilizing the process generated

condensate.

€-2-12
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3.3.2 Lurgi Base to Methane/Methanol Co-Production - Case [[-B

Case I1-B was designated as the ~nalysis of facilities
to produce methane and methanol from Lurgi-derived MBG. This decision was
made due to the characteristics of the MBG and the methanol synthesis unit.
The Lurgi-derived MBG developed for this study contained 8.97 per cent
methane and 0.68 per cent ethane/ethylene and has a HZ/CO ratio of 2.74.

The methanol synthesis unit requires an Hz/CO ratio of 2.5 and, consequently,
| does not require a CO shift unit. Furthermore, the purge and off-gases from
, the methanol synthesis unit are suitable for conversion to methane and the
{ methane and heavier hydrocarbons are unaffected by the methanol catalytic
, reaction. The required process units are shown on Drawing 571-SK-002A. The
| associated material balance is provided in Table 3-2.

Rather than feed the methane portion of the Lurgi MBG to
a methanation unit to catalytically convert the methane to CO and H2 and
since TVA has an identified market for synthetic natural gas (SNG), it was
decided to use the methanol synthesis off-gases to produce a marketable SNG.

S e T e

| Lurgi-derived MBG at 100°F and 615 PSIA are fed to a
selective rectisznl unit, which is used to remove 602 to 1.0 per cent of the

; exit gas and essentially all of the sulfur compounds. The sulfur-free
synthesis gas is then fed to the methanol synthesis unit where 93.14 per cent

: of the CO and 47.76 per cent of the CO2 are converted, in the presence of H2,
into methanol and water. The crude methanol product, 97.6 per cent methanol,
is routed to storage and shipping units.

The purge and expansion gases from the methanol synthesis
F unit exit at 95°F and 20 PSIA with an H2/C0 ratio of 11.66. For the methana-
tion reaction to proceed efficiently, another source of carbon is required to
utilize the H2 content of tne gas. CO is preferred for this reaction, but

there is a pure COZ stream vented to the atmosphere from the Rectisol unit.

C-2-16
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TABLE 3-2. CASE I1-B MATERIAL BALANCE - METHANE/METHANOL PRODUCTION {cont'd)

STREAM NAME METHANATION | METHANE ME THANE PROCESS | RAW WATER | BOTLEK FEED C(OOLING EXCESS
PRODUCT GAS | PRODUCT PRODUCT CONDENSATE 7 MAKE -UP WATER TOMER STEAM
10 CO 10 GAS 3 BLOWDOMN MAKE -UP MAKE -UP CONDENSATE
COMPONENT SYMBOL M.‘ REMOVAL DRYING
(COMPOMENT QUANTITIES REPORTED IN 1b MOLES/HR)
HYDROCEN H, 2.016 467.6 467.6 467.6
NITROGEN N 28.016 140.0 140.0 140.0
CAREON MONOXIDE €O 28.01 0.2 0.2 a2
CARBON DIOXIDE co 44.01 364.1 2.6 2.6
WYDROGEN SULFIDE _ W_8 34.076 - - -
METHANOL CA.0n 37.042 - -
CARBONYL SULFIDE  COS 60.075 - -
METHANE cH 16.042 4,513.6 4,514.6 4,514.6
ETUANE c My 30.068
ETHYLENE cyty 28,052
PROPANE N 44.094
PROPYLENE CyMe 42.078
1S0 BUTANE CMyo $8.12
N BUTANE g 58.12
BUTENES oy 56,104
150 PERTANE oy 72.146
N PENTANE ) 72.146
PENTENES oMo 70.13
GASOLINE cle
TOTAL _DRY 16 voLEs/uR 5,486.5 | 5,125.0 5,125.0
WATER ",0 18.016 5.1 4.7 0.8
TOTAL WET 16 MOLES/HR 5.491.6 5,126.7 5,125.8
TOTAL M POUNDS/HR 93,410 77.493 77,423 85,981 394,413 61,386 328,928 21,292
MOLECULAR \JEI(gllT 17.01 15.12 15.10 18.0 18.0 8.0 18.0 18.0
TEMPERATURE, F 100 100 100 100 70 250 100 130
PRESSURE, PSIA 1,035 1,025 1,015 40 50 1,550 75 100
MMSCFH 2.08 1.95 1.95% - - - - -
GPM - - - 172 7499 123 658 43
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4.0 DISCUSSION

' This section of the report describes the methodology and detail of

the process design of the two cases to produce methanol and/or methane. The

designs presented herein are based on the net MBG product from one Lurgi

gasificatior and converting the MBG into the alternate products. The full

' gas requirenent for superheating steam has been taken from the methane
product in both cases. This was done for three reasons; first, the higher

| heating value (HHV) of the methane product requires a lower flowrate of gas;

) second, the use of MBG would result in lower alternate product yield; and

i third, there was no appreciable cost saving on the units based on reduced

b

|

through-put,

' The off-site portions were designed to be self-sufficient in steam

! producticn and water treat. The acid gas from the Rectisol unit and certain
: blowdown streams were treated in the Lurgi base facility because: (1) it

} was not cost effective or practical to design units for such small flows,

f and (2) the flowrates would not seriously impact the units in the base

E facility.

4.1 Case [l-A: ethane Production

Process Units

The production of methane from synthesis gas requires adjustment of
the H2/C0 ratio to approximately 3.0-3.2. However, Lurgi-dcrived synthesis
contains an appreciable amount of ethane and ethylene that cracks during the
meti..iacion reaction. For this reason, the H2/C0 ratio was set at 3.3 to
provide excess H, to saturate the products of the cvacking reaction.

The CO shift unit for this case was selected from a Luirgi design
prepared by C. F. Braun3. The design conditions for the shift unit used a

steam to dry gas ratio of 0.65 WY, and geared to adjust composition of the

€-2-20
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synthesis gas to a H2/60 ratio of 3.3. Since the MBG gas had a starting
H2/CO ratio of 2.74, only 711.5 moles of CO are shifted to C02.

The acid gas removal unit chosen was a selective Rectisol from a
design prepared by Continental 0%14. The selective Rectisol unit was
selected to meet the low sulfur level requirement imposed by the methanation
) catalyst. The Rectisol unit was placed after the shift unit so as to remove
CO2 and s..1fur constituents at one time. The design of this unit results in
all HQS ar.2 COS removed to 1 PPMV or less, 0.4% H2 loss, 0.192 Nzloss. and
CO2 removed to only 10% of the outlet gas.

The CO2 stream is routed to the atmosphere and the sulfur consti-
tuents are routed to the sulfur recovery unit in the Lurgi base facility.
This acid gas stream is 38 per cent sulfur and is only 10.3 1b moles/hr.
This small stream can be handled in the base plant facility.

L The methanatign unit selected for this study was & hot recycle case
, from a C. F. Braun work™. Tais design includes a trim methanation reactor and
' a compressor to boost the gas pressure to the required transmission pressure.
% Methane formed from Lurgi gas is from two sets of reactions. The first type

|

is the synthesis gas reactor, converting (O and COZ' in the presence of Hz,
into methane and water.

| CO + 3H, == CH, + Ho0

C02 + 4H, &= CH

5 4 + 2H20

The second reaction type is the thermal cracking (decomposition)
of C2 hydrocarbons according to the following reactions.

C2H4 + 2H2 — 2CH4

CZHG + H2 — ZCH4

(‘m“s." 2]
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The total moles of CH4 formed was 5301.6 1b mole/hr.
The last process unit required in this study was the SNG drying
unit. This unit uses a triethyleneglycol solution to dry the gas by absorb-

ing water to result in a gas with 7 lbs H20 per million cubic feet of gas.

Utility Units

The utility units required to support the methanation facilities
were designed with minimum duplication of the base facility.

High pressure (HP) steam is generated at 1525 PSIA, saturated by
waste heat recovery in the CO shift and methanation units. This steam is
superheated in an SNG fired heater and distributed at 1450 PSIA and 900°F
for use in turbine drivers. The superheater uses 501 1b moles/hr (.19 MMSCFH)
of SNG at a fired duty of 182.4 MM Btu/hr. LP steam requirements are met
by desuperheating 107,514 1bs/hr of HP steam to 165 PSIA and 366°F. Excess
LP steam is condensed and used as desuperheating water. The boiler feed
water pumps supply 1324 GPM of BFW for steam generation. Drawing 571-SK-0018
depicts the methane alternate product module steam balance.

Process condensate from the CO shift unit is used as cooling tower
make-up water. It is felt that the stream is not sufficiently contaminated
to cause environmental problems. The cooling tcwer has been sized to provide
13,497 GPM of cooling water to process users.

Excess condensate from CO shift (350 GPM), methanation process
condensate (181 GPM), boiler blowdown (62 GPM) and water treating sludge
(19 GPM) are treated in a solids treatment facility prior to reuse or dis-
charge.

The water treatment facilities were designed to use 285 GPM of
treated water from solid treatment for use as boiler feed water make-up. It
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was assumed for this study that 80 per cent of the steam condensate would

be returned for BFW. There is a demand for 266 GPM of raw water import for
start-.p only.

The solids from solids treating are routed to the Lurgi base
facility for disposal. The excess treated water (315 GPM) can be routed to
the Lurgi base facility to reduce raw water import or discarded to the

Tennessee River. Drawing 571-SK-001C depicts the alternate produr* module
water balance.

Utility Summary

Table 4-1 summarizes the utility requirements of the methane alter-
nate product module process and utility units.

4.2 Case [I-B: Methane-Methanol Co-Production

This case was originally intended to be a study of the production
of methanol. However, due to the “act that the Lurgi MBG contained 8.96 MOL
per cent CH4 and the methanol synthesis off-gases are suitable for methane
synthesis, it was decided to provide the facilities to produce methane as well
as methanol. The only other decision would be to use the methanol synthesis
purge-gas in the fuel system or convert it to synthesis gas. This would have
been an ineffective use of the methane content of the MBG.

Process Units

The processing sequence required for producing methanol requires
no CO shift unit tr adjust the HZ/CO ratio. The methanol synthesis unit
selected requires an HZ/CO ratio of 2.5 and the synthesis gas is already at

az2.74 HZ/CO ratio. The methannl synthesis reaction converts CO and C02,

Plus Hz into methanol and water. The assumption was made that the unit con-

figuration leaves little if any gases in the liquid phase and that the

c-2-24
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TABLE 4-1. UTILITY SUMMARY - METHANE ALTERNATE PRODUCT MODULE

9¢-¢-2

ALI'TVAD ¥00d J0
SI OVd TVNIOIdC

IMPORT | EXPORT

UNIT  |UNIT/CONSUMER ELECTRICAL | COOLING | DRIVER | HEAT TO LP STEAM | HP STEAM | HP STEAM | PROCESS
oP | POWER | WATER | HP EXRORT A 1 | CONDENSATE
 NUMBER [Tkd T eRM BHP 10° STU/HR | Tb/HR b/HR | TB/MR | GPM
90 CO SHIFT 49.8 36 | - 24.9 - 391,383 32,326 780
22-A  |ACID GAS REMOVAL 3,788.9 12,907 | 18,375.6 - | 73,258 119,442 - -
9} METHANAT ION 12,074.6 -
109.7 217 | 16,185.8 460.9 - 598,012 181
92 GAS DRYING 151.0 17 - - 1,853 - - -
SUBTOTAL 16,174 13,497 75,111 510,825 | 630,338
39-A |COOLING H,0 SUPPLY * * 1 1,255.6 - - 8,159 -
85-A |WATER TREATING * *  591.0 - | 25,530 3,840 -
SUBTOTALS i 11,999
TOTALS 20,217.5% | 13,497 l 100,641 522,824 | 630,338 |
D s . ! 1 -

* Included in 1.25 factor
** Total electrical requirement multiplied by 1.2% to account for motor losses, lighting, etc.
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water and methanol are in solution. The crude methanol product is sent
directly to storage for shipment.

The purge and off-gas streams leave the methanol unit at 20 PSIA and
rich in CH4 and HZ' These strears are suitable for conversion into methaie
with some alteration. The HZ/CO ratio is excessively high at 11.7. The

high hydrogen content would result in a methane produce with an unacceptably
low HHV,

One method of improving the quality of the methane product is to add
carbon species such as CQ or C02 to effectively use the hydrogen in the
methanation. CO is more amenable to the reaction; but, in this study, a
relatively pure stream of CO2 is available from the rectisol CO2 vent stream.
The CO tends to react at 99.9% conversion while CO2 is reacted at 68.8% con-
version. This lower conversion for C02 results in an increased CO2 content
of the methane product. This additional CO2 is easily removed in a MEA
wash or CO2 removal unit.

The methanation reaction takes place at high pressure, so the
methanol synthesis purge gases and CO2 vent gas are mixed at near atmospheric
pressure and compressed to the necessary reaction pressure.

The methanation unit for this case is the same as in case [I-B.
The methanation reaction products are routed to a CO2 removal unit and then
to a TEG gas drying unit to provide a methane product of acceptable quality.

Utility Units

The utility units required to support the production of methane
and methano! were designed with minimal duplication of the units in the Lurgi
base facility.

C-2-27
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High pressure (HP) steam is generated at 1525 PSIA, saturated by
waste heat recovery in the methanol synthesis and methanation units. This
steam is superheated in an SNG fired heater and distributed at 1450 PSIA and
900%F for use in turbine drivers. The superheater vses 339 1b moies/hr

(.13 MMSCFH) of SNG at a fired duty of 118.1 MM Btu/hr. LP steam requirements

are met by desuperheating 130,694 1bs/hr of HP steam to 165 PSIA and 366°F.

Excess LP steam is condensed and used to displace raw water in water treating.

The boiler feed water pumps supply 866 GPM of BFW for steam generation.
Drawing 571-SK-002B depicts the methane/methanol alternate product module
steam balance.

The cooling tower has been sized to provide 13,174 GPM of cooling
water to process users.

Process condensate from methanation (74 GPM) and methanol synthe-
sis (5 GPM), boiler blowdown (41 GPM) and water treating sludge {52 GPM) are
routed to the Lurgi base facility for treatment.

The water treatment facilities were designed to supply 439 GPM
cooling tower make-up water and 123 GPM of boiler feed witer make-up. It was
assumed for this study that 80 per cent of the steam condensate would be
returned for BFW. There is a demand for 571 GPM of raw water import.

Drawing 571-SK-002C depicts the alternate product module water
balance.

Utility Summary

Table 4-2 surmarizes the utility requirements of the methane alter-
nate product module process and utility units.

c-2-28
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1.0 INTRODUCTION

This report covers the work done to develop two designs for plants to
manufacture substitute natural gas (SNG) from coal. This work is to be
used by NASA in their support of the TVA-20,000 TPD* coal gasification
project. Each design covers & complete grassroots facility; the plant
inputs are ccal, raw water, and electric pcwer. The plant outputs are
SNG, medfum-BTU gas (MBG), and prilled sulfur.

Each of the plant designs was based on a different coal gasification
technology. One of the plants is based on Koppers-Totzek (K-T) technology;
the other on a combination ¢f X-T and Texaco technology. Each plant was
divided into four parallel process modules, each capable of handling
£,000 TPD of coal.

The designs for the production of SNG from MBG are intended as an
extension of a previous contract subtask in which preliminary estimates
of alternate product cost were made for K-T and Texaco facilities. As
such, they used the Refarence Facility Desigrs for these two technologies
as a starting point. These Reference Facility Designs are described in
detail in a separate report.]’2

The overall design approach utilized parallel modules of a capacity
sufficient to process the MBG from a single gasification module. Each
module was divided into process and utility systems.

For each process system, available technologies were identified and
comparative tradeoff studies performed to select the preferred technologies
for design. Each system's design was based on published data, engi-
neering experience and judgement, and design calculations specific to
this process.

Cost estimates were based on conceptual level design estimating
procedures as described in an earlier report.3 Cost results are
presented in Volume II and Volume III.

*TPD indicates jons Per Day.

C-3-1
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2.0 SUMMARY i

The two MBG Upgrading Plant designs reported herein each comprise
two parallel modules of processing systems designed to convert medium-
BTU gas (300 BTU/SCF) into SNG (920 BTU/SCF). One of the designs is for i
a facility consisting of four MBG modules based on Koppers-Totzek
technology. The other design is for a facility consisting of one Koppers- 4
Totzek and three Texaco modules. Each of the MBG Upgrading Plants is
designed according to the TVA Facility Cesign Bas1s6 and the guidelines
reported below.

° The facility's total capacity, based on a nominal 20,000

TPD of feed coal, is
- up to 100% MBG, or
- 50% MBG and 50% SNG.
° The first two facility modules must be designed to produce
100% MBG, 100% SNG, or a mixture of boih.

) Any of the four facility modules must be capable of feeding

the MBG Upgrading Plant.

0 The MBG Upgrading Plant shall be integrated with the remainder

of the Coal Gasification Facility, rather than being designed
as an add-on plant.

The two parallel modules in the MBG Upgrading Plant consist of a CO
Shift Conversion System, an Acid Gas Removal System, and a Methanation
System. Table 2.1 summarizes the results of the design and cost work
presented herein. Table 2.2 describes the quality specifications for
the product SNG.

C-3-2
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Table 2.1
Study Results

Dollars - Total Facility

Annual Operating anc
Maintenance Costs, 1980
Dollars - Total Facility

Annual Coal, Catalyst and
Chemicals Ccsts, 1980
Dollars - Total Facility

Purchased Electricity, KWH
per Year - Total Facility

Raw Water Consumption,
Gallons per Year -
Total Facility

Operating Staff - Total
Facility

Product Price
1980 $/MMBtu

2,579.00 x 10

389.60 x 10

184.00 x 105

3.6 x 10°

9.7 x 10°
400

8.02

Cesign #2
ggz;g"0ﬁ1 Based on l Texaco
an
2 K}Z 2&2“195 1 K-T Module Each
To SNG
MBG to Upgrading Plant 6 6
SCFD 529.92 x 109 536.76 x 109
BTU/Day 160.84 x 10 162.71 x 10
SNG from Upgrading Plant 6 6
SCFD 114.20 x 109 122.20 x 109
BTU/Day 106.20 x 10 114.23 x 10
MBG from Modules 3&4 6 6
SCFD 459.60 x 109 538.80 x 109
BTU/Day 140.18 x 10 156.63 x 10
Capital Requirement 1980 6 6

2,407.00 x 10

339.00 x 105

184.00 x 10°

2.1 x 10°

4.5 x 107

388

6.49
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Table 2.2
SNG Quality Criteria
Preferable Otjectionable
} Value Value

Lifting Index Under 1.0 Above 1.06

Flash-Back Index Undei 1.18 Atove 1.20

Yellow Tip Index Above 1.00 Under 0.80

S W

e

Cappemmeanes

Source: Reference 7

§
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3.0 DESIGN BASIS AND APPROACH

3.1 Background

In order to broaden he potential markets for products from their
20,000 TPD Coal Ga;ification Facility, TVA is considering the manufacture
of alternate products within the facility, using the MBG produced in the
facility as a feedstock. Among the alternate products under consideration
are SNG, methanol, ¢asoline and hydrogen. Earlier tasks consisted of
oreliminary investigation of the production costs of each product using
K-T and Texaco, and Lurgi gasification technologies. The results of
these tasks have previously been reported.4'5

The studies, referred to above, fdentified SNG as a product witch
attractive costs. Since TVA had {dentified a market for SNG from the
facility, a design for facilities to produce this product, based on the
already completed Reference Facility Cesigns, was desirable to provide
data to TVA concerning requ:rsnents and costs for producing SNG from
MBG, at a level of detail comparable tn those of the Reference Facility
Designs. This design work was therefore performed, in lieu of a previously
planned design effort to synthesize a Reference Facility Design for two
gasification processes based on both NASA and othar TVA contractors'
conceptual designs.?

3.2 Design Basis
The design basis for the work done in this study began with the

over-all TVA Facility Design Basis.6 The major points are as Tollows:
o The overall facility feed is Kentucky No. 9 bituminous
coal, with design provisions for handling up to five
percent North Alabama coal. The total capacity of the
facility is 20,000 TPD to the gasifiers.
o The facility design is structured as four parallel
modules, each with a nominal design capacity of
approximately 5000 TPD of coal to the gasifier.

C-3-5
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e Sulfur 1s recovered for sale ir prilled form. Ash

is disposed on-site.

e MBG from the facility shall have a maximum sulfur

content of 200 prmv and a minimum higher heating
value of 285 BTU/SCF.

As a result of earlier process tradeoff studies, the following
additional bases were incorporated intc the designs for the MBG Upgrading
Plants:

o The facility s designea for a zero liquid discharge

to the nearby Tennessee River or to underground water
supplies.

o Onsite steam shall not be generated by the combustion

of coal in boilers.

o Electricity from the TVA grid is used to supply all

plant prime mover power requirements above that which
can be supplied by steam which 1is

8

- generated from process waste heat
- superheated in an MBG fired superheater.

In their planning for the 20,000 TPD Coal Gasification Project, TVA
is considering two scenarios for plant design and construction. The
first of these envisions the employment of four identical modules utilizing
the Koppers-Totzek gasification process. The second scenario uses the
Kcppers-Totzek process 1n the first module, then switches to the Texaco
process for the cther three. TVA desires that the facility have the
capability of producing between 50% and 100% of its total output as MBG,
and between O and 50% as SNG. The first two modules, in addition, must
together be capable of producing either 100% SNG, 100% MBG, or any
mixture of both. When all four MBG modules are complete, any module
must be capable of feeding the MBG Upgrading Plant.

C-3-6
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3.3 Appruach
Table 3.1 contains a design task thet began with the already-

completed Reference Facility Designs.'l'2 These designs were examined
for integration possibilities in the 1ight of other previous analyses of

SNG as an alternate product from K-T and Texaco gas1f1cat10n.4 Tne
examination revealed that the major candidate for system integration was

System 4, Acid Gas Removal. The manufacture of SNG requires a methanation
catalyst which has 1ittle or no sulfur tolerance, therefore essentially
complete removal of all sulfur compounds 1s requirs . upstream of the
Methanation System. For this reason, the Acid Gas Removal Systems in
the Reference Facility Designs, which had been designed for a 20C ppmv
treated gas sulfur concentration, were replaced by systems designed for
a maximum treated gas sulfur concentration of 1 ppmv. The remainder of
the sulfur removal was designed to be done in the Methanation System.
Because of the requirement that each module be capable of feeding the
MBG Upgrading Plant, all of the Acid Gas Removal System in the facility
were replaced. Other than the Steam System, integration of other sys-
tems between the MBG Facility and the Upgrading Plant was purposely
minimized to allow for the MBG/SNG flexibility desired by TVA.

Tradeoff Studies
Process tradeoff studies had been performed earlier to establish

process choices for the following plant systems.
e L0 3hift
e Acid Gas Removal
e Methanation
o Raw Gas Compression

Briefings have been presented to NASA discussing the results of
these process tradeoffs.8 Tables 3.2 through 3.5 give the results of
the trade-off studies as reported at these briefings.

Scine modifications to the conclusions presented at the briefings
were made; these concerned CO shift and methanation. For CO shift, a

C-3-7
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Table 3.1

Summary of Design Approach

Integration pussibilities.

Tradeoff studies

a. Select high-temperature Co-Mo shift catalyst

b. Select Rectisol for AGR System

c. Select Cold Recycle Methanation

d. Place K-T Raw Gas Compression ahead of CO shift.

Do energy and material balances for CO shift and methanation systems.
Use process simulation to establish heat exchanger configurations and
duties.

Size equipment in CO shift and methanation systems.

Define Rectisol system material balance and interfaces.

Prepare process flow diagrams for CO shift and methanaticn systems.
Define utility and operating requirements for MBG Upgrading Plant.

Define incremental capital and operating costs for MBE Facility
attributable to the MBG Upgrading Plant.

Define incremental capital and operating costs for MBG Upgrading
Plant.
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10 n

Fluor design =~ simflar to that employed by Braun ' was used as & starting
point due to team members' familiarity of the process with its design
basis. No significant difference between thic design and the Braun
design was observed. Both designs employ COS hydrolysis on the bypass
gas, and a high-temperature cotalt-molybdate shift conversion catalyst.

Although the methanation scheme recommended in the process tradeoff
studies was a hot recycle methanation scheme, the cold recycle scheme
(see Table 3.4) is somewhat simpler and is approximately equal in capital
cost. The virtue of the hot recycle scheme {s that it results in a
higher export of high pressure steam than the cold recycle scheme.
However, this steam must be superheated in an MBG-firec superheater,
which may reduce 1ts value as an exportable product. A cold-recycle
scheme based on a previous Fluor stucl_y]0 was selected as the basis for
the design work in this study because;(1) it had been performed by teau
members, and; (2) it provided specific design and sizing data that could
be used to specify the individual equipment ftems in the unit.

Because of the stringency of the sulfur removal requirement, the
Rectisol process was selected over SELEXOL, even though COS hydrolysis
was employed in the shift conversion system. This extra measure of
conservation will not have a major impact on the overall plant cost.

The Acid Gas Removal design was based on an in-house Rectisol design
done for a Lurgt SNG plant. It was adjusted to account for the non-use
of CO2 as a pressurizing gas in the K-T and Texaco gasification process
(no lock hoppers are used in these processes) and for the elimination
of a naphtha prescrubbing section (there is no naphtha in the MBG from
these two processes). The design is a selective configuration which
produces an acid gas rich enough 1in HZS to use as the Claus plant feed,
and a waste CO2 stream suitable for venting. It was assumed for this
study that there would be no impact on System 5, Sulfur Recovery and
Tail Gas Cleanup, because of the increase in stringency of sulfur
removal from 200 ppmv to 1 ppmv in the treated gas.

C-3-9
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Table 3.2

Shift Conversion
Evaluation & Decision

EVALUATION
- IRON-CHROME CATALYSTS HAVE APPROXIMATELY THE SAME COST AS COLBALT-MOLY;
PARTIAL DEACTIVATION OF IRON-CHROME OFFSETS ITS LOWER COST PER POUND.

- COBALT-MOLY CATALYSTS OFFER THE POSSIBILITY OF COS HYDROLYSIS WHICH
CAN LOWER AGR COSTS.

- DESIGN DONE BY TEAM MEMBERS USING Co-Mo IS AVAILABLE FOR THIS STUDY
(BRAUN FE-2240-31).
DECISION

- USE COBALT-MOLY CATALYST IN BRAUN DESIGN CONFIGURATIC:: FOR SHIFT
CONVERSION.
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Table 3.3

Acid Gas Removal Evaluation & Decisicn

] PREVIOUS TEAM STUDIES (FE-2240-49) HAVE SHOWN THAT

- ATTRACTIVENESS OF PROCESSES VARIES WITH PARTIAL PRESSURE OF ACID GAS IN

FEED.
- AT PRESSURES NEAR THOSE OF THIS STUDY (600 PSIG) PREFEREMCE IS BENFIELD,

SELEXOL, RECTISOL.
- COMPRESSION OF GAS PRIOR TO AGR IS ATTRACTIVE. EXTRA COST OF COMFRESSION
IS MORE THAN OFFSET BY REDUCTIONS IN COST OF PHYSICAL SOLVENT.
- FOR SULFUR REFIVAL FROM HIGH-SULFUR COAL GAS, SELECTIVE AGR IS PREFERRED.
- BENFIELD AND SELEXOL HAVE PROBLEMS WHICH MAY LIMIT THEIR ABILITY TO GET

TO <1 PPMV TOTAL SULFUR.

NOILYHOdHOD NASB 3HL

DECISION
- FOR 200 PPMV SULFUR IN TREATED GAS, USE SELEXOL (BENFIELD HAS FORMATE

PROBLEMS).

- FOR <1 PPMV SULFUR IN TREATED GAS, USE RECTISOL UNLESS A PROVEN CGS
HYDROLYSIS CATALYST CAN BE FOUND. 1IN THAT CASE SELEXOL LCOKS SLIGHTLY
MORE ATTRACTIVE.

- SULFINOL HAS LOOKED ATTRACTIVE 1M PAST STUDIES AND SHOULD BE INVESTIGATED
WHEN MORE DETAILED DESIGN WORK IS DONE.
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Table 3.4

Methanation Evaluation & Decision

EVALUATION

HOT RECYCLE FIXED-BED METHANATION USES COMMERCIALLY AVAILABLE
CATALYSTS AND EQUIPMENT (EXCEPT POSSIBLY HOT RECYCLE COMPRESSOR)
AND RECOVERS MORE HIGH-LEVEL ENERGY THAN OTHER SCHEMES.

CAPITAL COST DIFFERENCES BETWEEN HOT AND COLD-RECYCLE METHANATORS
IS NOT SIGNIFICANT.

DESIGN DONE BY TEAM MEMBERS (FE-2240-31) IS AVAILABLE FOR USE AS A
STARTING BASE.

DECISION

USE COLD RECYCLE METHANATION SCHEME.

(DUE TO SMALL DIFFERENCES BETWEEN SYSTEMS AND TEAM'S FAMILIARITY
WITH PREVIOUS DESIGNS)

NOILVHO0dH0O WA8 3H1
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Table 3.5

Compression & Drying
Evaluation & Decision

EVALUATION
COMPRESSORS MAY BE LOCATED AT SEVERAL PLACES

- AHEAD OF AGR

- BETWEEN AGR AND METHANATION

- RFTER METHANATION

DRYING IS A LOW-COST SYSTEM AND NEEDS TO BE THE LAST IN THE GAS PURIFICATION

TRAIN.

DECISION

-

FOR METHANE, COMPRESS TO 600 PSIG AHEAD OF AGR, THEN COMPRESS TO 1000 PSIG

AFTER METHANATION.

ADVANTAGES
LOWERS AGR COST

LOWERS METHANATION
COST, LESS GAS T0
CUMPRESS AFTER CO,
REMOVAL

COMPRESS 1/2 VOLUME
OF GAS

DISADVANTAGES

MUST COMPRESS SOUR
GAS AND CO2

COMPRESS H2+CO NOT
CHy

NOI1vH0Od4dH0D NA8 3HL
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CO_Shift: System 20A

Using the assumption of a 50°F approach to equilibrium, the quantity
of CO requirec to be shifted to achieve an HZ/CO ratio of 3.1, in the
total gas feeding the methanation system was calculated. From this, the
bypass gas quantity was calculated and the material balance defined for
the streams in the shift conversion system.

The process simulation program was run to define enthalpy curves
for the various process streams in the system. The heat exchange train
vas then designed to preheat the inlet gas, ccol the effluent, and
recover the heat of reaction as steam. Based on space velocities from
the data base10 and heat transfer design parameters available in-house,
the individual equipment items in the CO shift system were rough-sized
to define the necessary parameters for equipment costing.3 Following

the design of the system, an equipment 1ist and process flow diagrams
were prepared.

Acid Gas Removal: System 4

The mass balance for the Rectisol system was calculated based on
the percentage removals used in the reference design. This allowed the
establishment of design parameters which were ratioed to the corresponding
elements in the reference design to develop factors for prorating
utilities consumption. As discussed earlier, both the reference system
design and capital investment were acdjusted. This was made possible
tecause the individual equipment {tems were costed in detail in this
design and their utilities consumpiions identified as to utilization
within the system.

The cost of the facility was estimated by an exponential cost
capacity relationship, with the capacity parameter being the total moles
of acid gas removed; and the capacity exponent set equal to 0.6 based
on previous experience with such units.

C-3-14
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Methanation: System 208
Since the reference design for the methanation system called for

an operating pressure of approximately 300 psia, the pessibility existed
to operate the MBG upgrading plant with an inlet MBG pressure of less
than 600 psia. This cculd have been done by eliminating one of the raw
gas compression stages in the K-T System 7, compression, or by operating
the Texaco gatifiers at lower pressure. To simplify the design task

and to provide for maximum interchangeability and flexibility in the
facility design, it was decided to leave the MBG Facility design intact,
and to employ a hot gas expander in the methanation system to recover
the pressure energy of the inlet gas. The energy thus recovered is used
to drive the recycle gas compressors which discharge at a pressure of
1015 psia at the plant battery 1imits. The use of higher pressure
methanation is subject to commercial demonstraticn of a methanation
catalyst at that pressure. The pressure level used in the stucy appears
to be consistent with levels at which commercial methanation catalysts

have been demonstrated.
The methanation reaction yields were estimated based on those shown

in the reference design.and a material balance was then prepared based
on these yields. Using the process simulation program, enthalpy curves
were developed for the internal process streams, and a heat exchanger
network was developed to rafse steam, preheat the feed gas, and cool the
effluent. A pressure profile was estimated for the system and the
process simulator was used to compute horsepower for the expander,
recycle gas compressor, and product gas compressor.

A trace sulfur removal system using zinc oxide was included ahead
of the methanation reactors and a product gas drying system was speci-
fied for the cooled compressor discharge gas. The bases for these two
designs are found in Reference 11.

€-3-15
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THE BDM CORPORATION

Following the establishment of the equipment configuration and
energy/material balance, the equipment was rough-sized using design
parameters from the reference design and in-house experience. As with
the CO shift system, equipment 1ists and process flow diagrams were

prepared.

Utility System Impacts
After the individual MBG upgrading plant systems were designed, the

system utilities requirements were totaled and reduced to net values to
determine their impact on the MBG facility. As stated earlier, the
primary impacts were in System 15, Steam Generation/Distribution, and
System 18, Waste Water Treatment. Capital and operating costs for these
systems were recalculated based on these incrcmental impacts.

C-3-16
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4.0 DISCUSSION

; This section presents a discussion of the two MBG upgrading plant

desfigns resulting from the study task. The configuration of the designs

1s such that it is more 11lustrative to describe first the individual

modules associated with K-T and Texaco gasification, and then

’ to show how the combination of modules in each design impacts the !
remainder of the MBG facility.

4.1 Koppers-Totzek MBG Upgrading Module Process Description
The MBG upgrading module consists of:

0 System 7, Compression

] System 20A, CO Shift

) System 4, Acid Gas Removal
° System 20B, Methanation.

Drawing 57-02 is a block flow diagram showing the arrangement of
these systems within the module. Table 4.1 presents the module material
balance for the Koppers-Totzek SNG module.

System 7: Compression

The configuration of this system, as a result of the tradeoff
analyses, was left as it is in the K-T Reference Facility Design. The
) system consists of two stages of axial compression followed by two
i stages of centifugal compression. For one module, approximately 11.&9
; MMSCFH of cooled raw gas from System 3, Gas Cleanup and Cooling, is
compressed from 14.9 psia to about 700 psia. The total compressor
horsepower required is atout 84,400 HP.

System 20A: CO Shift

‘ Crawing 57-06 is a process flow diagram of this system. Table 4.2
1 contains the associated material balance. 29,083 moles per hour of raw
| gas from System 7, Compression enters the CO shift <ystem at 690 psia,
100°F. Approximately 25 percent of the inlet ga. .s bypassed around the
shift conversion step, passing instead through COS hydrolysis. The
quantity of bypass gas is controlled by an HZ/CO ratio analyzer

C-3-17
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STREAM NUMBER
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Table 4.1 (Continued)

Material Balance

Koppers-Totzek Process
Integrated SNG/Mcdule Definition

[

STREAF 2D | I T PRODUCT RBG (100 (1) 0 GAS 10 SUFUR RECOVERY |
- = Les _ _LB-HOLS LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT R HR (1] “HR HR (1]

CARBON Cc 12.01 - - - - - -
HYDROGEN R 2.016 17,1342 30,5325 7,490 4 15,101 < .

DXYGEN 05 32.0 - - - - - -

NITROGEN & ARGON g; 20.016 360.2 10,069 387.3 10,548 ~
SULFUR S 32,0 Z - - - = -
CHLORINE Cl 38, 451 Z ; ‘- - - . ~ -
CARBON_MONOXID co 1 5.509.9 54,3 16.023.3 A4 813 - -

_CARBON nxogmg‘L o, 2‘l.a‘m 2311 10,11 1.200.6 52,838 2,676 3 117,764
_METHANE _ . CH, 16942 10/.2 .79 1s.3 1,849 - -
_ETHYLENE c. i, 20.052 - - - - N -

_ETHANE cznk 30.068 = - - - - -

“PROP B e 42.078 - - - - - - B
_FPROPANE [ g 44.094 - - - . N _

_JYDROGEN SULFIDE u’” 14.076 T’ IR 0977 3.3 479.1 16,328
CARBONYL SULFIDE 0,075 1R TR 4,08 245, 2.3 134
_CARBON DISULFIDE €5, 16,12 - - - - -

SULFUR DIOXIDE S04 13 - - - - -
"NITROUS OXIDE N0~ 30,008 N - - - - -
_AMMONIA "“i 12.011 - - - - = -

WYDROGGEN CYANIDE i 21.026 - - - - - -
_HYDROGEN CHLORIDE _HC1_ 36. 46} - - - - - -
“HAPHTUA - - s - - -

TAR & OIL = ~ - - - - -

“ASH = - - - - -

OTHER_SOLIDS - Z - - -
“SUBTOTAL, DRY 23,342.6 £10.654 25.221.9 529,121 EREYN 134,250
“WATER 0,0 18.016 L3 23 3.2 _67 898 —_—

TOTAL, WET 23,343.9 210 877 25,225.6 529,794 3,241.5 135,868
_GAS MOLECULAR WEIGHT 9.03 210 (YN
_TEMPERATURE, OF 100 &0 120

PRESSURE, PSIA 297 615 20
"SCFii f,862,930 §,574,629 laren ]
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‘~‘ fable 4.1 (Continued) o
1 =
E Material Balance Py
} Koppers-Totzek Process 3
Integrated SNG/Module Definition %
5 o
D
] >
. —
3 STREAM NUMBER 4-2 4-2 5-1 6
’ STREAM ID —hee (A0 NG i ROW S0 FUR RECOVLRY 2
_LB-MOLS ws | oS o oies | _th-wois —las
3 SYMBOL FORMULA WEIGHT iR iR iR iR fR
: CARBON. c 12.01 - - - - - -
4 MYDROGEN M, 2.016 631.7 1,273 2.013.7 3,062 e -
OXYGEN 0 32.0 - - - S 3.
NITROGEN & ARGON _ N3 29.016 32.6 913 423 1,185 954 26,221
i SULFUR S 32,06 Z - - - = -
3 CHLORINE [ 35.451 - - b = = |
; CARBON MONOKIDE _ CQ 28.01 1,351.2 37,847 647.5 18,148 - - :
3 o CARBON DIOXIDE co 42‘31 103.7 4,564 21.2 1,197 1.175.3 51,725 :
3 ' “METIIANE < 042 9.7 155 12.6 202 - =
3 ' _ETHYLENE ., 28,052 - - - - - = ;
. ~ E¢HANE CZB: 30.068 p . = N - !
1 o _PROPYLENE Colig 42.078 - - - - - = ;
£ PROPANE Cillg 44.094 - - - - - o é
HYDROGEN SULFIDE __ pJs 34.016 = 0.08 2.1 1R - I s ;
"CARBONYL SSLFIDE __cOs 60,075 0.34 20.4 IR - .
CARBON DISULFIDE _ CS. 76.13 - - - - - = ;
“SULFOR DIOXIDE 50, 64,06 - - - . - -
“NITROUS OXIDE NO* 30,008 - - - - :
“AMMONTA N 2l - . = - f
“HiYDROGEN CYANTDE __HCR 21,026 ] - - - = . 5
iIYDROGEN CHLORIDE HC1 36.461 o = = 2 — . i
NAPHTHA - - - - - ,,
TAR & OIL - - - = = = :
ASH - - - - - - - :
OTHER SOL.iLs - = = = = = :
“SUBTOTAL, “BRY 2,129.3 44,776 2,744.7 24,793 2,153.9 11,202 :
HATER T 18.016 0.77 13,9 0.16 2.9 137,13 ]
TOTAL, WET ° 2,130.1 44,790 2,744.9 24,79 2,300.2 - 38!,!56
5 GAS MOLECULAR WEIGHT 2.0 9.03 % ;
A TEMPERATURE, OF 60 100 )
PRESSURE, PSIA 315 291 513,443 i
“5CFn ; 808,731 1.042.150 3, . f
&M T - - - f
:
] é
{
s e 2 & i | Bt |
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Table 4.1 (Continued)

Material Balance
Koppers-Totzek Process
Integrated SNG/Module Definiticn

STREAM HUMBER 6-1 <_1\ }3-1
STREAM 1D OATDART TEDT0 GALIFITR (ORI L0 nﬁi TG SHIFY SULF R E T PRO(AK |
LB-MOLS LBS LB-MOLS LBS Lu-KOLS __1BS
SYMBOL FORMULA WEIGHT HR HR —_HR HR HR HR

CARBOY _ c 12.0) - - - i - -
MYDROGEN B, 2.016 - - 8,125 4 16,321 - -
LOXYCEN 0 32.0 10,501 4 336,045 - - - P
MITHOGEN & ARGON gg 28.016 214.3 6,004 419.9 11,764 - -
SULFUR s 32,06 - - - - &l 9 15,450
CHLORINE Cl 35.4513 - - = = = =
CARBON_MONOXIDE Cco 28.01 - - 17,405, 447,536 = =
CAKBON DIOXIDE co., 44.01 - - 2,883.7 109,286 - =
_HETHANE cye 42 - - 125 2,005 - -
_ETUYLENE czﬁ 28,052 - - - - - -
ETHANE czgf 30.0&8 - - - - - -
_PROPYLENE cBu',’ 42.078 - - - - - =
_PROPANE e 44.094 - - - - = =
HYRROGEN SULFIDE _ j 16 - - 4332 14,762 N -
CARBONYL. SULFIDE S 60,015 - - 46,7 2,926 - z
CARBON DISULFIDE _ C5._ 76,13 - - - - -
“SULPUR DIOXIDE 505 64,06 - - - - -
“HITROUS OXTDE HO“ 30,008 - - - - N
_AMMONTA Nil 12.031 - - - - - -
HYDROGEN CYANTDE _ HCH 27.02% - - - - - -
_NIYDROGEW CHLORIDE _HCL 36,461 - - - - - =
HAPHTIIA _ - - - - - - -
"TAW & OiL - - - - - - =
ASH - z - - - - =
OTHER SOLIDS - it ~ d = =
"SUBTOTAL, DRY 10,7127 342,049 29.041.2 £44 660 4£1.9 15,450
"WATER H.0 18.016 - - a1 ¢ 249 -

TOTAL, WET j 10,715.7 342,045 29,062k 645 8019 akl.9 15,45
_GAS MOLECULAR WEIGHT .92 22.7 -
TEMPERATURE, OF 180 00 60
“PRESSURE, PSIA 21,6 700 -
"SCEN - N 4,065,408 11,041,632 = FESE—
R’ ’ o R - - -
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Table 4.1 (Concluded) 8
Material Balance s
Koppers-Totzek Process 8
[ Irtegrated SNG/Module Definiticn 5
| o
f O
i el
>
‘ -
: STREAM NUMBER 16-1 50-1 o
: 2
] STREAM 1D 1 RAK[-UP WATER 1O BFW SYSIEM | SHIFTED GAS TC WCTD GAS REMOVAL
: LB-MOLS LBS LB-MOLS LBS
3 SYMBOL FORMULA WEIGHT —HR —®R T HR R
3
CARBON c 12.01 - - - -
] _HYDROGEN H, 2.016 19,2793 18,867 5E T 7
4 LDXYXGEN ['4) 32,0 - - - -
] MNITRUGEN & ARGON _ N} 28,016 4199 11,764 360.1 10,066
‘: SULFUR [ 32.06 - - = -
; CHLORINE ci 35 453 - - - -
CARBON MONOXILE _ CG 28.01 6.233.6 7 1.6 35 _
1 o “CARBON DIUXILE co, 44.0i 13,701.1 602,985 933 4,106
' THMETHANE . _ o’ 16.042 125 2,005 5,753.3 92,483
2 ¢ ETHYLENE c. A, 28.052 Z N z . )
; ™~ ETHANE Colle 30.068 - - - - :
-~ _PROPYLENE c,n" 42.078 - - - - é
J PROPANE c33° 44094 N - - - ‘
"HYDROGEN SULFIDZ _ § 2% 3732 16,331 R TR
CARBONYL SULFPIDE _ C0S 60,075 163 R R
CARBON DISULFIDE _ CS, 26.1; - p - - ;
SULPOR DIOXIDE 502 64.06 - - = - :
NTTROUS OXTDE NO*® 30,008 - - - - g1
AMMONTA Nl 12.031 = - - - -
. HYDROGEN CYANIDE _nca 27,026 - . - . k
WYDROGEN CHLORIDE _HC1 36,461 - = - -
THAPHTIIA - - - - -
TAR & OIL - - - - -
: ASH - - - - -
? _OTHER SOLIDS - - - -
SOBTOTAL, DRY 30,241.0 846,724 6,266 .4 106.637 %
WATER H,0 18.016 71.6 1,290 0.93 16 i
TOTAL, WET 40,312.6 848,014 6,267.1 106,653 i
GAS MOLECULAR WEIGHT 21.0 17.0 ;
. TEMPERATURE, OF 00 100
' PRESSURE, PSIA 1,030 ] i
TSCPH 15,305,402 2,379,492 :
(1 1,404 - - :
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STREAM NUMBER

Table 4.2
Material Balance

Koppers-Totzek SNG Mcdule

CO Shift Unit

STREAM 1D (WBG FRON | €0 SHIFT REACTOR YSIS
LB-MOLS LBS LB-MOLS LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT HR HR HR HR HR BR
CARBON o] 12,01
HYDROCEN "2—- 2.016 8,.125.4 6.094.9 2.031.4
DOXYGEN 0, 32.0
NITROGEN ¢ ARGON N, 28,216 419.9 314.9 105.0
SULFUR s 32,06
CHI.ORINE Cl 35.453
CARBON MONOXIDE Cco 28.01 12.405.8 13.084.2 4,351.8 - —
CARBON DIOXIDE Cco., 44.01 z.ﬂg.z 1.862.4 620.8
METHANE ] cy* 16.042 0 93.7 31.3
_ETHYLENE c.f, 28.052
ETHANE CoH 30.068
PROPYLENE clu; 42.028
PROPANE CB, 44.094
HYDROGEN SULFPIDE .;2§° 34,0726 33.2 324.9 ~108.3
CARBONYL SULFIDE _ COS 60.075 87 36.5 12.2
CARBON DISULFIDE _ CS. 76,13 R
SULPUR DIOXTIDE 503 64,06
"NITROUS OXTDE NO 30,008
“AMMONIA NH 17,631 ]
HYDROGEN CYANIDE _ HCN 27.026
"HYDROGEN CHLORIDE HC1 36,461
MAPHTHA -
"TAR & OIL -
ASH =
OTHER SOLIDS
SUBTOTAL, DRY 29,047.2 21,760. 7,229.¢
WATER H.0 1B.016 awe kI 10.4
< 29,0828 €4%5,40% 21,811, 484,057 7,280.2 161,352
TOTAL, WET i
GAS MOLECULAR WEIGHT 26
TEMPERATURE, OF 155 l@ 100
PRESSURE, PSTA — &3 Qﬂg ] f% ]
<crno X T8 X0 - - - AN i R R 3 7 A

e R

NOI1lvHOdH40D Q8 3H1L
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Table 4.2 (Continued)
Material Balance
Koppers-Totzek SNG Module
CO Shift Unit
. rnm'rmr@rr—
STREAM ID {41 JE 1
__LB-MOLS Las LB-MOLS
SYMBOL FORMULA WEIGHT ~ BR___ HR
_CARBON c 12.01 B
_HYDROGEN i, 2.016 6,094.0 17,265.9
OXYGEN 03 12.0
NITROGEN & ARGON _ N; 28,016 8.125.4 349 3.
SULFUR s 32,06 -]
CHILORINE Cl 35,453
CARBON MONOXIDE __ CO —28.01 1 1,882.3 A
CARBON DIOKIDE ___ CO., 44.01 ] .4 13,068.2
) METHANE CHS 16.042 93, 93.7
1 ETHYLENE C 28.052
@ ETHANE cﬁ‘a 130,068
~ PROPYLENE —c3H 42.078
- PROPANE CiHa _ 44.094 —
“HYDROGEN SULFIDE __p2g° 14,076 328.9 358.8 7
CARBONYL SULFIDE _ COS 60.075 36.5 2.6
CAKBON DISULFIDE  CS. 76.13 -
“SULFUR DIOXIDE 505 _ 64,06
NITROUS OXIDE NO 30,008
AHMONTA NH 17,03} ]
_HYDROGEN CYANTDE _ HCH 27,026
HYDROGEN CHLORIDE HCI 36,461
NAPHTHA o ]
TAR & OIL Z
ASH = - ]
OTHER SOLIDS -
SUBTOTAL, DRY . ;.gai.l _.____.__,_]
WATER H,0 15.016 38.375.9 %:;29—1 ,204.0 _
TOTAL, WET ] 38,375.9 697.865 60,547.7 1,181,922 60,547.7 l:l_e_!:ﬂJ
_GAS nouz_c_uun WEIGHT _ 18 19.52 19.52 —
_TEMPERATORE, OF "~ """ 7 ;gg 560 o «,.}11 [ — 4
PRESSURE, PSTA T hﬁ o 660 .
"SCFH g 106 R D | e®8 . 2% .. .
GiM N oo e R e i
e s il e .
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Table 4.2 (Continued) o
; <
: Material Balance a
; Koppers-Totzek SHG Module o
E CO Shift Unit o
R ©
: @]
o o)
; >
: ~
4 STREAM NUMBER 8 —
v O
- STREAM 1D % HYDA0 TR 2
LB-MOLS __LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT HER HR AR HR
3 CARBON c 12.01 -
: HYDROGEN _ y, 2,016 20318
¢ OXYGEM Fo ) 2.0
NITROGEN & ARGON u; 28,016 105.0
: SULFUR s 32.06 ]
i CHLORINE cl 35.453 B
5 CARBON MONOXIDE co 28.01 1.882.3 - S 4,358
{ _CARBON DIOXIDE co, 44.0) 13,068.2 % S—
2] _METHANE cy 16,042 884 . A
' ETHYLENE czﬂ‘ 28.052 ]
¢ Emmane T 02,4 =
ro _PROPYLENE C3Hg 42.078 —
] ® PROPANE c,u?. 44.094 108.3
_HYDROGEN SULFIDE _ jos° 34.026 __358.8 z
CARBONYL, SULFIDE __ 0S 60.075 2.6 12.2
CARBON DISULFIDE __CS, 76.13
SULFPUR DIOXIDE S0~ 64,06
NITROUS OXIDE NO* 30,008
_AMMONTA NH. 17,03) e ]
HYDROGEN CYANTDE __ HCH 27,026
“HYDROGEN CHLORIDE HC1 36,461 -
NAPHTHA - ]
TAR & O - —— ]
“ASH = —
OTHER SOLIDS T3 E —
SURTOTAL, DRY 33, 2229, —_—
WATER H,0 18.016 —38% 1.755.0 1,265 .4 _ |
TOTAL, WET 33,404.3 692,907 1,255.0 22,610 8,495.2 183,692
! GAS MOLECULAR WEIGHT 271 ._7&8[ 21.65 -
; TEMPERATURE, OF Egs 320 — ]
¥ _PRESSURE, PSTA Ly L b 1 SSEREREE
| _SCFM_y g6 ~—— T A28 T ” R 7 - SN
o T I . e b ]
4
|
]
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Table 4.2 (Cont[nued)

‘aterial Balance
Kovpers-Totzek SNG Module

CO Shift Unit

STREAM NUMBER n
STREAM ID COS HYDROLYSIS T 1 i
LB-MOLS LBs 70 __LB-MOLS _ LBS
SYMBOL FORMULA WEIGHT HR HR HR R

CARBON o 12.01 — —
HYDROGEN B, 2.016 2.031.4 2.031.4

DOXYGEN Q 2.0

MITROGEN & ARGON ﬂ; 28,016 105.0 105.0

SULFUR s 32,06

CHLORINE cl 35.453 —

CARBON MONOXIDE co 28.01 g.ggl s 4,35

CARBON DIOXIDE co. 44.0) -9 632.9

"METHANE « 16.042 1.3 il.a

ETHYLENE ;zﬂ ‘ 28.052

"ETHANE colle 30068

PROPYLENE c3y§ 42.078 -~

“PROPANE ___ C3bg 44.094

HYDROGEN SULFIDE __ p-s 34,076 120.4 120.4

CARBONYL SULFIDE __ (0Os 60,075 0.1 0.1

CARBON DISULFIDE _ CS_ 76,13 ]
SULFUR DIOXIDE S0° 64,06

NITROUS OXIDE NO“ 30, 008 —
AMMONTA Nil . 17,031

“HYDROGEN CYANIDE _ HCH 27,026

HYDROGEN CHLORIDE HCI 36,461

NAPHTHA -
"TAR & OIL -

ASH pe

OTHER SOLIDS R
SUBTOTAL, DRY 1.272.6 7,272.6

WATER HO 18.016 1.222.6 1.0 21,143 .4 —
TOTAL, WET _ 8,495.2 183,692 7,283.6 161,864 27,143.4 489,015 |
GAS MOLECULAR WEIGHT 85 18 —
"TEMPERATURE, OF N . 100 —]
"PRESSURE, PSIA T 65¢ —t 020 ]
SCF"!I& e B . .22 _ [
GPM T . 978

NOI1vHOdHOD WA8 IHL
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Table 4.2 (Concluded)

Material Balance
Koppers-Totzek SHG Module
CO Shift Unit

NOI1LYHOdHOD WQ8 3H1

ey

STREAM NUMBER n 14 <>
STREAM 1D o
LB-MOLS LBS __LB-MOLS _ LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT —__mR____ T HR HR HR HR ) HR

CARBON c 12.01

HYDROGEN H2 2.016 19,297.3

OXYGEN_ 05 120

NITROGEN & ARGON N2 28.016 419.9

SULFUR S 32,06

CHLORINE Cl 35.451

CARBON MONOXIDE co 28.01 £.233.8

CARBON DIOXIDE co. 44.0) 13,7011

METHANE cp 16.042 125.0

_ETHYLENE zﬂ‘ 28.052

ETHANE Mg —30.06R

PROPYLENE c3h 42.078

PROPANE Cig 44094

HYDROGEN SULFIDE _ Bls 34.016 479.2

CARBONYL SULFIDE _ COs 60,075 2.1

CARBON DISULFIDE _ CS. 76,1

_SULFUR DIOKIDE 502 64,0

NITROUS OXIDE NO* 30,008

AMMONTA NH 12.03) B
HYDROGEN CYANIDE  HCR 22,026

HWYDROGEN CHLORIDE HC1 36,461

NAPHTHA -

TAR & OIL -

ASH = —
OTHER SOLIDS —_
SUGTOTAL, DRY

WATER H,0 168.016 1,211.6 1.6 —
TOTAL, WET 1.211.6 21,828 40,312.6 848,014 i
GAS MOLECULAR WEIGHT 18 _21.0 -
TEMPERATURE, OF 1 %gs

PRESSURE, PSIA i 6 e e
TR R — — 15.30 oI T
GPM N “u e e — o
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THE BDM CORPORATION

installed on the combined outlet gas stream geing to System 4, Acid Gas
Removal. This analyzer operates a bypass flow ccntrol valve which
maintains the HZ/CO ratio in the effluent gas at 3.1.

The gas which 1s to be shifted passes first through 90-E-5, in
which it is heated to 310°F against shift converter effluent gas. Tre
preheated gas is then mixed with 735 psig, 700°F superheatec steam to
raise the steam-to-dry gas ratio tc 1.0C8. The temperature of the mixed
gas stream is also raised tc 560°F as required for inlet to the shift
converter.

The gas next passes through 90-V-1, CO shift reactor. This is a
spherical reactor containing & fixed bed of cobalt-molybdate catalyst,
of approximately 24,400 cubic feet in volume. Here, the CO shift
reaction takes place.

co + H?_O:: CO2 + H2
A 50°F temperature approach to equilibrium has been assumed. This
results in a CO conversion cf 85.5% based on reactor feed. For the
purposes of this design it has also ‘been assumed that the COS hydrolysis
reaction occurs over the catalyst.

C0s + H,0 +=C0,y + H,S

A 50°F approach to equilibrium has been assumed. At the outlet tempera-
ture of the shift converter, this ¢qrresponds to a 93.7 percent conver-
sfon of COS based on shift reactor feed.

The exothermic shift and hydrolysis reactions cause the shifted gas
to leave the reactor at about 911°F. The gas is cooled in a series of
shell-and-tube heat exchangers summarizecd in Table 4.3. In these
exchangers, the shift reaction heat is recovered as useful erergy in the
form of superheated steam which is exported to System 15, Steam Generation
end Distribution.

€-3-31
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THE B8DM CORPORATION

Table 4.3
CO Shift Effluent Cooling Train
EFF.
ITEN DUTY AREA
NUMBER HAME 106 BTU/HR o u FT2
E-1 HP STEAM 33.4 265.6 60 2096
SUPERHEAT
EXCHANGER
£-2 HP STEAM 166.6 136.0 120 10208
GENERATOR #1
E-3 HP BFW 62.2 98.5 80 7893
PREHEATER #1
E-4 HP BFW 75.0 04.6 80 9910
PREHEATER #2
E-5 SHIFT FEED 34.4 182.0 100 1890
PREHEAT
EXCHANGER
E-6 65 PSIA 225 % 10° 101.0 120 18564
STEAM
GENERATOR
EA-1 SHIFT EFFLUENT 310 x 105 126.5 100 24506
AIR COOLER
E-7 SHIFT EFFLUENT 25 x 105 10
TRIM COOLER
E-8 HYDRCLYSIS 8.7 120.9 60 1190
FEED/EFFLUENT
EXCHANGER
EA-2 HYDRCLYSIS 21.3 105.6 100 2017
EFFLUENT
AIR COOLER
E-9 HYDROLYSIS 3.5 10 g0 4375
EFFLUENT
TRIM COOLER

C-3-32
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THE BDM CORPORATION

The shift bypass gas is preheated to 250°F in 90-E-8, Hydrolysis
Feed/Effluent Exchanger, against the hydrolysis reactor effluent. Then,
735 psig, 700°F steam 1is injected to bring the steam-to-dry gas ratio in
the hydrolysis reactor feed to approximately 0.2 and the reactor inlet
temperature to 320°F the same as in the reference design.10 At this
temperature, the conversion of COS is calculated to be about 99.2% based

on reactor feed. Because of the smal)l amount of COS teing hydrolyzed,

the temperature rise is only about 1 degree F.
90-V-2, the COS hydrolyzer, is a spherical reactor filled with 575

cubic feet of catalyst. It is assumed for the purposes of this study
that a catalyst for this source is commercially available; although this
has not yet been demonstrated. The Muscle Shoals demonstration plant
contains a CCS hydrolysis catalyst which may be suitably demonstrated in
the near future. Although the operating conditions for this catalyst
are somewhat different from those used in this studylz. the overal}
plant design and economics are not expected to be materially affected by

this difference.
After leaving 90-V-2, the reactor effluent 1s cooled by preheating

feed gas in 90-E-8, and is further cooled to 100°F in 90-EA-2, Hydrolysis

Effluent Air Cocler, and 90-E-9, Hydrolysis Effluent Trim Cooler. The
gas is then mixed with the cooled shift effluent gas and flows to System

4, Acid Gas Removal.

System 4: Acid Gas Removal
The purpose of this system {s to: ‘
. Remove sulfur compounds from the process gas to a total

concentration of 1 ppmv or below.
° Remove CO2 from the process gas to a concentration cf

approximately 0.5 mcle percent.

The precess used is the Rectisol process, licensed by Lurgi.
design used for this study is based on a published cesign.

The

€-3-33
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THE BDOM CORPORATION

The Rectisol process uses methanol to accomplish the desired removal
of acid gases. As designed for this application, the following seven
subsystems would be included in the design:

) Gas Cooling
Methanol Recover
Gas Purification
Flash Regeneraticn
HZS Concentration
Hot Regeneration
Refrigeration

Drawing 57-09 is a representation of the Rectisol System.

The internal details of stream flows, temperatures, and pressures
are proprietary and were not calculated for this design. As mentioned
earlier, this design was prorated from the refercnce design on a system
level,

The purpose of the gas coocling subsystem is to cool the raw inlet
gas from 100°F to subzero temperatures. This is accomplished in a
series of shell-and-tube heat exchangers. Part of the water present in
the inlet gas condenses in these exchangers and is sent to the methanol
recovery susbystem, The cooled gas is sent to the gas purification
subsystem,

The methanol recovery subsystem is used :0 separate the water con-
densed from the inlet gas from the methanol solvent. There is some
question as to whether this system is needed if no condensable light
hydrocarbons are present in the inlet gas. However, to provide some
cunservatism in the cost estimate, it has been retained.

The gas purification subsystem {s where the HZS' organic sulfur
compounds, and most of the CO2 are removed from the gas hefore the gas
is sent to System 20B, Methanation. The cooled gas from the gas cooling
subsystem first enters the prewash section of the HZS Absorber, where it
is washed with a small stream of cold methanol to remove 7rganic sulfur
compounds. The liguid from the prewash section, containing water

C-3-34
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THE BDM CORPORATION

condensed from the gas in the gas cocling subsystem, flows to the methanol
recovery subsystem. The prewashed gas enters the top section cf the st
Absorter where the HZS is absorbed. The methanol for the abscrption

step comes from the CO2 Absorber, pumped through a refrigerant-cocled
heat exchanger. The rich methanol from the base of the upper section cf
the HZS Absorter flows to the flash regenera.ion subsystem. The over-
head gas from the HZS Absorber flows to the CO2 Absorber.

Treatment in the trayed CO2 Absorber is done in 3 steps. In the
bottom section of the tower, the heat of absorption cf the CO2 is
removed by a pump around cooler. In the middle section, the bulk of the
C0, is removed by countercurrent contact with flash regenerated metharol
frem the flash regeneration subsystem. In the top section, the final
amounts of sulfur compounds and C02 are removed by countercurrent
contact with lean methanol supplied from the hot regeneration subsystem.
Rich methanol, in excess of that needed to supply the HZS Absorber,
flows to the flash regeneration sutsystem. The treated gas leaving the
top of the CO2 Absorber is reheated by ccoling the inceming gas in the
gas cooling subsystem, after which 1t flows to System 208, Methanation.

In the flash reganeration subsystem, 1ight gases are recovered from
the HZS rich methanol, and CO2 rich methanol frem the CO2 Absorber is
partly regenerated for use in the middle section of the CO2 Absorber.
Flash yus from the HZS rich methanol is recompressed and recycled to the
inlet gas stream. The CO2 rich methanol 1s flashed in several steps.
Vacunm blowers compress vacuum flash vapors which are then vented to the
atmosphere. The flashed methanol not recycled to the 'CO2 Absorber is
fad to the st concentration subsystem.

The HZS concentration subsystem separates C02 from the HZS rich
methanol stream, so that the HZS concentration in the acid gas feeding
the sulfur recovery system will be as high as possible, hopefully
between 25 and 5C vclume percent.

C-3-36
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In this subsystem, flashed HZS rich methanol enters the lower part
of the top section ¢f the Reabsorber where it is flashed. The liquid
from this "cold flash" is pumped through a shell and tube exchanger
where it is heated against hot regenerated methanol and returned to the
tower to be flashed again. The 1iquid from this "warm flash" is pumped
through a second exchanger wnhere it is heated a second time against hot
regenerated methanol and returned to the tower to be flashed a third
time.

The gases from the three flashes rise in the tower and are washed
in the top c~ction of the tower by flashed CO2 rich methanol from the
flash regeneraticn subsystem. The washing reabsorbs any flashed hydrogen
sulfide and part of the carbonyl sulfide. In the liquid leaving the
bottom of the Reabsorber the dissolved gas is up to 50 volume percent
HZS' This liquid 1s pumped to the hot regeneration subsystem where the
acid (Claus) gas is stripped from the methanol.

An extra connection from the acid gas line to below tray one in the
Reabsorber is provided to permit production of acid gas of about 50
volume perce:t HZS even when the sulfur content of the mixed gas fis
lower than expected. Overhead gas from the Reabsorber, rich in COZ.
is vented to the atmosphere.

The purpose of the hot regeneration subsystem is to strip the
carbon dioxide, non-methane hydrocarbons, hydrogen sulfide and carbonyl
suflide from the methanol. In doing so the methanol is regenerated and
the acid gas for System 5, Sulfur Recovery, is produced.

The methanol containing the acid gas enters the Hot Regenerator
after being heated in a shell and tube exchanger against hot regeneratec
methanol. In the Hot Regenerator, the dissolved gas is stripped by

vapors produced in a steam-heated Reboiler plus methanol vapors from the

methanol recovery subsystem.
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THE BDM CORPORATION

The methanol vapor leaving the top of the coiumn {s condensed out
of the gas in a series of shell ard tube exchangers. The cordensed
methano! accurulates in the reflux cowpartment cf the tower and is
pumped back tc the top of the Hot Regenerator.

Part of the essentially gas free hot regenerated methanol leaving
the bottom of the tower is used as & reflux in the methanol recovery
sutsystem. The remainder is exchanged with the hot regererator feed
and the interstage 1iquids in the Reabsorber and further pumged to the

CG2 Absorber.

System 20B: Methanation

Drawing 57-05 §s a process flow ciagram of this system. Table 4.4
contains the associated material talance. 26,089 moles per hour cf
treated gas from System 4, Acid Gas Removal, enters the methanation
system at 100°F, 545 psia. The gas {is first preheated to 750°F by
exchange within 92-E-2, Expander Feed Preheat Exchanger hot methanator
effluent. It is then let down to 282 psia in 92-EX-1, Feed Gas Expander,
which generates atout 13,100 HP. The expanded gas first passes through
92-V-1, Guard Vessel Package. This package consists of two vertical
vessels each containing a bed of zinc oxide. The zinc oxide absorbs
traces of sulfur compounds which remain in the fresh feed gas. The
vessels are arranged in series, with piping and valving providecd such
that either vessel may be placed first in line, and such that one vessel
may be taken offline, and the zinc oxide replaced while the other vessel
is in service. The sulfur-free fresh feed is mixed with methanator
recycle gas at a recycle/feed molar ratio of 5:1. The mixed gas temperature
can be controlled by byrpassing part of the gas around 92-E-5, Recycle
Gas Preheat Exchanger, or by bypassing some of the fresh feed around the
Feed Gas Expander.

The total feed gas, at & temperature cf 547°F and an HZ/CO ratio of
3.34, then enters 92-V-2, Methanation Reactor. This vessel contains
about 3000 cubic feet of a nickel catalyst whica promotes the methanation

of carbon cxides:
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THE BDM CORPORATION
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Table 4.4 (Continued) g
Material Balance =
Koppers-Totzek SNG Module 8
Methanation Unit ]
)
O
ps
>
STREAM NUMBER _-j
STREAM 1D — Cz)
LB-MOLS LasREAC ]
SYMBOL FPORMULA WEIGHT T RR T HR
CARBON c 12,00 ¢ B T——— S
HYDROGEN H, _2.016 6.189,9 346.8 B RN X
OXYGEN 03 32.0
'NITROGEN & ARGON _ I, 28.016 7.184.2 402.5 7.184.2 j
SULFUR s 32,0
CHLORINE Ccl 35.453
CARBON MONOXIDE 1 669.4 %.5 ‘ 669.4
CARBON DIOXIDE O, 44.01 2,616 148.0 2,647.6
METHANE 16.042 113.346.4 _6,350.4 113.346.4
o ETHYLENE c A, 28.0%2
& EBTHANE: _ CoH. — 30.06A
] _PROPYLENE ) 42,078
s PROPANE g 44.094
- YDROG! ULFIDE  §I55 34.026
CARBONYL SULFIDE _ C0s 60.07%
CARBON DISULFIDE  CS. 6.13
“SULFUR DIOXIDE S0 '
“RITROUS OXIDE N0~ 30, 00
“AMMONTA NH 12,031
"UYDROGEN CEANIDE _ HCH 21.026
HYDROGEN CHLORIDE _HC1 36,461
NAPHTIIA -
TAR & OIL Z .
ASH - ]
OTHER SOLIDS i = -
SUBTOTAL, DRY 130,03),
WATER H,0 18.016 4335 % L40.1
TOTAL, WET 130,465.0 2,174,871 7.651.0 128,000 .4 136,441.6 2,282,545
“GAS WOLECULAR WEIGHT 16,67 16.23 16.13
TENPERATURE, OF 523 ]
"PRESSURE, PSIA 252 %é%
scFP X 106 49,51 4.y .18
_GPM
50
> ~b°
S
O Kk°
EALSREAN

e — —
T W — a—

— — i —

Bt K Ko st ad g s
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, Table 4.4 (Continued) 8
H
Material Balance i
5 Koppers-Totzek SNG Module Q
.: Methanation Unit 3
! °
; O
: ]
¢ >
3 STREAM NUMBER o
1 STREAM 1D — RN RETRAA TR 00 ®)
d TRERTINS 1S LBS LB~MOLS LBS z
4 SYMBOL FORMULA WEIGHT —8BR___ ——HR___ | HR HR
: _CARBON c 12.01 4
; HYDROGEN i, 2.016 64.9 64.9
i OXYGEN Q 32.0
4 NITROGEN & ARGOM u; 20,016 402.5 402,%
y SULFUR S 32,06
+ CHLORINE cl1 35.453
i CARBON MONOXIDE co 28.01 8 L8
- CARBON DIOXIDE o, 44.01 4.3 104.3
_METHANE Clly 16.042 €,429.8 6.429.8 i
. o YLENE A4 28,052
: ) ETHANE * C3lig 30.068
4 ‘-:’ PROPYLENE c)"u 42.028
PROPA! o 44.094
: S Hy, ULFI 3g 34.076
CARBONYL SULFIDE _COS 60,075
CARBON DISULFIDE _ CS, 6, 1
"SULFUR DIOXIDE S0- 5
“NITROUS OXIDE NO“ ,008
AMMONTA nH 12.031
_UYDROGEN CYANTDE  MCN 21,026
IYDROGZN CHLORIDE _ HC1 36.46)
NAPHTIA -
TAR & OIL = _
ASH z
OTHER SOLIDS
SUBTOTAL, DRY 7,003.3 7,003.3
WATER 0,0 18.016 5,976.8 . 28.6
TOTAL, WET ‘ 5,976.6 107,674 7.492.2 128.000.4 7,031.9 119,544
GAS MOLECULAR WEIGHT ‘8 12.08 V7.00
TEMPERATURE, OF T 629
"PRESSURE, PSIA 240 % 280 :
) SCFH . 2.61 ;
GPM. 215 ;
-
’z
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Table 4.4 (Continued)

Material Balance

Koppers-Totzek SNG Module

Methanation Unit

STREAM NUMBER 10

STREAM 1D ( *Wrm@——

LB-MOLS LBS _ LB-MOLS _ _es__ | ¥oLs L8s
SYMBOL FPORMULA WEIGHT —wr_ T HR HR BR HR HR

_CARBON c 12.01 4

HYDROGEN B, 2.016 64.9 64.9 ]
OXYGEN 0 32.0
MNITROGEN & ARGON u; 28.016 402.5 We.5 ]

SULFUR s 32,06

CHLORINE Cl 15,453 T 5
_CARBON_MONOXID Go 28.01 .

“CARBON DIOXTDE —co; TS 1043 1043

METHANE cB 16.042 £.429.8 6.429.8 —
_ETHYLERE = ¢ fi, 28.052

ETHANE ° Collg 30.068 .

PROPYLENE Cill 42.078 -
_PROPANE Cillg 44.094 R
_HYDROGEN SULF ’"53 34.076

CARBONYL SULFIDE _ COS $0,075

CARBON DISULFIDE _ Cs_ 26,13
“SOLPUR DIOXIDE 50 64 0
“NITROUS OXIDE RO~ 30,008
TAMMOR: A NH, 17.021
"TIVDROGEN CYANIDE  HCR 27,026

HYDROGEN CHLORIDE HC) 36,461

NAPHTHA <

TAR & OIL - 4

ASH =

OTHER SOLIDS
_SUBTOTAL, DRY 7,003.3 7,003.3 ]

WATER H,0 18.016 6.8 L0 460.3 —_

7,010.1 119.151 7.004.3 119,046 460.3 8,293

TOTAL, WET —_
GAS MOLECULAR WEIGHT 17.0 17.0 18
TEMPERATURE, OF !% 100

PRESSURE, PSIA 1,0 N 240 e
Scen__X (3 2.66 2.66 ———
_GPM _ 124

HHV = 929.9 BTU/SCF

NOILVYHOdHOD WA8 3HL
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Table 4.4 (Concluded)

Material Balance
Koppers-Totzek SNG Module
Methanation Unit

TR

STREAM NUMBER

STREAM 1D
LB-HOLS LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT HR BR HR BR
CARBON c 12.01
HYDROGEN B, 2.016
OXYGEN — 0, 32.0
MITROGEN & ARGON N, 28.016
SULFUR S 32.0
CHLORINE Cl 35.451
CARBON MONOXIDE co 28.0)

o CARBO:_DIOXIDE co, 44.01
' _METHANE_ _Chy 16.042
w ETHYLENE Jzﬂ. 28.052
' ETUANE colle 30.068
s PROPYLENE J]B" 42.078
> PROPANE c,u!{ 44.094
HYD UL c8s"____u.n15
CARBONYL SULFIDE S 60,075
CARBON DISULFIDE _ CS, 76,1
“SULFUR DIOXIDE 05 4,
"NITROUS OXIDE NO® 30,008
“AMMONTIA NH ., 12.03
HYDROGEN CYANIDE _ HCHR 21.02
HiYDROGEN CHLORIDE _HC1 36,46
HAPHTHA =
TAR & OIL -
ASH -
OTHER SOLIDS
SUBTOTAL, DRY
WATER 1,0 18.016 218
TOTAL, WET - 21.8
"GAS MOLECULAR WEIGHT — 393
TEMPERATURE, OF 18

PRESSURE, PSIA

SCFH

_GPM

et
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THE BDM CORPORATION

Co + 3H2 — CH4 + HZO

CO2 + 4H, — CH4 + 2H,0 .

The calculation of methanation yields is based on the reference design.lo
The operating conditions in the system were chosen to closely match
those of the reference design.

The reactions shown above are exothermic, such that the effluent
gas from the reactor is at 873°F. The gas is cooled in a series of
shell and tube heat exchangers from 873°F to 110°F. Table 4.5 summarizes
these exchangers.

Partially cooled net product gas is withdrawn from the corling
train at a temperature of §73°F. This temperature can be controlled ty
withdrawing part of the net product gas upstream of exchanger 92-E-5,
and the balance downstream. This gas 1s sent to 92-V-4, Trim Methanation
Reactor. The remaining recycle gas passes through 92-V-3, Compressor
Suction Drum, where condensed water is separated from the recycle gas.
The gas is compressed in 92-C-1, Recycle Compressor. The horsepower
requirement in this compressor is approximately 21,000 BHP; about 62
percent of this is supplied by 92-EX-1, with the balance supplied by 92-
M-1, Assist Motor. The Assist Motor is sized to supply the full power
requirement of the compressor in case the expander must be removed from
active service. This will permit continued operatfon of the methanation
system between scheduled maintenance periods.

The net product gas, comprising 7,651 mol/hr still contains 4.53%

H2 and 0.5% CO; it 1s not suitable for pipeline gas. To convert the
remaining H2 and CO to CH4, the gas 1s passed through 92-V-4, Trim
Methanation Reactor. This spherical reactor is filled with 215 cubic
feet of methanation catalyst, and converts 95.2 percent of the feed CO
and about 29.5 percent of the feed CO2 to CH4. The effluent gas is
cooled in 92-E-7, 150 psfa Steam Generator; 92-EA-2, Trim Methanator
Effluent Air Cooler; and 92-E-8, Trim Cooler from 629°F to 100°F. After

C-3-45
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THE BDM CORPORATION

Methanation Effluent Cooling Train

Table 4.5

EFF.
ITEM DUTY AREA
NUMBER NAME | 106 BTU/HR o v FT
E-1 HP STEAM 175.0 33.2 | 120 4,656
GENERATOR
#2
E-2 EXPANDER 121.0 192.5 | 60 | 10,476
FEED PRE-
HEATER
EXCHANGER
E-3 HP STEAM 130 158.6 | 120 6,831
GENERATOR
43
E-4 HP BFW 51.2 161.1 | 80 3,973
PREHEATER
E-R RECYCLE GAS 572.0 67.2 | 60 | 130,704
PREHEAT
EXCHANGER
EA-1 AIR COOLER 125.0 80.4 | 100 15,547
E-6 TRIM COOLER 27.0 10 80 33,750
E-7 150 PSIA i8.0 191.2 | 120 785
STEAM
GENERATOR
EA-2 TRIM METH. 18.1 126.4 | 100 1,327
EFFLUENT
AIR COOLER
E-8 TRIM COOLER 2.2 10 80
HTR-1 | HP STEAM 100.8
SUPERHEATER
C-3-46
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THE BDOM CORPORATION

separation of the condensate in 92-V-5, Compressor Suction Crum, the
product gas is compressed in 92-C-2, Product Gas Compressor to about
105C psia. This {s a motor-driven centrifucal compressor with a power
requierment of 6800 BHP. Finally, the product gas is cooled to 100°F,
dehydrated to a maximum water content of 7 lbs per MMSCF with triethylene
glycol in 92-ME-1, Dehydration Unit, and enters the pipeline at 1C30
psia and 100°F.

The 63.84 MMSCFD of SNG frem each K-T MBG upgrading plant module
has a higher heating value of 930 BTU/SCF, a 11fting index of 1.13, a
flashback fndex of 1.03, a yellow-tip index of 1.1¢, and a CO content of
257 ppmv. A1l of these are acceptable values except the 1ifting index,
which is high. This is due to the relatively high density of the gas
caused by the pressure of N2 and COZ. without the instigating effect of
H2° Although the study budget did not permit repeating the design
effort, a minor adjustment to the shift system operating conditions
would allow additional hydrogen to leak through into the SNG, bringing
the 1ifting index below its upper 1imit of 1.06. Such a minor adjust-
ment would have a negligible impact on the cost of tne product SNG.

Energy and Material Balance

Table 4.1 is the material balance for a K-T MBG upgrading plant
module, while Table 4.6 {s the energy balance. The efficiency of the
module, expressed as HHV of SNG out divided by HHV of MBG in, is about
73.8%.

Operating Requirements

Table 4.7 shows the operating requirements for each system within
the K-T MBG upgrading plant module. The totals are expressed as net
impacts on the MBG facility.
Equipment List

The equipment 1ist for the K-T MBG upgrading plant module is given
in Appendix A.

C-3-417
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ENTHALPY BALANCE
IRLETS

STREAM

SUBTOTAL IN
OQUTLETS
STREAM

SUBTOTAL OUT

r_ﬁ"ﬁ*—'wv

Coal
Air
Raw Mater

SNG

Ash

Tail Gas

Air Sep'n Vent
Flue Gas
Sulfur

RET, IHLET - OUTLET
HEAT AHD SHAFT WORK
ELECTRIC POWER

SHAFT WORK

HEAT REJECTION
HWEAT INPUi (STEAM)
RADIATION/FUGITIVE LOSS

SUBTOTAL NLT VALUE
TOTAL ABSOLUTE VALULE

BALANCE:  NET ENTWALPY o NET HEAT AND SHAFI WORK
TOTAL ABSOLUTE VALUE OF HEAT AND SHAFT WORK

BASTS: 60°F, LIQUID WATER

Table 4.6

Energy Balance, 10
Koppers-Totzek Process, System Ho.
Integrated SNG/Module Definition

PUASE
Solid

Liquid

Gas
Solid
Gas
Gas
Gas
Solid

X 100

This balance represents cne (1} Koppers MBG/SNG Module.

6 8TU Per Hour

HHY LATENT

4,575
19.9

2,222
2.8
38.2
35.1

61.5

-828.2

¢7.8

SEMSIBLE

[-X-~¥-]

N w;
wiw o
~w X

-1,573.9

18TAL

4,575
9.9

4,594.93

2.222.0
0
3.6
92.1
58.8
61.5
2.438.0

2,156.9

425.8
0
-2,402.1
0

- 25
~2.001.3
2,001.3

NQILVvHO4HOD WASB 3HL
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THE BDM CORPORATION

4.2 Texaco MBG Upgrading Module - Process Cescription

The MBG upgrading module consists of:
) System 20A: CO Shift

) System 4: Acid Gas Removal

° System 20B: Methanation.

Drawing 57-01 is a block flow dfagram showing the arrangement of
these systems within the module. Tatle 4.8 contains the associated
material balance.

System 20A: COQ Shift

Drawing 57-04 is a process flow diagram of this system. Table 4.9
contains the associated material talance. The feed gas consists of
32,818 moles per hour of raw gas from System 3, Gas Cooling, at 1C0°F
and 690 psia. The configuration of the system is the same as that of
the CO shift system in the K-T MBG upgrading L.ant. Table 4.10 summarizes
the CO Shift Effluent Cooling Train.

If the soot scrubber n System 3 proved tc be an effective particu-
late removal device, and if the NH3 scrubter were not required, saturated
gas at 455°F could be fed directly to the CO shift system, realizing a
significant savings in steam, since the gas would contain essentially
all of the water vapor required for the shift reaction, at the steam-to-
dry gas ratios used in the Texaco design.

System 4: Acid Gas Removal

The design of the Acid Gas Removal System is identical to that in
the K-T MBG upgrading plant module, except that the feed gas is 41,685
mois/hr instead of 40,314 moles/hr in the K-T case, and the CO2 removal
is 14,180 moles/hr instead of 13,470 moles/hr. However, the description
for the K-T MBG upgrading plants' acid gas removal system will sere
equally well for the Texaco MBG upgrading plan.

€-3-50
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Table 4.8

; Material Balance
TEXACO Process
Integrated SNG/Module Definition

t *
: STREAM NUMBER 01-1 01-2 -1
! STREAM 1D Mf[[n RAW !NEE MAKEUP
- LB-MOLS LBS LB-MOLS LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT HR HR HR HR HR HR
CARBON L 12.01 293.631 253,637
3 _HYDROG!N H, 2.016 17,925 17,928
LDXYCEN Q 32.0 23,90
NITROGEN & ARGON u; 28.016 5 7€ 5.761
SULFUR S 32,06 15,449 15 449
CHLORINE Cl 35.453 1% 484
CARBON MONOXIDE Co 28.01 - =
CARBON DIOXIDE co, 44.01 - -
. METHANE CHY 16.042 =
> ' ETHYLENE 0, 28,052 ' -
‘;’ ETHANE czuj 30.068 b - = -—
] n PROPYLENE j}u" 42.018 - - =
~ PROPANE CyHg 44.094 - +- =
. HYDROGEN SULFIDE 23§ 14.026 - = —
% CARBONYL_SULFIDE s 60.075 ' — o —
CARBON DISULFIDE CS. 76,13 - = -
SULFUR DIOXIDE SO% 64,06 - =
NITROUS OXIDE NO° 30,008 - .
AMMONIA NH 17.031 - =
HYDROGEN CYANIDE  HCH 271,026 - =
HYDROGEN CHLORIDE HCL 36,461 = -
NAPHTHA - - =
TAR & OIL - - =
ASH - 59,650 58,650
OTHER SOLIDS = =
b SUBTOTAL, DRY 376,817 i16.812 ]
; TWATER H,0 1e.016 39,853 251210, -
TOTAL, WET 416,670 628,027 ]
GAS MOLECULAR WEIGHT -
TEMPERATURE, OF - 60 140
“PRESSURE, PSIA - = = -
SCFH - Z N —
. PR T p 2,290 - .
*MODULE 1 FRAU1ON ONLY.,

NOILVHOdHOD NAB 3HL
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Table 4.8 (Continued) 3 V
. . g
r Material Balance =
' TEXACO Process ]
: Integrated SHG/Module Definition -
i 3 ;
: O :
' - P
: S
STREAM NUMBER 2-1 2-2 4-1 —
STREAM ID ASH_FROM GASIFIER SWEE] GAS 10 EXPANSION g
: LB-MOLS LBS LB-MOLS __LBS LB-HOLS LBS
;:; SYMBOL FORMULA WEIGHT HR HR HR HR HR HR
b
b
CARBON_ C 12.01 - - - -
! HYDROGEN H, 2.016 11.037.5 22,252 19,728.6 39,773
4 OXYGEN __ 0 2.0 N - - -
i NITROGEN & ARGON N; 28.016 375, 11,153 371.9 10,417
SULFUR s 32.06 - - - =
b CHLORINE Cl 35.453 - - —
CARBON MONOXIDE co 28.01 15,254.2 427,210 6,3 2-' 172%5
s CARBON DIOXIDE co, 44.01 5,466.7 240,589 }47. 81342
METHANE cye 16.042 154.2 2,474 . 2
: D ETHYLENE c,h, 28.052 - - - -
A o "ETHANE CoHe 30. 068 - - - -
1 ' PROPYLENE Cie 42.078 - - - -
i o PROPANE C_.,}j.\ 44.094 = = R TR
w HYDROGEN SULFIDE _ H3S° 34.0176 1.2 15,477 }R I
CARGONYL SULFIDE _ C6S 60.075 29.2 1,754 T
CARBEON DISULFIDE _ CS. 76,13 - : ~ =
SULFUR DIOXIDE S0- 64,06 - -
NITROUS OXIDE NG~ 30,008 - - - =
AMMONTA NH ., 17.031 104.2 1,775 - -
HYDROGEN CYANIDE _ HCN 27.026 - - - -
{IYDROGEN CHLORIDE _HCL 36,46} - - - = — ;
‘ NAPHTHA - - - ;
: TAR & OIiL = N - N -
’z‘ ASH - N - 59,650 - - ]
OTHER SOLIDS o - - 3,053 - -
i SUBTOTAL, DRY - 32,875.2 722,784 62,703 26,706.1 235,749
- _WATER B0 18.016 6€,543.9 1,198,855 - 1% 27 |
TOTAL, WET 99,4191 1,921,599 62,703 26,707.6 235,776 ;
“GAS MOLECULAR WEIGHT 19.33 - 8.8
_TEMPERATURE, OF _ 455 - 100
PRESSURE, PSIA 690 ] — 10612100 -
. SCFii - - 31,729,548 — ST 1
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Table 4.8 (Continued)

Material Balance
TEXACO Process<
Integrated SNG/Module Definition

STREAM NUMBER 4-2
STREAM 1D
LB-MOLS LBS

SYMBOL FORMULA WEIGHT HR HR HR HR HBR HR
CARBON (o 12.01 - - - - - - ]
HYDROGEN B, 2.016 - - 10,965.8 22.107 61.7 115
DXYGEN 0 2.0 - - N - - -
NITROGEN & ARGON N; 28,016 0.1 2.8 312.7 11,085 2.3 £8
SULFUR s 32,06 - - - - - =
CHLORINE Cl 35.453 - - - - - -
CARBON MONOXIDE co 28.01 - - 15.152.8 424,562 92.9 2602
CARBON DIOXIDE co., 44,01 2,678.5 75,025 2,919.6 128,492 12.9 189
METHANE CHS 16.042 - - 53.3 2,459 0.9 15.1
_ETHYLENE c i, 28.052 - - - - I
ETHANE CoH, 30.068 - - - - - N
PROPYLENE c,ﬂ" 42.018 - - - - - _
PROPANE CiHg 44.094 - - - N - _
HYDROGEN SULFIDE __HJS~ 34.076 479.5 16,341 1R IR 1R _IR
CARBONYL SULFIDE _ cOS 60.075 3.3 198 1R IR IR IR
CARBON DISULFIDE CS. 76.13 - - - - - =
“SULFUR DIOXIDE SO- 64.06 - - = = =
NITROUS OXIDE NO“ 30,008 - - - - -
AMMONIA NH 17,031 - - - - -
HYDROGEN CYANIDE _ HCN 27.026 - - - - N -
HYDROGEN CHLORIDE _HC1 36,461 - - - - - =
NAPHTHA = - - - - - -
TAR & OIL = - - - - - -
ASH = = - B - - N
OTHER SOLI1DS - - - - - -
SUBTOTAL, DRY 3.164.3 134,423 29,575.1 589,038 181.2 3,610
WATER H20 18.016 50 901 §.4 18 0.l —1.2
TOTAL, WET 3,311.4 135,324 29,579.4 589,114 18].3 3.611
GAS MOLECULAR WEIGHT 42.) 19 92 19.82 _
TEMPERATURE, OF 120 60 52 e
PRESSURE, PSIA 22 615 615 y
_SCFH 1,219,266 11.225.403 68,812  ——m e —
(e - - - T

NOILVYHOd4H0O NQA8 3HL
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Table 4.8 (Continued) 8
Material Balance =
TEXACO Process 8
Integrated SNG/Module Definition 5
Be)
O
. - D
>
STREAM NUMBER 5-1 8-1 -
O
STREAM 1D ] 7ALL. GAS FROM SULFUR RECQVERY | ‘ R S Z
LP-HOLS LBS LB-MOLS LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT TR HR HR HR HR HR
_CARBON C 12.01 - - - -
_BYDROGEN B, 2.016 25.8 52 - -
DXYGEN 05 32.0 - - - -
NITROGEN & ARGON  N; 26,016 1,000.7 28,036 10,787.9 345,212 ‘
SULFUR s 32.06 - - - - 1
CHLORINE Ccl 35.453 - - - - ;
CARBON MONOXIDE co 28.01 - - - =
CARBON DIOXIDE cQ, 44.01 2,587 113,871 - -
METHANE cHY 16.042 - - - -
ETHYLENE C2‘““ 28.052 - - Z .
ETHANE con; 30.068 - - - - ;
PROPYLENE Cille 42_078 - - - :
PROPANE c}ui 44.094 - - - - ;
HYDROGEN SULFIDE  HBJs° 076 TR TR - -
CARBONYL SULFIDE __ C0s 60.075 1R iR - - t
CARBON DISULFIDE _ CS, 76.13 - - N N
SULFUR DIOXIDE S0° 64,06 - - - N :
NITROUS OXIDE NO* 30,008 - - - = '
AMMONTA NH . 17,031 b = = =
HYDROGEN CYANIDE  ucH 27,026 - - - =
“HYDROGEN CHLORIDE HC1 36,461 - - - -
NAPHTHA = - - - N
TAR & OiL = - - - -
asi =z - - - - 59650
OTHER SOLIDS - - - 31.203
SUBTOTAL, DRY 3,613.9 141,959 11.008.1 352.037 £2 853 ;
WATER H-0 18.016 167.9 3,025 - - 150
TOTAL, WET 3,781.8 144,984 11,008.1 352,037 63,003 i
GAS MOLECULAR WEIGHT 38.3 31,98 |
TEMPERATURE, OF 100 300 B
PRESSURE, PSIA 14.4 815 o
_SC¥H 1.435.193 4,172,514 —
_GPM - - .

i Ravifodt st
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Table 4.8 (Continued)

Material Balance
TEXACO Process _
Integrated SNG/Module Definition

H STREAM NUMBER 20-2
STREAM 1D WIFTED GA A
; LR-MOLS LBS LB-MOLS LBS
. SYMBOL FORMULA WEIGHT IR HR HR HR
” CARBON c 12.01 - - - -
y HYDROGEN B, 2.018 19,837.8 40,065 120.2 243
OXYGEN 0 32.0 - - N Z N -
] NITROGEN & ARGON _ N) 26,016 3151 10,506 2.3 64 369.6 10,352
{ SULFUR s 32.06 - - - . - .
? CHLORINE Cl 35.453 - - = = =
s CARBON MONOXIDE co 28.0} 6 A17.9 119.765% 38.1 1.084 6.275.0 125,163
1 CARBON DIOXIDE co 4.01 14,3283 630,588 0.9 40 143.2 6.302
3 'S METHANE CHY 16.042 1543 2,415 0.9 14 136.9 2,356
3 & _ETHYLENE C,H, 28.052 - - - - - -
: ' ETHANE Colie 30068 - - - - - - -
; o PROPYLENE J’H 42.018 - - - - - - N
] ~ PROPANE 3N 44.094 - - - - S - .
HYDROGEN SULFIDE _ H>S~ 34.076 479.6 16,145 L TR 1R _]
CARBONYL SULFIDE _ COS 6€0.075 1.9 23 TR R 1R IR
CARBON DISULFIDE CS_ 76.13 - - - E - -
“S§ULFUOR DIOKIDE 50, 64.06 - - - - - -
NITROUS OXIDE NO® 30,008 - - - - - -
AMMONIA NH 17.93) - - - - 5 -
HYDROGEN CYANIDE __ HCH 27.026 - - - - - -
HYDROGEN CHLORIDE _HC1 36,461 = - - - - - N
NAPHTHA z = - - - - _
TAR & OiL - - - - - - - .
r ASH = = - - - - - o
OTHER SOLIDS - - - e - - -
SUBTOTAL, DRY AT,632°9 879,978 161.59_ 1.439.5 26,542 .6 24,301 |
_WATER RO 18.016 62 1,117 0.01 0.2 1.39 rey —
TOTAL, WET 41,694.9 881,095 163.6 1.439.7 26,544 234,328
GAS_MOLECULAR WEIGHT 21.1 _ 8.8 —
. "TEMPERATURE, OF 100 o 16 100
FPRESSURE, PSIA TR0 ~ 291 297 e
serm T _ AT oA o B3GR o f e 1012 906
GP'M e - AN S

T e —

NOILVYHOdHOD WA8 3HL
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Table 4.8 (Concluded)

Material Balance
TEXACO Process

Integrated SNG/Module Definition

NOILVYHOdHOO WA8 3HL

STREAM NUMBER 20-2
; NE
i STREAM 1D | FRODUCT SNG 1D COMPRESSION PRODUCT () ) =
; LB-MOL3 Las LB-MOLS LBS _Le-mOoLS  __ _LBS
SYMBOL FORMULA WEIGHT HR AR HR 13 HR HR
! _CARBON c 12.01 - - - -
9 HYDROGEN B, 2.016 212.9 429 212.9 429
g OXYGEN 05 32.0 - - - N
NITROGEN & ARGON _ N5 28,016 369.6 10.352 369.6 10.352
: SULFUR s 32,06 - = - =
.k CHLORINE Ccl 35.453 - - = =
3 CARBON MONOXIDE co 28.01 0.04 1.1 0.04 1.1
CARBON DIOXIDE €O 44.01 0.75 31 0.75 1
g o _METHANE cH< 42 t.560 4 105,293 6,564 .4 105.293 ]
g ' ETHYLENE czﬂ‘ 28.052 - - - b
d w ETHANE czu’ 30.068 N z < - i
: 0 PROPYLENE Colle 42.0178 - - - -
E o PROPANE C:,B;___J.LDQA — z z -
] HYDROGEN SULFIDE  H-S 34.076 R T TR 1R
CARBONYL SULFIDE _ COS 60.C75 ] TR ® L]
CARBON DISULFIDE CS. 76.13 - - - z
SULFUR DIOXIDE S0 64,06 = = = s
NITROUS GXIDE NO¢ 30,008 - - - -
AMMONIA NH 17.031 - - - -
HYDROGEN CYANIDE __ HCH 27,026 - - - -
HYDROGEN CHLORIDE HC1 36,461 - - - -
NAPHTHA - - - - -
TAR & OIL = - - - -
ASH = - - -
_OTHER SOLIDS - - - -
SUBTOTAL, DRY 7,147.7 116.108 71.141.7 116.109
. WATER H,0 18.016 i __560 | 19
TOTAL, WET 1.178.8 116,669 7,148.8 116,128 |
GAS MOLECULAR WEIGHT 16.2 S
| TEMPERATURE, OF 100 60 -
s PRESSURE, PSIA 221 1030 —_—
’ SCFH 2,125,560 2,213,110 ——
GPM_ - —_ —e -
. B o




SISATYNY L2N00Ud IAVNUILTY

anis
[ SHILSAS NOLLVILASYD V0D

IH ' v0-15
- A W1 ﬁ nad
WVUDWIO MO 5S3008d | JAT/GOR
D B3N |
LINA 184S 0D _
FWNIGOM ONS 0VX3L TS

2206 -85
1LN0) vSwe

‘ EREOGI0 L

Ho

.......

HvsNIaNOd

-------

% antas o

--------

--------

C-3-59

Lt b v ot a e




R S R R SRR

09-¢-3

e —— — ——————

—~
I
m
Table 4.9 8
Material Balance =
TEXACO SNG Module o
CO Shift Unit 9
bt
(@]
0
>
STREAM NUMBER -
STREAM 1D ‘“s R SH /] H 6
LB-MOLS LBS LB-MOLS LBS | _ LB-MOLS _ LBS 4
SYMBOL FPORMULA WEICHT T HR ~TEBR__ T _nm BR HR HR
CARBON C 12..1 P
UYDROGEN B, 2.016 11.037.5 8,278.1 2,151
OXYGEN 0, 32.0
NITROGEN & ARGON  N% 28,016 325.0 261.3 .8
SULFUR 52 32,06 %
CHEORINE cl 315.453
CARBON MONOXiDE co 28.01 15.254.2 1]..4 3.
CARBON DIOXIDE co, 44.01 5,466. 4,100, 1,373,
_METHANE cH 16.042 154.2 18. 93,
ETHYLENE ., 2§.052
ETHANE * ] e __30.068
PROPYLENE C3e 42.078
PROPANE Citlg 44.094
HYDROGEN SULFIDE _ gig- 34.016 454.2 340.7 120.2
_CARBONYL SULFIDE _ COS 0,075 29.2 21.9 0.2
CARBON DISULFIDE _ CS. .
"SULFUR DIOXTDE 505 .0
"NYTROUS OXIDE no° 30,008
_ARHONTA NIl 12,031
HYDROGEN CYANIDE _ ncH 21,026
“HYDROGEN CHLORIDE _HC1
NAPUTHA -
TAR & OilL -
ASH M -
OTHER SOLIDS
_SUBTOTAL, DRY 3270 28,578.3 8,193.0
WATER H.O0 18.016 S | A S 5.8 N9
_TOTAL, WET 2 32,818.5 721,825 24,613.9 559,636 8,204.9 162,189
GAS MOLECULAR WEIGHT 22.0 2.0 19.77
TEMPERATURE, OF 100 100 100
PRESSURE, PSTA 690 690
SCPH__ ¥ 100 12.4% 9.3 33
_GPH _
M T s - i R e vt IO . Mgt rretseptet il

Freveioos
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Table 4.9 (Continued)

Material Balance
TEXACO SNG Module
CO Shift Unit

STREAM NUMBER é; z
STREAM ID —1
LB-MOLS LBS LB-MOLS 18S
SYMBOL FORMULA WEIGUT — BR T BR 1] T HR

_CARBON C 12.01

HYDROGEN 02 2.016 _ 8,278

OXYGEN Q 32,0

NITROGEN & ARGON u; 8.016 B3

SULFUR s 2.0

CHLORINE Cl 35.45 o = .
CARBON MONOXIDE co 28.01 R 608
CARBON DIOXIDE cQ, 44.01 lﬂ?ﬂ 12,954,

E ‘8____15.1);2 ns.2 115,

ETHYLENE = C.f, 28.052

ETHANE * __CoH,_ 10.068

PROPYLENE ;,u" 42.028

PROPANE c,u“s _44.094
_HYDROGEN SULFPIPE _ B.S 34.026 340.1 358.9
_CARBONYL SULFIDE  COS 0,075 21.9 kWi
CARBON DISULFIDE _ Cs. 13

“SULFPUR DIOXTDE 505 .06
“NITRGUS OXIDE NO®

AMMONTA R, 2.03)

“iiYDROGEN CYARIDE _ BCH 22.026

“TIVDROGEN CHLORIDE HC1 36.461

NAPHTIIA p_

TAR & OIL ~

ASH z

OTHER _SOLIDS 3 T
SUBTOTAL, DRY ﬂ-ﬁm

WATER H,0 18.006 1 76.564.4 ,.600.4 ‘Tﬁ&
TOTAL, WET 26,564.4 478,585 51,178.7 1,038,221 51,178.7 1,038,221
GAS MOLECULAR WEIGHT 18 . 20.29
TEMPERATURE, OF T00_ 560 B
PRESSURE, PSIA 150 £80

SCPH ) 106 1008 19.42 19.42 -
_GPH -

NOILYHO4dHOD WNA8 3HL

. e B
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Table 4.9 (Continued)

Material Balance
TEXACO SNG Module
€O Shift Unit

- T T w5 T T

STREAM NUMBER
STREAM 1D 3 iR
LB-MOLS
SYMBOL FORMULA WEIGHT HR

CARBON C 12.0) e _—
HYDROGEN u, _2.016 12.214.4 4

LOXYGEN 0, 32.0

NITROGEN & ARGON N, 268.016 281.3 93.8 )
SULFUR s 32,06

CRIORINE Ccl 15.453

CARBON OX1DE co 28.01 _2.604.3 1.813.6 -—
CARBON DIOXIDE co., 44.01 12.954.5 1.323.8

HMETHANE Chy 16.042 115.2 931.8
“ETHYLENE czﬂ, 28.052

ETHANE ° collg 30.068

PROPYLENE [) 18

PROPANE CiBg 44.094
"HYDROGEN SULFIDE I 16 358.9 120.1. ]
CARBONYL_SULFIDE 0,07¢ 1.1 0.2

CARBON DISULFIDE  CS_ 96,13
“SULPUR DIOKIDE 505 N

WITROUS OXIDE NOT 30,008
“AMMONTRA N, 17.03

“NVDROGEN CYANIDE _ 6CN 21.02

TIYDROGEN CHLORIDE _ HCI

NAPHTHA -

TAR & OIL Z

ASH =

OTHER SOLiDS

SUBTOTAL, DRY NAR.8 8,193.0

WATER H,0 18.016 1.433.2 _1,445.6

TOTAL, WET 33,486.8 719,484 1.433.7 25,330 9,638.6 188,019
GAS MOLECULAR WEIGHT .49 18.0 19.51

TEMPERATURE, OF 100 __ 340

PRESSURE, PSIA 150 4%

"SCFPH 12.11 _0s s -

GPM R

NOILYHOdHOD A8 3H1
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Table 4.9 {Concluded) 8
Material Balance g
TEXACO SNG Module o
CC Shift Unit -
)
o 2
STREAM NUMBER 13 - |
STREAM 1D 05 HYDROLYSIS CLN Q
__LB-MOLS __es |  LB-MOLS LBS _LB-MOLS L8sS Z
SYMBOL FPORMULA WEIGHT iR HR R —TER HR Hk
_CARBON c 12.01
HMYDROGEN lln 2.016 é
OXYGEN_ 05 2.0 :
NITROGEN & ARGON Nz 28.016
SULPUR 32,06
CHLORINE c1 35.453
"CARBON_MONOXIDE co 26.01
"CARBON DIOXIDE gg 24.01
"METHANE 16.042
ETHYLENE czﬂ 28.052
ETHANE * e 0. 068~
PROPYLENE _c,n. 42.018
PROPANE c,n‘.? 44.094
HYDROGEN SULFIDE NS 34.0126
CARBONYL, SULFIDE rAS 60.075
CARBON DISULFIDE _ CS. 76,13
“SULFUR DIOXIDE [ 64,06
“NITROUS OXIDE NO* 30,008
ANMONTA NH 17,031
HYDROGEN CYANIULE _ HCN 21,026
“fiYDROGEN CPLORIDE HC1 36,461
NAPHTHA -
“TAR & OIL =
ASH =
OTHER SOLIDS
SUBTOTAL, DRY
WATER .0 18.016 11.691.9 1,%25.5
TOTAL, WET - 17.691.9 318,737 1,425.5 25,682
"GAS MOLECULAR WEIGHT 18.0 18.0
“TENPERATURE, OF Jﬂg 100
“PRESSURE, PSIA __620 __ 630
SCFH
_GPM 638 52




THE BDM CORPORATION

CO SHIFT EFFLUENT COOLING TRAIN - TEXACO

Table 4.1C

EFF.
ITEM DUTY AREA
NUMBER NAME |06 BTU/HR o v FT2

E-1 HP STEAW 24.4 238.1 | 60 1,200
SUPERHEATER
9

E-2 HP STEAM 121.6 147.9 | 120 €,852
GENERATOR
#

£-3 HP BFW PRE- 49.0 125.7 | €0 4,873
HEATER (2 Shells)

E-4 SHIFT FEED 65.0 136.2 | 60 8,072
PREHEAT
EXCHANGER

£-5 65 PSIA 12.8 80.7 | 120 11,655
STEAM
GENERATOR

EA-1 SHIFT EFFLUENT  270.0 123.1 | 100 21,925
COOLER

E-6 SHIFT EFFLUENT  160.0 10 80 75,000
TRIM COOLER (2°shells)

E-7 C0S HYDROLYSIS  12.2 171 | eo 1,740
FEED/EFFLUENT
EXCHANGER

EA-2 HYDROLYSIS 27.8 100.2 | 100 2,545
EFFLUENT
COOLER

E-8 HYDROLYSIS 4.8 10 80 6,000
EFFLUENT (3 shells)
TRIM COOLER

C-3-65
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THE BDM CORPORATION

System 20B: Methanation

Drawing 57-03 is a process flow diagram of the methanation system.
Table 4.11 contains the associated material balance. As with the CO
shift system, the process configuration and description are the same as
in the K-T MBG upgrading plant; the Texaco module is scmewhat larger
because the gas feed to the methanation system is 13.7% greater than in
the K-T case. The product SNG has a higher heating value of 939.0
BTU/SCF, a 1ifting index of 1.07, a flashback index of 1.038, a yellow-
tip index of 1.141, and a CO content of about 5 ppmv. This means that
the SNG product is essentially compatible with natural gas. Table 4.12
summarizes the Methanation Effluent Cooling Train.

Energy and Material Balance

Tables 4.8 and 4.9 are the material balance for a Texaco MBG up-
grading plant module, while Table 4.13 is the energy balance. The
energy balance shows that the efficiency of the module, expressed as HHV
of SNG ovt divided by H!V of MBG in, ic about 74.5%.

Operating Requirements

Table 4.14 shows the operating requirements for each system within
the Texaco MBG upgrading plant module. The totals are expressed as net
impacts on the MBG facility.

Equipment List

The equipment 11st for the Texaco MBG upgrading plant module is
given in Appendix B.

4,3 Utility System Impacts

Koppers-Totzek MBG Upgrading Module

Design No. 1 consists of two K-T MBG upgrading plant modules,
serving an MBG facility consisting of four parailel K-T MBG modules.
Drawing 57-07 is a diagram of System 15, Steam Generation/Distribution,

C-3-66
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Table 4.11 8
f Material Balance 2
TEXACO SNG Module 9 |
; Methanation Unit Q 7
S |
i 0
. > z
STREAM NUMBER =~ i
]
STREAM 1D EATED F C [ (1] - g :
LS LBS LB-MOLS LBS LB-MOLS Las ;
SYMBOL FORMULA WEIGHT — HR HR — HR — HR HR HR ;
3 CARBON C 12.01 1. ;
¢ HYDROGEN H, 2.016 19,728.6 217,720.6 8,436 0 %
: OXXGEN [ 32.0
B NITROGEN & ARGON u; 28,016 371.9 7,066.) 7,066.1 ]
¢ SULPUR S 32,06
CHLORINE €l 15.453 . _
: _CARBON MONOXIDE _ CO 2,01 6.313.7 6.641. . i
? CARBON DIOXIDE €O, 44.01 43,7 [ 7.4 :
METHANE =~~~ CH, " 16.042 4.8 117,918.2 124.313.
ETHYLENE c,l, 28.052
o ETHANE * Lol . 30.068
" &, PROPYLENE €538 42,078 ;
3 7 PROPANE C3b, 44.094 1
: o HYDROGEN SULFIDE .S 34.026 IR P
4 oo CARBONYL SULFIDE  (OS 60,075 R
CARBON DISULFIDE €S, 26,13 1 H
“SULPUR DIOKIDE 56° 4,06 |
“NITROUS OXIDE NO“ 30,008 bl
“AMMONTA NH 17.031
HYDROGEN CYANIDE HCN 27,026
_NIYDROGEN CHLORIDE _ HC1 __36.461
NAPHTHA =
TAR & OIL - ]
ASH = -
OTHER SOLIDS
SUBTOTAL, DRY 26.206.1 160,203, 0 11410085
WATER 0,0 18.016 L5 224.1 6,118 6
TOTAL, WET . 26,707.6 235,776 160,517.2 2,377,226 | 147,727 2,337,226 |
GAS MOLECULAR WEIGHT ~ 8.8 14.81 6.09
TEMPERATURE, OF 100 546 _BI3
PRESSURE, PSIA 620 282 2 %
SCFH_X 1 10.14 £0.92 .
. GPM. :
| ;
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Table 4.11 (Continued)

Material Balance
TEXACO SNG Module
Methanation Unit

STRZ.aM NUMBER
STIEAM ID [ TRIN RETHANATI T
__.____I B MBLs LBS __LB-MOLS LBS
SYMBOL FORMULA WEIGHT ___BR TR [ fiR
CARB. c 12.01 o
HYDROVEN B, 2.016 1.992.0 444.0
DXYGEN o 32.0
NITROGEN & ARGON u; 28,016 6,694.2 371.9
SULFUR s 32.06
CHIORINE cl 35.453
CARBON MONOXIDE __ CO 28.01 N 8 327,
CARBON DIOXIDE €0, 45.0) 802 . 4. QQL‘
METHANE cBs 16.042 117,720 6.54¢. 112.770.
ETHYLENE czﬂ‘ 26,052
ETHANE * T 30.068
PROPYLENE C3lg 42.078
PROPANE Cc 41,098 =
“HYDROGEN SULPIDE ﬂi'lsjs 34.076
CARBONYL SULFIDE 265 60,075
CARBON DISULFIDE  CS, 76.13
ULPUR DIOXIDE S0 64,0
NITROUS OXIDE N0~ 30,008
AMMONIA NH 17.03)
HVYDROGEN CYANIDE _ HCN 21.026
HYDROGEN CHLORIDE _HC1 36,461
NAPHTHA -
TAR & OIL -
ASH T =
OTHER S7iL 108
SUBTOTAL, DRY 1332.582.0 __1.421.5 1;3.2%2
S i 18.018 Ze. : 125,117 133,809.6 2,141.450
° 133,809.6 204,450 ] 72,7750 25, 3,809. L4l
TOTAL, WET ’
"GAS MOLECULAR WEIGHT 16°00 T6.00
TEMPERZ,TURE, OF gg (
PRESSURE, PSIA ]
scrFn X 106 578 2.9 50.78
GPM
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Table 4.11 (Continued)

Material Balance
TEXACO SNG Module
Methanation Unit

STREAM NUMBER
STREAH 1D
| TYRIAYs LBS __LB-MOLS _ LBS LB-MOLS LBS
SYMBOL FORMULA WEIGHT AR T HR R HR HR iR
CARBON [ 12,01 e
HYDROGEN b, 2.016 214.2 218.2
LDXXGEN o, __ 32.0
NITROGEN & ARGON N; 28.016 n.g 371.9 §
SULFUR S 32,06
CHLORINE Cl 35.451
CARBON MONOXIDE __ CO 28.01 '} B 7% g
CARBON DIOXIDE co., 44.01 . :
METHANE cn 16.4042 6.504.8 6,600.8
ETHYLENE C,B, 26.052
ETHANE * Cole 30.068
PROPYLENE cjn“ 42.078
PROPANE c}ui' 14.094
HYDROGEN SULF BlS" 34.076
CARBONYL SULFIDE  C0sS 60.075
CARBON DISULPIDE _ CS5. 7 ]
“SULFUR DIOKIDE 50- .0
“NITROUS OXIDE NO“ 30.008
AMMONTA NH 12.031
“HYDROGEN CYANIDE __ HCH 27.026
HYDROGEN CHLORIDE HC1 36,461
NAPHTIIA -
TAR & OIL - _
ASH -
OTHER SOLIDS
SUBTOTAL, DRY 2.191.2 1 lg&.{
WATER H,0 18.016 6,412.8 . >
TOTAL, WET 6,412.6 110,658 7,651.1 127,023 1,217. 119,212
GAS MOLECULAF WEIGHT (% 16.52
TEMPERATURE, ' F ;00 ggg ;%
PRESSURE, PSIl 40
scFa X 0 2.90 274
GPM
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THE BDM CORPCRATION
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Table 4.11 (Continued)

Material Balance
TEXACO SNG Module
Methanation Unit

STREAM NUMBER 3 <>
STREAM ID ~ -
L3-MCLS _LBS LB-HOLS LBS _LB-WOLS LBS
SYMBOL. FORMULA WEIGHT ~ WR HR HR AR HR HR
CARBON c 12,02 1
'HYDROGEN B, 2.016
DXYGEN 0, 32.0
NITROGEN & ARGON N, 28.016
_SULFUR s 32,06
CHLORINE Cl 15.451
CARBON MONOXIDE co 28.01
CARBON DIOXIDE co., 44.01
METHANE cis 16.042
ETHYLENE c. i, 28.052
o _ETHANE * Colig 30.068
& PROPYLENE C 313'; 42.078
. PROPANE Cylg 44.094
~ HYDROGEN SULFIDE  P.§ 14.076
) CARBONYL SULFIDE _ COS 60,075
CARBON DISULFIDE CS. 76,1
“SULFOR DIOXIDE §0. 64,0
“NITROUS OXIDB N0 30,008
AMMONTA "“ﬂ 17.011
HIYDROGEN CYANIDE 1) 21.026
TiYDROGEN CHLORIDE __HC1 36.461
"NAPHTHA - -
AR & OIL -
“ASH -
OTHER SOLIDS
SUBTOTAL, DRY
WATER H,0 18.016 19.1
TOTAL, WET 18.1 344
GAS MOLECULAR WEIGHT
TEMPERATURE, 'F 100
PRESSURE, PSIA _ 200
SCPH 1
“GPH 1.0 |
EA‘ i £y ¥ 2 £ H N P Igmesrs N — PRy v, LSy i [ 2
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THE BOM CORPORATION

Table 4.12
Methanation Effluent Cooling Train - Texaco
EFF.
ITEM DUTY AREA
NUMBER NAME | 106 BTU/HR ! u FT2
E-1 HP STEAM 46.4 246.8 60 3,135
SUPERHEATER
#2
E-2 HP STEAM 87.0 313 120 2,315
GENERATOR
#2
E-3 EXPANDER FEED 123.9 230 60 8,970
GAS PREHEAT
EXCHANGER
E-4 RECYCLE GAS 50.0 197 60 4,220
PREHEAT
EXCHANGEP.
#1
E-5 HP STEAM 144.9 153 120 7,885
GENERATOR
#3
E-6 HP BFW 93.3 201 80 5,790
PREHEATER
E-7 RECYCLE GAS 395.0 100.3 60 21,880
PREHEAT (3 Shell)
EXCHANGER
42 A,B,C
EA-1 AIR COOLER 265.0 109 100 24,200
£-8 RECYCLE TRIM 100 30 80 375,000
COOLER
E-9 150 PSIA 20 99 120 1,683
STEAM
GENERATOR 2.6 96 80 3,375
EA-2 TRIM METHANA- 23.4 130 100 1,802
TOR EFFLUENT
AIR COOLER
E-10 TRIM COOLER 11.0 30 80 4,583

C-3-73

N N P I 4 e




ek

TR WO P b e T

THE BOM CORPORATION

2
0

- DN
°T8R

£ 4st -
0
6°2€1L

27116
87192

0°SIS'Y

Vit

87991 1~

>

QCWwWOow
L Q
[-- ]

=]

AIHLSNAS

£ hicBudhin G (gt ..«,ﬂ,mxuﬂﬁ.w%ﬂj

2UNpow NS /OB 0°¥xXay ({) auo sjulasasdal due|en S1yy

HATEN GLalip ] g o T
RUTE Fioo Y N H v BT A ST Y
WL = 00L X WKL LU T GV 2 b aVH e

I INEY|
trvy

S 2uL- BT
o :

FRMSTI i,

[ R YL L

bty Ve

- <
ey SARE ) s g "~
18 ey Ity by ]
STy A g o :
bAdS S T ey e P.-b 4
v ot AR ) By
S 6p5°2 s ‘ CINS 1AN wYn
i ity s
!
2 B A S TEIRTITI ;
m
- - L
praneg T e s )
" 'y wodag 2py ey agy ;
11 SIS Y prieg T - N
IN3 LV Ani VI .

uoiL3lLuLyag 3Lnpoy 9NS paeabajug
*ON wd3SAS SS32044 0JeX3)|
ANOH 434 N19 oo— ‘3oue|eg Abadu]

EL°y 3tqey



} 20 RUEITELES] S A3 Lnhat fuyeaddo aroqe )

-agnpow NS /9N 070X3) (1

Juamysaaul 12 1Q ayqe12a:day (0101 jo 1p°2 S® pasoydey 53y (ddng
Juaw)saaul 13Aud atqel 32430 {P101 30 19| se pasocidey A}
S N

—aiainhay adueunul ey

5350) 40qe] buy1eaady 40 161 se pasoldey 434 Adng

540} e.13di)

¥98° 561 ap/ym
[\t YANR A v SA0S1ARMNS
40qe
sjuwal | nLaY puryeamiQ
0e6°€0L'SS abaeyn (e11tul
¥¥3A/000° 2L5° 13 uoy1esad 00t dnaye
dnayer

{enLway) pue 1skieie)

BYIA/SHOTIVD ac_ LErAN uoyjesado 1001 8 AdD AIVPR ARY
w Adl 000°5Z8° 1 uoyyesado X001 8 Al {vo)
m—c-gwai ney
2
m sy i Nl RPN )
—
<
(e
&
o uo131uL 3@ ALNPOW/INS pajeabajul
w $S32044 02°X3L
! s suotLieaddy pa32adx3 404 sjuawRJ L nbay 6ujieaadp
0
©® L v 219el
w
I
—

C-3-75

=

PT O v 1

Rt




AT T R R A e

g~

It‘ﬁ\v\nu—"«iﬂﬁ— I— m?hm smwe werw
/GO
WYHOVIO MO I = e &} Leetety 2Bt Lo’
M08 N31SAS AVILS ™S
JNOOM ONS NIZ101-SHIAION]| ¥ TS .
e a ‘ o s 1052 9154 52
0fis SISATVNY § ONID omi nw HOLYHIVIO
| SW31SAS NOLLVNRSYD WOO | 1mue v ¥
—————— $91'6641
_ i ————— Ng LR ALVSHIANG)
DO > - 498° 66
HSYHSY
AIVIAVW WATYM 371 V8N IRGY
(U & 005125
000"t 1NN
d0LYHIN IO IH15% 1IN AMIN0D Y L340
ngwl 100044 - A9 Wi NS W ISYY
ro o
& s 3
2 :
wn
- 9154 52 Jr 2]
—
VA(M Y AYINOY Y -
-3 YA TY NOESS JUAHO) ,
¥9 al v : ' W
vo arw ALY . v 01V o HOT VNV 3 1M 0)
o
nN
2 E @ @ P
2 [ [ ) .
[%) o 2 Q o
g 1 ° - g
+— ‘ —0 - -
91,4 00t 9154 05
. ' 3
o
P
3
14I05 03 LivivHL 141 00
INEIGIY ] YOI 1LOUVATS -
WH WS a1y ov*ste 001° 505 Sm.wﬁﬁ 000° HEZ ﬁ
00L ‘9154 S D
3 Pll.
o o
g %o
S g EERE{SL]
¢ ] WY IBINS o
7006 9154 051 & 5159 09b1 SeIToEE ] LYan A ¢
WaLs EIRI b

C-3-745

f
P
'p
r
»
]




THE BDOM CORPORATION

’ for the facility, showing the impacts attributatle to the MBG upgrading
' plant. Tabtle 4.15 summarizes the impacts on the other systems in the

: MBG facility.

b Koppers-Totzek/Texaco MBG Upgrading Module

Design No. 2 consists of one K-T MBG upgrading plant module, plus

one Texaco MBG upgrading plant module, serving an MBG facility consisting
l of one K-T and three Texaco MBG modules. Drawing 57-08 is a diagram of
' system 15, Steam Generation/Distribution, for the facility, showing the
’ impacts attributatlie to the MBG upgrading ,lant. Table 4.16 summarizes
' the irpacts on the other systems in the MBG facility.
,’
|
|
»

C-3-77




Table 4.15

T TR

Koppers-Totzek SNG Utility Summary

8L-€-9

| e | ewecrmierny | SR, | con *1600 POUKD/HR
o DISTRIBUTION 106 GPY Ky GPM GPM HP PSIA HP PSIA LP PSIA
BTU/HR | yorm  DESIGN | NORM  DESIGN | WP LP PROD CON: | PROD  CoNs | PROD  coms
1 COAL PHEPARATION
2 GASIFICATION 9,250 | 792 679 396.0 339.7
3 GAS COOLING
4 ACID GAS REMOVAL 3,400 2,108 7 220
§  SULFUR RECOVERY 126 208| 40 108 20.0 a5.4| s4
6  AIR SEPARATION 28,066 3,080 | 752 438 376.0 215.4
| 7 oAs cOMPRESSION 400 78,790 20.0 108.5
8  PROCESS SOLIDS TREAT.
11 COAL HANDLING 1,150
12 SOLIDS DISPOSAL
13 BY PRODUCT PROCESSING 60 100 50.0
14 PLANT POMER SYSTEM (4,800) 215.3
15 STEAM GENERATION 19 95.9
16 WATER TREATMENT 10 5.9
17 COOLING WATER SYSTEM 1,830
208 €O SHIFT 1,900 s| a76 1,022 238 505.1| 234
208 METHANATION 3,533 233 482.5 18.9
GENERAL SUPPORT 5,006
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Table 4.16
Texaco-SNG Utility Summary
EQUIP.|  COOLING | puectRICITY | cepnaagen | CON0 *1600 PORO/HR
AOEK DISTRIBUTION 1066 6PM r GPH GPH HP PSIA WP PSIA LP PSIA
BTU/HR | wopm  DESIGN | NORM  DESIGN | P Lp PROD  CONS | PROD  CONS | PROD COHS

1 COAL PREPARATIGN 3,000 |

2 GASIFICATION 3,430 200 | 1,778 318 1.048.1

3

4 ACID 6AS REMOVAL 31,M0 2,1 46.3 33.7
§  SULFUR RECOVERY 80G 8 29 24 184

AIR SEPARATION 2,200 68,000

8  PROCESS SOLIDS TREAT.

11 COAL HANDLING 1,890

12 SOLIDS DISPOSAL

13 BYPRODUCT PROCESSING 60 2
14 PLANT POMER SYSTEM 39,400 (38,6%0) 755. i 54.9
15 STEAM GENERATION £8.2
16 WATER TREATMENT

17 COOLING WATER SYSTEM 4,200

208 CO SHIFT 4,320 s | 347 €90 173.7 s0a.4| 1317

208 METHANATION 8,567 20,368 | 707 239 330.7 23.2

GENCRAL SUPPORT 18,477 6.4

NOIlvHOdHs0D NQ8 3HL
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THE BOM CORPORATION

SUPPLEMENT A TO APPENDIX C-3
KOPPERS-TOTZEK

SNG MODULE
EQUIPMENT LIST
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UNIT:

THE BDM CORPORATION

CO SKIFY

EQUIPMENT LIST
KOPPERS-TOTIEK

SNG-MODULES

REV.

1

EXCHANGERS

_DATE: 10/6/80

ITEM
NUMBEF.

SERVICE

QUANTITY

SPARE

OPERATION DESCRIFTION

90-€-1

HP STEAM SUPER HEATER

0

)

AREA = 2096 F1<
TYPE - FIXED TUBE SHEET
DES PRESS:

TUBE - 800 PSIA
SHELL - 750 PSIA

90-E-2

HP STEAM GENERATOR

TYPE - KETTLE REBOILER
DES PRESS:

TUBE - 750 PSIA
SHELL - 800 psiA
MATERIAL - ¢S/MOLY

MATERIAL - CS/m&X ‘
AREA = 10,208 FT

90-£-3

8FW PREHEAT EXCHANGER

AREA = 7893 ©

TYPE - y.Tygk

DES PRESS:

TUBE - 750 PSIA

SHELL - g0p Ps1A
MATERIAL - cs/maLy

90-€£-4

BFW PRENEAT EXCHANGER

AREA <
rvee . 0290e”
DES PRESS:

TUBE - 750 PSIA

SHELL - 650 PsIA
MATERIAL -cgyce

90-£A-1

SHIFT EFFLUENT COOLER

AREA = 24,500 fy¢

TYPE - AIR COOLER
DES PRESS:

TUBE - 650 PSIA
:ATERIAL - (S
1

90-€-5

SHIFY FEED/EFFLUENT
EXCHANGER

AREA = 1890 ¢y

TYPE - FIXED TUBE SHEET
DES PRESS:
TUBE - 150 pSIA

SHELL - 650 pSIA
MATERIAL - cs/ (g

90-E-~6

65 PSIA STEAM GENERATOR

AREA = 18,500 FT
TYPE - KETTLE REBOILER
DES PRESS:

TUBE - 650 psIA
SHELL - "g50 psIA

90-€-7

SHIFT EFFLUENT TRIM
COOLER

31,250

TYPE - AIR (O
DES PRESS: COOLER

TUBE - 650 psig
MATERIAL - (S/ADMIRALTY

MATERIAL - (‘.S/r,s2 4
AREA = FT

€-3-82
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THE BDM CORPORATION

UNIT: CO SHIFT

EQUIPMENT LIST
KOPPERS-TOTZEK
SNG-MOQULES

REV. 1

DATE: 10/6/80

ITEM
NUMBER

SERVICE

QUANTITY

SPARE QPERATION

DESCRIPTION

90-t-8

AYDROLYSIS EFFLUENT
TRIM COOLER

0

AREA = 1200 FT°
TYPE - FIXED TUBE SHEET
DES PRESS:

TUBE - 650 psIA

SHELL -650 psip
MATERIAL - CS/CS

90-EX-2

HYDROLYSIS EFFLUENT
COOLER

AREA * 2020 FT
TYPE - SIR COOLER
DES PRESS:
TUBE - 650 PSIA
TUGE LENGTH - 20
MATERIAL - CS

90-€-9

HYDROLYSTS FEED/EFFLUENT
EXCHAKGER

AREA = 4375 FT°
TYPE - U-TUBE
DES PRESS:
TUBE - 150 PSIA
SHELL -650 PSIA
MATERIAL - CS/ADMIRALTY

AREA =

TYPE -

DES PRESS:
TUBE -
SHELL -

MATERIAL -

AREA =
TYPE -

DES PRESS:
TUBE -
SHELL -
MATERIAL -

AREA =

TYPE -

DES PRESS:
TUBE -
SHELL -

MATERIAL -

AREA =

TYPE -

DES PRESS:
TUBE -
SHELL -

MATERIAL -

AREA =
TYPE -

DES PRESS:
TUBE -
SHELL -
MATERIAL -

C

-3-83
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THE BDM CORPORATION

EGUIPMENT LIST

KOPPERS -TOTZEK
SNG-MODULES
UNIT: METHANATION REV. 1 DATE: 10/6/80
COMPRESSORS
1TEM QUANTITY
RVIC
NUMBER SERVIcE SPARE__| OPERATION DESCRIPTION
90-EX-1 METHANATION FEED GAS 0 1 GAS HORSEPOWER - 13,118
EXPANDER TYPE - CENTRIFUGAL
MATERIAL = § CR CTEEL
aP - 308 PSI
90-M- 1 RECYCLE COMPRESSOR 0 1 BRAKE Hp - 1887
ASSIST MOTOR DRIVER TYPE - ELECTRIC MOTOR
90-C-1 METHANATION RECYCLE 0 1 GAS HORSEPOWER - 21,005
COMPRESSOR TYPE - CENTRIFUGAL
MATERIAL - 5 CR STEEL
AP - 60 PSI
90-M-2 RECYCLE COMPRESSOR MOTO 0 1 BRAKE Hp - 21,005
ORIVER (START-UP) TYPE - ELECTRIC MOTOR
90-C-2 METHANE PRODUCT GAS HORSEPOWER = 6800
COMPRESSOR TYPE - CENTRIFUGAL
MATERIAL - CAST STEEL
ap = 800 PSl
90-5T-1 PRODUCT COMPRESSOR STEAM BRAKE Hp - 6800
TURBINE DRIVER TYPE - CONDENSING TUR-
BINE
MATERIAL - 1500 PSI
C-3-84
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UNIT:

THE BDOM CORPORATION

CO SHIFT

EQUIPMENT

LISt

KOPPERS-TOTZEK
SNG-MODULES

REV. 1

DATE: 10/6/80

VESSELS

ITEM
NUMBER

SERVICE

QUANTITY

SPARE

IPERATION

DESCRIPTION

90-RX-1

€O SHIFT REACTOR

0

1

OIAMETER = 18'-0"
HEIGHT = 18'-0"

TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS = 750 PSIA

90-RX-2

C0S HYDROLYSIS REACTOR 0

DIAMETER = 6'-6"

HEIGHT = 6'-6"

TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS = 750 PSIA

90-v-1

SHIFT EFFLUENT CONOEN-
SATE KNOCK-OUT DRUM 0

OIAMETER = 7'-3"
HEIGHT = 18°-9"

TVPE - HORIZONTAL
MATERIAL - CS

DESIGN PRESS =650 PSIA

90-V-2

HYDROLYZER EFFLUENT
ORUM

CONDENSATE KNOCK-QUT

D{AMETER = 2'-6"

HEIGHT = 6'-9

TYPE - HORIZONTAL
MATERIAL - €S

DESIGN PRESS = 690 PSIA

DIAMETER -«
HEIGHT =
TYPE -
MATERIAL -
DESIGN PRESS

DIAMETER =
HEIGHT =

TYPE -
MATERIAL -
DESIGM PRESS =

DIAMETER =
HEIGHT =

TYPE -
MATERIAL -
DESIGN PRESS =

DIAMETER =
HEIGHT =

TYPE -
MATERIAL -
DESIGN PRESS =

C-3-85
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THE BDM CORPORATION

EQUIPMENT LIST
KOPPERS-TOTZEK
! SNG-MODULES

UNIT: METHANATION REV. 1 DATE: 10/6/80

VESSELS

|

'-

‘ ITEM QUANTITY

¥ NUMBER SERVICE SPARE___| OPERATION PESCRIPTION
92-RX-1 1INC OXIDE GUARD BED 1 1 DIAMETER = 10'-8"

HEIGHT = 26'-8"

TYPE - VERTICAL

MATERIAL - 304 SS CLAD

DESIGK PRESS = 325 PSIA

92-RX-2 | METHANATION REACTOR 0 1 DIAMETER = 21 '-6"

I

) HEIGHT = 2}'.g"
I TYPE - VERTICAL
)

MATERIAL - 304 SS CLAD
DESIGN PRESS = 35C PSIA

-RX- RIM METHANATION 0 1 DIAMETER « 7 -8"
PR3 ! IREAE;OR HEIGHT = 7'-8"
TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS = 350 PSIA

SUCTION DRUM HEIGHT = 40Q'.8"
TYPE - HORIZONTAL
MATERIAL - (S

|

|

) 92-V-} RECYCLE COMPRESSOR 0 1 DJAMETER = 1g'.-2"
!

! DESIGN PRESS = 350 PSIA
[

| 92-V-2 METHANE COMPRESSOR 9 ] DIAMETER = 4'-0"

HEIGHT = 10°'-0"
’ SUCTION DRUM TYPE - HORIZONTAL

MATERIAL - CS
DESIGN PRESS = 350 PSIA

' 92-V-3 METHANE COMPRESSOR 0 1 DIAMETER = 2°.6"
INTERSTAGE KNOCK-QUT HEIGHT = g'_3*

DRUM TYPE - HORIZONTAL
MATERIAL - (S

DESIGN PRESS *= 750 PSIA

DIAMETER =
! HEIGHT =
TYPE -
MATERIAL -
DESIGN PRESS =

DIAMETER =
HEIGHT = '
' TYPE -

| MATERIAL -
DESIGN PRESS =

C-3-86 -
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THE BDM CORPORATION

EQUIPMENT LIST
KOFPERS-TOTZEK
SNG-MODULES

UNIT: METHANATION REV. 1 DATE: 10/6/80

EXCHANGERS

TTen QUANTITY —
NUMBER SERVICE SPARE OPERATION DESC I‘F;g
92-E-2 | METHANATOR FEED/ g ! ?35: : ;?iggorugg CHEET
FFLUENT EXCHANGER - -
EFFLUENT EXCHANGE OES PRESS:
TUBE - 700 PSIA
SHELL -350 PSIA
) TERJAL - CS/MOLY
92-£-1 HP STEAM GENERATOR 0 ! AREA = 4660 FT"
TYPE - KETTLE REBOILER
DES PRESS:
TBE - 750 PSIA
SHELL - 350 PSIA
MATERTAL - MOLY/MOLY

— NGER ARER = 3975 F1-
92-€-4 | MP BFW PREHEAT EXCHANGE 0 1 ee o I%eE

DES PRESS:
TUBE - 750 PSIA
SHELL - 1350 PSIA
MATERIAL - CS/MOLY

92-£-3 565 PSIA STEAM 0 1 AREA = 6830 rT¢

GENERATOR TYPE - KETTLE REBOILER
DES PRESS:

TUBE - 750 PSIA
SHELL - 350 PSIA
IMATERIAL - cS/CS

AREA = r
92-£-5 RECYCLE/EFFLUENT 0 4 32,680 FT
A-D EXCHANGER Bzgi - ngso TUBE SHEET
TUBE - 350 PSIA
SHELL - 350 PSIA
MATER]JAL ~ re/re

AREA = 15,550 FT¢
92-6A-1 | EFFLUENT AIR COOLER 0 1
(15 BAYS) [DESTGN PRESS = 350
MATERIAL - CS

92-t-6 EFFLUENT TRIM COOLER 0 3 AREA = 11,280 FT°
A.B,C TYPE - y.TUBE
DES PRESS:
TUBE - 150 P3IA
SHELL - 300 PSIA
MATERIAL - CS/ADMIRALTY ]
92-£-7 LP PSIA STEAM GENERATOR 0 ] AREA = 800 fT°
TYPE - KETTLE REBOILER
DES P
TUBE - 350 PSIA
SHELL - 200 PSIA
MATERIAL - rgyre

C-3-37
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UNIT:

ME THANATOR

EQUIPMCNT
KOPPERS - TOTZEK
SNG-MODULES

REV. 1

LisT

DATE: 10/8/80

EXCHANGERS

[TEM
NUMBER

SERVICE

QUANTITY

SPARE

OPERATION

DESCRIPTION

92-EA-2

TRIM METHANATOR AIR
COOLER

o

1

AREA = 1330 FT¢
DESIGN PRESS - 350
MATERIAL - CS

92-t-8

TRIM METHANATOR TRIM
COOLER

TYPE - .

DES PRES :TUBE

TUBE - 150

SHELL -350

MATERIAL - CS5/AOMIRALTY

92-€-9

METHANE COMPRESSOR
INTERCOOLER

AREA = 1413 FT~
TYPE - y-TUBE
DES PRESS:

TUBE -

S“E\ Lo
MATERIAL - (CS/ADMIRALTY

92-E-10

METHANE PRODUCT COOLER

AREA = 12

TYPE - 330et

DES PRESS:

TUBE -

SHELL -~

MATERIAL - CS/ADMIRALTY

22-g-N

STEAM TURBINE SURFACE
CONDENSOR

PART OF COMPRESSOR COST

AREA =
TYPE -

DES PRESS:
Tuge -
SHELL -
MATERIAL -

AREA =
TYPE -
DES PRESS:
Tuge -
SHELL -
MATERIAL -

AREA =
TYPE -

DES PRESS:
TuBE -
SHELL -
MATERIAL -

C-3-88
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SUPPLEMENT B TO APPENDIX C-3

TEXACO - SNG MODULE
EQUIPMENT LIST
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THE BOM CORPORATION

UNLT:

EQUIPMENT LIST
TEXACO
SNG-MODULES
CO SHWIFT

REV. 1

DATE: 10/6/80

EXCHANGERS

ITEM
NUMRER

SERVICE

QUANTITY

{
DESCRIPTION

SPARE

QPERATION

90-E-1

HP STEAM GENERATOR

e

1

AREA = 1200 FT2
TYPE ~ FIXED TUBE SHEET
DES PRESS:
TUBE - 750 PSIA
SHELL - 690 P3IA
MATERIAL - CS/MOLY

90-E-4

FEED CO SHIFT EFFLUENT
EXCHANGER

AREA = go72 FT¢
TYPL - CIXED TUBE SHEET
DES PRESS:

TUBE - 690 PSIA

SHELL 490 PSIA
MATERIAL - CS/MOLY

90-E-3

BFW PREHEAT EXCHANGER

AREA = 2440 FT°
TYPE - U-TUBE
DES PRESS:
TUBE - 750 PSIA
SHELL - 690 PSIA
MATERIAL - CS/MOLY

90-£-5

65 PSIA STEAM GENERATOR

AREA = 11,655 F1°¢

TYPE - KETTLE REBOILER
DES PRESS:

TUBE - 135 pSIA
SHELL - 650 PSIA
MATERIAL - c5/cey

90-£A-1

SHIFT EFFLUENT COOLER

1
(18 BAYS)

AREA = 21,925 FT°
TYPE - AIR COOLER
DES PRESS:

TUBE - 650 PSIA
MATERIAL - CS

TUBE LENGTH = 20°

90-E-6

SHIFT EFFLUENT TRIM
COOLER

AREA = 37,500F7 ‘
TYPE - FIXED TUBE SHEET
DES PRESS:

TUBE - 650 PS]A
SHELL - 150 pSIA
MATERTAL - CS/ADMIRALTY

90-€£-7

HYDOROLYSIS REACTOR FEED
EFFLUENT EXCHANGER

AREA = 1740 FT-

TYPE - FIXED TUBE SHEET
DES PRESS:

TUBE - 650 PSIA

SHELL - 650 pSIA
MATERIAL - (S/CS

90-EA-2

HP STEAM GENERATOR

AREA = 6g50 FT°
TYPE -
DES PRESS
TUBF -
SHELL -
MATERI. .

50 PSIA
§%9 PSIA
= C3/MOLY

C-3-90
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THE BDM CORPORATION

EQUIPMENT LIST
TEXACO
SNG-MOQULES
UNIT: CD SHIFT REV, 1 DATE: 10/6/80

EXCHANGERS

.
‘ L
L ITEM QUANTITY H ;
. DESCRIPTION
NUMBER SERVICE SPARE OPERATION :
— AREA = 2000 FT°

90-£-8 HYDROYLSIS EFFLUENT TRIM 0 3 TYPE - y-TUBE

COOLER DES PRESS:

TUBE - 150 PSIA
SHELL - 650 PSIA
MATERIAL - CS/

|

, AREA = 2545 FT
90-EA-2 | HYOROLYSIS EFFLUENT 1 TYPE - AIR COOLER

‘ COOLER

D

(2 BAvs) [DES PRESS:
TUBE - 650 PSIA

TUBE LENGTH - 20

MATERIAL - CS

| AREA =

' TYPE -

DES PRESS:

| TUBE -

| SHELL -
MATERIAL -

f AREA =

' TYPE -

} DES PRESS:

’ TUBE -

SHELL -

| MATERIAL -

| AREA =

| - TYPE -

DES PRES.:

TUBE -

SHELL -
MATERIAL -

' AREA =

TYPE -

DES PRESS:

TuBE -

» SHELL -

» MATERIAL -

AREA =
TYPE -

DES PRESS:
TUBE -
SHELL -
MATERIAL -
AREA =

{ TYPE -

OES PRESS:
TUBE -
SHELL -
MATERIAL -

C-3-91
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THE BDM CORPORATION

EQUIPMENT LIST
TEXACO
SNG-MODULES
UNIT: CO SHIFY REV. 1

DATE: 10/6/80

VESSELS

[TEM QUANTITY

NUMBER

SERVICE

SPARE

OPERATION

DESCRIPTION

90-RX-1

CO SHIFT REACTOR

0

1

DIAMETER = 18'-0"
HEIGHT = 18'-0"

TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS =

90-RX-2

€0S HYDOROLYSIS REACTOR

DIAMETER = 6'-6"

HEIGHT = 6'-6"

TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS =

90-v-1

SHIFT CONDENSATE
KNOCK-0UT DRUM

OIAMETER = 7°'-3"
HEIGHT =18'-9"

TYPE - HORIZONTAL
MATERIAL - CS

DESIGN PRESS =650 PSIA

90-v-2

HYDROLYSIS CONDENSATE
KNOCK-QUT ORUM

DIAMETER = 2'-6"

HEIGHT = 6'-9"

TYPE - HORIZONTAL
MATERIAL - C5

DESIGN PRESS = 690 PSIA

DIAMETER =
HEIGHT =
TYPE -
MATERIAL -
DESIGN PRESS

DIAMETER =
HEIGHT =
TYPE -
MATERIAL -
DESIGN PRESS

DIAMETER =
HEIGHT =
TYPE -
MATERIAL -
DESIGN PRESS

OIAMETER =
HEIGHT =
TYPE -
MATERIAL -
DESIGN PRESS

P T AU Sy G
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THE BDM CORPORATION

EQUIPMENT LIST
TEXACO

UNIT: METHANATION

REV.

SNG-MODULES

1

DATE: 10/6/80

EXCHANGERS

ITEM
NUMBER

SERVICE

QUANTITY

DESCRIFTION

SPARE

OPERATION

92-E-1

HP STEAM SUPERHEATER

0

1

92-E-2

HP STEAM GENERATOR

AREA = 3135 FT¢
TYPE - FIXED TUBE SHEET
DES PRESS:

TUBE - 700

SHELL -350

MATERIAL - QSQQL!
AREA = 2315 FT

TYPE - KETTLE REBOILER
DES PRESS:

TUBE - 750

SHELL - 350
MATERIAL - MOLY/MOLY

92-£-3

EXPANOER FEED GAS PREHEAT
EXCHANGER

AREA = 8970 Fr°
TYPE - FIXED TUBE SHEET
DES PRESS:

TUBE - 650

SHELL - 350
MATERIAL - CS/MOLY

92-E-5

HP STEAM GENERATOR

AREA * 7885 FT°
TYPE - KETTLE REBOILER
DES PRESS:

TUBE - 750

SHELL - 350
MATERIAL - CS/CS

92-£-4

RECYCLE/GAS PREHEAT
EXCHANGER

AREA = 4220 FT¢
TYPE - FIXED TUBE SHEET
DES PRESS:
TUBE - 350
SHELL - 35
MATERIAL - reyrce

92-EA-1

EFFLUENT AIR COOLER

(9 BAYS)

AREA = 24,200 fT¢
DESIGN PRESS = 350
MATERIAL - CS

TUBE LENGTH - 20'

92-£-6

BFW PREHEATER EXCHANGER

AREA = 5790
TYPE - FIXED TUBE SHEET
DES PRESS:
TUBE - 750
SHELL - 300
MATERIAL - CS/LS

92-€-7

RECYCLE GAS PREHEAT
EXCHANGER

AREA = 21,880 FT¢
TYPE - FIXED TUBE SHEET
DES PRESS:

TUBE - 350

SHELL - 1350
MATERIAL ~ rc/re
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THE BDM CORPORATION

EQUIPMENT LIST
TEXACO
SNG-MODULES

EXCHANGERS

ITEM
NUMBER

QUANTITY

DESCRIPTION

SERVICE SPARE

OPERATION

92-E*-2

B ol

TRIM METHANATOR AIR 0
COOLER

1

ARTA = 1800 FT¢

DESIGN PRESS - 350
MATERIAL - CS

92--10

TRIM METHANATOR TRIM 0
COOLER

AREA = 4580 1<
TYPE - 1 TUBE
DES PRESS:
TUBE - 150
SHELL -350
MATERIAL - CS/ADMIRALTY

92-g-1

METHANE COMPRESSOR 0
INTERCOOLER

AREA = 1413 FTC
TYPE - U-TUBE
DES PRESS:
TUBE -
SHELL -
MATERIAL - CS/ADMIRALTY

92-g-12

METHANE PRODUCT COOLER 0

AREA = FT¢
TYPE - U??BBET
DES PRESS:

TuBE -

SHELL -
IMATERIAL - CS/ADMIRALTY

92-e-1

STEAM TURBINE SURFACE 0
CONDENSOR

PART OF COMPRESSOR COST

: 92-£-8

RECYCLE TRIM COOLER 0

AREA = 41,700 FT-
TYPE - U-TUBE
DES PRESS:
TUBE - 350 PSIA
SHELL -150 PSIA
MATERIAL - CS/ADMIRALITY

92-€-9

150 PSIA STEAM GENERATOR 0

AREA = 2020 FTC.
TYPE - FIXED TUBE SHEET
DES PRESS:
TUBE - 350 PSIA
SHELL - 200 PSIA
MATERIAL - CS/CS

AREA =

TYPE -

DES PRESS:
TUBE -
SHELL -

MATERIAL -

B 50 S s iy et r 8,
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THE BOM CORPORATION

EQUIPMENT LIST

TEXACO
SNG-MODULES
" QUANTITY
NoBER SERVICE TR T DESCRIPTION
92-EX-1 | METHANATION FEED GAS 0 \ GRS FORSEPIMER - 13,118
EXPANDER TYPE - CEMTRIFUGAL
MATERIAL = 5 CR STEEL
4P - 308 PSI
92-1-2 EXPANJER MOTOR ORIVER 0 ] BRAKE Hp - 4400
TYPE - ELECTRIC MOTOR
92-C-1 METHANATION RECYCLE 0 | GAS HORSEPOWER - 17,402
COMPRESSOR TYPE - CENTRIFUGAL
MATERIAL - 5 CR STEEL
4P - 60 PSI
9-M-1 RECYCLE COMPRESSOR MOTOR O 1 BRAKE Hp - 18,000
DRIVER TYPE - ELECTRIC MOTOR
s2-c-2 METHANE PRODUCT GAS HORSEPOWER = 6800
COMPRESSOR TYPE - CENTRIFUGAL
MATERIAL - CAST STEEL
4P = 800 PSI
92-ST-1 | PRODUCT COMPRESSOR STEAM BRAKE Hp - 7000
TURBINE ORIVER TYPE - CONDENSING TUR-
BINE
MATERIAL - 1500 PSI
C-3-95
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THE BDM CORPORATION

EQUIPMENT LIST
TEXACO

SNG-MODULES

ITEM
NUMBER

VESSELS
-1

QUANTITY

SERVICE

SPARE OPERATION

DESCRIPTION

92-RX-1

ZINC OXIDE GUARD BED

i i

OIAMETER = 10'-8"
HEIGHT = 26'-8"

TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS = 325 PSIA

92-RX-2

METHANATION REACTOR

DIAMETER = 21'-6"
HEIGHT = 21'-6"

TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS = 350 PSIA

92-RX-3

TRIM METHANATION
REACTOR

DIAMETER = 7'-8"

HEIGHT = 7'-8"

TYPE - VERTICAL
MATERIAL - 304 SS CLAD
DESIGN PRESS = 350 PSIA

92-¥-1

RECYCLE COMPRESSOR
SUCTION KNOCK-QUT
DRUM

DIAMETER = 16'-3"
HEIGHT = 40°'-8"

TYPE - HORIZONTAL
MATERIAL - CS

DESIGN PRESS * 350 PSIA

92-v-2

METHANE COMPRESSOR
SUCTION KNOCK-OUT
DRUM

DIAMETER = 4'-0"
HEIGHT = 10'-0"

TYPE - HORIZONTAL
MATERIAL - CS

DESIGN PRESS = 350 PSIA

92-v-3

METHANE COMPRESSOR
INTERSTAGE KNOCK-QUT
DRUM

DIAMETER = 2'.6"

HEIGHT = 6'-3"

TYPE - HORIZONTAL
MATERIAL - CS

DESIGN PRESS = 750 PSIA

92-v-4

METHANE COMPRESSOR AFTER
COOLER

DIAMETER = 2'-6"
HEIGHT = 6'-3"

TYPE - HORIZONTAL
MATERIAL - CS

DESIGN PRESS = 1100 PSI

DIAMETER =
HEIGHT =

TYPE -
MATERIAL -
DESIGN PRESS =
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10.

11.

]2.
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