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EXECUTI VE SUH~IARY 

This report represents a preliminary technical and economic evaluation of 
a process which produ:es mixed sclvents (butanol/acetone/ethanol) vi~ 

fermentati on of sugars deri ved from renewabl e bi omass resources. The 
objective is to assess the technology of producing butanol/acetone from 
biomass, and select a viable process capable of serving as a base case 

model for technical and economic analysis. It is anticipated that the 

base case process developed here; n can then be used as the bas; s for 
subsequent studi es concern; ng hi omass conversi on processes capabl e of 
produci ng a wi de range of chemi ca'; s. 

The general criteria util'lzed in determining the design basis for the 
process are profi t potenti al and non-rene\'/abl e energy di spl acement 
potential. The feedstock chosen, aspen wood, was selected from a number 
of potenti al rene\'1abl e biOlilass resources as the most readily avail abl e in 
the Uni ted States and for its l"e1 ati ve1y 1 arge potent; al for produc; ng 
reducing sugars. 

The butanol/acetone/ethanol (ABE) producti on fac; 1 i ty cons; sts of three 
11aj or secti ons. These are: 

;) Pretreatment and Enzyme Hydrolysis 
; i) Fertlentati on 

iii) Purification 

The specific design basis for the Pretreatment and Enzyme Hydrolysis 

section has been derived from recent research in biomass conversion 

technology as well as previ ous Chern Systems analyses of work in thi s 
area. The design bases for the Fermentation and Purification sections 
a re simi 1 ar to conventi onal batch fermentati on and conventional 
butano 1 /acetone di sti 11 ati on techno' ogy presently uti 1 i zed in the 
industry. No attempt has been ~ade to improve upon the existing 
technology in these b/o secti ons. However, the important fermentati on 

process parameters; namely, initial sugar concentration, fementation 

\ 
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time, solvent yield and solvent ratio are representative of empirical 
data obtained by various researchers for wood or wood sugar feedstocks. 
It is also important to note that a number of simplHy'lng assumptions 
have been made in determining the design basis for each of the plant 

sections. This \'/as necessary in order to fill in the data gaps that 
presently exi st in ABE fermentati on technology from wood substratp.s. 
These assumptions are discussed in detail in Section I of the report and 
shoul d be referred to in order for the reader to gai n the proper 
perspective on the study conclusions. 

The study consi tiers two separate cases in an attempt to provi cle same 
quantitative insight into the sensitivity of overall plant economics to 

certain fermentation design parameters. The fermentation of wood-derived 
sugars by Clostridium acetobutylicum has a maxir.1Um yield at 3 percent 

i ni ti al sugar. Thi s yi el d beg; ns to decrease as i ni ti a1 sugar 
concentration is increased beyond 3 percent. At 6 percent initial sugar, 
microorganism activity falls to zero due to the level of butanol toxicity 
associated with this sugar concentration (approximately 1.3 percent 
butanol). Therefore, product yield is maximized at 3 percent initial 
sugar while product concentration is maximized at 6 percent initial 
sugar.* The two cases cons;dered are taken at b/o available data points, 
one representing the r.Hlximum yield case at 3 percent initial sugar, and 
the other increasing the initial sugar concentration to 5 percent while 
sacrificing yield. In this \,/ay, the maximum yield case gives a result 

minimizing raw material consumption, while the lO\'ler yield case reduces 
capital and utility requirements in the purification section. 

Thi s cur'sory ana1ysi s of fennentati on desi gn parameters resul ted in 
significantly lov/er production costs for the lower yieid case. This is 
shown in Table 1, which is a cost of productJjon summary for the two ABE 

* The s ; gni fi cance of product concentrati en is that the hi gher the 
sol vent concentrati on in the ferment, ~i on beer, the 1 ess steam and 
steam-related capital are required for product purification. 

I 
I i 
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cases analyzed. It. can be seen from the tabl e that the mi xed sol vent 
product Ctln be produ,:ed for 2.83 do11 ars per gallon for the maximum yi el d 
case as compared to 2.58 do11ars per ga110n for the 10\'ler yield case. 
This result indicates that the process economics are extremely sensitive 
to changes in capital and utility consumption in the purificat~on 

section, which is of course directly related to solvent concentration in 
the fermentation beer. 

TABLE 1 

SUMMARY OF ABE FERrENTATION PROCESS ECONOMICS 

BASIS: 50 t~~1 gals/yr, U.S. Gulf Coast t·1id-1982 

Maximum Yield Lower Yield 

Investment, $$MM 
Battery 1 imi ts 
Offsites 

Total fixed investment 

Cost of production, ¢/ga1 
Raw materi a1 s 
Utilities 
Operati ng costs 
Overhead expenses 

Total cost of production 
By-product credit 
Net cost of production 
Selling price at 10% DCF 

96.1 
110.4 
"2"00.5' 

75.80 
69.17 
14.68 
77.70 

237.35 
(22.27 ) 
215.08 
282.6 

92.8 
97.3 

1"91J.T 

80.26 
53.39 
14.28 
73.01 

220.94 
(23.20) 
197. 73 
258.0 

Upon closer exami nati on of the process economi cs, it can be seen from 
Table 2 that if c~st of production is broken down by plant section with 
ra\,1 l7Iateri al costs added as a separate enti ty, the purifi cati on secti on 
is the single largest contributor to total cost of production in both 
cases. Purification accounts for 41.6 percent and 36.0 percent of total 
cost of production for the l7Iaximum yield and lower yield cases 
respectively. Of this, approximately 73 percent is utilities 
consumption, primarily steam for distillation. 
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TABLE 2 

UTILITY, OPERATING AND OVERHEAD EXPENSES BY PLANT 

SECTION AS A PERCEN~ OF TOTAL COST OF PRODUCTION -------' ' .. _----------

Section 

Enzyme hYdrolysis 
Fermentat ion 
Purification 
Raw materi al s 
(minus by-product 
credit) 

Enzyme hydrolysi s 
Fermentati on 
Purification 
Raw material s 
(mi nus by-product 
credit) 

Maximum Yield Case - Total COP - 215.08 t/gal 

COP ¢/gal 
Section '.t Total 

Util ities 0~eratin9 Overhead Total COP 

1.42 7.94 36.92 46.28 21.5 
1.96 4.49 19.23 25.68 12.0 

65.79 2.23 21 .50 89.52 41.6 
53.53 24.9 

Lower Yield Case - Total COP - 197.73 ¢/gal 

1.53 8.98 41.71 52.22 26.4 
( .3) 3.43 14.34 17.47 8.8 

52.16 1.83 17.18 71 .17 36.0 
57.06 28.9 

A breakdown by pl ant secti on of energy consumpti on in the process 
reveals, not surprisingly, that the purification section is 

overwhel mi ng1y the 1 argest consumer of energy. Tabl e 3 shm'Is total 
energy consumpti on by pl ant secti on, \'Ihi ch i ncl udes both steam and power 

but negl ects the raw materi al £:nergy associ ated wi th the feeds tock. The 
table indicates that the purification section consumes r.1ore than 100 

percent of the total plant energy in both cases. This is possible due to 

the fact that enel'gy is produced at various points in the process which 

is then allocated to the plant section where it occurs. 



Secti on 

Enzyme Hydrolysi s 
Fermentati on 
Purification 

Total 

Enzyme ~drolysi& 
Fermentati on 
Pur; fication 

Total 

v 

TABLE 3 

TOTAL ENERGY CONSUMPTION BY PLANT SECTION 

(Mt1Btu per Year) 

Maximum Yield Case -
Section 

Steam Power Total 

(575,559) 340,650 (234,909) 
(478,634) 675,900 197,266 

7,236,446 8,950 7, t!45,396 
6,182,253 r;:tr2O;"501T 17lO7,753 

Lower Yield Case 

(65z,827) 385,400 (267,427) 
(521 ,192) 496,000 (25,192) 

5.658.698 8.600 5.667.298 
(484:6rg "B"9tt,1Jtm 5~374:679 
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% TQtal 

-3.25 
2.74 

100.52 
100.00 

-4.98 
-.47 

105.45 
100.00 

In order to compare the rel ative merits of the ABE fermentation process 

vis a vis conventional routes to butane1 and acetone, an economic 
analysis of the conventional technologies \'las perfonned. Table 4 is a 

summary of process economi cs of butanol and acetone vi a the conventi ona1 
synthetic route, from propylene. As can be seen from a compllrison of 

Tables 1 and 4, the conventional routes produce butanol and acetone at 
2.35 and 2.32 dollars per gallon respectively and have approximately a 10 

percent edge over the better ABE case (the lower yield case). 



vi CHEM SYSTEMS INC. 

TABLE 4 

SUt1r-1ARY OF PI10CESS ECOl4otlICS 

FOR CONVENTIONAL ROUTES TO BUTANOL AND ACETONE 

Basis: 50 t4t·1gals/yr, U.S. Gulf Coast, mid-1982 

Butanol Acetone 

Investment, $~1M 
Battery limits 61.2 41.2 
Offsi tes 28.8 29.2 

Total fixed investment 90.0 70.4 

Cost of producti~n, t/gal 
Raw materi al s 165.57 135.50 
Utilities 5.62 25.84 
Operating Costs 9.50 7.10 
Overhead expenses 40.10 30.03 

Total cost of production 220.80 198.47 
By-product credit (21.25) (2.34) 
Net cost of production 199.55 196.13 
Selling price at 10% DCF 235-.1 232.4 

The conclusions that can be derived from this analysis are apparent. The 
purification step is the most significant step in thL process in terms of 
total cost of production and energy consumption. In addition, although 
ABE fennentation from wood is lJi"ldoubtedly viable technically, it is 
pres~ntly still not competitiv~~ with the conventional routes to 
blltano l/acetone vi a propyl ene. It is therefore obvi ous that future 

research and development in ABE f~\1nentati on shoul d focus on reduci n9 the 
costs and energy consumption associated with the purification step. 

~,ecifically, this might be achieved by: 

i) Developing improved separation techniques such as reverse 

osmosis, membrane separation, solvent extraction, adsorption, 
etc ~ , whi ch have great potenti al for reduci ng energy 
consumption during ABE purification. 

. _ /1 
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ii) Developing an improved microorganism via genetit manipulation 
whi ch can sati sfactorily ferment wood sugars and can tol eratll'l 
high concentrations (greater than 1.3 percent) of butanol in 
the fermentation beer. 1 

" 
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INTRODUCTION AND PERSPECTIVE 

Thi s report was prepared as part cf the Department of Energy I s Energy 
Conversion and Utilization Technology (ECUT) Program, whose objective is 
to support 1 ong-tenn, hi gh-ri sk appl i ed research and development 
necessary to assure the availability of a future technology base that 
\'li11 enable a sUbstantial increase in both the efficiency of energy 
conversion and utilization equipment and the increased use of 

non-cri ti ca1 fuel s. It forns a segment of the Chemi cal Processes Project 
of the Energy Util ization Technology SubProgram, \'thich focuses on the 

engineering of biocatalyzed processes for producing chemicals. 

The objective of the study is to develop a methodology for analyzing the 
impact of technological advances as a tool to help establish priorities 
for R 8. D options. As an exampl e of a biocatalyzed process, 
butanol/acetone fernentation (ABE prucess) \lIas sel ected as the spec; fi c 
topi c of study. For ease of compari son \'Ii th conventi onal producti on 
plants, a Gulf Coast location \'IS hypothesized. Process economics are 
based on a size of 50 million gallons per year, as this was deemed to be 

a reasonable size plant for producing alcohols for the fuel market. 
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I. DES!GN BASIS 

A. Introduction 

ThE! producti on of acetone, butanol and ethanol vi a fermentati on 
(herea fter call ed ABE ferr:1entati on) has been an establ i shed commerci al 
technology si nce the early 20th century. The ori gi nal organi sm, 
clostridium acetobut,Y1 ;~um, discovered by Chaim Weizmann around 1914, was 
abl e to fennent starchy substrates such as corn to butanol, acetone and 
ethanol. The fi rst ABE fermentati on pl ants \'Iere buil tin Canada and tr:n 

the United States (Terre Haute, Indiana) during World War I primarily to 
produce acetone whi ch was ir.1portant ; n the manufacture of cordi te, a 

component of small anns ammunition and a propellant for heavy artillery 
shells. After World War I, DuPont developed nitrocellulose lacquers for 

the automobile industry, and it was found that butyl acetate \'laS the 
sol vent of choice for thi s coating system. The U.S. ABE fennentation 
plants were then started up as a private venture to supply butanol as the 
raw material for the manufacture of butyl acetate. 

Early attempts to develop an organism ~hat would ferment molasses (a less 
expensive substrate than corn) were unsuccessful, however by 1936 a new 

organism \'laS developed, C. saccaro-butyl-acetonicum··l i~uefaciens, 
(Arzberger 1938(1), Carnarius and McCutchan, 1938(2) which 
fermented molasses with satisfactory yields. The advent of the supply of 
cheap petrol eum foll owi ng Worl d \~ar II caused the abandonment of the 
traditional routes to many chemicals, including ABE fermentation, by most 
of the chemical industry in the \'1estern \'1orld (with the notable exception 
of South Africa). Synthetic routes to chemicals from petroleum continued 
to be more economical until the 1970s when the series of petroleum price 
increases 1 ed to renewed interest in fermentati on of renewab1 e biomass 

resources. 

B. Raw Materials 

Clostridium acetobutylicum, discovered by Chair.1 Heizr.1ann in 1914, 
successfully ferments starchy substrates such as corn to butanol, acetone 
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and uthtlflol. Typical yields fOt' 0.5 plH'(;cnt cOI'n conccntt'ation al'e 
npPI'oximntely 26.5 ,,,oight pm'cent basl'd 011 initinl dl'Y ('ol'n ",ith a 
solvont ratio of 60 pCI"'Cont butnnol. 30 pel'Cont acetone ana 10 percent 
ethanol. In 1938. ''lith tho cliscovtH'Y of C. 

sncchul'o-butyl-ucetoni cUlll-l i qUt'fuci ons. fOI'lllcntnti on of mol aSSl S ",as iliadI.' 

possillle. Typicnl yields fOl' 1lI01nsses with 05.5-7.5 pl'l'cont sugal' 
concontl'ntion nl'e 30-33 ptH'cent bnscd on SUCI"'JSO. ''lith l\ solvont I'ntia of 
(0-35 ptH'(,lHlt ncetone. bl -70 pOI'Ccnt butanol find Il pm'cont cthl,'lnol. 

rel'lmmtation times lll'e typically 50-bO houl's fOt' the COt'n substl'nto llnd 
40-45 hout's fOl' thc molnssos feedstock. Although othEll' spocios of 
mi croot'gnni SillS et'ln bo used to f{mllont COt'n llnd molasscs. C. 

ncetobutyl icuill nncl C. sncctH\I'o-bllt~vl-l\cetoniculll-l iquefllcions llt'C the most 
",idoly used. 

Most of the ABE fennentat1ans h~retDfDr{' hfiVD usod one of thr{'o 
cllt'bohydt'llte SOUt'ces ns l\ feedstock: IH\llIOly t cOI'n. b16ckstt'np molllssos 01' 

high test molllsses." Ho",evot'. ",holl considOl'ing the pot.ential of ABE 
fct'tllentnti on to t-eplace syntht'ti c pett'ol CUIII t'outes to these ttH'ee 
chemicnls. cl\t'bohydt'nte SOUt'Cos, sOllm of which IH'C nOl'I:l(11)' considel'od 
\'laste pl'oducts, ,,,nl be ovuluuted "s potential feedstocks. 

This list includes ,,,ood nnd \'Iood Wt,stes, ugt'icultllt'ul ,,,astes such ns 
corncobs nnd COl'n stoVtw, mllnicipnl solid ,,,aste n'S\~). ",ho.y, lUld sulfite 
1 i qUOI', Ench of these cnl'bohydl'ute SOUl'CCS ,,,oul d be n fensibl e feedstock 
fOt' ABE formontntion, ho\~evet', a se1oction of th(llllost suitable substl'nte 
''Iill be made bused upon tho best l\vtlilable infot"lnution. 

The best feedstock for ABE fenllontntion must hnve certnin charactoristics 
\'Ihich \'1111 ennble the p,'ocess to be both technically and economically 

* Olackstrnp molasses is the concontrnted mothor liquor from tho 
crystnll ization of sugUt' cano .illice llnd contnins 50-55'.t. sucrose. High 
test molnsses is the concentt'llte of sugur cnne juice of '''hiclll 67$ of 
the sucrose hns been invertod to glucose t'lnd fructose t~ avoid 
Ct'ystnll izntion and sllgat' impot't duties. 
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viable. The feedstock must be abundantly and inexpensively available in 
the United States, and must have a high potential for conversion to 
products with a minimum .If complicated or expensive processing steps 
required. In general, \'1ood has a very high potential for conversion to 
sugar, and ultimately to solvents, and is readily and abundantly 

available in the United Stdtes. In addition, considering recent advances 
in the technology of \'1ood hydrolysis, high yields of \'1ood to fermentable 
sugars can be obtaineo with relatively good economics. (See Pretreatment 
Enzyme MYdrolysis, Section C.) 

Wood is composed of several maj or carbohydrate fracti ons whi ch compri se 
the bulk of the cell wall. In addition, a small fraction of wood 
consi sts of extraneous materi al s, \'1hi ch are both organi c and i norgani c. 
The carbohydrate fracti on of \'1ood consi sts primari ly of cell ul ose, 
hemicellulose and lignin. Cellulose is composed entirely of six carbon 
sugars (hexosansi while hemicellulose is a mixture of five (pentosan) and 
six carbon sugars. Lignin;s a complex amorphous aromatic substance 
composed of cross-linked polymers of phenylpropanoid units joined by 

benzylic and phenolic ether linkages. In addition, a small fraction of 
wood is composed of extraneous materi al s such as ash (mi neral sal ts), 
r'esi n and vol atil e aci ds, oil s, ):,olysacchari des and other mi scell aneous 
organic materials. 

Cellulose is a homogeneous polymer of glucose, while hemicellulose can be 
a conglomeration of polymers of hexoses (glucose, galactose and mannose) 
and pentoses (xylose and arabinose). The specific composition of \'lOod 

varies from species to species. Table 1-8-1 shows the typical 
composi ti on of several \'1oods. It can be seen from the tabl e that, in 
general, hardwoods have a greater holocellulose (cellulose and 
hemi cell ul ose) content than softwoods, al though the hexosan content is 
approximately equivalent for both, due to a lo\':er percentage of xylans ;n 
the softwood hemicellulose. However, the main hexosan component of 

soft\'1ood is mannan !mannose), wh; ch al though fermentabl e, has a much 
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slower fermentation rate ~/hen compared to glucan (glucose). In addition, 
softwood suscepti bi 1; ty to enzyme hydro1ysi sis vi rtua1 ly unchanged \'/hen 

subjected to various pretreatments. 

TABLE I-B-1 

PERCENTAGE Cot1POSITION OF CERTAIN WOODS 
(Extractive Free, Ash Free) 

Uronic Methoxy1 
Ho10- A1 pha- Hemi- acid in 

ce11u- cellu- cel1u- Pento- anhy- Carbohy-
Li gni n lose lose lose sans dride Acetyl drate 

Softwoods 
White Spruce 26.6 73.3 49.5 23.8 10.9 2.68 2.35 
Red Spruce 26.6 72.9 48.3 24.6 11.6 3.20 2.50 
Eastern Hemlock 31.5 68.5 48.2 20.3 10.0 3.40 1.87 
Balsam Fir 30.1 en n 44.0 25.9 10.3 3.08 2.24 U::7.::7 

Jack Pine 27.2 72.5 49.5 23.0 12.8 2.92 1.92 

Hardwoods 
Aspen 17.3 82.5 50.7 31.8 23.5 4.28 4.65 
Willow 22.0 78.3 
f4apl e 23.5 76.3 50.0 26.3 
\~hi te Oak 24.1 75.4 49.5 25.9 

Table I-B-2 indicates the potential reducing sugars that can be produced 
from hardwoods and softwoods. It shows that aspen has the greatest 
potenti a 1 for produci ng reduci ng sugars whi ch can subsequently be 
fermented. Populus Tremu10ides (poplar) or trembling aspen has high 
availability in North America and can be grown as a high yield, short 
~otation crop in many parts of the northern United States. These reasons 
make aspen an excellent feedstock for the conceptualized ABE fermentation 
process described herein. 

C. Pretreatment and Enzyme Hydrolysis 

Over 150 years ago it 'lIas discovered that wood and other cellulosic 
materi al s coul d be converted to fermentabl e sugars by heat; ng in the 
presence of mineral acids. Much effort has been expended since that time 

0.70 
0.92 
0.81 
0.41 
0.75 

0.93 
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TABLE I-B-2 

YIELD OF POTENTIAL REDUCING SUGARS AND FERMENTABLE SUGARS 
FROM SAMPLES OF REPRESEN fAT! VE HARDWOODS AND SOFT\JQODS 

Potenti al Ferment- Potential 
Reducing abi 1 i ty, Fermentable 
Sugars, % % Sugars, % 

Hardwoods 
American Beech 70.1 75.1 52.6 
Aspen 75.1 76.3 57.3 
Bi rch 69.9 67.8 47.4 
Maple 68.2 71.0 48.4 
Red Oak 63.6 63.0 40.2 
Sweetgum 66.4 73.8 49.0 
Yellow Poplar 70.9 76.1 54.0 

Softwoods 
Dougl as Fi r 66.6 86.2 57.4 
Eastern White Pine 66.5 86.3 57.4 
Hemlock 66.1 88.2 58.3 
Ponderosa Pi ne 68.0 82.2 55.9 
Redwood 52.4 77.1 40.4 
Sitka Spruce 70.1 85.3 59.8 
Southern Yellow Pine 64.8 82.0 53.2 
Sugar Pine 64.8 8~.4 53.0 

in attempts to develop a viable acid hydrolysis process. This effort has 
been especially intense in the U.S. in recent years following the oil 
crisis of 1973. The problem with acid hydrolysis is simple; although it 
was once consi dered to be the most economi cally attractive route to 
producing fermentable sugars from biomass, it has never been economically 
competitive with conventional routes. Moreover, recent advances in 
pretreatment for enzyme hydro1ysi s and enzyme producti on have currently 
made acid hydrolysis an unlikely candidate for future consideration as a 
biomass conversion process. 

The technical problems associated with acid hydrolysis are linked to the 
kinetics of sugar formation and degradation, and the nature of the wood 
substrate. ~Jood is essenti ally composed of three hydro1yzab1 e fractions, 
hemicellulose, amorphous cellulose and crystalline cellulose. The 
hemicellulose and amorphous cellulose are easily hydrolyzed to sugar 
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under mild temperature condisions. The crystalline cellulose is more 
resistant and requires much higher temperatures. The kinetics of 

hydrolysis are such that sugar is formed via the hydrolysis of the 
pentosan (five carbon) and hexosan (six carbon) content of the 

hemicellulose and cellulose. However, under the reaction conditions of 
hydrolysis, these sugars are degraded to by-products as a function of 

temperature and reactor residence time. This is illustrated by the 

following equations. 

Kl K2 

C5Ha04 + H20 ~ C5H1005 ~ 
pentosan xylose 

+ H20 ~ Cf H1206 ~ 3H20 
glucose 

3H20 + C4H30CHO 

furfura 1 

+ CHOHC4H30CHO 
hydroxymethyl-2-furfuraldehyde 

Since degradation of sugar occurs immediately following its formation, 

the ideal situation for high yields is a very high temperature coupled 

with extremely short residence times. This can be accomplished 
relatively efficiently with the hemicellulose and amorphous cellulose 

fract ions, since they hydro lyze almost instantaneous ly to sugars under 
mild acid and temperature conditions. The mild conditions of this 
hydrolysis prevent significant degradation to by-products as long as 
residence times are very short. This hydrolysis (called prehydrolysis) 

can yield 95 percent conversion of the amorphous cellulose and 
hemicellulose hexosans and pentosans to glucose and xylose at conditions 

of 190oC, 0.5 weight percent sulfuric acid and 12 second residence 

time. However, this is not the case with the crystalline cellulose 

fraction. Being much more resistant to hydrolysis, much higher 
temperatures and acid concentrations (230oC, 1.0 weight percent 

H2S04) are required for conversion. This lead~ to much greater 
degradation of the amorphous and hemicellulose sugars which are formed 

almost instantaneously. If hydrolysis of both amorphous and crystalline 
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fractions are c.arried out under the harsher conditions necessary to 
convert cry stall i ne cell ul ose, a maximum yi el d of 50-55 percent can be 
obtained.(3) (Residence time is approximately 12 seconds whic.~ is 

considered a minimum with current extruder-type plug flow reactors.) A 
scheme to possibly alleviate these problems would be a two-stage 
hydrolysis. The first stage (prehydrolysis) would be under mild 
conditions and would recover up to 95 percent of the amorphous cel~ulose 
and hemicellulose sugars. These sugars would be separated from the 
crystall i ne cell ul ose \'1hi ch woul d then undergo hydrolysi s under harsher 

conditions. Overall yields of glucose of 60-70 percent can be obtained 

for this two-stage process, however, due to the extremely high expense 
associated with capital and steam consumption of this process, it does 
not appear to be economically attractive. 

Recent advances in enzyme technology, specificaily in enzyme 
producti v'j ty, have made enzyme hydrolysi s a more attract; ve route for 
cellulose conversion t.han acid hydrolysis. Steam pretreatment of 
cellulose substrates and mild acid prehydrolysis have enabled glucose 
yields via enzyme hydrolysis to approach theoretical in a relatively 

short resi dence time of around 24 hours. Enzyme producti on costs, once 

prohibi ti vely hi gh, have been ma,"kedly decreased recently by si gni fi cant 

increases in enzyme productivity utilizing new mutant strains of the 
fungus, T. Reesei. 

::Jenetic t'esearchers at Rutgers Universi t/ 4) have developed a mutati on 
of T. Reesei, RUT -C-30, \,/hi ch has si gni fi cantly hi gher enzyme 
productivity than the previously used strain, QM94l4. In addition, 

experimentati on wi th various types of nutri ent medi a for enzyme 
production has enabled cheaper ingredients, such as corn steep liquor and 

steam exploded \I/ood, to be substituted for the more expensive ingredients 

previously used such as proteose peptone and delignified cellulose. 

The r.Jechani sm of enzyme hydrolysi s by T. Reesei enzymes occurs when 
crystalline cellulose is attacked by the enzymes endo- -qlucanase and 

cellobiohydrolase forr.Jing oligosaccharides, including cellobiose. The 



8 CHEM SYSTEMS INC. 

cellobiose is then acted upon by endo- {:J -glucanase and {:J-glucosidase to 
form glucose. This is represented in Figure I-C-l. 

FIGURE I-C-l 

MECHANISM OF ENZYME HYDROLYSIS 
by T. Reese i 

Crystallinr cellUl0:=Je 

cellobiohydrolase ---~~ amorphous cellulose 
! 

{:J-glucosidase ____ ...... ~ cellobiose 
(cellobiase) oligosaccharides 

t 
glucose 

endo- {:J-glucanase 

Therefore the enzyme mixture necessary to obtain optimum saccharification 
is a complex mixtw'e of several enzymes in various proportions. RUT-C-30 

has high enzyme productivity, but produces essentially all endo-{:J 
-glucanase with little (:J-glucosidase. Natick labs(5) has 

experimented with various mutant strains and has developed QM329 from 

Aspergillus phoenicis, which produces {:J-glucosidase at very high 

productivities. IdJally, the optimum enzyme mixture would be a 

combination of endo- {:J -glucanase from RUT-C-30 and {:J-glucosidase from 
QM329 in a ratio of cellulase:cellobiase of 2:1. However, the 
preliminary design of the enzyme hydrolysis section is based upon 
utilizing only RUT-C-30 to produce the enzyme complex. 

The preliminary design of the ABE fermentation facility utilizing an 
aspen wood feedstock will include an acid prehydrolysis pretreatment step 

and an enzyme hydrolysis and enzyme production step for the processing of 

wood to the fermentable sugars, xylose and glucose. The use of the acid 
prehyd~olysis pretreatment instead of steam explosion pretreatment is to 

maximize conversion of the pentosan fraction of the wood to fermentable 
xylose. As previously mentioned, sugar conversion during prehydrolysis 
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is approximately 95 percent while, during steam explosion, tI,e h'igh 
temperatures involved cause significant degradation of the hemiceilulose 
sugars formed. Acid prehydrolysis as a pretreatment has been shown to be 
nearly as effective as steam explosion, in terms of enzyme hydrolysis 
yields. 

The hydrolysis of amorphous cellulose and hemicellulose is essentially 
instantaneous to glucose and xylose above 1800C (356oF) and 

follows a first-order decomposition of the respective sugars: 

amorphous cellulose ---.... glucose decomposed glucose 
--~ 

hemicellulose -~-~-

xylose 
K3 

---~... decomposed xylose 

In order to minimize decomposition of the sugars to by-products, and 
prevent hydrolysis of crystalline cellulose, residence time must be kept 
as short as is physically possible and temperature and acid concentration 
must be the minimum required for instantaneous conversion to sugars. 

Ex perimenta 1 kinetic studies(6) performed on 
feedstocks have obtained essentially quantitative yields 
and amorphous cellulose to xylose and glucose in a 

various biomass 
of hemicellulose 
p 1 u g flow type 

reactor. Reactor conditions are 0.5 percent sulfuric acid, residence 
time of 12 seconds and a temperature of 190oC. The preliminJry 
design of the dilute acid prehydrolysis section is developed from the 
following parameters and assumptions: 

Assumptions: 

i All hemi ce 11 u lose is converted to pentoses, hexoses and 
degradation products according to the following rea~tions: 
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Sugar Formation 

(a) 
+HZO 

xylose pentosan 

C5H804 + H2O .. C5HlO05 
132 18 150 

(b) 
+H20 

glucose hexosan 

C6r:1005 + H2O .. C6H1206 
162 18 180 

Sugar Degradation 

(c) 

(d) 

xylose ~',ater + furfura 1 

C 5HlOOS to 3H2O + C4H3OCHO 
150 54 96 

glucose water + hydroxymethyl-2-furfuraldehylde 

C6H1206 ... 3H2O + CHOHC4H3OCHO 
180 54 126 

• From thp kinetics d~veloped by Grethlein(7) for the 
conditions of prehydrolysis, 95 mol percent conversion of 
hemicellulose and amorphous cellulose is obtained almost 
instantaneously. The remaining 5 mol percent goes to degradation 
products. 

• The amorphous cellulose, which constitutes approximately 15 
percent of the total cellulose, is converted to glucose and 
degradation products in accordance with the same kinetics and 
conversions as the hemicellulose. 

The following parameters and assumptions have been used in the design of 
the enzyme hydrolysis section. These have been derived from various 
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research work being conducted at Rut.get's University, Un1versity of 
California at Berkeley, Natick Labs and Dartmouth University. 

(1) Enzyme Fermenters Design Parameters 

• Temperature: 
• pH: 
• Pressure: 
• Nutri ents: 

• Oxygen: 
• Cell concentration 
• Cell y i e 1 d: 
• Enzyme yield: 

• Cell recycle 

(2) Enzyme Hydrolysis Design Paramters 

• Temperature: 
• pH: 
• Pressure: 
, Hydrolys; c time: 
, Hydrolysis conyers; on 

• Terminal glucose concentration: 
• Enzyme loading: 

Assumpti ons 

860F 
4.8 
Atmospheric 
1 percent cel1.ulose 
0.2 percent KH2P04 
0.03 percent CaC'2 
0.03 percent MgS04 7H20 

, percent corn steep liquor 
17,264 IU/mo1 02 
7 gms/l iter 
0.26 gms mycel1ium/gm cellulose 
1.63 gms enzyme/gm cellulose based 
upon enzyme productivity of 114 
IU/L/hr 
0.77 gm/gm cells 

1220F 
4.8 
Atmospheric 
24 hours 
90 mol percent conversi on and 
cellulose to glucose 
5.4 wt % 
12.5 IU/gm cellulose 

• Nutrient chemical requirements use cellulose and corn steep 
liquor concentration as per Rutgers data(8) and the ratio of 
other nutrients to cellulose as per Berkeley data. (9) 

• Mycell i urn growth rate is the same for RUT -C-20 as for QM9414 for 
the same T. Reesei concentration of 7 gms/liter as per Berkeley 
data. (l0) 

. (11) 
• T. Reese; concentratlon as per Berkeley data. 
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• No xylose or net cellobiose is formed. 

, All cellulose consumed forms glucose. 

• Erzyme hydrolysis yield, residence time and enzyme loading as per 
Dartmouth University data. (12) 

It is important to note the limitations of the data base for the design 
cf the prehydrolysis, enzyme hydrolysis and enzyme production sections of 
the facility. The process envisioned is a speculative one which has it5 
basis in data accumulated during bench scale research at the universities 
noted. Vari ous process steps such as the separati on of the 
lignocellulosic solids from the sugars and solids handling have not been 
well defined even on a bench scale, and Chern Systems has used its 
experience and judgement to make assumptions defining the performance of 
these operations. In addition, it has been assumed that " 
reactor (PFR) utilized during prehYdrolysis will be similar 

"'lug flow 
~9Yl and 

cost to a Stake type reactor, currently under development _... ..;take 
Technology, Inc. of Ottawa, Canada. This reactor presently cannot 
control residence time down to the 12 seconds prescribed herein, however, 
it is thought that in time development will enable this lower limit to be 
obtained. The rer:1ainder of the design basis used in the prehydrolysis, 
enzyme hydrolysis and enzyma production settions of the plant are 
consistent with empirical data and are judged to be excellent estimates 
of performance of the various plant sections. 

D. Fermen tati on 

Al though ABE lfennentati on has been most wi dely practi ced in the past, 
uti 1 i zi ng mol asses or corn as the feedstock, some research has been 
conducteo on ABE fennentati on of sugars deri ved from \flOod or agt'i cul tural 
wastes. 

Leonard and Peterson(13) fermented sugar solutions derived from the 
hydrolysis of various woods with C. acetobutylicum to give solvent yields 
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of 24.5-38.5 percent based on sugar utilized. Sugar utilization was 
30-85 percent \'/i th sol vent yi e1 ds of 72 percent butanol, 25 percent 
acetone and 3 percent ethanol. However, yi el ds began to decrease when 
the initial sugar concentrations exceeded 3 weight percent. 

Wiley et al.(14) was able to fennent sugars present in \'Iaste sulfite 
liquor after first removing su1fites, lignin and excess calcium salts. 
Vi e1 ds of 25-30 percent were obtai ned based upon 80 percent sugar 
uti1ization. The solvent ratio was 75 percent butanol, 20 percent 
acetone and 5 p,rcent ethanol. However, waste sulfite liquor suffers the 
disadvantage of only containing 1-3 percent sugar in the initial feed. 

Langlykke et a1. (15) fermented to butanol and acetone a gl ucose and 
xylose solution obtained from acid hydrolysis of corncobs. An initial 
sugar concentration of 5 percent gave a soivent yieid of 30.6 percent 
based upon 90 percent sugar ut.ilization. The ratio of solvents was 61.~ 

percent butanol, 31.8 percent acetone and 6.5 percent ethanol. 

Soni et al.(16) was able to fennent sugars obtained from the enzyme 
hYdr01ysis of baga~se and rice straw with C. saccharoper 
butylacetonicum. Using a 6 pe~~nt ~ugar solution, yields of 33.7 
percent were obtained based on 90 percent sugar utilization after 60 
hours. The advantage of using C. saccharoper butylacetonicum is that 
this microorganism produces a greater fraction of butanol compared to C. 
acetobutylicum. The solvent ratio obtained was 81.3 percent butanol, 
12.6 percent acetone and 6.1 percent ethanol. 

Abou-Zeid et al. (17), in a study comparing the effect of varying 
feedstocks on solvent yield, found that a 3 perc~nt glucose solution gave 
a 32 percent yi e1 d on 97 percent sugar uti 1 i zati on after a 72 hour 
fermentation time. The solvent ratio obtained was 78 pet~ent buta~ol and 
22 percent acetone. 

Although none of the above research efforts precisely matches the 

condi ti ons of the base case chosen for thi s study J certai n generic 
assunlpti ons can be made concerni ng ABE fennentati on of g1 ucose/xyl ose 

f\ ,]l! . 
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sugar solutions obtained trom lignocellulosic substrates. The major 
problem associated ~/ith ABE fementation of lignocellulosics is the same 
as that encountered wi th mol asses or corn feedstocks; namely, the 
m1 croorganisms USE:d cannot tol erate a butanol concentrati on of greater 
than approximately 1.3 percent. This translates to a total solvent 
concentrati on of approximately 2 percent in the fermentati on beer, and an 
i ni ti a 1 sugar concentrati on of 6 percent. Such low concentrati ons of 
sol vent in the beer requi re 1 a rge amounts of steam and steam-rel ated 
capital for recovery. However, based upon the resul ts of the research 
conducted on lignocnllulosic substrates, solvent yields begin to decrease 
at i ni ti al sugar concentrations greater than 3 percent. Thi s means that 
in order to maximize yield, a maximum of 3 percent initial sugar is 
required. This gives apJJroximately a 1 weight percent total solvent 
concentrati on in the fennentation beer whi ch exacerbates the probl em 
associated with low solvent concentrations. In order to obtain the 
optimum initial sugar concentration, a sensitivity analysis must be 
performed to determi ne the effect upon ~rocess cost of producti on (COP) 

of increasing sugar concentration coupled with decreasing solvent yield. 

The base case analysis for this study will consider two points for the 
ABE fermentation process; one maximizing yield at low sugar 
concentration, and the other at a hi gher sugar concentration wi th a 
correspondi ng decrease in sol vent yi el d. Both poi nts wi 11 be correl ated 
to empirical data for similar systems. 

The maximum yield case essentially follows most of the data of Abou-Zeid 
et al. obtai ned for gl ucose sol uti ons. Hi gh sugar util i zati on of 97 
percent is obtained due to the long residence time of 72 hours, giving 
apprOXimately a 32 oercent yield on total init1al sugar. An initial 
sugar concentration of 3 percent is used giving a solvent ratio of 72 
percent butanol, 25 percent acetone and 3 percent ethanol. 

The higher initial sugar concentration case follo\,/s closely the data of 
Langlykke obtained for ABE fermentation of sugars (xylose/glucose) 

derived from corncob hydrozylate. A 5 percent initial sugar 
concentration ~ives a yield of 30.6 percent on 90 percent sugar 

~~ - .... 'f'k..,c ... ,.~..,.,_~·"-·" 
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utilization after 48 hours fermentation time. This gives an overall 
yield on total sugar of 27.54 percent, with a solvent ratio of 61.7 
percent butanol, 31.8 percent acetone and 6.5 percent ethanol. 

Generi c nutri ent medi a for C. acetobuty1 i cum and fermentati on have been 
assumed based upon conventional technology. Corn is an excellent growth 
medi urn for C. acetobutyl i cum c1l1 ture mai ntenance and requi res no 
additional nutrients. Corn for culture maintenance is used in 
concentrati ons of 5-5.5 wei ght percent dry corn. Nutri ent medi a 
requi rements for fermentati on are based upon research by Abou-Zei d et 
al., which studied the effect of varying nitrogen sources and 
concentration upon ABE fermentation yields. It \'/as found that ammonium 
sulfate, a relatively inexpensive chemical, was a satisfactory nitrogen 
source at a concentration of 0.1 weight percent (1 gm/1iter). The 
remainder of the fermentation nutrient requirements are 0.2 percent 
calcium carbonate and 0.2 percent superphosphate 

The following tables list the process parameters used as the design basis 
for the fermentation section of the facility for both cases considered. 

Fermentation Design Parameters 

Temperature (OC) 
Initial pH 
Final pH 
Residence Time (hours) 
Initial Sugar Concentration (wt %) 
Sugar utilized (%) 
Yield (total sugar) (%) 
Solvent Ratio - butanol (%) 

acetone 
ethanol 

Media (wt %) - (NH4)2S04 
superphosphate 
CaC03 

Cell yield (gm per gm sugar con~umed) 
Off gas generated per lb sugar 

consumed (ft3) 
Off gas composition (%) - C02 

H2 

Maximum Low 
Yield Yield 

33 
6.5 
5.6 

72 
3 

97 
32 
72 
25 
3 
o. 1 
0.2 
0.2 
0.5 

5 
67 
33 

33 
6.5 
5.6 

48 
5 

90 
27.54 
61.7 
31.8 
6.5 
O. , 
0.2 
0.2 
0.5 

5 
67 
33 

d \ .~~~~_<j._~_;~~~~_"':k~&~_'_-·-~_;·~_~'_~~:.~~'~~~~~-~~'_.~_~.~,,~.~,~_'~ . ~ II ",l_ *- , .... -
• .Jl_~ ... .u..~:~. ~..!.:..",~,.;...;::~._." 'i"" 
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It should be emphasized that there are severe limitations with the basis 
for the design of the fermentation section. Empirical data on ABE 
fennentation using a \'Iood substrate is limited, and certainly no optimum 
design parameters for the specific system analyzed in this study have 
been developed. The base cases use conventional batch fermentation 
technology and the conventional microorganism, C. acetobuty1icum, both of 
which have been widely used in commercial ABE applications. Research and 
development in several areas of ABE fennentation could lead to 
significant improvements in process economics. The problem of low 
sol vent concentrati on in the fennentati on beer cou1 d be all evi ated by 
genetic manipulation of microorganisms to develop a species that can 
tolerate higher butanol concentrations. This could significantly 
decrease the energy consumption of the solvent purification step, \,/hich 
is one of the most costly steps in the process. In conjunction with 
this, new microorganisms could be developed to increase sugar utilization 
and yi e1 d improved fennentati on rates, and to mani pu1 ate the sol vent 
ratio to make more butanol, a higher value product than the other 
solvents. Also, continuous fennentation using massive inoculum of 
microorganisms could significantly increase fennentation productivity 
from a given volume. 

E. Puri fi cati on 

The design basis for the solvent purification section is based upon 
conventi ona1 commerci a1 technology. It is suffi ci ent to say that the 
purification step is by far the most energy-intensive step in the process 
and di rectly contributes a 1 a rge fraction 0 f the total cost of 
producti on. 
concentration 
requi rements. 
s i gni fi cantl y 

As mentioned in the previous section, the low solvent 
in the feed beer to purification necessitates large stearn 

Any increase in sol vent feed concentrat; on woul d 
decrease steam requirements and thus advantageously affect 

process economics. If increasing solvent feed concentration is not 
possible, research and development of new, mOl',; efficient separation 
techniques is an alternative. A distillation scheme similar to the state 
of the art system used in ethanol separation utilizing an efficient heat 

__________ u 
~ __ ~~,~H __ ~_, ____ t~ __ a'M __ g ... h __ ~~_-____ Ma __ ~ ••• _ .. ______ !_-_'~·tMb~··~MhM!_!_<~-_"~r:_!~>S· ______ ·M'_&~'.~-_____ ~ 
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t'ecovel'~1 schm:m could ~H'obl\bly I'educe pUl'ificatioll enel'gy roquh'ements 
slightly. HO\~evet', tho great PI'0I:1ise of il lO\~ enet'gy intensive 
separation technique lies with new separation technologies such os 
membrane separation. reverse osmosis, solvent extraction, adsorption, etc. 

:!I' n ! ) ric 
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II. PROCESS DESCRIPTION 

A. Prehydrolysi s 

A process flO\'1 diagram of the dilute acid prehydrolysis section is 
presented in Figure II-A-l. 

Green wood chips, which contain 50 percent moisture, are conveyed past a 
magnet, \'1hich removes any tramp metal, and sent to a hammer r.1ill. The 
hammer mill reduces the particle size of the chips which are then sent to 
the prehydrolysis slurry tank. In the prehydrolysis slurry tank the wood 

is slurried to 35 percent solids and screw conveyed to the prehydrolysis 
plug flow reactor (PFR). Heat and sulfuric acid are added in the PFR to 
bring the reactor conditions to 3740 F and 0.5 weight percent acid. 
Under these relatively mild conditions virtually all the hemicellulose 
and amorphous cell ul ose are converted to sugars almost instantaneously. 

Pressure in the reactor is controlled at 180 psia so that no boil ing 
occurs, and upon 1 eavi ng the PFR the contents a re quenched to 2120 F 
in a flash tank. Some of the water and volatiles (HMF and furfual) are 
flashed, leaving the unreacted solids and water solubles to be sent to a 
series of centrifuging steps. Approximately 99 percent of the solids are 
recovered, including insoluble cellulose and lignin, which are sent to 
enzyme hydrolysis. A small fraction of this solids stream is sent to 

enzyme production to serve as the carbon source for enzyme growth. 

Approximately 95 perc~nt of the solubles including the hemicellulose and 

amorphous cell u1 ose xylose and gl ucose are recovered and sent to carbon 
beds to remc,ve impuri ti es, especi ally furfural and H~'lF. The puri fi ed 
sugar stream with a sugar concentration of 5.2 percent is then sent to 
fennentati on. 

8. Enzyme Hydrolysi s 

Figure 11-8-1 provides a flow diagram for the enzyme hydrolysis section. 

The cellulose from pretreatment is slurried to eight weight percent (8 
wt. %) sol ids in the enzyme hydrolyzers and cell ul ase is added from the 



GREEN MAGNET P REHYDROLYSIS FLASH VAf'ORS 
WOOD SLURRY TANK H2O 

CHIPS 
HMF 

T 
FURFURAL CARBON 

HAMMER COLUMNS 
MILL 

~il H2SO4 STEJ~M 

TRAMP , 
~i METAL 

.g~ 
~~ 
r-~ 

~ta 

H2 O FLASH TANK 
POLISHIN G 

FILTER 

CENTRIFUGE 

SUGARS TO 
FERMENTATION 

C 
SLURRY 

TANK 

FIGURE fi-A-l 

SOLIDS TO 
ENZYME CHlM SYSTEMS INC. 

HYDROLYSIS 101 SOUTH ... OADWAT 
TA .... YTO .... II. Y.IOS.I 

S'OLIDS TO 
PREHYDROLYSIS 

ENZYME 
PRODUCTION O4I ...... y __ o .... 

...... O ...... T __ O .... t NO . 614 



i 
f 
1 

1 
'I 

,t 
'1 
.; 

. ....., .. --------------------------------------------------------------.... ., 

FROM 
PREHYDROL YS I S 

FROM ENZYME 
PRODUC TlON 

H2 0 ' H2 S0 4 

S T M. 
CO NO. 

~~ 

~I 
~~ 

~: 

ENZYME 

HYOROLYZER 

HEAn~b ---
COilS 

WASH WATER 

TANK 

S T M. 

CO NO. 

ENZYME 

HYOROLYZER 

ENZ YM E 

HYOROLYZER 

STM. @---; 

S TM. ST M. 

CON O. 

HEATING 

COl L S 

CO NO. 

HEATING 

COILS 

ENZYME 

HYOROLYZER 

HEATING 

COILS 

STM. 

ST M. 

CON O. 

ENZYME 

HYOROLYZER 

HEATING 

COl L S 

FILTRATE 

R E eEl V E R 1120 TO 

FERMENTATION 

TO 
FILTER BOlfTOMS • HEAT GENERATI(,N 

119 
DRUM 

FILTER 

DI TEMPERATURE of 

FIGURE TI-B-I 

ENZY~£ 

CHEM SYITEMS INC. 
ao. 10UTH IROADWAY 

TARRYTOWN. N.Y.IO.tI 

HYDROLYSIS 

a ....... a. ____ DATI ____ _ 

.... o.aD .' __ '_0'" NO. 6 7 4 



21 

(HEM SYSTEMS INC. " 

enzyme receiver at a loading at 12.5 IU per gram of cellulose. Enzyme 
hydrolysi sis carri ed out at 1220 F and a pH of 4.8. The hydrolyzers 
are cone-roof, at~ospheric tanks with heating coils to maintain the 
temperature at 1220 F. Agitation is ~rovided by recirculation pumps. 

A continuous cascade is used for hydrolysi s. T\·/o trai ns of five tanks 
each are in operation at all times, \'lith one train dO\'m for cleaning. 

Hydrolysi s yi el d ; s 90 mol percent cell ul ose to gl ucose wi th a total 

residence time of 24 hours. The sugar solution contains lignin and some 
unconverted cellulose which is filtered and washed, re~oving the bulk of 
the unconverted cellulose. The lignin and unconverted cellulose is 
cor. ... entrated and burned as fue'/. The fi 1 trate, containi ng a 91 ucose 
concentration of 5.4 percent, is pumped to fer~entation. 

C. Enzyme Production 

A process flO\'/ di agram of the Enzyme Product; on sect; on ; s presejj+~ed in 

Figure II-C-l. 

Enzymes for enzyme hydrolysis of cellulose are produced from a mutation 
of T. Reesei fungus, RUT-C-30. The RUT-C-30 is used as a seed to 

.-,.--.. 

produce qn enzy~e mixture of endo-glucanase and ~-glucosidase! and also 
to produce more cells (mycellium). Enzyme production takes place in a 
two-stage continuous fermentation system at 860F and a pH of 4.8. 
Li gno-cell ul ose from the process is used as a carbon source, corn steep 

liquor is used as a nitrogen source and other inorganic salts are 
provided to complete the nutrient require~ents. Air is sparged into the 

ferrnenters as an oxygen source. Reci rcul ati on pumps provi ded agi tati on 
in the vessels and temperature is maintained by steam heated coils. 

Carbon dioxide and nitrogen are vented to the atmQspher~. The product 

from the enzyme fermenters is sent t() a cell centri fuge to remove most of 
the ~ycellium as the centrifuge bottoms. The bottor.1s are then repulped 

to eight percent (8 \'tt. %) solids and filtered and !/Iashed to recover the 
enzyme remaining on the original cake. The cake is split into two 
streams, one is recycl ed back to the enzyme fermenters to serve as the 

enzyme seed, the other is recovered as si n91 e cell protei n by-product. 
The centri fuge overflo\'l and fi 1 trate are sent to the enzyme hydrolyzers. 
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O. Fermentati on 

Figure 11-0-1 is a process flow diagram fo," the fermentation section. 

The sugar stream from p:'"ehydrolysis is neutralized \'lith Ca(OH)2 and 
filtered to remove the Ca504 formed and other residual solids in the 
stream. The prehydrolysis sugar stream is cooled to fermentation 
temperRture and combi ned \,/1 th the hydro'lysi s sugar stream, whi ch has been 
passed through carbon beds to remove impurities. The combined sugar 
stream is sent to batch fermentation vessels where nutri ants are added 
and fermentation to product occurs. 

C. acetobutylicum culture development is carried out in three generations 
in the laboratory and a plant seed stage. All culture development stages 
use corn as the nutrient media. The first generation is inoculated with 
a stock culture IIheat shocked ll in bo;'ling water and incubated at 370C 
for 24 hours. Sterile conditions are always maintained in each growth 
stage by use of steam. The first generation inoculum is used to 
inOCUlate the second generation which is then used to inoculate the third 
generation. Incubation conditions are similar for all three 
generations. The plant seed stage is inoculated with third generation 
seed and sterilized corn, and incubated for 26-28 hours during which 
careful measurements are made to mon; tor pH, aerobi c contami nati on and 
gas rates. If the aerobic contamination test is negative, the seeds are 
used to i nocu1 ate the fennenter vessel s. 

The fennentation vessels are cone roof tanks 1-2 million gallons capacity 
each depend'i ng upon whi ch of the two fermentati on cases is cons; dered. 
The fennentati on nutri ent medi a, (NH4) 25°4' superphosphate 
and CaC03, are sterilized in cookers, cooled to 330C and added to 
the fennentation vessel along with the seed inoculum, ~lopback and sugar 
solutions during the fill period. A slightly positive pressure of 
steri 1 e fermenter gas is mai ntai nad on the fennenters duri ng the fi 11 i ng 
period (2-3 psig) which ;s increased to 10-15 psig after filling and 

maintained at this value by the gas evolved during fermentation. Heat 
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evolved during fermentation is removed by a recirculation line and cooler 
on each tank. CO2 and H2 evolved during fet~entation is vented 
from the tanks and sent to the CO2 t'ecovery system. Foll owi ng 
fermentati on, the beer is sent to a beer well pri or to pur; fi cati on. The 
fermentation vessel is then washed free of residue, sterilized 4-5 hours 
with steam at 15 psig and cooled using sterile fermenter gas at 10-15 
psig. It is then ready for the next fermentation cycle. 

Eo Purification 

Figure III-E-l provides the flow diagram for the purification section. 

The fennentati on beer is pumped from the beer well to a conti nuous beer 
still in the purification section. The dilute beer feed is first 
preheated against the stillage bottoms prior to entry into the column. 
The stillage is then split into two streams, one being recycled back to 
the fermenters, the other purged to the waste pond. Because of the 
extremely low concentration of the stillage stream, it is assumed that it 
\'Iill not be cost effective to recover a dried distillers grain type 
material as a byproduct in this scheme. The beer still produces a mixed 
50 weight percent mixed solvent overhead which is condensed and sent to 
the beer storage tank. The majori ty of the steam consumed in the pl ant 
is required in the beer still because of the dilute beer feed. 

The mi xed sol vent stream is sent to a batch col umn where the butanol, 
ethanol and acetone are fractionated in three streams. The acetone 
fraction is taken off the top of the column and sent to an aceto~e column 
where pur; fi ed acetone is the overheads. The bottoms from the acetone 
column, containing a small fraction of mixed solvents, is recycled to the 
beer sti 11 feed. The ethano'I-water azeotrope f s the mi ddl e fracti on from 
the batch column and is sent to storage. The third fraction is an 85 
percent butanol water stream which is sent to the butanol column, wh9re 
pur; f; ed butanol is recovered as the bottoms and sent to storage. The 
overheads of the butanol col urnn is a 70 percent butanol-\'1ater stream, 
whi ch is decanted, and the organic 1 ayer (80 percent butanol) refl uxed 
ba~k to the column. The 4 percent butanol aqueous layer is recycled back 
to the beer still feed. 
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F. Carbon Dioxide Recovery 

Figure II-F-l provides a flow diagram for the carbon dioxide recovery 
sect; on. 

When sugars are fermented to ethanol, large quantities of carbon dioxide 
are produced as a by-product of cell respiration. As the fermenters are 
usually closed vessels, it is possible to collect the off-gas and recover 
liquefied carbon dioxide for sale. 

The carbon dioxide generated in the fermentation vessels passes through a 
foam trap to a low-pressure~drop water scrubber, where soluble impurities 
are removed. The scrubbed gas is then compressed to 300 psi gin a 
nonlubricated, reciprocating compressor. Depending on the design 
pressure of the fermenters, it may be necessary to boost off-gas pressure 
prior to water washing, using a rotary positive displacement compressor. 

The compressed gas is deodorized in a twin-tower, activated-carbon 
absorption system to remove remaining impurities. The carbon beds are 
periodically regenerated using live steam or hot air. The purified gas 
is then chilled and dried in a conventional alumina bed system to a dew 
poi nt of -760F. 

The dry gas passes to a low-temperature stri pper-condenser system, where 
the carbon dioxide is liquefied and separated from the non-condensible 
gases, mainly oxygen, which are vented to the atmosphel"e. The pure 
liquid carbon dioxide from the oJase of the stripper-condenser is then 
subcooled and sent to storage, where it is maintained under a pressure of 
about 300 psi g. 

G. Heat Generation 

The fi 1 ter bottoms from enzyme hydrolysi sand fermentati on are preheated 
with hot exhaust gases from the 1ign:n boiler to 2l2oF prior to 
evaporation. A multiple-effect evaporator concentrates the lignin slurry 
to 50 wei ght pel'Cent sol ids pri or to entry as fuel to the 1 i gni n fi red 
boil ere 
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II I ECONOMI CS 

A. Overall Process Economics 

The cost of production (COP) estimate for butanol, acetone and ethanol 
prOdlg,ed vi a fermentati on of wood hydrozyl ates are provi ded in Tabl es 
III-A-l and III-A-2 for the two cases analyzed. Table Ill-A-l is the 
maximum yield case, and Table III-A-2 is the lower yield case. These 
data are summarized in Table III-A-3. Both cases produce 50 million 
gallons per year of mixed solvents at a plant located on the U.S. Gulf 
Coast in mid-1982. Table III-A-4 gives an ISBL capital breakdO\'/n for 

both cases. 

Tables III-A-l and III-A-2 indicate that the maximum yield case (3 
percent sugar solution, 32 percent total yield, 1 percent solvents) 
produces mixed solvents at $2.83 per gallon, while the lower yield case 
(5 percent sugar, 27.5 percent yiti:ld, 1.5 percent solvents) produces 
mixed solvents at $2.58 per gallon. Both these values are the sales 
price of mixed solvents at 10 percent DCF. As can be seen from Table 

III-A-3, the major savings in COP for the low yield case is in a 
reduction of utilities cost, followed by a reduction in capital related 

expenses (overhead and DCF) of 12 cents per gallon. These two savings 
more than compensate for the maximum yield cases savings of 5 cents per 
gallon on raw material costs. 

The cost of steam production and capital for steam production eqUipment 
is th~ most sensitive factor in the cost of production of mixed solvents 
vi a ABE fermentat'i on. The sa vi ngs in steam production cost associated 
with 10v/er steam consumption, a smaller coal fired boiler and smaller 
equipment downstream of enzyme hydro1ysi s more than compensates for the 

raw material savings of the maximum yield case. Greater savings could 
probably be achi eved in goi ng to hi gher sugar concentrations, however, 

there are technical limits to these concentrations. Even if it is 
assumed that a microorganism can be developed which can tolerate butanol 

concentrations in excess of 1.3 percent, the maximum sugar concentration 
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0-;-- ORIGINAL PAGE t$ 
J Of POOR QUALIT'f 

COST OF PRODUCTION ESTIMATE FOR BUTANOL/ACETONE 
PROCESS- FERMENTATION 

J 
I 
J 
J 
1 

CAPITAL SUMMARY ---------------
BASIS 
Ci~~lion: U,S, Gulf Coast 

Mid-1982 
Capacity: 50,0 mi Ilion gallons/Yl-

Str,Time: 8000 hours pel- yeal-

rMW MATEIHALS Aspen;-T6"----
Sulfuric Acid, lb 
Calcium Hy dl" 0 x ide, lb 
Sodium Hydroxide, lb 
C Ol"n , lb 
Sodium Sulfate, lb 
Superphosphate(46%), lb 
Calcium Carbonate, lb 
Catalyst & Chemicals 

TOTAL RAW MATERIALS 
UTILITIES 
Piwer-;--i{WH 
Cooling Water, M Gal 
Process Watel-, M Ga I 
Steam, 50 ps i g, M Lb 
Steam,200 psig, M Lb 

TOTAL UTILITIES 
OPERATING COSTS 

UNITS 
PEI~ GAL 

54:-58436 
,24511 
,17768 
,00784' 
,01238 
,36476 

1,58571. 
,72963 

2,05092 
,32314 
,03021 
,10625 
,01141 

PFnCE, 
<::/UNIT -r:-o-

4,3 
2,0 

26,0 
4,5 
3,0 
8,0 
2,7 

4,6 
7,3 

65,0 
470,0 
480,0 

C~bor-;--46-Men-@ $ 26,000 10 MIS 
Foremen, 9 Men @ $ 29,600 1 MIS 
Supervision, 3 Man @ $ 35,600 3 Man 
Malnt" Material & Labor 6X of ISBL 

TOTAL OPERATING COST 
OVERHEAD EXPENSES 

45r. Lab, & Sup, 
65r. Opel-, Costs 

CAPITAL COST 
Batlery-CTffiTts 
Offsites 

$MILLION 
---9671 

1:1.0 ,4 

Total Fixed Inv, 
WOl"k ing Cap i ta I 

206,5 
23,0 

ANNUAL 
COST, $M 
--27,280' 

527 
178 
102 

28 
547 

6,340 
985 

1,900 

37,886 

4,715 
1,179 

981 
24,957 

2,736 

34,568 

1,196 
266 
107 

5,766 

7,335 

CENTS 
PER GAL -------

75,80 

69,17 

14,68 

DTrect-Overhead-­
Gen, Pl~nt Overhead 
Insul-ance, Pl-OP, Tax 
Depreciation 

1, 5r. To t, Fix , In v , 
20r. ISBL + lOr. OSBL 

706 
4,768 
3,097 

30,260 

TOTAL OVERHEAD EXPENSES 

TOTAL COST OF PRODUCTION 
BY-PRODUCT CREDIT 
Ear6on-DT~iTde-;--lb 
SCP, lb 

7,76847 
,03461 

TOTAL BY-PRODUCT CREDIT 

NET COST OF PRODUCTION 

SALES PRICE AT lOr. DCF 

2,8 
:L5,O 

38,832 77,70 
========== ----_ .... --------

118,621 237,35 

-10,871 

-11,130 
========== --------------

107,490 215,08 

282,6 
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L Ild:U III-A-2 - ... _._------
ORIGINAL P:~GE IS 
jf j pOOR QUALITt' 

LUST OF- PI~OlIUCr IOI~ [~\1111(.1··, E F"()r~ BUTANOLIACETONE 
PROCESS- FERMENTATION 

1 
I 
I 
I 
J 

fj. 

CM)l. TAl ... SUMMARY - -- _.- _ .. -'---_ .... _---
BASIS 
C~~~lion: U,S, Gulf Coast 

Mid-1982 
Capacity: 50,0 million gall<.orls/yr 

CAPIT,.~L COST 
B~ltery-CTiiiTts 
Offsites 

$MILLION 
---9:2":-8 

97.3 

Str,Time: SOOO 11 0 u r s P e 1- ." ~\ ':1 1-
Total Fixed Inv, 
Working Capital 

190,1 
~! 1 ,2 

PRODUCTION COST SUMMARY -----------------------
RAIJ MATER I ALS 
Aspen-;--Ti;------
Sulfuric Acid, lb 
Ca lei um Hy dr 0 x ide, I b 
Sodium H}'droxide, lb 
Corn, lb 
Sodium Sulfate, lb 
Supel-phosphate (4-6%), lb 
Calcium Carbonate, lb 
Catalyst & Chemicals 

TOTAL RAW MATERIALS 
UTILITIES 
P~wer:--kWH 
Cooling Water, M Gal 
Process Water, M Gal 
Steam,50 p~ig, M Lb 
Steam,200 psig, M Lb 

TOTAL UTILITIES 
OPERATING COSTS 

UNITS 
PEI~ GAL 

55-:-LT9[~77 
,277<;'2 
.19799 
.OrlS80 
,00850 
, LI·4·020 

1,91385 
,BB039 

l,7El079 
.30314 
,0330l 
,07363 
.01298 

F'I~ICE, 
<::/UNIT 

-1-:-0 
4,3 
2.0 

26,0 
4.5 
3,0 
8.0 
2.7 

4,6 
7,3 

65.0 
470,0 
480,0 

[i5~r;-ijZ-Ren-~ $ 26,000 10 MIS 
Foremen, 9 Men @ $ 29,600 1 MIS 
Supervision, 3 Man @ $ 35,600 3 Man 
Maint" Material & Labor 6% of ISBL 

COST TOTAL OPERATING 
()VERHEAD EXPENSES Direct-Overhead-- 451. Lab, & Sup, 
Gen. Plant Overhead 
Ins u ran c e, P 1- 0 p, T a x 
D e p 1- e cia t ion 

65% Opel-. Costs 
1.5/; Tot. Fix, Inv, 
20% ISBL + 10% OSBL 

TOTAL OVERHEAD EXPENSES 

TOTAL COST OF PRODUCTION 
BY-PRODUCT CREDIT 
eir6~n-DT~iT~i;-lb 8.12363 
SCP, lb ,030~ol. 

TOTAL BY-PRODUCT CREDIT 

NET COST OF PRODUCTION 

SALES PRICE AT 10% DCF 

2,8 
15,0 

ANNUAL 
COST, $M 
--27,735 

597 
198 
114-

19 
660 

7,652 
1,188 
1,950 

4-0,114-

4, 094-
1,106 
1,072 

17,296 
3,113 

26,681 

1,196 
266 
107 

5,568 

7,137 

706 
4-,639 
2,851 

28,290 

36,4-87 
===::======= 

110,4-19 

=========== 
98,822 

CENTS 
PER GAL -------

80,26 

53.39 

73,01 
======= 

220,94 

=====::== 
197,73 

258,0 
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TABLE III-A-3 

SUMMARY OF ABE FERMENTATION PROCESS ECONOMICS 

BASIS: 50 Mt1 gals/yr, U.S. Gulf Coast, Mid-1982 

I Maximum Yield Lower Yield 

I 
I 

Investment, $~'M 
Ba ttery 1 i mi ts 
Offsites 

Total fixed investment 

Cost of production, t/gal 
Raw materi al s 
Utilities 
Operating costs 
Overhead expenses 

Total cost of production 
By-product credit 
Net cost of production 
Selling price at 10% DCF 

96.1 
11 O. 4 
206.5 

75.80 
69.17 
14.68 
77.70 

237.35 
(22.27) 
215.08 
282.6 

TABLE III-A-4 

92.8 
97.3 

190.1 

80.26 
53.39 
14.28 
73.01 

220.94 
(23.20) 
197.73 
258.0 

ISBl INVESTI1ENT BREAKDOWN FOR ABE FERMENTATION 
MM$ 

Section Maximum Yield Lower Yi el d 

Pret\Ydro1ysi s 25.4 28.8 
Enzyme production 2.8 3.2 
Enzyme t\Ydrolysi s 8.3 9.2 
Fermentati on 18.5 10.6 
Pur; fication 7.1 6.8 
C02 recovery 8.9 9. 1 
Heat generation 4.1 4.5 

Total facil ity 75.1 72.2 
Overhead 11.0 10.8 
Contingencies 10.0 9.8 

Total insta'lled cost 96.1 92.8 

CHEM SYSTEMS INC. 
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currently obtai nabl e from enzyme t\Yd.'olysi s of \'Iood is only 8 percent 
(assuming a maximum of 8 percent solids and delignified cellulose in the 
enzyme hydrolyze.'s). Thel'efore CUl'I'ent technical feasibility \'Iould place 
an upper 1 imit on sugar concentrations. HO\"ever, it is apparent that the 
maximum sugar concentration compatible with current ABE technology, 
namely 6 percent, ,,,ould offer the best economics for producing solvents 
vi a ABE fennentati on of ''Iood hydrozyl ates. 

D. Discussion 

An important objective of this assignment is to identify the most 
significant process elements in the overall pl'oduction route, using t\oJO 

cri teri a: percentage of total producti on cost and percentage of energy 
consumption. The intent is to disaggregate the total cost of production 
and total ene~y consumption into three specific process blocks which can 
be 1 abel ed enzyme hydrolysi s, fennentati on and purifi cati on. 

One diffi cul ty \'Ihi ch i mmedi ately ari ses in segregati ng cost of producti on 
by process e'/ement relates to allocation of ra\'I material costs. Since 
the three process blocks are sequential, and a single rmoJ material is 
cha~ed in at the beginning of the sequence, a variety of arbitrary 
allocation methods can be postulated. Rather than bias the analysis with 
a rbi trat'y assumpti ons, the approach taken herei n is to present 
disaggregated cost of production economics on an ex-raw materials basis. 
In this way, the relative significance of capital costs and variable 
costs (utilities, operating costs and overheads) can be assessed for each 
of the three process blocks. 

Tab1e III-B-l (A, B and C) indicates the specific production costs for 
each of the three process blocks (enzyme hydrolysis, fermentation, 

purification) for the maximum yield case. These are presented purely on 
a production cost basis (i.e., with no return). Similarly, Table III-B-2 
(A, B and C) illustrates parallel data for the lower yield case. Both of 
these tables are summarized in Table 111-B-3, \'/hich also cor.lpares the 
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TABLE II I -B-1 (A), 

Production Cost For Enzyme Hydrolysis (Maximum Yield) 
Basis:50 MM gals/year Solvents 

UTILITI ES 

Power,kwh 
Cooling Water, M Gal 
Process Water, M Gal 
Steam, 50 psig, M lb 

200 pSig, M lb 
To tal Ut il it; e s 

OPERATING COSTS 
Labor 
Foremen 
Supervision 
Maint., Mat'l & Labor, 6% 

Total Operating Costs 

OVERHEAD EXPENSES 

Direct Overhead 
General Plant Overhead 
Insurance, Property Taxes 
Depreciation 

Total Overhead Expenses 

Total 

ex. raw materials 

UNITS/GAL 

.6813 

.0621 

.0294 
(.02688) 
.017824 

TOTAL MEN 
20 

4 
1 

ISBL 

¢/UNIT 

4.6 
7.3 

65.0 
470.0 
480.0 

$/MAN-YEAR 
26,000 
29,600 
35,600 

45% (Labor & Supervision) 
65% Total Operating Cost 
1.5% Total Fixed Investment 
20% ISBL + 10% OSBL 

Capital Cost 
$Ml1110n 

IssL 54.9 
OSBL 32.8 
Total Fr.7 

ANNUAL COST 

1567 
227 
956 

(6316) 
4278 
117 

520 
118 
36 

3294 
3'9b8 

303 
2579 
1316 

14,260 
18,458 

¢/GAL 

1.42 

7.94 

36.92 

46.28 

1.1 
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TABLE !II-B-l (B) 

Production Ccst For Fermentation (Maximum Yield) (Includes CO2 Recovery) 
Basis:50 MM gals/year Solvents 

UTILITIES 

Power,kwh 
Cooling Water, M Gal 
Process Water, M Gal 
Steam, 50 psig, M lb 

200 psig, M 1b 
To tal Ut i1 i tie s 

OPERA TI NG COSTS 
Labor 
Foremen 
Supervision 
Maint., Matl1 & Labor, 6% 

Total Operating Costs 

OVERHEAD EXPENSES 

Direct Overhead 
General Plant Overhead 
Insurance, Property Taxes 
Depreciation 

Total Overhead Expenses 

Total 

ex. raw materials 

UNITS/GAL 

1.3518 
.0434 
.00077 

(.00963) 

TOTAL MEN 
9 
2 
1 

ISBL 

t/UNIT 

4.6 
7.3 

65.0 

480.0 

$/MAN-YEAR 
26,000 
29,600 
35,600 

45% (Labor & Supervision) 
65% Total Operating Cost 
1.5% Total Fixed Investment 
20% ISBL + 10% OSBL 

Capital Cost 
$ Ml JJlOn 

ISBC 31.9 
OSBL 10.0 
Tota 1 41-:9 

ANNUAL COST 

3109 
158 

25 

(2311 ) 
981 

234 
59 
36 

1914 
2243 

148 
1458 
629 

7380 
9615 

¢/GAL 

1.96 

4.49 

19.23 

25.68 
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T AS L E II I -B-1 ( C ) 

Production Cost For Purification (Maximum Yield) 
Sasis:50 MM gals/year Solvents 

UTILITIES 

Power, kwh 
Cooling Water, M Gal 
Process Water, M Gal 
Steam, 50 psig, M lb 

200 psig, M lb 
Total Utilities 

OPERATING COSTS 
Labor 
Foremen 
Supervision 
Maint., Mat'l & Labor, 6% 

Total Operating Costs 

OVERHEAD EXP[NSES 

Di rect Overhead 
Genera 1 Pl ant Overhead 
Insurance, Property Taxes 
Depreciation 

Total Overhead Expenses 

Total 

ex. raw materials 

UNITS/GAL 

.0179 

.2176 

• 13313 
.00322 

TOTAL MEN 
17 
3 
1 

ISBL 

¢/UNIT 

4.6 
7.3 

470.0 
480.0 

$/MAN-YEAR 
26,000 
29,600 
35,600 

45% (Labor & Supervision) 
65% Total Operating Cost 
1.5% Total Fixed Investment 
20% ISBL + 10% OSBL 

Capital Cost 
$ Million 

ISBL 9.3 
OSBL 67.6 
Tota 1 76':9 

ANNUAL COST 

41 
794 

31,285 
773 

32,893 

442 
81 
36 

558 
TTI7 

251 
726 

1154 
8620 

10,751 

¢lGAL 

65.79 

2.23 

21.50 

89.52 
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ORIGINAL Pf.GE lS 
OF pOOM QUALm' 

TABLE III-B-2 (A) 

Production Cost For Enzyme Hydrolysis (Lower Yield) 
Basis:50 MM gals/year Solvents 

UTILIT! ES 

Power,kwh 
Cooling Water, M Gal 
Process Water, M Gal 
Steam, 50 pSig, M lb 

200 psig, M lb 
Total Utilities 

OPERA T! NG COSTS 
Labor 
Foremen 
Supervision 
Maint., Matll & Labor, 6% 

Total_Operating Costs 

OVERHEAD EXPENSES 

Direct Overhead 
General Plant Overhead 
Insurance, Property Taxes 
Depreciation 

Total Overhead Expenses 

Total 

ex. raw materials 

UNITS/GAL 

.7708 

.0653 

.03244 
(.0305) 
.02027 

TOTAL MEN 
24 

5 
1 

ISBL 

t/UNIT 

4.6 
7.3 

65.0 
470.0 
480.0 

$/MAN-YEAR 
26,000 
29,600 
35,600 

45% (Labor & Supervision) 
65% Total Operating Cost 
1.5% Total Fixed Investment 
20% ISBL + 10% OSBL 

ca~ital Cost 
M'jllion 

ISBL 61.6 
OSBL 37.7 
Tot a 1 '9"9."3' 

ANNUAL COST 

1773 
238 

1054 
(7167) 
4864 
fSj 

624 
135 
36 

3696 
"449T 

358 
2919 
1490 

16,090 
20,857 

¢/G,o.L 

1.53 

8.98 

41. 71 

52.22 
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TABLE III-B-2~ 

Production Cost For Fermentation (Lower Yield) (Includes CO2 Recovery) 
Basis:50 MM gals/year Solvents 

UTILITIES 

Power, kwh 
Cooling Water, M Gal 
Process Water, M Gal 
Steam, 50 psig, M 1b 

200 psig, M lb 
Total Utilities 

OPERATING COSTS 
Labor 
Foremen 
Supervision 

ex. raw materials 

UNITS/GAL 

.992 

.0199 

.00057 

( .01052) 

TOTAL MEN 
10 
2 
1 

t/UNIT 

4.6 
7.3 

65.0 

480.0 

$/MAN-YEAR 
26,000 
29,600 
35,600 

Maint., Matll & Labor, 6% ISBL 
Total Operating Costs 

OVERHEAD EXPENSES 

Direct Overhead 
General Plant Overhead 
Insurance, Property Taxes 
Depreciation 

Total Overhead Expenses 

Total 

45% (Labor & Supervision) 
65% Total Operating Cost 
1.5% Total Fixed Investment 
20% ISBL + 10% OSBL 

Capital Cost 
$ Million 

ISBl 22.7 
OSBL 7.5 
Total 40.2 

ANNUAL COST 

2282 
73 
19 

(2524) 
( 150) 

260 
59 
36 

1362 
T7T7 

160 
1116 

603 
5290 
7169 

ijGAL 

(0.30) 

3.43 

14.34 

17.47 
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TABLE II1-B-2 (C) 

Production Cost For Purification (Lower Yield) 
Basis:50 MM gals/year Solvents 

UTILITIES 

Power,kwh 
Cooling Water, M Gal 
Process Water, M Gal 
Steam, 50 psig, M 1b 

200 psig, M 1b 
Total Utilities 

OP ERA TI NG CO STS 
Labor 
Foreo.en 
Supervision 

ex. raw materials 

UNITS/GAL 

.0172 

.21794 

• 10413 
.00323 

TOTAL MEN 
12 
2 
1 

¢/UNIT 

4.6 
7.3 

470.0 
480.0 

$/MAN-YEAR 
26,000 
29,600 
35,600 

Maint., Mat'1 & Labor, 6% ISBL 
Total Operating Costs 

OVERHEAD EXPENSES 

Direct Overhead 
General Plant Overhead 
Insurance, Property Taxes 
Depreciation 

Total Overhead Expenses 

Tota1 

45% (Labor & Supervision) 
65% Total Operating Cost 
1.5% Total Fixed Investment 
20% ISBL + 10% OSBL 

Capital Cost 
$ M1 1110n 

ISBL "8.5 
OSBL 52.1 
Tota 1 1)(J.'O 

ANNUAl. COST 

40 
795 

24,471 
775 

26,081 

312 
59 
36 

510 
9Ti 

183 
596 
909 

6900 
8588 

¢lGAL 

52.16 

1.83 

17. 18 

71. 17 
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TABLE I II -B-3 

Utility, Operating and Overhead Expenses by Plant 
Section as a Percent of Total Cost of Productivn 

Sect; on 

Enzyme Hydrolysi s 
Fermentati on 
Purification 
Raw Materi al s 
(minus by-product 
credit) 

Enzyme MYdrolysis 
Fennentati on 
Purification 
Raw Materi a1 s 
(minus by-product 
credit) 

Max1mu~ Yield Case - Total COP - 215.08 ¢/gal 
COP ¢ Igal 

Uti 1'1 ties 

1.42 
1.96 

65.79 

1.53 
( .3) 

52.16 

Operating Overhead 

7.94 
4.49 
2.23 

36.92 
19.23 
21.50 

Section 
Total 

4-6.28 
20.68 
89.52 
53.53 

% Total 
COP 

21.5 
12.0 
41.6 
24.9 

Lower Yield Case - Total COP - 197.73 ¢/gal 

8.98 
3.43 
1.83 

41. 71 
14.34 
17.18 

52.22 
17.47 
71 .17 
57.06 

26;4 
8.8 

36.0 
28.9 
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significance of individual cost items by plant section as a percent of 
total cost of production. For completeness, the percentage of production 
cos~s represented by raw materi al s (1 ess by-product credits) is al so 
indicdted, since these costs were not allocated by process element. It 
is apparent from this table that the largest single item is the cost of 
utilities in the purification section. Certainly in the maximum yield 
case, the cost of utilities for purification is larger than the total 
cost (uti 1 i ti es + operati ng + overhead) for ei ther of the other two 
sections. In the lower yield case, the cost of utilities for 
purification remains the largest cost item although overhead costs in the 
enzyme hydrolysis section (primarily associated with depreciating capital 
equipment) become more significant. Thus, there is atrade off: as one 
goes to lower yields, the utilities required for purification are reduced 
but are offset to some extent by increased capital costs required in the 
enzyme hydrolysi s section. 

Table III-B-4 provides detail on the steam consum~~ion by plant section. 
Subsect~ons are grouped into the three process blocks previously 
indicated, 50 that the en~me hydrolysis section is broken down into four 
subsections (prehydrolysis, enzyme production, enzyme hydrolysis, heat 

• 
generation) and the fermentation section is broken down into two 
subsections (fermentation and carbon dioxide recovery). Values indicated 
as steam consumption actually represent fuel consumed to generate steam, 
assuming a ste(',m generation efficiency of 85 percent. In cases where 
credits are shown, these also reflect an 85 percent efficiency since the 
energy recovered offsets equivalent fuel which would be used to generate 
steam. 

The data in Table 111-B-4 are combined with electric energy consumption 
data (converted to Btus usi ng a heat rate of 10,000 Btus per k\'/h) in 
Table III-B-S. This t,,':>le presents the relative significance of total 
energy consumption by plant section. As indicated, the purification 
secti on is overwhel mi ngly the 1 a rgest energy consumer. By vi rtue of the 
heat generated in the enzyme hydrolysis section, this section is 

1 
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tJ 

L: TABLE l1I-B-4 

Steam Consumption by Plant Section 
l. 

Maximum Lower 
Yi e1 d Case Yield Case 

Steam MMBtu/yr Steam MMBtu/yr 

Prehydr01ysi s 885,448 1 ,004,459 
En~me Production 

d Enzyme Hydrolysi s 
Heat Generati on (1 ,461 ,007) (1 ,657,286) 

d 
Fermentati on 34,870 15,948 
C02 Recovery (513,504) (537,140) 

Puri fi cati on 7,236,446 5,658,698 

Total 6,182,253 4~484,679 

, tl 
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Section 

Enzyme Hy drolys is 
Fennentati on 
Pur'Hi cati on 

Total 

Enzyme rtYdrolysi s 
Fermentati on 
Purification 

Total 

43 

TABLE III-B-5 

Total Energy Consumption by Plant Section 
M~1Btu/yr 

~'aximum Viel d Case 

Section 
Steam Powe~' Total ---

(575,559) 340,650 (234,909 ) 
(478,634) 675,900 197,266 

7,236,446 8,950 7,245,396 

6,182,253 1 ,025,500 7,207,753 

Lower Vi el d Case 

(~52,827) 385,400 (267,427) 
(521 ~ 192) 496 f OOO (25,192) 

,'j ,6~:.~ ,698 8,600 5,667,298 

4,484,679 890,000 5,374,679 

CHEM SYSTEMS INC. 

't Total 

w3.26 
2.74 

100.52 

100.00 

=/{.98 
-.47 

105.45 

100.00 
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i ndi cated to be a net energy producer. In actual i ty, the energy produced 

wOlll d be more than offset by an all ocati on of the energy represented by 
raw materials. As previously indicated, such an allocation has not been 
perfonned. Nonethel ess, the rel ati ve si gni fi cance of the three process 
blocks is clear. 

It is apparent from the foregoing discussion that the purification step 
is the most significant plant section relative to total cost of 

production and specifically to energy consumption. This is due primarily 
to the steam required to concentrate the very dilute beer obtained in ABE 
fennentati on. It foll O\'IS, therefore, that future research and 

development effort'· mi ght \'Ie'l concentrate on reduci ng the steam 

consumption of the purification step. This can be accomplished via two 
different approaches: 

1. reduce energy consumpti on of the puri fi cati on step by improved 
separation techniques such as reverse osmosis, membrane 
separation, solvent extraction, adsorption, etc. 

2. develop a microorganism via genetic manipulation which has the 

ability to ferment wood sugars with satisfactory yields and can 
tolerate higher butanol concentrations (greater than 1.3 percent) 
than presently used microorganisms. 

Successful research in either approach, or even a combination of both, 
could significantly reduce the cost of producing solvents via ABE 
fennentati on. 
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IV. CONVENTIONAL TECHNOLOGY 

A. Butano 1 

Chemi stry 

Butanol production is basp.d on two technologies: cotalt-catalyzed or 
rhodium-catalyzed carbonylation of propylene. Both systems are currently 
utilized commercially, but the noble metal-based catalysts appear to have 
a s 1 i ght advantage for new plants primarily because they a 11 ow lower 
operating pressures and afford higher yields of normal butanol. The 
carbonylation reactor initially forms butyraldehyde, which can be 
simultaneously or separately hydrogenated to n-butanol: 

The hydroformylation reaction is homogeneously catalyzed and employs 
either cobalt carbonyl, rhodium carbonyl, phosphine-modified cobalt 
carbonyl or phosphine (or amine)-modified rhodium carbonyl as the active 
form of the catalyst. Although modified rhodium or cobalt catalysts 
allow lower pressures than unmodified catalysts, they require higher 
temperatures since they give rise to considerably slower reaction rates. 
All catalysts cause hydrogenation of the feed olefin to propane in 
varying degrees. The extent of in-situ hydrogenation of the aldehyde to 
alcohol in the carbonylation reactor also varies with catalyst type and 
reaction conditions, and can be varied from practically nil to almost 100 
percent. When the hydrogenation reaction is performed separately, it can 
use Raney nickel, Raney copper, copper chromite, cobalt phosphine 
complexes or nickel on kieselguhr as the hydrogenation catalyst. 

The process description for the rhodium phosphine-catalyzed process is 
reviewed below. 
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Process Description 

A process flow diagrar:1 for the production of butanol via rhodium-based 

carbonylation is presented in Figure IV-A-l. Synthesis gas having a 

hydrogen to carbon monoxide molar ratio of 1.02 is supplied 

over-the-fence from a partial oxidation plant. It is first purified to 

remove trace impuri ti es, chi efly sul fur, in t\'/O al ternately fed 

packed-bed columns filled with zinc oxide. This gas, supplied at 
750 psig, does not require additional compression for feeding into the 
ald~hyde reactors. The level of sulfur fed to the reactors is maintained 
below 1 ppm to reduce poisoning of the rhodium catalyst. 

Liquid propylene feed (94.5 weight percent propylene) passes through two 

alternately fed mol ecul ar si eve dryers, \.;hi ch guard agai nst trace 

quantiti es of water and dienes enter; ng the al dehyde reactors. Trace 

quantlt; es of \<later, if fiot removed, t~equi re expensi ve i.iater; al 5 of 

construction for the reactor system. The liquid propylene can either be 

injected directly into the aldehyde reactors or combined '-lith recycle 
propylene/propane. 

The active catalyst complex in the two reactors is 

HRh(CO)2(P03)2' ,,/hich is formed in the reactor itself by the 

reaction of the synthesis gas with a rhodium salt and 
triphenylphosphine. A very high ratio of ligand (triphenylphosphine) to 

active catalyst complex is required in the reactors to give a 10:1 ratio 

of norr.lal to isoaldehyde in the reactor product, leading to a 

concentrati on in the reactors of several wei ght percent of 

triphenylphosphine. Triphenylphosphine 1 igand and rhodium r.1ake-up are 

blended in the blend tanks and go intermittently to the catalyst storage 

tanks, from ",here they pass to the reactors. A sl; pstream fror.1 the 

reactors hel ps to di ssol ve the catalyst make-up and al so prov; des for 
occasi onally dra\'ri ng off spent catalyst to mai ntai n acti vity in the 
reactors. T'<lo full charges of rhodiur:1 catalysts are required for the 

plant: one is present in the reactor and the second is held for make-up 

in a safe storage area. 
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The Oxo reaction syster.1 is dual-train, \'Iith a spare recycle gas 
compressor serving both trains. The main material in contact \'lith the 
process fluids is 304 L stainless steel. 

A 304 stainless steel turbine agitator is top-mounted on the reactors for 
catalyst agitation, particularly during start-up and during short 
shutdowns. The agi tati on avoi ds excess i ve coagul ati on of the catalyst 
and helps transfer heat to the cooling coils. The reactors have 

submerged cooling coils for partial removal of the heat of reaction. 
Liquid level is held at one half of the reactor volume, \,/ith enough 
disengagement space for the removal of entrained reactant liquids. 

The crude vapor product, along wi th unreacted syngas and propyl ene, is 
taken overhead to the entrai nment separators, from \'Ihi ch traces of the 
catalyst are recycled to the aldehyde reactors by a gravity flO\'/ liquid 
trap. There is no downstream capability for catalyst recovery during 
normal operati on because the catalyst remai ns in the reactor. The low 

conversion of the feed gases provides sufficient stripping volume so that 
all of the reaction products, including the heavy dimers, trimers, and 
diols, are stripped out of the reaction liquid. If polymer-grade 
propyl ene \'Iere to be used as feed, then a 10\'ler conversi on \'Ioul d be 
necessary to ensure that enough g~~ is recycled to get adequate 
stripping; hO\'Iever, considerably less propylene would he lost in the 
pu rge stream. 

Reactor temperature and pressure are controlled by regulating the cooling 

water flo\'/ to the exchanger that cool s the recycl e gases. A purge from 

the recycl e stream ma i ntai ns the concentrati on of recycl ed prl.)pane at a 

constant level. 

The crude 1 i quefi ed product mi xture goes to the s tri ppi ng col ur.m, from 
whi ch the unreacted propyl ene pl us recycl e propane recycl es to the 
reactor. COr.1ponents of the ten-sieve tray stripping column system are 
made of carbon stee1. 

y .... 
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The hottoms fror.1 the stri ppi ng col Ur.1n are cool ed to 600C and combi ned 
wi th hydrogen that has been cOr.1pressed (i f necessa ry) to 150 ps i; they 
enter the aldehyde hydrogenation reactor, which is packed \·lith 40 \'/eight 
percent nickel on kieselguhr. 

The liquid hourly space velocity is 4 cubic feet of feed as liquid per 
cubic foot of catillyst per hour, and approximately 4 mol s of hydrogen are 

used per mol of feed. Unconverted hydrogen is recompressed and recycled. 

The hydrogenati on product consi sts of di ss01 ved gases, butanol s, and 
\'/ater, which are separated in the but,anol distillation section. The 
1 i ght ends col umn separates the di ssol ved gases and 1 i ght ends and 
removes the \'1ater as overhead product for di sposal • An organi c \'/aste 
layer separates in the reflux drum and goes to disposal. Like all the 
butanol distillation towers and equipment, the light ends column is made 
of carbon steel. The column has 94 trays and the condenser is 
a; r-cool ed. Separati on of the i sobutanol and n-butanol from the bottom 

of the light ends column takes place in two columns. In the first, with 
120 trays, isobutanol is taken overhead with a purity of 99.8 weight 
percent, and in the second, with 40 trays, the n-butanol also separates 
as the overhead product with a purity of 99.9 \'/eight percent. The 
bottoms product is a heavies stream, which is withdrawn as a purge for 
di sposal. 

B. Acetone 

Chemi stry 

A number of processes are available for the conversion of propylene to 
acetone. 

• From propylene to isopropanol, followed by dehydrogenation to 
acetone. 

• From propyl ene to ; sopropanol, fo" owed by ox; dati on to aceton~ 

and hydrogen peroxide. 

• By direct oxidation of propylene to acetone. 

,-, ~.. '1 '_ •• ~ ,. ' • <, '" , 
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The best known of these involve isopropanol as an intermediate. 

The first route is the most common at the present time and accounts for 
about one quarter of the world's acetone production. The first stage in 
the process is the production of isopropanol from propylene. The 
traditional route to isopropanol is by an indirect or 
esterification-hydrolysis process using sulphuric acid. Propylene is 
first absorbed in 75 percent sulphuric acid to form a solution of 
diisopropyl sulphate and isopropyl acid sulphate. The sulphated 
hydrocarbon solution is converted to an acid solution of isopropanol, 
ether and polymer by hydrolysis with dilution water. The hydrocarbons 
are separated from the acid, neutralized with caustic and fractionated to 
separate the three main components. Ether is recycled to the reactor and 
the ether-free isopropanol is distilled to yield an 87 percent 
isopropanol/water azeotrope. The overall reactions are as follows: 

This route to isopropanol is still used in many plants. In the last few 
years, however, direct hydration processes have been developed, and these 
will probably be used in all future installations. Propylene and water 
are preheated and fed to a catalytic reactor, where isopropanol is formed. 

The reaction may be ~arried out in the vapor or liquid phase at pressures 
of 25 to 250 bar and at temperatures of 150 to 300°C. Typical 

exchange resins, 
tungsten oxide or 

tungsten atoms. 

cata lysts are supported phosphoric aci d, cat ion 
manganese oxide, alumina, silica and molybdenum, 
nitride and solutions of polyanions containing 
Conversion per pass depends on the process used and is typically between 
5 percent for vapor-phase reactions to 60-70 percent for 1 iquid-phase 
reactions. 
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The reactor effl uent, after heat exchange wi th the reactor feed, ; s sen t 
to a water scrubber, where isopropanol is separated from unreacted 
propylene, which is then recycled to the reactor. Aqueous isopropanol is 
separated from water and small amounts of other light and heavy ends in a 
series of three to six distillation columns, depending upon whether 
anhydrous isopropanol is required as well as the 87 percent azeotrope. 
Benzene is often used as the azeotrope breaker. Process yields are about 
93 to 97 percent of theoretical, based on the conversion of propylene to 
isopropanol. The overall chemical reaction is as follows: 

The dehydrogenation of isopropanol is a simple reaction. It is vaporized 
and fed over a fixed bed catalyst in a tubular reactor, where endothermic 
dehydrogenation occurs. Typical operating conditions are 0.34 bar and 
530-550oC. A brass or zinc oxide catalyst is commonly used. The 
process yield of acetone from isopropanol is above 95.5 percent, and 
conversion per pass through the reactor is over 90 percent. The 
endothermic heet of reaction is supplied by a circulating stream of flue 
gas heated by di I'ect combust ion. Catalyst performance drops gradually 
during operation because of fouling, and it must be regenerated 
approximately every ten days by burning off organic material with a 
mixture of 2 percent oxygen and 98 percent nitrogen at about 500oC. 
The overall chemical reaction is as follows: 

The isopropanol used is usually the 87 percent azeotrope since water does 
not interfere with the react i on. The reactor effl uent is scrubbed to 
clean up the hydrogen. Purification is carried out using conventional 
fractionation techniques, and unconverted isopropanol is recycled as the 
water azeotrope. 
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Process Description 

A process for l:laking acetone from propylene is described in this 
section. The process, shown diagrammatically in Figure IV-B-l, involves 
the direct hydration of propylene to isopropanol and the subsequent 
catalytic dehydrogenation of the isopropanol to acetone. The flow scheme 
is based generally on the Tokuyama Soda process for hydration and on the 
BP Chemicals process for dehydrogenation. 

Propyl ene of at 1 east 95 percent puri ty is preheaterl and fed to the 
hydrati on reactor \'11 th fresh water and aqueous recycl e catalyst stream. 
The reaction between \'later and the dissolved propylene occurs in a liquid 
phase at 150-200 bar and 240 to 2700 C to produce isopropanol. 

The isopropanol product solution from the reactor is cooled by heat 
exchange with reactor feed water and then flashed under reduced pressure 
in a gas separator. Dissolved unreacted propylene is released and 
conden!'~d for recycl e to the reactor. The separated 1 i qui dis sent to 
the azeotrope col umn, where an azeotropi c mi xture of isopropanol and 
\'/ater is drawn off and sent to a second column for removal of light 
ends. The aqueous solution containing catalyst from the bottom of the 
azeotrope col umn joi ns the fresh water feed and is recycl ed to the 
reactor. 

The 87 percent isopropanol azeotrope from the lights column is vaporized 
and fed to a multitubular reactor, where endothermic dehydrogenation 
takes place. The reactor tubes are filled \'lith catalyst and are carried 
between steel tube plates r.1ounted within an outer steel shell. Flue 
gases are circulated by a fan at high velocity in a direction normal to 
the axis of the tubes. The fiue gases are heated by direct combustion, 
and excess gas is bled to the atmosphere. The circulation rate is such 
that the temperature of the flue gases does not drop by more than a few 
degrees during passage across the tubes. The temperature difference 
between the flue gases and the maximum temperature attained in the tubes 
is about 20oC. 
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Vapors leaving the catalyst chamber are cooled, and about half the 
acetone present is condensed. The uncondensed hydrocarbons are washed 
out of the hydrogen stream by passage up a packed to\'ler countercurrent to 
a flo\'! of \'/ater. The hydrogen from the absorption tower can be used 
without additional purification in hydrogenation processes or it can be 
used as fuel for the reactor heating circuit, in \'/hich case the hydrogen 
output approximately balances fuel requirements. 

Low-boiling impurities (mostly derived from impurities in the 
isopropanol) are removed from the crude acetone stream from the bottom of 
the absorber before it is fed to a stripping tower. Water from the base 
of the stri pper is cool ed and recycl ed to the absorber. The overhead 
mixture of acetone, isopropanol, water and a small amount of high-boiling 
impurities is furth.er distilled to yield the pure acetone product, an 
isopropanol recyc1 e stream (whi ch is returned to the reactor), and a 
heavies stream (which goes for disposal). 

C. Economics 

The cost of producti on (COP) estimates for the conventi onal routes to 
butanol and acetone are provi ded in Tab1 es IV-C-1 and IV-C-2 
respectively. These data are sUtTr.1arized in Table IV-C ... 3. Both butanol 
and acetone facilities produce 50 million gallons per year of product at 
a plant located on the U.S. Gulf Coast in mid-1982. 

Table IV-C-l indicates that butanol can be produced at a net cost of 
production of approximately 2.00 dollars per gallon. The sales price of 
butanol at 10 percent DCF is 2.35 dollars per gallon. Table IV-C-2 
indicates that acetone can be produced at a net cost of production of 
1.96 dollars per gallon \'1hich translates to a selling price of 2.32 
dollars per gallon at 10 percent DCF. 
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TABLE IV:.C:.1 

ORIGINAL PAGE rs 
OF POOR QUALnY 

COST OF PRODUCTION ESTIMATE FOR ACETONE 
PROCESS- IPA DEHYDROGENATION 

£e.E!I!H::_§!:1!.:1!.:1e!n: 
BASIS 
Location: U.S. Gulf Coast 

Mld-1982 
Capacity: 50.0 mi Ilion gal lons/yr 

CAPITAL COST 
Battery-CT~~T t s 
Offsltes 

$MILL:£ON 
---4172 

29.2 

Str.Time: 8000 hours per year 
Tota I FI xed Inv. 
Wo I" kin g Ca pit a I 

70.4 
15.3 

RAW MATERIALS 
PropyTene(95%), I b 
Catalyst & Chemicals 

TOTAL RAW MATERIALS 
UTILITIES Power7-j(WH 
Coo I In g Wa t er, M Ga I 
Process Water, M Gal 
Steam,200 psig, M Lb 

TOTAL UTILITIES 
OPERATING COSTS Labor7-32-Men-@ $ 26,000 

UNITS 
PER GAL 
5731926 

.99511 

.29828 

.00060 

.03968 

F","emen, 7 Men @ $ 29,600 

PRICE, 
c::/UNIT 

2570' 

4.6 
7.3 

65.0 
4-80.0 

6 MIS 
1 MIS 
1 Man S U.P el" vis ion, 1 Man @ 1i 35, 6 ° 0 

Maint., Ma'terial & Labol" 6% of ISBL 

TOTAL OPERATING 
OVERHEAD EXPENSES Direct-Overhead--

COST 

45t.: Lab. & SuP. 
65t.: 0 pel". COS t s Gen. Plant Ovel"head 

Ins U l" an c e, P," 0 P. T a x 
Depreciation 

1 .51. Tot. F I x. I n v . 
201. ISBL + 101. OSBL 

TOTAL OVERHEAD EXPENSES 

TOTAL COST OF PRODUCTION 
BY-PRUDUCT CREDIT 
Propane7-T5------ .26596 

TOTAL BY-PRODUCT CREDIT 

NET COST OF PRODUCTION 

SALES PRICE AT lOt.: DCF 

8.8 

ANNUAL 
COST, $M 
--66,45'0 

1, 260 

67,710 

2,287 
1,088 

20 
9,518 

12,913 

832 
207 

36 
2,472 

3,547 

1+84 
2,305 
1,056 

11,160 

15,005 
--------------------

99,175 

========== 
98,006 

135.50 

25.84 

7.10 

30.03 
--------------

198.47 

--------------
196.13 

232.4 

J 



56 

~'~~:I~!~.~ _lV:..C:.2 g:'::'~~l PAGE 18 
(J F P I~ 0 Due T T Cli~ EE, TIM I:, Tl~ FOP BUT (.~ N 0 L QUALrry C:lST 
PROCESS- PROPYLENE CARBONYLAT 

C(~ PIT ~)L SLJMMA In 

E!I,~SI :~ 

C~~illon: U,S, Gulf COist 
Mld--1982 

"5 0 ,'J III i I I ion 9 a I Ion sly," 

C(4PIH~L COST 
Battery--r:TrliT'l s 
Off::;i't0s 

~;MII...LION _ .... _--_ ..... 
6:L , ;2 
28,8 

Total I:'-ixed Inu, <;lO,O 
Str,Time: 8000 hours per year Wo r I< i n 9 Ca pit cl I. 

I~(.:il~ Mt;TEIHAL.S 
propYTe'n;;'(94~':."%), I b 

Synthesis Gas, MSCF 
I"hl dr () <;'1 e 11! MSCF 
Catalyst & Chemicals 

TOTAL RAW MATERIALS 
UTIL.ITIES 
j5 oW'0i: ~'-j( rjH 
C 0 (I I 1 11 q l.J cl t e 'j"" j.j G ,,) I 
Ir,ert (~as, r1SCF 
r:ue I, ril'i BTU 
Steam,60() P:;I~J, 1'1 L .. b 

TOTI~d .. UTILITIES 
(JPER(!)TING COSTS 

UNITS PRICE, 
PEI~ G~d... ¢/UNIT 
5~-203r9 25:-0 

, 08525 2~,;0 , 0 
,037<y2 300,0 

,65 1+1 0 
,05613 
,00135 

-.02772 
,02161 

7.3 
:1.23,0 
3 1+6,0 
~538 , I) 

[~5o~~-~~-~;~-~ $ 26,000 6 MIS 
Foremen, 7 Men @ $ 29,600 :I. MIS 
Supervision, 1 Mdn @ $ 35,600 :I. Man 
rlalnt" Mc'ltHial i~ L!!tbor 61. cd: 1SBL 

TOTAL OPERATING COST 
OVERHEAD EXPENSES 
TIT~~~~-G~i~~i~~-- 45% Lab, & SuP, 
e-; ~) n, P I a n '\' D ',' (~ r I: e iii 'i 6 5 ;;: 0 p E' r, C (I :; t :E, 

Ins: u r a /", c e, Pr 0 p, T':I '\ 1., :;;~ T (11:, F i ;':, In 'J , 

Depreciation ~O% ISBL + 10% OSBL 

TOTAL OVERHEAD EXPENSES 

TOTAL SJST OF PRODUCTION 
BY-PRODUCT CREDIT 

, ""t' 1+ 5 lj. ,:S 

TO~AL BY-PRODUCT CREDIT 

NET COST OF PRODUCTION 

~ALES PRICE ~T 10% DCr 

I~NNU(.lL 
COST, jjiM 
--65,000' 

10,650 
5,685 
1, I.~ 00 

82,735 

1,50 1+ 
205 

f33 
'-'+,792 
5, ~HO 

2,8:LO 

832 
207 

"% ;~ ",Ij 
.. J " \.J I 4 .. 

1+ , 71+ '7 

1+8 1+ 
3,0'35 
1, 3~:' 0 

15,120 

20,039 
. _-.. -- _ ... - -------._ ............ _._ ............ ' 

1:LO,33() 

_ .... _ ..... __ ............... . ..... _._ .. _--_ ....... _-
?9 , "i'lll' 

CENTS 
PER GI~L 

:t.6~5 I 57 

<?,~so 

l~ 0 , 1 (I 
.. _-_ ..... _ .... _ . _ ....................... . 

............................ -_ .... _ ............ . 
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TABLE IV-C-3 

SUN~'ARY OF PROCESS ECONOmCS 
FOR CO NV E N 110 fmnutrn."S'lO"llOTriNULl\1ilD J\C E TONE 
lJiiSTS:---51Jl~1 ga , s/yr I as Gulf Coast. 1111 d-' 98T 

l3utnnol Acetone 

Investment, $~'~' 
Battery limits 61.2 41.2 
Offs i tcs 28.8 29.2 

Total fixed investment 90.0 70.4 

Cost of production, t/gal 
Raw mn teri a 1 s 165.57 135.5 
Util i ti es 5.62 25.84 
Operating costs 9.50 7.10 
Overhead expenses 40.10 30.03 

Total cost of production 220.80 190.47 
By-product credit (21.25) (2.34) 
Net cost of production 199.55 196. 13 
Selling price at 10% DCF 235. 1 232.4 

CHEM SVSTE:MS INC. 
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V. CONCLUSIONS AND RECOMMENDA1.JNS 

A cor,lpa ri son of the process economi cs of the conventi ona 1 routes to 

butanol-acetone versus the fermentation route indicates the conventional 
route hol ds an advantage of 20-25 cents per gallon or approximately 10 

percent. This would indicate that although the fermentation route is 
still not competitive \·lith the conventional routes to butanol-acetone, 
the gap is narrow and could disappear given potential research advances 
and process optimization in the near future. 

It ic also apparent that, with regard to the fermentation route, the most 
significant plant section relative to total dollar and energy cost is the 

purification step. This is due primarily to the steam required to 
concentrate the very dilute beer obtained in ABE fe~entation. It 
foll ows, therefore, that future research and development efforts mi ght 

well concentrate on reduci ng the steam consurnpti on of the puri fi cat; on 
step, ei ther through improved separati on techni ques or the development 
through geneti c mani pul ati on of a mi croorgani sm for fementati on \'Ihi ch 
can tolerate higher butanol concentrations. 

While this particular analysis \'las limited to a technical and economic 
evaluation of a specific butanol/acetone from wood process, a broader 

goal from the ECUT perspective would be to ext€nd the work via parametric 
analysis in order to establish and rank R&D options. Using the 
methodology developed herein as a tool, a more generic analysis can be 
cons tructed \'Ihi ct: focuses i niti ally on butano 1 /acetone fermentati on and 
ul timately on a \'Ii der range of cherni cal s ''Ihi ch can be produced vi a 
similar proc~5sing routes. 

Ca ndi date opti ons for the parametri c analJ',: ':'; ·q·e recomnended bel 0\'1, by 

pl ant segment: 

I. ~eedstock 

A. The effect on overall process economics of: 

i) Varying feedstock prices. 

I' 

• _ \t ~ "'~''''''''''''''''~ ___ ''''''T''"'_''~'''-'-<'''''.;,W'1''r.~·''f~''."''·,A.>....l.J.._·~,,~"·-:~'-"'"1""~'~''1:1''7·~."i''"'''~'''"'"''''''''~'">l-' ..... " .... _ ... ,,,._,..,,,,.,. ;c--..l ... 
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ii) Varying feedstocks. Sone examples of feedstocks 

\"thich night be considered are agricultural \'/astes, 
differ'ent "Iood species, r.lunicipal solid ,·taste, whey 

and sul fi te 1 i quor. 

I I. Pretreatnent and Enzyrae IiYdroly;;~ s, 

A. The effect on overall process econonics of using stearn 
expl os i on pretre~tment, 1 i '9ni n extracti on and/or enzyme 
recovery in addition to or in place of certain steps in the 
present scheme. Lignin ex:raction \,/i11 probably be required 

follo~ing pretreatnent if lignin is to be utilized as a 

higher value by-product (rather than its fuel value). 

B. Update enzyr.le producti on step to refl ect recent advances in 
the production of a tJ-glucosidase- fi-glucanase enzyne mix 
from different fungi. 

III. Fermentation 

A. The effect on overall process econonics of: 

i) The relationship of initial sugar concentration, 
ferr.Jentation time and solvent yield for \'!Ood 
(xyl ose/gl ucc<;e) suga r streans. 

ii) Varying nutrient media and solvent ratio. 

iii) Improvements in microorganism product tolerance and 

product yield via genetic nanipulation. 

iv) Continuous fernentation schene versus conventional 

batch fernentation. 
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IV. Purification 

A. The effect on overall process econoraics of util i zi ng 
alternate purification sehemes presently under development. 
These could possible include: 

i) Solvent extraction 

ii) Membrane separation 

iii) Adsorption 

i v) Improved distillation 

v) Reverse osmosis 

V. By-product Utilization 

A. The technical feasibilit~ ~nd effect on ovarall process 
economics of utilizing lign~;, .. s a high value by-product. 
Possibilities include: 

i) A substitute petrocheraical feedstock for the 
production of phenolic resins. 

; i) Recogni zi ng that the structure of 1 i gni n contains 
only raonoaror.1ati cs wi th hydroxy and methoxy groups 
attached to them, lignin could potentially be used as 
a raw material for producing such chemicals as 
phenol, benzene, cresols and catechols. One 
speculative route developed by HRI, for example, 
involves hydrocracking and hydrodealkylation of 
lignin to a r.1ixture of phenol, benzene and fuel oil . 
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GLOSSARY 

This glossary is intended to acquaint reade-I';;'; \'/ho are unfamiliar with 
production cost analysis with some of the terms used in this report. 

Battery Limits 
See Inside Battery Limits (ISBL) Investment 

By-Product Credit 
The value of by-products based on their unit market price. 

Cost of Production, Net (COP) 
The difference between Total Cost of Production and By-Product Credits 

Cost of Production, Total (COP) 
The cost per unit of product, accounting for variable costs such as 
raw materials, utilities, labor, fixed cost (including return on 
investment and overhead), depreciation, and other capital-related 
charges. 

Oi rect Overhead 
Payroll costs~ in addition to wages and salaries, which are directly 
attributable to operating and supervisory personnel. These include 
items such as company payments to payroll taxes, medical plan, 
retirement fund, vacations and any other so-called "fringe" benefits. 

General Plant Overhead 
Expenses comprising the cost of servicing a given installation. 
These costs include items such as administrative expenses, plant 
security, fire protection, general area maintenance, and employees' 
cafeteri a. 
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Insi de Battery Limi ts (ISBL) Investment 
The portion of total plant capital cost related to equipment for the 
production process. Examples of ISBL costs include reaction vessels, 
distillation columns and heat exchangers. 

Offsites 

See Outside Battery Limits (OSBL) Investment. 

Outs; de Battery Limi ts (OSBL) Investment 
The port; on of total pl ant capi tal cost rel ated to operati ons whi ch 
are ancillary to the production process. Examples of OSBL costs 
include utility syster.ls (e.g., steam, electrical, cooling water, 
piping), storage, buildings, site development and pollution control. 

Total Fixed Investment 
The sum of Inside Battery Limits (ISBL) Investment and Outside 
Battery Lim; ts (OSBL) Investment 

Working Capital 

rhe porti on of total ; nvestment represented by the sum of feedstock 
inventory, finished product inventory, accounts receivable and 
cash-on-hand, less accounts payable. 

.., 
.. 
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