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Detailed chemical process simulations are a useful tool in designing and optimizing
complex systems and architectures for human life support. Dynamic and steady-state
models of these systems help contrast the interactions of various operating parameters and
hardware designs, which become extremely useful in trade-study analyses. NASA’s
Exploration Life Support technology development project recently made use of such models
to compliment a series of tests on different waste water distillation systems. This paper
presents dynamic simulations of chemical process for primary processor technologies
including: the Cascade Distillation System (CDS), the Vapor Compression Distillation
(VCD) system, the Wiped-Film Rotating Disk (WFRD), and post-distillation water polishing
processes such as the Volatiles Removal Assembly (VRA). These dynamic models were
developed using the Aspen Custom Modeler® and Aspen Plus® process simulation tools. The
results expand upon previous work for water recovery technology models and emphasize
dynamic process modeling and results. The paper discusses system design, modeling details,
and model results for each technology and presents some comparisons between the model
results and available test data. Following these initial comparisons, some general conclusions
and forward work are discussed.
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Nomenclature

ACM = Aspen Custom Modeler®

AP = Aspen Plus®

BFD1 = Backwards Finite Difference Scheme 1
CDS = Cascade Distillation System

CoP = Coefficient of Performance

DA = Distillation Assembly

DCT = Distillation Comparison Test

ESM = Equivalent System Mass

GUI = Graphical User Interface

ISS = International Space Station

LMLSTP = Lunar-Mars Life Support Test Project
RFTA = Recycle Filter Tank Assembly

SIMA = Systems Integration Modeling and Analysis
TC = Trim Cooler

THP = Thermoelectric Heat Pump

UPA = Urine Processing Assembly

VCD = Vapor Compression Distillation
VOCs = Volatile Organic Compounds

VRA = Volatiles Removal Assembly

WFRD = Wiped-film Rotating Disk

WRS = Water Recovery Systems

I. INTRODUCTION

HE ability to recover and purify water through physico-chemical processes is crucial for realizing long-term

human space missions, including both planetary habitation and space travel. Although short-duration missions
have relied on storage and transport instead of on-board water recovery, an estimated requirement of 8 to 15 kg of
water per crewmember per day will pose a significant launch penalty and significant barrier to longer duration
missions' . Therefore, future water recovery, purification, and processing technologies should possess the ability to
accept wastewater streams from various sources (gray water, urine, and condensate from humid air) and recycle
them to a high level of chemical purity and potability. These processes also must be able to function in both zero-
gravity and low-gravity environments while consuming modest power resources and requiring little maintenance
and few consumables. Eventually, such systems may even be expected to operate in a completely closed-loop
fashion with the ability to recover most of the water from various waste streams.

Several technologies, including reverse osmosis’ , catalytic and electrochemical processes®, and distillation*
have been explored as candidates for next generation water recovery systems (WRS). Because of the robust nature
of distillation processes, vacuum distillation has been actively pursued as a technology for water recovery'.
Distillation at very low pressures has demonstrated the ability to significantly reduce power requirements over
traditional distillation technologies and has therefore been developed for space applications. This report discusses
the development of dynamic process simulations for the CDS, VCD and WFRD distillation technologies.

Detailed chemical process simulations are a useful tool in designing and optimizing complex systems and
architectures for human life support. Dynamic and steady-state models of these systems help contrast the
interactions of various operating parameters and hardware designs, which become extremely useful in trade-study
analyses. Aspen Custom Modeler® (ACM) (Aspen Technology, Inc., Burlington, MA), is a chemical process
modeling package that has the ability to perform both steady-state and dynamic simulations* and has been used
frequently for developing detailed models for various engineering analyses>®. Dynamic modeling is particularly
useful because it allows the ability to study a process technology in great detail, identifying process limits as well as
process dynamics. Because life support processes are often highly sensitive to disturbances and seldom reach true
steady-state conditions, dynamic modeling and data are crucial to developing robust descriptions of the process
dynamics.

By relating operating and hardware-related variables to process efficiency, it is possible to optimize the unit
sizing and its operating parameters. Accurate models can even generate data for a wide variety of operating
conditions, which can then be used to develop a process control strategy that is based on process-specific operating
data instead of a generalized theoretical description. Detailed models can also simulate off-nominal scenarios that
are rare, difficult, or even dangerous to reproduce, which can help in designing for worst-case operating conditions.
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Ultimately, the goal of modeling is to develop accurate dynamic descriptions of processes that can be used to
optimize the complete life support architecture by considering process efficiency, equivalent system mass (ESM),
and the general operating limits of the technologies’.

This report presents the status of modeling efforts for the primary processors (CDS, VCD and WFRD) along
with downstream water recovery technologies like the VRA. The report discusses system design, modeling details,
and modeling results for each technology and then presents some general conclusions. The ultimate goal of
modeling a suite of technologies is to develop the ability to create a complete dynamic model of the WRS.

Il. TECHNOLOGY DESCRIPTIONS AND MODELLING PRINCIPLES

For modeling the solution chemistry, ACM interfaces with the thermo-chemical properties subroutines and
databases in Aspen Plus® (AP) (Aspen Technology, Inc., Burlington, MA), which provides electrochemical and
thermodynamic relations that describe component solubility and phase behavior in the model system®. AP provides
an extensive database of intrinsic physical properties for chemical species as well as several methods for
determining thermodynamic, physical and state properties.

The technologies that have been modeled in this study include: the CDS, VCD, WFRD, and the catalytic reactor
of the VRA. The VRA model in this study is an adaptation of a model previously developed®. The models of
downstream processing technologies are designed with the intention of integrating them with the distiller models to
simulate the entire WRS architecture. The following discusses the mechanical and operating principles of each
distiller, and the VRA catalytic reactor.

A. Cascade Distillation System (CDS)

The CDS is being developed in conjunction with Honeywell International Inc. and Thermodistillation. The CDS
presents a variant on the vacuum rotary distillation concept through a multistage rotating distiller coupled with a
thermoelectric heat pump that provides heating and cooling. The vacuum is provided by a mechanical pump that
reduces the distiller chamber pressure to 50 mmHg. Heat transfer surfaces between the stages serve to capture the
heat of vaporization and transfer it to the adjacent stage. Fig. 1 presents a schematic of the CDS.
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Figure 1. Schematic description of Cascade Distillation System™.

I:Brineln = I:VaporOut + I:BrineOut (1a)
F *7 —F * F * * dXi 1b
Brineln  Zi = VaporOut Yi + Farincout = Xi TN E (1b)

where Fgrinein, Ferineou, represent the molar flow rates of liquid entering and exiting the stage, and Fyaporout
represents the molar flow rate of vapor exiting the stage. The term z; represents the total mole fraction of component
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i entering the stage, x; represents the liquid phase mole fraction of component i (in stream Fg,incout) and y; represents
the vapor phase mole fraction of component i (in stream Fyagorou). The term ni represents a fixed amount of liquid
holdup within the stage. The evaporator stages are modeled as pseudo steady-state with a fixed holdup. The
partitioning of components between liquid and vapor phase is calculated using the Aspen flash routine pflash2. The
routine assumes that the stages have reached thermal equilibrium.

The resulting mass balances for the condensing stage are presented by eq. (2a), the overall mass balance and
eg. (2b), the component mass balance

I:Vaporln + I:Condln = I:CondOut (28.)

E

* *9 _ *
VaporIn Zi-i_FCondIn Zi _FCOndOut X

(2b)

where Fcondin, Feondout represent the molar flow rates of liquid entering and exiting the stage, and Fyaporin represents
the molar flow rate of vapor entering the stage. The term z; represents the total mole fraction of component i
entering the stage and x; represents the liquid phase mole fraction of component i (in stream Fcongoyt)- Similar to the
evaporator stages, the condensing stages are modeled as pseudo steady-state. The partitioning of components
between liquid and vapor phase is calculated using the Aspen flash routine pflash2. The routine assumes that the
stages have reached thermal equilibrium.

Countercurrent flow of brine and vapor/condensate occur as a result of heating the most concentrated brine in
the first stage. This leads to a temperature gradient between stages, increasing in the direction of brine flow and
decreasing in the direction of condensate flow. The heat of vaporization is captured by heat transfer surfaces within
the stages and used to heat the liquid in the next stage. Equations (3a) and (3b) present the energy balances for the
evaporating and condensing stages respectively

hBrineln * l:Brineln + Q = hv * I:VaporOut + hl * I:BrineOut (Sa)
where hy, hy, represent the molar enthalpy liquid and vapor phases (calculated by pflash2), and hgyinen represents the
molar enthalpy of Fginen, and Q represents the heat flow into the evaporator (heat of condensation recovered from
the condensing stage)

hCondln * I:Condln + h\/aporln * I:Vaporln = |ﬂll * FCondOut + Q (3b)

where hy, represents the molar enthalpy liquid (calculated by pflash2) and hyaporin, Nconain represent the molar
enthalpy of Fyagorin @nd Feengin, respectively. Q represents the heat of condensation that is transferred to the
evaporating stage. Once the brine has reached a maximum concentration, it is fed into a separate holding tank. A
cooled condenser stage provides final condensate collection.

Heat energy for the process is supplied by a thermoelectric heat pump (THP)™. The thermoelectric effect relies
on using an electrically powered device to draw heat from a flowing stream. In the case of the CDS a portion of the
liquid from stage one is fed to the heat pump and then recirculated back to the distiller to supply heat for the process.
This heat energy is drawn from a portion of the recovered water as a recirculating water stream. Equations (4a) and
(4b) present the governing equations for the THP

Q,=Q.,+W (4a)

cop- (4b)
W

where the coefficient of performance (COP), describes the “efficiency” of the thermoelectric device, and Q., Qp
represent the heat flow from the cold stream and to the hot stream respectively.

The THP itself requires less power than a traditional heater, and since it uses thermal energy from the cold side
to heat the hot side, it functions as both the condenser and the reboiler. The energy balances for the hot and cold
sides of the THP are presented by egs. (5a) and (5b) respectively
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* _ *
hHsideln I:Hsideln +Qh - hHsideOu’( I:HsideOut (5&)

* — *
thideIn I:Csideln - thideOut FCsideOut +(Qc (Sb)

where hygigeins Nrsigeout represent the molar enthalpy of Fisigein, Frsigeout, (the streams entering and exiting the hot
side of the THP) respectively. The terms hcgigeln and hesigeour represent the molar enthalpy of Fegigen and Fcsigeout
(the streams entering and exiting the cold side of the THP) respectively.

Since the THP generates heat from electrical resistance within the device, a trim cooler (TC) is used to remove
the additional heat from the cold recirculating stream. The TC is modeled as a single-pass heat exchanger that
compensates for cooling inefficiencies of the THP. Reducing the pressure inside the distiller using the vacuum
pump reduces the distillation temperature thus reducing power requirements even further.

B. Vapor Compression Distillation

The VCD system is a single-stage distillation process that has been developed at Marshall Space Flight Center
for the International Space Station (ISS). The distillation assembly, the primary component of the Vapor
Compression Distillation system, appears in Fig. 2
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Figure 2. VCD distillation assembly schematic detailing internal components and process streams *2.

Wastewater is deposited in a thin film along the inner evaporator surface of the rotating drum. As water
evaporates, it is pulled into the compressor through the hollow stationary shaft. The mass balances for this process
are shown by eq. (6a) the overall mass balance, and eq. (6b) the component mass balance

I:Brineln = I:VaporOut + I:BrineOut (6&)
dx.
I:Brineln * Zi = I:VaporOut * yi + I:BrineOut * Xi + rlL *d_tl (Gb)

where Fgrinein, Ferineou, represent the molar flow rates of liquid entering and exiting the stage, and Fyaporout
represents the molar flow rate of vapor exiting the stage. The term z; represents the total mole fraction of component
i entering the stage, x; represents the liquid phase mole fraction of component i (in stream Fg,ineout) @nd y; represents
the vapor phase mole fraction of component i (in stream Fyagorou). The term n represents a fixed amount of liquid
holdup within the stage. The evaporator stages are modeled as pseudo steady-state with a fixed holdup. The
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partitioning of components between liquid and vapor phase is calculated using the Aspen flash routine pflash2. The
routine assumes that the stages have reached thermal equilibrium.

The compressor raises the temperature and pressure of the water vapor, and the compressed vapor then passes
into the condenser, where it condenses on the outer surface of the rotating drum, in thermal contact with the
evaporator surface. The mass balances for this process are show by eq. (7a) the overall mass balance, and eq. (7b)
the component mass balance

I:Vaporln = I:VaporOut + I:CondOut (7a)
* 7 * *
I:Vaporln Zi - I:CondOut Xi + I:VaporOut yi (7b)

where Fyagorins Fvaporout, represent the molar flow rates of vapor entering and exiting the stage, and Fcongout
represents the molar flow rate of liquid exiting the stage. The term z; represents the total mole fraction of
component i entering the stage, x; represents the liquid phase mole fraction of component i (in stream Fcyngoy) and
y; represents the vapor phase mole fraction of component i (in stream Fyaporou). The partitioning of components
between liquid and vapor phase is calculated using the Aspen flash routine pflash2. The routine assumes that the
stages have reached thermal equilibrium.

The resulting heat flux from the condenser to the evaporator, driven by the saturation temperature difference,
drives the further evaporation of water inside the evaporator, and the VCD process thus recovers the latent heat of
evaporation/condensation. Equations (8a) — (8c) describe the heat transfer process

hBrineln * I:Brineln + Q = hv * FVaporOut + hI * I:BrineOut (8&)
h\/aporln * I:Vaporln = hI * FCondOut + hv * l:VaporOut + Q (Sb)
Q =UAAT (8¢c)

For the evaporating process Fagrinein, Farineout: represent the molar flow rates of liquid entering and exiting the
process and Fyaporout, represents the molar flow rate of vapor exiting the process. The terms h,, h; represent molar
enthalpies of the vapor and liquid phases, calculated by pflash2. For the condensing process Fyaporin, Fvaporout:
represent the molar flow rates of vapor entering and exiting the process and Fcongout, represents the molar flow rate
of liquid exiting the process. The terms h,, h, represent molar enthalpies of the vapor and liquid phases, calculated
by pflash2. The term Q represents the heat transferred. The term U represents the overall heat transfer coefficient (an
assumed value) and A represents the surface area for heat transfer. The temperature difference (AT) is the difference
between the saturation temperature for evaporation and condensation.

The evaporator pickup tube (Recycle Out) collects the wastewater not evaporated inside the evaporator. This
concentrated wastewater (brine) flows through a recycle loop and is mixed with fresh wastewater for reprocessing.
The condensed water vapor is collected from the condenser by the product water pickup tube (Product Out). The
condenser is periodically purged (Purge Out) to remove non-condensable gases and to maintain the operating
pressure.

The VCD evaporator process nominally operates at 3.4 to 5.5 kPa (0.5 to 0.8 psia) and 32 to 43°C ( 90 to
110°F). For further descriptions of the VCD process and system, including other components such as fluids pumps,

the recycle filter tank, etc., are provided elsewhere'**,

C. Wiped Film Rotating Disk (WFRD)

Thin film distillation offers improved efficiency by enhancing heat transfer. In the WFRD system, a preheated
feed is sprayed onto a rotating hollow disk assembly to create a thin film. The film evaporates quickly and the vapor
is compressed and fed into the condenser section (the inside of the hollow disk assembly) of the unit. The heat of
condensation is transferred back to the evaporating film hence conserving some energy. The overall process
consumes less energy than a traditional distillation system. In essence the film evaporates via a combined
convection/conduction process. Fig. 3 presents a schematic for the WFRD evaporator assembly (3a) along with the
process flow diagram for the entire system (3b).
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Figure 3. Schematic representation of WFRD system. (A) WFRD Evaporator Assembly and (B) Process
Schematic™.

The basic operation for distillation within the WFRD can be summarized by Fig. 3. The hot feed is sprayed onto
the hollow rotating disk within the partially evacuated still. As the fluid evaporates it is pumped out through the
“vapor out” port and fed into the inside portion of the hollow rotating disk through the “heating steam” port. The
process can be described by the following equations

I:Feedln = I:VaporOut + I:BrineOut (9a)

Freean ¥Z, = R *yi +Fgn *x.+n*g)i (9b)
FeedIn i VaporOut i BrineOut i L dt

r]L = Arotor *d film *pm,Feed (90)

where Fgrinein, Ferineou, represent the molar flow rates of liquid entering and exiting the stage, and Fyaporout
represents the molar flow rate of vapor exiting the stage. The term z; represents the total mole fraction of component
i entering the stage, x; represents the liquid phase mole fraction of component i (in stream Fg,incout) and y; represents
the vapor phase mole fraction of component i (in stream Fyaporout)-

In this model n,, the liquid holdup within the stage, is not a fixed value and is calculated by the mass balance.
The important operating parameter in this case is the film thickness, df,, Which is calculated based on the holdup
and assuming a cylindrical geometry of the liquid layer. The average liquid density, pmreed, IS Calculated using an
Aspen procedure. The partitioning of components between liquid and vapor phase is calculated using the Aspen
flash routine pflash2. The routine assumes that the stages have reached thermal equilibrium.

The vapor is moved from the outside of the rotating disk to the inside using an external compressor. The mass
balances for this process are described by egs. (10a) — (10c) below

I:Vaporln = I:VaporOut + I:CondOut (10&)
dx.
I:Vaporln * Zi = I:CondOut * Xi + I:VaporOut * yi + r‘|I *d_tl (1Ob)
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r]L = Arotor *d film *pm,Feed (100)

where Fyagorin: Fvaporout, represent the molar flow rates of vapor entering and exiting the stage, and Fcondout
represents the molar flow rate of liquid exiting the stage. The term z; represents the total mole fraction of component
i entering the stage, x; represents the liquid phase mole fraction of component i (in stream Fcong0ut) and y; represents
the vapor phase mole fraction of component i (in stream Fyaporout)-

As with the evaporator model described above, ny, the liquid holdup within the stage, is not a fixed value and is
calculated by the mass balance. The film thickness, dgm, is calculated based on the holdup, assuming a cylindrical
geometry of the liquid layer. The average liquid density, pmreed. 1S Calculated using an Aspen procedure. The
partitioning of components between liquid and vapor phase is calculated using the Aspen flash routine pflash2. The
routine assumes that the stages have reached thermal equilibrium.

As the vapor condenses, the heat of condensation is conducted through the wall of the rotating disk assembly
and used to evaporate more of the feed. This combination of processes results in efficient evaporation with low
power consumption. The process is described by the following system of energy balance equations

Pecedin ™ Freean T Q =N, * Fyaporour T i ™ Farineout (11a)
Nvaporin ™ Fuaporin = M * Feangout + M, * Faparou + Q (11b)
Q =UAAT (11c)
U="fdg,) (11d)

For the evaporating side Freeqin, Farincout: represent the molar flow rates of liquid entering and exiting the
evaporator side, and Fyaporou represents the exiting molar flow rate of vapor. The terms hy, h, represent molar
enthalpies of the vapor and liquid phases, calculated by pflash2. For the condensing side Fyagorin, Fvaporout, represent
the molar flow rates of vapor entering and exiting the process and Fcongout, represents the molar flow rate of liquid
exiting the process. The terms hy, h; represent molar enthalpies of the vapor and liquid phases, calculated by
pflash2. The term Q represents the heat transferred. The term U represents the overall heat transfer coefficient and
A represents the surface area for heat transfer. The temperature difference (AT) is the difference between the
temperatures for evaporation and condensation. Fundamental to the wiped film evaporator technology, U is a
function of the resistances from the evaporating film, the condensing film, and the rotor.

Feed that is not evaporated becomes enriched with waste byproducts while the vapor consists primarily of water
and volatile gases. The enriched brine is disposed through the brine scoops on the outside of the rotating disks while
the collected distillate (pure water) is sent to the distillate tank through a product tube.

As mentioned earlier, the evaporated feed (vapor) is moved from the outside portion of the hollow rotating disk
assembly to the inside of the hollow disk where it is condensed. The external compressor is shown in Fig. 3b. Fig.
3b also shows the flow paths for the brine and distillate collection. It is also worth noting the integration of various
streams for heat exchange. For example, feed is heated by the hot brine exiting the evaporator loop and heated again
by the hot liquid product exiting the condenser. This heat exchanged between hot and cold streams provides
substantial savings in operational power.
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D. Volatiles Removal Assembly (VRA)
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The VRA removes organic contaminants from the
distiller effluent by catalytic oxidation. Organics processed
by the VRA are converted to gases (CO,, N,) and water
vapor. The system consists of a pre-heater, a 3-phase
reactor, downstream gas-liquid separator and a series of
ion exchange beds. Fig. 4 below presents a schematic of
the VRA system.

Product water from the distiller is fed (~4kg/hr)
through the pre-heater and then processed by the catalytic
oxidation reactor. The oxidizing agent is pure oxygen,
which is injected directly into the reactor at approximately

0.002 kg/hr. The reactor operates isothermally (143 C and
6.2 bar) and two-phase flow is present through the reactor.
Additional details of the reactor are available elsewhere®.
The exiting stream is fed through a gas liquid separator
that removes gases such as O,, N,, CO, and the effluent is
polished by a series of ion-exchange beds to remove ionic
contaminants.

The catalytic reactor, modeled in this study, is based on the earlier VRA model. The VRA model was developed
using the following assumptions:

LR

Feed Water

Figure 4. Schematic representatiom of water
post-treatment subsystem components: VRA and
lon-Exchange beds studied by Lange®.

Isothermal and constant pressure operation.

Negligible pressure drop across the reactor.

Two-phase plug flow exists throughout the reactor.

The reactor was treated as a series of back-mixed cells, thus axial dispersion is negligible.

Vapor-phase is saturated with water vapor.

The gas-phase partial pressure of all chemical species other than water, oxygen, carbon dioxide, and nitrogen is
negligible.

The liquid (aqueous) phase is sufficiently dilute such that the total molar concentration (C,) is essentially equal
to that of pure water.

8. The gas-side mass transfer resistance is negligible compared to the liquid-side resistance at the gas/liquid
interface.

9. The liquid/catalyst interfacial mass transfer resistance is negligible.
10. Oxidation reactions occur only at the liquid/catalyst interface.

o okhwpE

~

The following assumptions were made regarding two-phase flow within the reactor:
1. The relative velocity between dynamic (moving) gas bubbles and the surrounding liquid phase is constant (ug).

2. The static gas holdup (&) is a constant.

Details of these assumptions are provided elsewhere®. Since total holdup (&) within the reactor is comprised of
both liquid and vapor, the liquid component of the holdup is represented by the term & while the vapor portion is
represented by &;. The relationships are expressed as

e=g+g; (11)

Eg = Egs + Egd

(12)

The gas-phase portion of the holdup consists of both moving and stationary bubbles. The bubbles in direct
proximity to the moving liquid will tend to move faster than those farther from the gas/liquid interface. Therefore
the gas holdup is represented by a dynamic portion, 44, and a static portion, &4. Based on the assumed relationships
between gas and liquid flow the following relationship between the gas and liquid velocities are derived
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U, = Ug _ u|
I — (13)
ggd (8_8g)

where u, and ug are the liquid and gas phase velocities. Based on assumption 5 and the definition of the total holdup,
the overall gas phase mass balance becomes

c 1 dG)) &
g( ~Yu —_E(l 2o)T_ ‘]ij (14a)
S i=2
0
Yo = 0l (140)

and the overall mass balance over both phases becomes

1]dG; dL T
(© C)[dtJ:E[dz dz}LZ‘R =

where C, is the liquid phase total molar concentration, Cg is the gas phase molar concentration (assumes ideal gas),
G;j is the total gas phase mass flow rate, L; is the total liquid phase mass flow rate, yu,o is the vapor phase mole
fraction of water (which is constant due to assumption 5), and A is the reactor cross-sectional area. The summation
terms represent total flux (vapor to liquid phase), Jj;, and total consumption/generation by chemical reaction, Rj,
respectively and n, represents the number of reacting species. The subscript j identifies the position along the length
of the reactor (the z-axis). Based on assumptions 5 and 6, eqs. (14a) and (14b) pertain only to the major gas phase
components CO,, N, O, and H,O and ng represents the number of gas phase components. Per eq. (14b), yu0 iS
solely a function of reactor pressure P, and reactor temperature T and p°u,0(T) represents the saturation vapor
pressure of water at T (calculated by Antoine’s equation).
Equations (16) and (17) are used to describe the component mass balances in the vapor and liquid phases

C d(‘c"gjyij)z 1 d(yijGj)

I 04 bt LN B 16

g dt ACS dz ) o

C dley) 1 dOyLy) J.+R, (17)
a A, dz j j

where yj; is the gas phase mole fraction of component i, and x;; is the total liquid mole fraction of component i. The
reaction rate R;; was calculated using the Aspen Reactlons Toolkit*

le = chi rkj (18)
k=1

where ry; is the individual rate of surface reaction and oj; is the stoichiometric coefficient for each species in each
reaction k. The model assumes that the rate of each catalytic surface reaction can be described by a general
Langmuir-Hinshelwood-Hougen-Watson expression®
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nr
ke [ T (xij)™
=2

rkj = . (19)

n, m
1+ Z Ki (Xij )Vi
i=2

where kg is a rate constant for reaction k, K; is an effective adsorption equilibrium constant for species i, and n;, v;,
and m, are constant exponents. For the VRA model, all n,; and v; have been set equal to 1. The effective adsorption
equilibrium constant for species i was set to zero except for oxygen (K; = 1.17e06) and my was set to two. The
reaction rate constants were identical to those used by the previous VRA model®.

Since the primary resistance to gas/liquid interfacial mass transfer resides in the liquid phase (assumption 8), the
following expression describes the flux of gaseous species into the liquid phase

J; =k;aC, ( — %;) (20)

where kj;a is the liquid-side mass transfer coefficient for species i, and xij* is the liquid-phase mole fraction of i in
equilibrium with the gas phase in cell j. This flux expression pertains to three gas phase components CO,, N, O,.

The term xij*, is an equilibrium term and can therefore be calculated by equilibrium thermodynamics. In this
case xi,-* is calculated using the pflash2 routine assuming fixed reactor P, T and y;; being determined from the mass
balance. Using the Aspen flash routines accounts for pH related changes in solubility and speciation (significant for
CO, dissolution) and automatically accounts for temperature effects allowing the model to be adapted for a wider
range of temperatures and pressures.

The mass transfer resistance, kj;a can be expressed in the following form:

kya = GdD—'; 2¢, +0.235,,5¢" "R, "* +0.82(e —,,)Sc, "Reyy (21)
b
with
S = DL (22)
i
d.u; o
Re —_ b/ 23)
™ t(e—&y)
and
Rebd = —dbl:prl (24)
|

where Sc and Re,, are the dimensionless Schmidt and bubble Reynolds numbers, respectively, d, is the bubble
diameter, D, is the liquid-phase diffusion coefficient, g is the liquid-phase dynamic viscosity and p, is the liquid
density. The bubble diameter was fixed while the fluid transport parameters (D, o1, ) were calculated by
procedures within ACM.

The mass transfer resistance incorporates both static components and dynamic components, since some gas
bubbles are moving while others remain stationary. Therefore Re,q pertains to the dynamic bubbles while Rep
pertains to the static bubbles. Equation (21) is based on the widely used correlation by Frogling'®. The development
of the mass transfer resistance correlation as pertains to the VRA is discussed elsewhere®.
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Given the system of equations and relationships, a first-order backward finite difference discretization scheme
(BFD1) and Gear integration method were used to solve the model equations®. The reactor was discretized into 20
differential volumes of length dz and cross sectional area A. The integration method and discretization schemes are
built-in features of the ACM software.

I11. Results and Discussion

The main focus of this study was to demonstrate the dynamic simulation capabilities of the various models that
were developed. The simulation results for the distiller models were compared to data from the Distillation
Comparison Test**'"!8, Because this study emphasized dynamic modeling, the comparisons were made between
temperatures and pressures within the distillers. Steady-state solution chemistry results are also presented. The
results from the distiller modeling were presented earlier this year'. The simulation results for the ACM VRA
model were compared to results from the previous VRA model as well as test data'®. In this case steady-state
conversion of organics was used as a comparison metric.

A. Cascade Distillation System

Fig. 5 presents the ACM flowsheet for the CDS. The CDS process simulation includes a number of models for
individual components of the system. The multistage rotary vacuum distiller is modeled as a number of stages; five
evaporating stages and five condenser stages. Each evaporator stage passes evaporated water to the adjacent
condenser stage and the heat of condensation is passed to that stage’s evaporator (except for stage 1).

Since the CDS model consists of
several evaporating and condensing stages,
it is possible to track temperatures and

[ '_@ hE pressures for each stage within the rotating
| = = distiller. The model is capable of
st e oSt o St Cond S Con identifying temperature and pressure

= L L — o <
Condspier ] l(—l_: |I$LI |+|_| I(—Ll I«—L
FrslCondenser
W Y A Y
] 1919391313
— — — —

Stagef Evap Saged_Fvap Staged Evap Stage2 Evap  Stagel

PeodFV <2, FeedfV 2L,
I I 0 | 1
ProduuctTank FeedTank

Figure 5. ACM flowsheet model of the CDS. The multistage

gradients within the evaporating stages of
the distiller. Fig. 6 presents the
temperatures and pressures of the five
evaporating stages. These temperatures are
plotted along with test data for the
temperatures of the hot loop exiting and
entering the distiller (6a). The pressures are
plotted along with the operating pressure of
the rotating distiller that was observed

ctiller i : : during the test runs (6b).
rotary-vacuum distiller is represented by five evaporator and five 9 (6b)
compressor stages.
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Figure 6. CDS dynamic results (A) evaporator temperatures (B) evaporator pressures plotted along with test data™.
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Fig. 6b shows reasonable agreement between model predictions and test as seen with the close correspondence
between the model prediction of the stage 5 pressure and the experimental data. The cyclic behavior shown in the
test data is characteristic of the CDS operation in that the vacuum system maintains a consistent internal pressure.
As the solution is distilled, the increase of water and gases in the vapor phase increases the internal pressure. Once
the internal pressure reaches a certain point, the system activates the vacuum pump to reduce the internal pressure.
The model does not incorporate such a feature, but it can be implemented using a series of commands called tasks.
The results in Fig. 6b demonstrate that the thermodynamic calculations capture most of the physics of the distillation
process.

However, Fig. 6a shows poor agreement between the model’s prediction and the test results with regards to
distiller temperatures. If the model parameters are tuned correctly, the temperature of the evaporator stage 1 should
be approximately equal to DCT Data ‘CD Out/THP In.” Since the evaporator stage 1 temperature lies outside the
experimentally determined range of hot loop temperatures, it was suspected that the THP needed to be re-evaluated.
Fig. 7 presents the predicted inlet and outlet temperatures for the THP hot loop against the experimentally
determined hot loop temperatures. The figure presents temperature predictions based on a COP value of 2.0 and 1.5.

Based on the alignment of the data to the
60 model (the dashed lines), the results
suggest that a COP of 1.5 may correlate

o g better to the test performance. However,

e oo o e 98 S0 L L T since the documented COP of the THP is

s | closer to 2.3, it is apparent that some

g e N SRR s inefficiency in the THP is not being
E 46.) incorporated into the model equations.

2 S e ey The chemistry within the process
(-8 e T T T - - H -

§ 5 e R simulation is based on thermodynamic data

@ Hot Loop - THP Out/CD IN generated by AP and all aqueous

a % ——THPHFoWInT components are tracked during mass

—— THP.HFlowQulT H

25 | T balance calculations as neutral (apparent)

' THPHFlowOuLT - COP of 1.5 SpPecles as opposed to ionic species. Vapor-

20 liquid  equilibrium  calculations  are

o 1 2 3 4 5

Time (hours)

performed using actual true-component
compositions. Fig. 8 presents the urea mole
fraction (Xyrea), Within each of the five
evaporator stages of the CDS.

As expected, the highest urea
concentration was predicted at stage 1, the

Figure 7. Model predictions for THP hot loop inlet and outlet
temperatures along with test data for COP = 2.0 and COP = 1.5".

il N = R TR stage closest to the brine reci_rculation loop,
Mo s B e ] with the lowest values predicted for stage
—stage2_Evap.x{"UREA") kmol/kmol 5. The simulation models the successive

g oo EHgRLL LAEA Jmal ol o enriching of the brine in stage 1 by the
= Pt slow removal of water from the waste input
£ stream. Similar calculations can be
£ o generated for the condenser side
£ components.  Concentrations of any
é individual liquid phase species can be
g oo P tracked in a similar fashion.
] [ Additional  information can  be
S -_— garnered based on the feed chemistry

model used in the simulation. For example,
the DCT feed incorporates solid formation
in parts of the CDS such as the feed tank
and the evaporator sections. Solids

1] 1 2 3 4 5
Time (hours)

Figure 8. Variation of urea concentration in the evaporator stages of
the CDS. Stage 1 corresponds to the stage closest to the brine
recirculating loop and therefore accumulates the highest
concentration of brine. Stage 5 lies closest to the distillate final
condenser and therefore accumulates the least amount of brine™.
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water vapor and gases reach the condenser
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blocks. In addition to dynamic modeling, this study assessed model performance by examining steady-state
predictions of stream chemistry, production rate and energy consumption. The steady-state comparisons are
compiled in Table 1. The model results assumed an ersatz chemistry for the feed model, while the DCT results were
based on solution 1 chemistry (urine + humidity condensate).

Table 1. CDS Steady-State Results vs. DCT Data'® Stream chemistry, pH in particular,

showed reasonable agreement between the

Property DCT Data __ Model _ Deviation DCT and the modeling results. For the feed
Production Rate (kg/hr) 4.06 4.26 4.93% Stre_am and distillate streams, the pH
THP specific energy (W-hr/kg) 70.5 70.67 0.24% ﬂslagr?]g||bit~\,\1,8§/:) th.l?hem?;ZL a(;gc:zga:]iit
Feed pH 2.22 2.07 -6.76% in the brine stream pH between model and
Brine pH 1.65 1.1 -33.33% experiment may be caused by a difference
Distillate pH 403 35 13.15% in_ operatipg conditiops rather_ t_han a
mismatch in the chemistry prediction. In
cop 23 2.0 -13.04% the model, brine is allowed to accumulate
Hot Loop THP/Out CD In (C) 43 50.43 7.4 in stage 1, while in the actual CDS unit, the
Hot Loop THP In/CD Out (C) 36 44.47 35 brine_ accumulgtes .elsewhere. Sr_nall to
marginal deviations in stream chemistry are
Cold Loop CD Out/THP In (C) 22.5 23 0.5 expected since the model uses only a
Cold Loop CD In/ HX Out (C) 20.5 17.5 -3.0 portion of the components detected during

The DCT. Using percent deviation is not
meaningful for temperature comparisons, and therefore Table 1 shows temperature difference for deviation for
temperature properties.

In terms of operating conditions, the model predicts a production rate of 4.26 kg/hr, which is close to the
production rate (4.04 kg/hr) seen during the test. Unlike the test, the model predicts the production rate based on the
extraction of water (calculated by VLE thermodynamics) so the close alignment between model and test further
validates that Aspen’s flash routine is appropriate for this distillation model.

Similar to the test operational scheme, the model specifies a fixed electrical input to the THP in order to control
the respective heating and cooling of the the hot and cold sides. Given the good prediction of the production rate, by
the model, the results show good agreement between the THP specific energy consumption predicted by the model
and observed in the test data. The model does not incorporate energy consumption by the rotating distiller so the
specific energy consumption values are only pertinent to the THP operation.

B. Vapor Compression Distiller
Several updates to the VCD model have been

o 0 - incorporated since previous reports on distillation
i e model development™'®. Fig. 9 presents an ACM
flowsheet of the VCD system. The current model

includes the recycle filter tank assembly (RFTA) and
the heat exchanger upstream of the DA _evaporator
(part of the distillation assembly).

The dynamic study for the VCD incorporated
several aspects focusing on the distillation assembly.
Close examination of the temperature profiles within
the distiller (Fig. 10a) showed close trending behavior
; &_E,_S_E between the ambient temperature and the thermal
behavior of the VCD. Also, there appeared to be a
correlation between pressures and temperatures within
the distillation assembly (DA), and power consumption
Feedtank FETA Recycupure of the DA (Fig. 10b) since an external heater was used
to eliminate the presence of entrained liquid. Fig. 11
presents an engineering schematic of the unit.

i

Product Tank

Figure 9. ACM flowsheet model of Vapor Compression
Distillation system™.
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Figure 10. VCD thermal behavior (A) normal-mode temperatures over 32 days) and (B) Day 7 temperatures

vs. distillation assembly heater profile™.
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Given this detailed, highly dynamic set of test
results, the modeling approach encompassed the
development of a simulated heater profile and a
dynamic run to compare temperature and pressure
profiles within the distiller. Fig. 12 compares
thermal behavior between model and test while
Fig. 13 compares pressures.

Estimates of the internal temperature and
pressures provided by Figs. 12b and 13b
respectively show reasonable agreement with the
DCT results. Modeling the Heater Profile was
achieved through tasks in Aspen Custom Modeler
and the resulting dynamic behavior shows good
agreement between model and test.
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Figure 12. Dynamic temperatures vs. heater power profiles for (A) day 7 temperatures from DCT and (B)

model predictions of temperatures for day 7°.
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Figure 13. Dynamic pressures vs. heater power profiles for (A) day 7 pressures from DCT and (B) model
predictions of distillation assembly internal pressure for day 7*°.

C. Wiped Film Rotating Disk
In this study, the WRFD model (Fig. 14) was simplified in that it used the ersatz feed chemistry and eliminated

the recycle stream from the evaporator side model. Also elements of the condenser side model were tuned to more
closely align with the test and the true operation of the hardware. Simplifying the feed chemistry also improved

converaence of the model.

J

Figure 14. ACM representation of the
Wiped Film Rotating Disk system.

120

100 -

Pressure (mmHg)
.
F-d x
sl
N\_Q‘,_:‘

——WFHD_COMPRESSOR OUT_PRESS

The dynamic modeling for the WFRD centered upon testing the
agreement between pressure and temperature profile predictions and test
data. Some of the operating parameters, such as the evaporator pressure,
compressor operation, and processing rates were fixed values, similar to
those used in the DCT.

Fig. 15 provides the internal pressure and temperature profiles (based
on the DCT data) along with model predictions. Although good agreement
between model and test is demonstrated in Fig. 15a significant deviations
are seen in the temperature profiles (Fig. 15b). This may be due to an
inefficiency within the system that was not captured by the model. In
particular, there may be a time dependent build-up of film that decreases
the heat transfer efficiency between the condensing and evaporating sides,
thus leading to an increasing temperature difference between the
condensing and evaporating sides. The WFRD model assumes a fixed film
thickness for both the condenser and the evaporator during operation, an
assumption that may not capture the complete physics of the WFRD.

Temperature (deg-C)

B 7 E 9 o 1 2 3 4 5
Time {hours)

Figure 15. WFRD dynamic results (A) system internal pressures (B) system internal temperatures, plotted

along with DCT results™.
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Table 2. WFRD Steady-State Results vs. DCT Data® In addition to dynamic modeling, this
study assessed model performance by

Property DCTData Model Deviation o omining  steady-state predictions of
P, Compressor In (torr) 82 80 -2.44% stream chemistry, production rate, and
P, Compressor Out (torr) 110 109.8 -0.18% energy consumption. The steady-state
mparisons ar mpiled in Table 2. Th
T, Evaporator Out (C) 52.6 47.84 -4.76 C comparisons are compiled able . €
model results assumed an ersatz chemistry
T, Condenser Out (C) 65.3 53.4 -11.9C  for the feed model, while the DCT results
compressor specific energy (W-hr/kg) 25 33.9 35.60% were based on solution 1 chemistry (urine

N A L
Feed pH 995 207 7.56% : humidity cond_ensate). Percent deviation
is not meaningful for temperature

1 1 0, -

Distillate pH 35 3.21 -8.45%  comparisons, and therefore Table 2 shows
Brine pH 1.8 1.53 -15.08% temperature difference for deviation for

temperature properties.

Specific energy consumption predicted by the model (for the compressor) was high (34 W-hr/kg) when
compared to the test results (~25 W-hr/kg) which is perhaps a result of the model used for the compressor. However,
there is a significant improvement between the predictions of the current model vs. the previous model®. Stream
chemistry predictions show reasonable agreement with DCT results.

D. Volatiles Removal Assembly

The approach for developing, testing and validating the VRA model was significantly different than what was
applied towards distillation modeling. For the VRA model, the main development goals included applying Aspen’s
capabilities and built-in functions to simplify the model development and checking the solution against the
previously developed model® and available single component test data®’. The two capabilities incorporated from
Aspen include flash calculation methods and the Aspen Reactions Toolkit (ART)*,

ART provides a convenient system for inputting and managing a set of reaction chemistries. As opposed to the
FORTRAN language implementation, which relied on hard-coded sets of matrices and database files that represent
the reaction stoichiometries and kinetic parameters, ART consolidates this information into one data set (called a
structure) and includes an organized graphical user-interface (GUI). Reactions can be updated, activated or de-
activated using the GUI*.

Aspen flash  procedures perform 50

thermodynamic calculations using external 4 ppm Et out (Test)

. . 45 = ppm AC out (Test)
FORTRAN routines. The flash routines s ERA [Eabae) 2
were used to calculate equilibrium solubility 40 | —ppm ACout (Lange) w
of gases in the liquid phase of the reactor. P e bl e 2
These equilibrium points were used to 75

30 - :

calculate the mass transfer driving force for
each gas species and calculate gas flux. The
FORTRAN version of the VRA model used
assumed values for Henry’s law coefficients
to calculate the equilibrium liquid-phase
concentrations. To account for pH effects on
H,0-CO,(aq) equilibrium, the model also

25

20

15

Qutlet Species Concentration (ppm])

10

included a special calculation to adjust the 5

Henry’s law coefficient for CO,. Using the o 4

Aspen  flash  routines  automatically 0 20

incorporated the pH effect (for CO,) along Inlet Ethanol (ppm)

with temperature dependencies on gas ) ) o
solubility and minor adjustments for the Figure 16. Comparison of reactor model predictions to VRA data

mixed component liquid phase (vs. and previous modeling results for ethanol oxidation at a reactor
assuming pure water as the liquid phase). temperature of 126.7°C*.
Using the flash routine improved model performance and stability, by allowing Aspen to calculate the equilibrium
conditions outside of the main simulation, and reducing the required number of calculations at each step.

To test the model performance the results were compared to results from the FORTRAN model along with the
original test data. Comparisons of calculated mass transfer coefficients, transport properties and liquid phase
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velocities showed good agreement between the two models. Fig. 16 presents the comparisons for ethanol and acetic
acid oxidation in the VRA.

The results show good agreement between both models and the test data at low inlet ethanol concentrations.
However deviations start to occur after the 70 ppm level. One apparent variation in the current model is the
instability that occurred at the higher inlet concentrations. In fact the model required ~30% higher oxygen feed to
the reactor in order to function correctly. (If the reactor becomes oxygen starved then the two-phase flow
assumption no long holds and instabilities occur.) In order to address this issue, it was important to understand why
the reactor required “extra oxygen.” First, the oxygen solubility calculation was investigated, comparing the
Henry’s law calculation (based on Lange’s data) vs. Aspen’s prediction based on the flash. A quick comparison
uncovered a 30% deviation between the two approaches and further investigation attributed the differences to the
data used by the Aspen software. Essentially, the data used by Aspen was not valid at the model temperatures and
the linear extrapolation method was the cause of the deviation. To test this idea, data spanning a more useful
temperature range (3°C to 288°C)* were used. Fig. 17 demonstrates the effect of the change.
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S S A M A A O BN NSO P ML P P 30505 B |
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Figure 17. Comparison of oxygen solubility predictions based on Henry’s Law vs. Aspen pflash2 routine using (A)
the Aspen-supplied correlation and (B) the modified correlation®.,

The figure compares the liquid phase oxygen concentration calculated using the Henry’s law coefficient and
using the flash procedure. As demonstrated by Fig. 17b, using the correlation directly (with improved data), as
opposed to linear extrapolation, significantly improves agreement between the two approaches. Although, making
changes to the feed model improved the results, it did not completely correct the stability issue and the higher
oxygen feed requirement. The other aspect of the model that should be investigated is the ART calculations.

IV. Conclusion

Detailed simulations for three distillation technologies, (CDS, VCD, and WFRD), and the VRA catalytic reactor
were developed using ACM. Significant updates were made to the VCD model to align it more closely to the tested
hardware and the CDS and WFRD underwent minor modifications.

This report focused on dynamic process modeling and compared dynamic predictions of pressures and
temperatures to test observations. In general, the models showed reasonable agreement to the test results with
exceptions noted within the report. Further development will involve improving the THP model (for the CDS) and
looking at the film thickness predictions (for the WFRD). The preliminary VRA model developed in this study also
showed reasonable agreement with a previous version of the VRA system except for oxygen consumption rates.
Further development of the VRA model will involve reconciling this error.
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